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Abstract:
The goal of the design is to create an alternative blending component in gasoline to
methyl tert-butyl ether (MTBE) that will mimic MTBE‘s performance properties, and to produce
blends of alkylate and gasoline to maximize profit. It is desired to replace MTBE because it is
hazardous to the environment and is a known carcinogen. Therefore, it is necessary for the
alternative to have approximately the same performance characteristics as MTBE such as its
contribution to Reid vapor pressure (RVP) and contributions to the research octane number
(RON) and motor octane number (MON), as well as be less hazardous to the environment.
Alkylate, which mainly consist of eight carbon chains, is chosen to be a viable replacement to
MTBE.
The production of alkylate occurs in an existing oil refinery. The incoming oil stream is
purified of propane, propylene, and normal butane. After purification, indirect alkylation is used
to convert isobutane into alkylate using a reactor scheme produced by Universal Oil Product
(UOP). Alkylate it is then blended with gasoline. The ratios for alkylate and gasoline are
determined from the Ethyl-70 blending model to maximize profit. Net earnings of $673 million
are profited after the first year of production.

Roles and responsibilities:
The project members consisted of Kyle Johnston, Shawn Laetsch, Dustin Reitmeyer, and Chris
Tucker. Each member made a contribution to the project of producing alkylate to replace methyl
tert-butyl ether.
Kyle Johnston was in charge of performing the mass balance of the overall process. His duties
included making a spreadsheet that would determine the required compositions and molar flow
rates of the incoming streams in order to determine the amount of product in the output stream.
He was also in charge of compiling the report after each group member finished their section of
the report.
Shawn Laetsch was in charge of determining blend ratios for the gasoline and alkylate. The
blend ratios were determined using the Ethyl-70 blending model. The model converged on blend
ratios that would produce a mixture with a required Reid vapor pressure, a set research octane
number (RON), and a set motor octane number (MON). The purpose of each blend was to also
maximize the amount of profit procured after sales.
Dustin Reitmeyer was in charge of the distillation train used to purify the incoming refinery
streams before being sent to the reactor. His duties included determining the specifications for a
distillation column that would remove propane and propylene from the refinery oil stream to a
required purity so that it could be sold. He was also in charge of the distillation column that
would separate the normal butane from the isobutane. The normal butane also needed to be a set
purity so that it could be sold.
Chris Tucker mainly performed the economic analysis. His duties included determining the total
capital investment, the sales per year, the net present value for the project, and deciding if the
process was economically feasible. He was also in charge of the initial mass balance in order to

determine the relative amounts of reactants needed and products produced. Other responsibilities
included determining if a heat exchanger network for the process was feasible in order to
minimize the required utilities, and editing the final report after it was compiled. Once the report
was edited, he was in charge of adding any remaining portions of the report, uploading all
remaining data and spreadsheets to www.d2l.arizona.edu, and submitting the final report.

Summary
The goal of the design is to create an alternative blending component in gasoline to methyl
tert-butyl ether (MTBE) that will mimic MTBE‘s performance properties, and to produce blends
of alkylate and gasoline to maximize profit. It is desired to replace MTBE because it is
hazardous to the environment and is a known carcinogen. Therefore, it is necessary for the
alternative to have approximately the same performance characteristics as MTBE such as its
contribution to Reid vapor pressure (RVP) and contributions to the research octane number
(RON) and motor octane number (MON), as well as be less hazardous to the environment.
Alkylate, which mainly consist of eight carbon chains, is chosen to be a viable replacement to
MTBE.
The production of alkylate is done at a refinery; therefore, it is assumed that the process can
be made an addition to a current working refinery in the U.S. Gulf Coast for economic reasons.
Isobutane is used to produce alkylate through an indirect alkylation (InAlk) process in a reactor
scheme produced by Universal Oil Product (UOP). Before the production of alkylate, the
refinery stream is purified of propane, propylene, and n-butane in a distillation train. The
resulting isobutane stream is sent to the UOP InAlk unit. For a feed rate of 27,500 barrels per
stream day (BPSD), 22,000 BPSD of alkylate are produced.
Alkylate is blended into 87 octane and 93 octane blends for summer and winter. The method
used to obtain the required ratios is the Ethyl-70 blending model. The blends are determined so
that the most profit can be generated annually. It is assumed that the propane and propylene
streams, as well as the n-butane, excess hydrogen, excess alkylate, and the 87 and 93 octane
blends can all be sold for profit. After the first year of production, enough revenue is generated
to pay off the addition to the plant, and the net earnings for that first production year amounts to

$673 million with a net present value of $4.08 billion. Based on performance, environmental,
and economic reasons, it is recommended that this addition be constructed.
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I.

Introduction

Overall Goal
Gasoline is a combination of various aliphatic hydrocarbons with different octane ratings
for each component. The commercially available grades of gasoline a person can expect to see at
almost any pump, range from an octane rating of 87 up to an octane rating of 93. One of the
higher octane components, methyl tert-butyl ether (MTBE), is being phased out due to its
adverse environmental and health effects. The goal of this project is to produce the most cost
effective blend of gasoline using alkylate, which consists mainly of isooctane, to replace MTBE.
Alkylate is produced from available refinery light olefins using a solid acid catalyst rather than a
conventional liquid acid slurry. The method of alkylation BELT engineering is proposing is
known as indirect alkylation (InAlk) which is currently licensed by Universal Oil Product
(UOP). The indirect alkylation product provides a high octane substitute for MTBE and has a
low Reid vapor pressure (RVP). Thus it can be added to a gasoline blend in large quantities
without raising the overall volatility of the mixture.
Current Market Information
The blend BELT Engineering is proposing consists of the following components: refinery
n-butane, a fluid cracked catalyst (FCC) gasoline, a light straight run (LSR) gasoline, a full range
reformate (FRR) gasoline, fuel-grade ethanol, and alkylate from the UOP InAlk process. The
cost of the components, as well as the sales prices for the excess components and final blended
products is given in table 1.1 (Prices are in $/BBL).
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Table 1.1: Blend component and Final Blended Product Prices
Blend component

Market price to purchase

Pipeline/Rack prices

n-butane
FCC
LSR
FRR
Fuel-Grade Ethanol
Alkylate
87 Gasoline
93 Gasoline

$72.03
N/A
N/A
N/A
$109.20
N/A
N/A
N/A

72.03
$118.23
$118.27
$126.00
N/A
$134.96
$118.48
$121.76

Refinery internal
value
N/A
$57.11
$102.00
$81
N/A
N/A
N/A
N/A

Project Premises and Assumptions
Due to MTBE‘s hazardous effects on the environment, alkylate is replacing it as a blending
component in gasoline. MTBE oxygenates the gasoline to make it burn cleaner and increases the
octane; however, when it leaks into the environment it has adverse effects on both animals and
humans. In order to eliminate these negative effects, it is desired to find a replacement that will
not only contribute to the octane of gasoline, but will also be less dangerous to the environment.
Research has determined that alkylate will serve as a suitable replacement for MTBE.
Refineries process the required streams for making alkylate; therefore, an addition to a
current refinery can be made to produce alkylate. Since the process will be an addition to a
refinery, it is decided to build onto a current refinery in the Gulf Coast because it is less
expensive (Seider et al., 2007). In order to produce the alkylate, the refinery streams first need to
be rid of propane, propylene, and n-butane; therefore, it is necessary to implement a distillation
column to separate out the propane and propylene, and a separate distillation column to separate
the n-butane—the combination of these distillation columns make unit 1 for the PFD (AppendixDiagrams). The columns are designed such that the propane/propylene and n-butane streams

P age |3

meet the purity specifications required for selling them. The streams leaving the two distillation
columns are mixed and sent to the second unit of the plant which contains the UOP InAlk unit.
The UOP InAlk unit reacts the C4 streams from unit 1 with a solid acid catalyst and outputs
alkylate product. UOP would not divulge information on kinetics or the details about the unit;
therefore, it is assumed that for a feed rate of 8,000 bbl per day of isobutane and 20,000 bbl per
day of light olefin, 22000 bbl per day of alkylate is formed (UOP, 2007). Alkylate is then sent to
unit 3 for blending.
The blending, in unit 3, is done in such a way as to maximize the profit. The final blends
have required RVPs and octane numbers for both summer and winter. Several methods are
known that will determine the ratios needed to produce the requirements needed. The Ethyl-70
blending model is implemented in this project to determine the required ratio for gasoline and
alkylate.
It is assumed that the propane/propylene and n-butane streams, as well as hydrogen formed
during the UOP reaction section, can be sold for profit. Excess alkylate after blending is also sold
as well as the 87 octane and 93 octane blends. Assuming that these streams are sold for profit,
the revenue generated will be enough to pay off the new addition to the refinery in approximately
0.4 years after construction of the facilities (UOP, 2007).
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II.

Process Description, Rationale and Optimization

Block Flow Diagrams
See Appendix - Diagrams
Process Flow Diagrams
See Appendix - Diagrams
Equipment Tables

Vessel

Length

V-101

16.5

3.1 Equipment Table – Unit 1
Diameter
Orientation Pressure
(psia)
5.5
Horizontal 119

V-102

7.5

2.5

Horizontal

240

V-103

11

3.5

Horizontal

91.2

V-104

9

2.5

Horizontal

68.31

Tower Height
(ft2)
T-101 60

Diameter Orientation
(ft2)
1.75
Vertical

Pressure
(psia)
240

Temperature
(°F)
108-203

Trays

Type

MOC

30 (2ft.)

Sieve

T-102

2

91.2

112-132

50 (2ft.)

Sieve

Carbon
Steel
Carbon
Steel

100

Vertical

Pumps

Driver
Type

Flow
(gpm)

P-101a/b
P-102a/b
P-103a/b
P-104a/b
P-105a/b
P-106a/b

Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal

838.74
246
592
220
109
329.57

Pressure
Difference
(psia)
135
52
11.5
53.5
11.5
27.91

Temperature MOC
(°F)
100
Carbon
Steel
109
Carbon
Steel
112
Carbon
Steel
100
Carbon
Steel

Temperature Shaft
MOC
(°F)
Power (Hp)
100
108
240
112
137
100

86.7
11
6.6
9.8
1
7.5

Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
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Heat
Exchanger

Type

Area
(ft2)

Duty
(MMBtu/hr)

E-101

10425

E-102

Shell/
Tube
Kettle

E-103
E-104
E-105
E-106

Operating
Temperature
(°F)

Pressure
(psia)

Pressure MOC
Drop
(psi)

11.6

Number
of shell
and tube
passes
2-4

100-203.32

245

5

2642

51.5

2-4

202.4-203.7

240

1.5

Kettle

1807

89.0

2-4

137.9-138

91.2

1.5

Fixed
head
Fixed
Head
Shell/
Tube

8579

-49.3

2-4

108.7-109.8

240

1.5

13177

-89.0

2-4

111.9-113.5

91.2

1.5

2720

0.787

2-4

100-137.98

96.2

5

3.2 Equipment Table - Unit 2
Equipment
# of Pieces
Size
Number
R-201
2
Per UOP
Specification
R-202
2
Per UOP
Specification
T-201
2
Per UOP
Specification
3.3 Equipment Table - Unit 3
Vessel
Height (ft) Diameter
(ft)
TK-301
50
68

Pressure
(psia)
Per UOP
Specification
Per UOP
Specification
Per UOP
Specification

Orientation
Vertical

Pressure
(psia)
14.7

TK-302

50

84

Vertical

14.7

TK-303

50

86

Vertical

14.7

TK-304

50

40

Vertical

14.7

TK-305

50

40

Vertical

14.7

TK-306

50

64

Vertical

14.7

TK-307

50

226

Vertical

14.7

TK-308

50

150

Vertical

14.7

Temperature
(°F)
Per UOP
Specification
Per UOP
Specification
Per UOP
Specification

Carbon
Steel
Carbon
Steel
Carbon
Steel
Carbon
Steel
Carbon
Steel
Carbon
Steel

MOC
Per UOP
Specification
Per UOP
Specification
Per UOP
Specification

Temperature MOC
(°F)
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
70
Carbon
Steel
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Pumps

Driver
Type

P-301 A/B
P-302 A/B
P-303 A/B
P-304 A/B
P-305 A/B
P-306 A/B
P-307 A/B
P-308 A/B

Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal
Centrifugal

Max Flow
required
(BPSD)
24700
38650
40000
8000
7700
22000
40000
90000

Number of
stages
1
1
1
1
1
1
1
1

Operation
Temperature
(°F)
50~90
50~90
50~90
50~90
50~90
50~90
50~90
50~90

Stream Tables
3.4 Stream Table - Unit 1

Shaft
MOC
Power (Hp)
75
150
150
75
75
75
150
200

Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
Cast Iron
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3.5 Stream Table – unit 2
Stream
1
2
3
4
UOP
UOP
UOP
UOP
Temperature
Specification Specification Specification Specification
UOP
UOP
UOP
UOP
Pressure
Specification Specification Specification Specification
1.05E+06
4.45E+07
7.58E+05
7.36E+06
Total
(mol/day)
Mole
Fraction
Hydrogen
9.33E-01
0
0
9.33E-01
Propane
5.70E-02
8.10E-03
4.63E-03
5.70E-02
Propylene
1.01E-02
6.64E-08
7.10E-04
1.01E-02
Isobutylene
0
8.65E-02
0
0
Butene-1
0
7.32E-02
0
0
t-Butene-2
0
8.67E-02
0
0
c-Butene-2
0
6.45E-02
0
0
i-Butane
5.70E-06
5.95E-01
4.43E-02
5.70E-06
n-Butane
1.77E-05
7.81E-02
9.42E-01
1.77E-05
i-Pentane
0
0
8.64E-03
0
n-Pentane
0
8.12E-03
0
0
C8H18
0
0
0
0
3.6 Stream Table – unit 3
Stream Number
Stream Temperature (°F) Stream Pressure (psia)
1
70
14.7
2
70
14.7
3
70
14.7
4
70
14.7
5
70
14.7
6
70
14.7
7
70
14.7
8
70
14.7
9
70
14.7
10
70
14.7
11
70
14.7
12
70
14.7
13
70
14.7
14
70
14.7
15
70
14.7
16
70
14.7
17
70
14.7
18
70
14.7
19
70
14.7
20
70
14.7
21
70
14.7

5
UOP
Specification
UOP
Specification
2.37E+07

0
0
0
0
0
0
0
2.71E-03
1.16E-01
6.77E-02
3.86E-04
8.13E-01
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Utility Tables
Utilities

Equipment

Cooling Water
Cooling Water
Steam (50 psig)
Steam (50 psig)

E-104
E-105
E-102
E-103

Electric
Electric
Electric
Electric
Electric
Electric

Table 3.7a – Utilities water
Q
Mass
Price/hr
(BTU/hr)
(lb./hr)
-49330000
1960000
$11.75
-88950000
3530000
$21.18
51530000
55800
$139.54
89000000
96400
$241.01

Table 3.7b – Utilities electric
Kilowatt-hr/year
P-101a/b
566000
P-102a/b
71800
P-103a/b
43100
P-104a/b
63900
P-105a/b
6570
P-106a/b
49100

Price/year
$103,000
$186,000
$1,220,000
$2,110,000
Price/year
$35,600
$4,520
$2,710
$4,020
$413
$3,090

Description of Process
The alkylation process converts unsaturated carbon chains consisting of three, four and
five carbon atoms (C3‘s, C4‘s, and C5‘s) into longer saturated chains with an average of eight
carbon atoms (C8‘s). Alkylate is used to boost the octane rating of available refinery gasoline
streams in order to produce fuel grade gasoline. The raw materials required to manufacture
alkylate gasoline are a light olefin stream, a refinery C4 stream, and hydrogen.
First, both the olefin stream must be processed to remove the propane, propylene, and the
normal butanes since these mainly pass through the process unreacted. The refinery butane must
also be processed to remove the n-butanes before being combined with the light olefin stream.
The combination of the two streams is high in i-butane and C4-C5 olefins, which is the preferred
feed composition for UOP InAlk alkylation process.
For the alkylation unit, a proprietary, solid catalyst, indirect alkylation (InAlk) design,
licensed by UOP LLC. was chosen. Because of the proprietary nature of the InAlk process, the
conceptural design was based on overall performance data provided by UOP in their InAlk
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brochure (UOP, 2007). Using the UOP performance data a pseudo-mass balance for the InAlk
unit was developed which was used to estimate the BPD feed and product rates for the InAlk
unit. Alkylate gasoline product from the unit was sent to the gasoline blending portion of the
plant.
In the gasoline blending unit, the six available blending streams from table 1.1 were
combined. Due to the differences between the two grades of gasoline, 87 and 93, as well as the
seasonality of the blends, winter and summer, the gasoline mixing unit mixed the different
components in different proportions. After the mixing was completed, the finished gasoline
product was stored in storage tanks until its transport to market.
Rationale for Process Choice
When approaching a task such as alkylation for gasoline manufacturing, there are two
technologies used in refineries today. One uses liquid hydrofluoric or sulfuric acid as a catalyst.
The other uses either a cationic exchange resin or a solid acid catalyst, and may include a
supercritical reaction media. The liquid acid catalyst process has been used commercially for
many years and is well understood. The solid resin/catalyst process is only recently been used
commercially, is much safer, and research continues on improving these solid catalysts.
As the catalyst is poisoned it must be disposed. In the case of the liquid acid catalyst, this
task is not only extremely dangerous; it generates a hazardous waste which is extremely
expensive to treat and dispose. In the case of the solid or resin catalyst, the conditions are much
safer when having to transport, recycle or dispose of the material. The solid acid catalysts also
lose their activity due to coking unless the reaction is closely monitored and controlled.
There are a number of models which can be used to determine the blend of gasoline on the
market today. Many refineries use a method known as real-time optimization (RTO) in order to
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stay competitive in the market. Systems which use RTO for their gasoline blends usually have a
system on line analyzers, mass flow meters, and run down tanks which continuously modify the
ratio of blending stocks to maintain the blend of the gasoline based on the product specifications
and economic inputs given from the optimization program. This method is very complex and due
to upstream process variations, the blend quality can vary in time as a result. When using
standing tanks, process variations have a much smaller effect and the component properties can
be predicted with a greater degree of certainty (Singh et al., 2000).
BELT engineering decided to use a standing tank approach. The basis behind the models is
the same and depends on the same component properties. The research octane number (RON)
defines the components‘ antiknock properties under conditions where there are frequent
accelerations at low speeds. The motor octane number (MON) represents engine performance
under high speed, more intense conditions. The octane readings at the pump are the arithmetic
mean of the RON and MON. The Reid vapor pressure (RVP) is a measure of the components
absolute vapor pressure at 100 °F.
The ethyl RT-70 blending model is frequently used in industry and in some ways is
considered a standard for determining gasoline blends. The model uses the component sensitivity
(RON-MON), aromatics content, and olefins content as terms to express the nonlinearity in the
blends. The ethyl models were found to exhibit the best combination of predictive accuracy and
parsimony for octane numbers (Singh et al., 2000).
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III.

Equipment Description, Rationale, and Optimization

Unit 1 – Vessels
The rationales behind the sizing of the vessels are dependent on the flow rate, holding
time, liquid space (percent of drum area), diameter, length, and length to diameter ratio. The
design with the lowest cost starts with a length to diameter ratio equal to five, but that cannot
always be the parameter that works for systems with extreme high or low flows. Using figure 1.1
in appendix I, the following vessels were sized and accounted for.

Figure 3.1: demonstrates the 20% vapor space used in the design which is used to correlate the
holding time to the diameter (Meeting Minutes, 2011).
V-101 and V-104 are implemented into the design to mix and hold the streams in order to
increase the pressure before being sent to the distillate. This aids in increasing the effectiveness
of the condenser. Carbon steel will be used for construction because it is non-reactive with the
fluids it holds and it is inexpensive. V-103 and V-104 are used as reflux tanks and are commonly
used in distillation designs. These vessels will also be constructed of carbon steel due to its
durability and price. Each of these vessels provides a five minute holding time allowing the final
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cost of each unit to be calculated. Using the excel sheet for unit 1 from appendix I, the cost of the
stream tanks amount to $14,700. The costs of the preheating tanks will be discussed in the
optimization section. The total prices of each vessel as well as additional information such as
weight and shell thickness can be seen in the excel sheet named
―Equipment_Tables(1)+Utilities(2)_Unit1.xlsx‖.
Unit 1 – Towers
T-101 and T-102 are the distillation towers. The tower diameter is dependent on the
vapor and liquid traffic, and their properties through the column. The diameter of a tray is
figured to avoid entrainment flooding, meaning the liquid begins to fill the tower and leave with
the vapor because the downward flow is not at the required rate (Seider et al., 2007). Taking this
into account, each tower was designed using the provided equations from Seider and ChemCad.
T-101 is the light olefins tower. The optimal column diameter is 1.75 ft and the wall
thickness is less than 0.25 inches. Due to the low pressure and diameter, the previous parameters
were too small for the equation to solve for a wall to provide a sufficient rigidity to the column.
A minimum wall thickness of 0.25 in. will be used instead (Seider et al., 2007). Preheating the
stream, which will be further discussed in the heat exchanger section, allows the feed stream to
be placed at an optimal position. The feed enters the tower at stage 12, leaving the tower at 164
°F and entering the column level at the same temperature. The preheating of the feed stream will
also decrease the reflux ratio as well as the reboiler duty. The tower has 24 inch spacing between
each sieve tray. The tower stands at 60 feet tall with 30 stages. The extent of separation the tower
provides can be seen in the stream tables for unit 1, with the feed as stream 3 the tops as stream 4
and the bottoms as stream 5. Stream 4 will be sold as refinery grade propane and propylene and
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stream 5 will be sent to unit 2. The cost of T-101 is $807,000 which includes the installation and
all of its components.
T-102 is the C4 splitter. The column diameter to avoid flooding is 2 feet and the height of
the tower is 100 feet having 50 sieve trays with 24 inch spacing. The calculated wall thickness is
0.0129 inches; however, the minimum wall thickness of 0.25 inches will be used instead (Seider
et al., 2007). The feed tray to this column will be located at stage 23 entering the column at
relatively close temperatures to avoid flooding and bubbling. The temperature will also reduce
the reflux ratio as well the reboiler duty. The cost of T-102 is $1.10 million which includes
installation and all of its components. Additional information can be found in the attached
ChemCad section.
Unit 1 – Tower reboilers/condenser
E-103 and E-104 are the reboilers and E-105 and E-106 are the condensers, of each
tower. The stream available for heating is: 50 psig, 250 psig, and 250 psig. The case and
rationale here was to decide which source could perform the operation in the most optimal
manner. The steam at 250 psig provides temperatures of 400 °F and the steam at 50 psig
provides temperatures of 281 °F. These figures lead to the rationale of using the steam at 250
psig to substantially decrease the area of these particular heat exchangers. For example, in the
case of designing E-102 the use of steam at 50 psig requires an area of 2640 ft2, which is 2.5
times larger than the exchanger using the steam at 250 psig.
Two restrictions are constraining the use of the steam at 250 psig, which are the
following: ΔTm exceeds the maximum value of 45 °F and the maximum heat flux is far above
12,000 Btu/ft2 –hr for natural circulation and 20,000 Btu/ft2 –hr for forced circulation pertaining
to the vaporization of organic chemicals (Seider et al., 2007). Calculated numbers can be found
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in appendix I under the sizing of the kettle reboiler and the results are used to rationalize the
remaining reboilers. When comparing E-102, the light olefins reboiler to E-103, the C4 splitter
reboiler, not only did the flow rate effect the reboiler duty, but the composition in the C4 splitter
stream had species of relatively close boiling points and fugacities, also causing a large reboiler
duty. The flow rate into the C4 splitter was 17500 BPSD less than that of the light olefins tower,
but the reboiler for the C4 splitter required 37.5 MMBtu/hr more than the reboiler for the light
olefins tower. Additional specification and sizing can be seen in the unit 1 equipment table.
E-104 and E-105 are total condensers designed to condense the distillate using cooling
water at 85 °F. The light olefins tower condenser was sized out to be 8580 ft2. The C4 splitter
tower condenser was sized out to be 13200 ft2. Since the cooling water had a minimum approach
temperature of 20 °F, the distillate must be near 110 °F to condense. This is the reasoning behind
the optimization section which will describe units V-101, V-104, E-101, E-106, P-101a/b, and P106a/b. The total prices of each heat exchanger can be seen in the excel sheet named
―Equipment_Tables(1)+Utilities(2)_Unit1.xlsx‖
Unit 1 - Pumps
The design rationale for P-102a/b, P-103a/b, P-104a/b, P-105a/b, which are condenser
and reboiler pumps for the distillation towers, are designed using heuristics stated in Seider:
assume a 1.5 psi pressure drop in the case of boiling or condensing; for liquid flow, assume a
pipeline pressure drop of 2 psi per 100 feet of pipe and a control valve pressure drop of at least
10 psi; for each ten feet in elevation, assume a pressure drop of 4 psi (Seider et al., 2007). The
sizing and power requirements of each pump are based on these heuristics. The reboilers of each
column at ground level had a control valve pressure drop of 10 psi and the 1.5 psi pressure drop
resulting in a total of 11.5 psi pressure difference. This pressure difference was used in ChemCad
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to determine that the power requirements for P-103a/b and P-105a/b are 6.6 Hp and 1 Hp,
respectively. For the condenser pumps, other parameters had to be considered such that the pump
was at ground level and had to pump the liquid back to the top of the column. Based on the 60
feet and 100 feet tall towers, the following pressure difference can be calculated which are found
in the pump sizing section of appendix I: an overall pressure difference for these pumps are 52
psi for the light olefins condenser pump and 53.5 psi for the C4 splitter condensing pump. Based
on the pressure differences, P-102a/b and P-104a/b require a power input of 9.8 Hp each,
assuming 75% efficiency. The total prices of each pump can be seen in the excel sheet named
―Equipment_Tables(1)+Utilities(2)_Unit1.xlsx‖.
Optimization
Units V-101, V-104, E-101, E-106, P-101a/b, and P-106a/b are all part of optimizing unit
1‘s process. These units optimize the process by increasing the operating pressure of the column.
By increasing this pressure, the dew points of the column‘s components are also increased
causing them to be capable of being condensed by the cooling water. P-101a/b and P-106a/b
pressurize the streams in V-101 and V-104. V-101 and V-104 were designed using figure 1.1 in
appendix I. The specifications of each of these vessels can be seen in the equipment table for unit
1. These will be made of carbon steel because it provides sufficient rigidity and is inexpensive.
Each vessel will have a holding time of five minutes with 20% vapor spacing. P-101a/b increases
the pressure of the feed stream for T-101 by 135 psi. P-106a/b increases the pressure of the feed
stream for T-102 by 27.9 psi. Each of these streams is over-pressurized by 5 psi over each of the
columns‘ operating pressure, due to the 5 psi pressure drop due to the heat exchanger (Seider et
al., 2007). The power requirements for P-101a/b and P-106a/b are 86.7 Hp and 7.5 Hp, and this
assumes that the pumps are operating with 75% efficiency.
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E-101 is the preheater for T-101 which is a shell and tube with 2 shell passes and 4 tube
passes. The area is 10400 ft2 and is preheating the pressurized light olefins feed stream from 101
°F to 164 °F. This is the optimal temperature and pressure for the feed stream to enter the
distillation column so that the distillate can be condensed by cooling water at 85 °F. This feed
stream is being preheated by the bottoms product from the same distillation column which is
entering the exchanger at 203 °F and leaving the exchanger at 119 °F. E-106 is the preheater for
T-102 and is also a 2 shell pass and 4 tube pass heat exchanger. The area is 2720 ft2 and is
preheating the pressurized C4 stream from 100 °F to 113 °F. The bottoms product from T-102
preheats the feed stream which is entering the exchanger at 138 °F and leaving the exchanger at
101°F. The cost of optimizing the process amounts to $331,000 plus utilities to operate the
pumps. Additional information can be found in the unit 1 equipment tables and excel sheet
named ―Equipment_Tables(1)+Utilities(2)_Unit1.xlsx‖.
Unit 3 blend optimization was done based mainly on three properties in the final mixture:
the Reid vapor pressure (RVP), the motor octane number (MON) and the research octane
number (RON). The contribution from each blend component does not add linearly; therefore,
the Ethyl-70 model was used to account for the non-linearity of the blending. The spreadsheet
titled ―RON MON RVP blend calculator.xlsx‖ was used extensively for the optimization of the
blends. A full description of how the spreadsheet works is given in the unit 3 appendix.
The ethanol component needed to account for 5.7-9% of the total blend volume in each
mixture—approximately 2% of the oxygen content of the blend. The amount of ethanol added was
essentially kept constant for the different seasonal blends. In the first unit of the process, n-butane is
sent in excess to the UOP unit. Since a larger amount of n-butane is utilized during the winter season,
the excess n-butane created and not used by the alkylation unit is fed directly to the blend unit.
During the summer season, this excess n-butane will be sold for additional profit.
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IV.

Safety Statement
BELT engineering understands that there are a number of hazards associated with the

alkylation process that must be taken into account in order to insure the safety of all workers
involved. There are hazardous materials in all steps of the process, and there are a few pieces of
equipment that have associated safety requirements because of the materials they process or
store. The alkylation step of the process uses an acid catalyst which is dangerous, and the waste
material from the process also contains high concentrations of acid.
Because of the number of hazards, it is very important that the proper clothing and
protective equipment are used by all employees working with any part of the process. The
volatile components being produced present a high fire risk and as a result there must be no
smoking except for in designated smoking areas of the plant. Safety showers and eyewash
stations need to be accessible to any personnel, especially those working within the acid
catalyzed alkylation unit. Safety goggles must also be worn in all sections of the plant where any
of the chemicals are handled or exposed to atmospheric conditions.
Safety meetings should be held regularly to train new employees about the various
hazards and the requirements associated with them. All employees should be aware of the safety
hazards associated with any part of the section they work in, not just the specific task they work
with. A well run safety program can be very advantageous to both the employees and the plant
itself by minimizing the likelihood of an injury or accident, prevent environmental accidents ,
and avoid disruption of the work schedule.
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V.

Environmental Impact Statement
The indirect alkylation process BELT is proposing has less of an environmental impact

than the direct alkylation alternatives. The addition to the plant will require a portion of land
adjacent to the current facility. The indirect alkylation process will utilize a solid phosphoric acid
catalyst for the alkylation reaction. The poisoned catalyst must be disposed of properly and
Hazmat or another similar hazardous waste disposal company should be called regularly to
schedule regular pick up dates for hazardous waste. Containers for flammable chemicals or acids
must be clearly labeled and stored in separate areas.
An ecological life cycle assessment (LCA) was chosen because BELT is focused on the
environmental effects of the process, as well as how the final blended products will affect the
environment after they leave the refinery. The current problem with MTBE is a perfect example
of why an ecological LCA is necessary. If the refinery had looked into the environmental effects
of MTBE before its use in gasoline and eventual leak into the groundwater, a different, more
environmentally friendly, high octane solution may have been utilized in its place.
A major regulatory failure using MTBE was that it was not properly tested for either
acute or chronic toxic effects. Many people, when exposed to gasoline containing MTBE,
suffered from extreme headaches, vomiting, diarrhea, fever, cough, muscle aches, sleepiness,
disorientation, dizziness, and skin and eye irritation (Mehlman). Additionally, MTBE is known
to cause central nervous system depression, tremors, ataxia, labored breathing, chronic
inflammation of nasal mucosa, eye irritation, and skin rashes, as well as increasing the risk of
cancer (Mehlman). Alkylate on the other hand possesses a minuscule toxicity to humans.
After legislatures enacted regulations on the use of MTBE it would be devastating to the
environment if the MTBE facilities were abandoned. An alternative solution is to revamp the
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existing facilities using the most economically feasible and environmentally friendly methods.
The plan is to convert the existing MTBE facilities into chemical plants which produce high
yields of alkylate. Alkylate is produced by selective isobutylene dimerization, followed by olefin
saturation. This technology provides the most flexible and cost-effective solution to revamp
existing MTBE plants to isooctane/isooctane production (CDTECH).
Regulations
Due to the Clean Air Act, it was determined to reduce smog in major cities. Therefore, an
octane booster must be added to gasoline so that it burns cleaner, which implies that an
alternative is required. To avoid the damages MTBE left on the environment, an in-depth
analysis will go into deciding whether or not the new oxygenate and the whole overall process
will be environmentally friendly. In 2002, a California jury found five oil and chemical
companies liable for selling MTBE while failing to warn of its pollution risks following with a
$60 million fine in damages. To reduce the probability of the same actions towards this plant, a
gate to cradle LCA was performed. This is to insure that the final chemical being produced as
well as the process used to produce it is not harmful to the environment.
V.1 Life Cycle Assessment
V.1.1 Goal
The goal of the study is to perform a LCA of the potential environmental
outcomes of potential leaks in gasoline storage units across the country. Anywhere where
there is any kind of surface or subsurface water supply, there is a potential contamination
site if a transport unit has a spill.
V.1.2 Scope
The LCA will be undertaken using the following criteria:
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Toxicity MTBE in exhaust/contaminated groundwater



Toxicity of alkylation product



Potential contaminants also used to produce alkylate



Process improvements
In 1992-1993 a study was done in Fairbanks, Alaska on the effects of long term

exposure to MTBE. It cannot be broken down by the human body and because the body
cannot get rid of it, it accumulates over time as exposure levels remain constant.
Therefore, workers exposed to high levels of MTBE containing fuel fumes will
accumulate high levels of MTBE in the body over time. Why would it not accumulate in
anything exposed to the exhaust fumes, or the water it potentially leaks into?
The alkylate BELT is proposing for a substitute is composed of branched aliphatic
hydrocarbons known as isoparaffins. Studies done on them and evaluation of MSDS
information suggest that they have a low order of acute toxicity. This means that upon
inhalation, drinking contaminated groundwater, or some form of dermal contact, they are
not toxic. If the isoparaffins are able to find their way into the trachea and lungs,
however, severe pulmonary injury can occur (Mullin et al., 1990). Levels above 100 ppm
in air were not found to be harmful after 6 hours of exposure, and a noticeable odor was
reported at approximately 50 ppm.
A number of tests have been done on rats and other animals. Male rats‘ kidneys
are damaged when exposed to isoparaffins, and similar nephropathic effects are seen with
other hydrocarbons currently found in gasoline. It was not found that it affects female rats
or any mice. Isoparaffins are not bacterially genotoxic, teratogenic, or embryo toxic to
rats (Mullin et al., 1990).
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The process BELT is proposing is one which does not use MTBE as a reaction
modifier, so there will be no risk of further MTBE contamination downstream. With the
advancements from the UOP unit a high level of product will also be obtained without
the extremely high rate of catalyst deactivation.
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VI.

Economic Analysis including economic hazards

The different octane blends for summer and winter gasoline are optimized to maximize the
profit for the amount of alkylate produced. The optimization also includes minimizing utility
costs. To improve the energy efficiency, the feeds entering T-101 and T-102 are preheated using
the product streams from the tower bottoms, which reduces the duty on the tower reboilers. After
the first year of production, this process produces profit of $673 million (refer to Table 6.1). The
total capital investment for the plant is $196 million, which includes a total depreciable capital of
$149 million and a working capital of $29.4 million (detailed calculations can be found in the
cost appendix). The annual cost for the reactants amounts to $4.22 billion; however, this large
cost is offset by the sales from the product streams (butane, propane/propylene, hydrogen, and
the 87 and 93 octane gasoline blends) which comes to $5.35 billion.
A large portion of the total capital investment comes from the purchase of the UOP
Indirect Alkylation unit. The capital investment for this unit is $11.0 million and has an annual
maintenance and utilities for operation cost of $105 million (UOP, 2007). In order to continue
optimizing the process and reduce costs, the utility requirements for the separation units and the
UOP unit would be the focal point of the process.
Continued government subsidies for electric and alternative fueled transportation coupled
with rising oil prices may cause a long term decline in gasoline consumption; however, these
factors and unlikely to significantly reduce the profitability of adding the alkylation unit to the
refinery gasoline blending operation. The only other possible hazard associated with this process
is that oil is a non-renewable resource. However, it does not appear likely that the oil supply will
be depleted during the lifetime of the plant. Therefore, the construction of this addition to the
refinery is recommended.
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The cash flow analysis assumes that the addition to the refinery is constructed in two
years. The working capital is fifteen percent of the total capital investment. The analysis assumes
a twelve year life with straight line depreciation with zero scrap value. The interest rate and tax
rate are taken as ten percent and forty percent, respectively. The resulting net present value of the
process is $4.08 billion dollars.

End of
year
0
1
2
3
4
5
6
7
8
9
10
11
12
13

fCTDC

CWC

-74.3
-74.3

-29.4

Net Present Value (in millions of dollars)
Cexcl D
S
Net
Undisc.
Earnings
Cash Flow
-74.3
-104
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
685
12.4 -4220 5350
673
714
D

Disc. Cash
Flow (PV)
-74.3
-94.2
566
515
468
425
387
351
320
290
264
240
218
207

Cumulative
(PV)
-74.3
-168
398
912
1380
1800
2190
2540
2860
3150
3420
3660
3880
4080

Table 6.1: Net present value of InAlk process, prices given are in millions of dollars
Utilities
Cooling Water
Cooling Water
Steam (50 psig)
Steam (50 psig)
Electricity
Electricity
Electricity
Electricity
Electricity
Electricity

Equipment
E-104
E-105
E-102
E-103
P-101a/b
P-102a/b
P-103a/b
P-104a/b
P-105a/b
P-106a/b

Price
$103,000
$186,000
$1,220,000
$2,110,000
$35,600
$4,520
$2,710
$4,020
$413
$3,090

$367,000,000
Total
Table 6.2: Utilities of InAlk process including prices
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VII.

Conclusions and Recommendations
The summer 87 and 93 octane blends will have a blended RVP of 6.7 and 7.3 psia,

respectively. The winter blends will have a RVP of 12 psia for the 93 blend, and 10.8 psia for the
87 blend. The summer 93 octane blend will have an average RON of 99.8 and an average MON
of 86.2. The summer 87 octane blend will have an average RON of 93.0 and an average MON of
80.9. The winter 93 octane blend will have an average RON of 98.4 and an average MON of
87.6. The winter 87 octane blend will have an average RON of 92.8 and an average MON of
81.2.
A total of 130,000 BPSD of gasoline will be produced for both seasons. During the
summer and winter seasons, 40,000 BPSD of the 93 octane blend and 90,000 BPSD of the 87
octane blend will be produced. The optimized summer blends will require a total of 19,050
BPSD of alkylate product from the UOP unit. The optimized winter blends will require a total of
22,000 BPSD of alkylate.
During the summer when n-butane is not being used as much for the blends, it can be
sold to the market for additional profit. The excess hydrogen produced from the UOP reaction
can be sold as well. Any excess alkylate can also be sold as a separate product.
The UOP unit operates at a slightly modified inlet stream concentration for each
component. The overall product should not change since the only deviations were in the
distribution of the unsaturated C4 olefins. Even though the composition of butane-1 in the UOP
specifications was 39% and the actual composition was only 7%, the content of the olefin stream
brought the unsaturated C4 content up to 31%. This was considered acceptable since the UOP
unit documentation (UOP, 2007) was not very specific about what kinds of C8 chains were
produced. With this uncertainty, it became a matter of the unsaturated olefin content against
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saturated olefin content, and the ratios come out about the same. Thus it was concluded that the
UOP unit operates close to the specifications in the UOP documentation and has a similar
conversion.
Despite the acceptability of the above substitutions, this was also the primary
recommendation for the UOP unit. It would be ideal to have an additional feed stream rich in
butane -1. This would allow more flexibility in the composition of the mixture being fed into the
UOP unit. With a feed composition closer to the outlined composition, there would be greater
certainty in the operation of the unit.
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IX.

Appendices

All final Calculations
Appendix 1
Sizing and Cost of Equipment
Vessel Sizing
The following figure is used to size horizontal vessels.

Figure 1.1 Sizing nomograph using flow index, holding time, diameter, and L/D ratio
(Equipment design handbook).
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Tower Sizing
a. Light olefins distillation column
(9.1.1)

(9.1.2)

(9.1.3)
(9.1.4)

Where:
G = mass flow rate of vapor
Ad = downcomer area
ρG = vapor density
DT = tower diameter
Uf = flooding velocity
C = capacity parameter on a force balance of a suspended liquid droplet
Liquid phase:
Surface tension = 7.1 dyne/cm
Flow rate = 11,500 lb-mol/hr
Density = 32.4 lb/ft3
Molecular weight = 58.12
Vapor phase:
Flow rate = 9,000 lb/hr
Density = 1.095 lb/ft3
Molecular weight = 58.12
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The flow ratio parameter = FLG = (10,000/7,000)(1.095/32.4)0.5 = 0.23
Using figure 14.4 in Seider relating FLG to CSB = 0.09 m/s; FST = (7.1/20)0.2 = 0.81 and assume 1
for the rest of the parameters. C = 0.09(0.81)(1)(1) = 0.73 m/s and Uf = 0.07[(32.41.095)/(1.095)]0.5 = 4,610 ft/hr. Assume 80% top tray flooding, f = 0.80 and Ad/AT = .107.
Therefore leading to the column diameter of

Column height is defined by the 24 inch plate spacing chosen in the design optimization leading to

Wall thickness is computed using equation 16.60 from Seider
(9.1.5)

Where:
t = wall thickness in inches
P = 240 psi (ChemCad)
D = 1.75 ft (Seider)
SE= 15,000
t = .014
b. C4 splitter distillation column
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Where:
G = mass flow rate of vapor
Ad = downcomer area
ρG = vapor density
DT = tower diameter
Uf = flooding velocity
C = capacity parameter on a force balance of a suspended liquid droplet
Liquid phase:
Surface tension = 7.1 dyne/cm
Flow rate = 12,000 lb-mol/hr
Density = 32.4 lb/ft3
Molecular weight = 58.12
Vapor phase:
Flow rate = 11,500 lb/hr
Density = 1.095 lb/ft3
Molecular weight = 58.12
The flow ratio parameter = FLG = (12/11.5)(1.095/32.4)0.5 = 0.19
Using figure 14.4 in Seider relating FLG to CSB = 0.09 m/s; FST = (7.1/20)0.2 = 0.81 and assume 1
for the rest of the parameters. C = 0.09(0.81)(1)(1) = 0.73 m/s and Uf = 0.07[(32.41.095)/(1.095)]0.5 = 4,610 ft/hr. Assume 80% top tray flooding, f = 0.80 and Ad/AT = .107.
Therefore leading to the column diameter of
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Column height is defined by the 24 inch plate spacing chosen in the design optimization leading to

Wall thickness is computed using equation 16.60 from Seider

Where:
t = wall thickness in inches
P = 91.22 psi (ChemCad)
D = 2 ft (Seider)
SE= 15,000
t = 0.0061 inches
Light olefins distillation design
a. Light olefin splitter kettle re-boiler sizing
(9.1.6)

Where:
Q = 51,530,000 Btu/hr (ChemCad)
U = 200-300 Btu/hr ft2 ◦F (Seider et al., 2007)
FT = 1; because at least one fluid is at constant temperature
ΔTLM = ΔTm = 281 – 203 = 78 (Steam properties Dofmaster.com)
At U = 250 Btu/hr ft2 ◦F
A = 2643 ft2
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Heat Flux calculation
Q/A = 49292 Btu/ft2 –hr (250 psi steam)
Q/A = 19503 Btu/ft2 –hr (50 psi steam)
Concluding that 50 psi steam and a 2214 ft2 heat exchanger will be used in this section of the
design.
b. Light olefin splitter condenser sizing

Where:
Q = -49,330,000 Btu/hr (ChemCad)
U = 200-300 Btu/hr ft2 ◦F (Seider et al., 2007)
FT = 1; because at least one fluid is at constant temperature
ΔTLM = ΔTm = 85 – 108 = -23
A = 8579 ft2
Cooling water of 85 ◦F with a maximum return of 110 ◦F will be used to condense the overhead
stream.
C4 splitter distillation design
a. C4 splitter kettle re-boiler sizing

Where:
Q = 89000000 Btu/hr (ChemCad)
U = 200-300 Btu/hr ft2 ◦F (Seider et al., 2007)
FT = 1; because at least one fluid is at constant temperature
ΔTLM = ΔTm = 281 – 137 = 197 (Steam properties Dofmaster.com)
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At U = 250 Btu/hr ft2 ◦F
A = 1807 ft2

b. C4 splitter condenser sizing

Where:
Q = -88950000 Btu/hr (ChemCad)
U = 200-300 Btu/hr ft2 ◦F (Seider et al., 2007)
FT = 1; because at least one fluid is at constant temperature
ΔTLM = ΔTm = 85 – 112 = -23
A = 13177 ft2
Cooling water of 85 ◦F with a maximum return of 110 ◦F will be used to condense the overhead
stream.
Heat exchanger sizing
(9.1.7)
Use of this equation can be seen in Equipment_Tables(1)+Utilities(2)_Unit1
Pump sizing
(9.1.8)
P-101 a/b
Where:
gpm = 838.74
Pressure increase, psi = 135.3
THp = 65.76 Hp = 87.68 Hp at 75% efficiency
ChemCad Hp = 86.73 Hp at 75% efficiency
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For the following a pumps the pressure drop needs to be calculated using heuristics from Seider,
stating, ―For liquid flow, assume a pipeline pressure drop of 2 psi/100 ft of pipe and a control
valve pressure drop of at least 10 psi. For each 10-ft in elevation, assume a pressure drop of 4
psi.‖
P-102 a/b (light olefins condenser pump)
Pressure drop = (2 psi/100 ft) * (60 ft) + 10 psi + 4 psi * 6 + 1.5 psi = 36.7 psi
Where:
gpm = 246
Pressure increase, psi = 52 psi
THp = 7.42 Hp = 9.9 Hp at 75 % efficiency
P-104a/b (C4 splitter condenser pump)
Pressure drop = (2 psi/100 ft) * (100 ft) + 10 psi + 4 psi * 10 + 1.5 psi = 53.5 psi
Where:
gpm = 220
Pressure increase, psi = 53.5 psi
THp = 6.8 Hp = 9.1 Hp at 75% efficiency
A full account of calculations can also be seen in Equipment_Tables(1)+Utilities(2)_Unit1.
Pricing of Equipment
Heat exchangers
CP = FP FM FL CB

(9.1.9)

(9.1.10)

(9.1.11)
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Where,
CP = Total price
CB = Bare modular price
A = area of the heat exchanger
P = pressure in psig
FM = 1; material of construction
FL = 1; tube length
The above equations were implemented in Excel and used to calculate the remaining heat
exchangers that ChemCad was unable to produce results for. An install factor relative to what
ChemCad used on the other heat exchangers was used to scale the final costs.
Vessels
CP = FM CV + CPL

(9.1.12)
(9.1.13)

CPL = CPL 1,580(Di)0.20294

(9.1.14)
(9.1.15)

Where,
CP = Total price
CV = Bare modular price
FM = 1; material of construction
W = weight of vessel
CPL = Platforms and ladders price
Di = diameter of vessel
L = length of vessel
ρ = density of carbon steel (490 lb/ft3)
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The above equations were implemented in Excel to carry out the total costing of each vessel
based on all of the parameters stated above. The calculations can be seen in the excel spread
sheet named, Equipment_Tables(1)+Utilities(2)_Unit1.xlsx.
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Appendix 2
Spreadsheets with explanations
UOP Mass Balance Spreadsheet
The information used to derive the conversion of reactants into products came primarily
from a document produced by UOP LLC. (UOP, 2007). This information was coupled with
information provided by Fred Brinker (Meeting Minutes, 2011) regarding typical reactant and
product specifications for typical alkylation units. This information was used to conduct the
calculations documented in the spreadsheet ―UOP Mass Balance.xlsx‖. The following equations
were used in the spreadsheet and coupled with the solver function in excel:
(9.2.1)
(9.2.2)
(9.2.3)
(9.2.4)
(9.2.5)
(9.2.6)
(9.2.7)
(9.2.8)
(9.2.9)
Equation 9.2.1 shows the total number of moles in a stream is the sum of all of the component
moles. The mol %, equation 9.2.2, is the moles of component ‗i‘ divided by the total number of
moles. The mass of a stream is the molecular weight (MW) of the chemical multiplied by the
number of moles in the stream, equation 9.2.3. Similarly, in equation 9.2.4 the mass is a product
of the specific gravity (SG) and the volume (V). Equations 9.2.5 and 9.2.6 are similar to
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equations 9.2.1 and 9.2.2, but are for mass total and mass %. The last three equations are
conversion factors to convert between one unit and another. Equations 9.2.3 – 9.2.7 can be
rearranged to get a relation between moles and barrels.
(9.2.8)
Equation 9.2.8 simplifies to:
(9.2.9)
The feed streams came to the UOP unit with a known mol %, so from this, columns J and N were
found from column K and O using a re-arranged equation 9.2.2, for example:
.
The volume in barrels of each of these streams, columns I and M, was calculated using equation
9.2.9 using columns J and N, for example:

Subsequently, columns H and L were found from columns I and M using equation 9.2.6:

Columns Q, R, S, X, Y, Z, AB, AC, AD, AI, AJ, AK are information that came from Fred
Brinker in an e-mail giving an initial mass balance based on typical refinery conditions of
alkylate streams, n-butane product streams, and propane/propylene streams. Column T was the
sum of columns J and N to get the total mol feed to the UOP unit. This number was then used to
get the mol %:
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The mol percents of the typical (target) alkylation reaction, column S, were then compared with
what was provided by the separation columns (real), column U. The difference between the two
was then found, squared, and then scaled by the target percentage to get a relative error:

V17 was the sum of all of the errors. A value was chosen for J19, and then V 17 was minimized
by varying N19 using the solver in excel. The ratio between N19 and J19 was then found. N19
was then set to the product of J19 and the ratio found using the solver. This allowed the solver to
be used later by only manipulating J19.
The next step of the calculation used the barrels of alkylate obtained from the blending
calculations. Again, the volume % was known, and this was used to obtain the volume of the
individual components with equation 9.2.6, and then moles from equation 9.2.9:

Based on documentation from UOP (UOP, 2007), the n-butanes do not react unless additional
column height is added, but that was not easily calculated from the information in the document
so it was not done in this project. Thus it was assumed that the n-butanes just went through the
UOP without reacting. This is reflected in the C4 (n-butane) product stream. AL12 is the
difference between the inlet moles of n-butane (T12), and the n-butane in the alkylate stream
(Z12). The rest of the C4 stream was then scaled using typical refinery compositions of an nbutane stream.
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A similar methodology was used for the light ends product, except using propane instead of nbutanes as the follow through chemical.

Lastly, the Carbon balance needed to be carried out. This was done by taking the inlet
stream carbon content and carbon content of the outlet streams and forcing them to be equal with
the solver in excel by manipulating J19. The AO column was obtained by taking the moles of
each component (column T) and multiplying it by the carbons in each molecule (column D):

The hydrogen balance was then able to be completed in the same manner, and the input of
hydrogen into the system was found from this difference (AQ3).
Unit 3: Blending Spreadsheet
The calculations for the blending spreadsheet are based on the Ethyl-70 blending model.
For simplification, the calculations are based on quality specifications limited to: research octane
number (RON) and motor octane number (MON) of the blend stock/final blended product, and
the Reid vapor pressure (RVP) of the blend stock/final blended product. The information for the
blend calculations comes from the study of model-based real-time optimization of automotive
gasoline blending operations performed by A. Singh et al. (Singh et al., 2000). Fred Brinker
aided in the formulation of the blending spreadsheet as well. The blend relationships are
nonlinear and setting up the solver to work with the Ethyl-70 model required some
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simplifications, which Fred approved (Meeting Minutes, 2011). These simplifications enabled
the use of the Excel solver. The following equations were used in the blend calculations for the
spreadsheet:
RONblend  r  a1 (r sTB  r si )  a2 (O 2TB  O 2 i )  a3 ( A 2TB  A 2 i )

(9.3.1)

MONblend

 ( A 2 TB  A 2 i ) 
 m  a4 (m sTB  m s i )  a5 (O TB  O i )  a6 

100


2

2

2

(9.3.2)
Variables: RON (r), MON (m), sensitivity (s) (RON-MON), olefin context (O) (% by vol.),
aromatic content (A) (% by vol.). Constants a1-a6 are model parameters based on data from Healy
et al. variables with an overbar representing volumetric averages.

( RVP )blend

n

  ui ( RVPi )1.25 
 i 1


0.8

(9.3.3)

Variables: volume fraction of component i (u), number of components in the blend (n)
Equations 9.3.1 and 9.3.2 are set to cells B37 and B38 respectively in the excel sheet labeled
―RON MON RVP blend calculator.xlsx‖. Equation 9.3.3 is set to cell B25.
Cells (B11-B20) through (G11-G20) are assigned values for the individual component
properties as listed in literature given by Fred (Meeting Minutes, 2011).
The spreadsheet calculates the component volume fractions based on the inputs to cells
B16 through G16 for the component volume in barrels per stream day (BPSD), Total BPSD for
the different octane rating blends is kept constant—only the individual component volumes are
varied. The pump octane number consumers see is calculated in cell B39 via the equation:
(9.3.4)
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The volumetric averages for the RON, MON, RVP, sensitivity, olefin content, and
aromatics content were calculated by first multiplying the property value by the volume fraction
of the component in the mixture, and then adding the products (double click cell B26 in
spreadsheet RON MON RVP blend calculator.xlsx for example). The calculations for the
volumetric RON and MON sensitivity were similar. Each blend component‘s property value is
first multiplied by the volume fraction and then the component sensitivity, and then all the
products are added together (double click cell B29 in spreadsheet RON MON RVP blend
calculator.xlsx for example).
n

 (Comp1 prop * volfraccomp1)  (Comp2 prop * volfraccomp2)  ...  (Compnprop * volfraccompn)
1

(9.3.5)
n

 (Comp1 prop * volfraccomp1* compsensitivity1)  ...  (Compnprop * volfraccompn * compsensitivityn )
1

(9.3.6)
The volumetric average RON and MON were also multiplied by the volumetric average
sensitivity in cells B30 and B32 respectively. The values for the components were taken from
literature and help from Fred Brinker (OPIS International Feedstock Intelligence, 2011, Walton
et al., 2003, and Meeting Minutes, 2011). The tabs at the bottom of the spreadsheet are the final
blended product of a particular octane rating for a summer and winter blend.
The final tab is for the price calculations for the components and final blended product.
Component prices and final blended product prices were determined from literature and Fred
Brinker (OPIS International Feedstock Intelligence, 2011, Walton et al., 2003, and Meeting
Minutes, 2011). The Pricing spreadsheet takes the value from the component in each final
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blended product (cells B16-G16 of summer 93, summer 87, winter 93, and winter 87) and
multiplies the value by the component cost to or from the plant, by the number of barrels
produced per day. The cost to produce every barrel of summer 87, summer 93, winter87, winter
93 are found in cells H18, H23, H33, and H38 respectively.
n

 (Comp1BPSD * cos tcomp1/ BBL )  ...  (CompnBPSD * cos tcompn / BBL )
1

(9.3.7)
The revenue from every barrel of summer 87 and 93, and winter 87 and 93 were determined by
multiplying the total number of barrels produced for the seasonal octane rating by the respective
87 and 93 pipeline prices as of march 2011. The values are found in cells H19, H24, H34, and
H39 respectively.
(Total BPSD of blend) * (pipeline price of final blended product)
(9.3.8)
The profit for every barrel is found in cells H20, H35, H35, and H40 respectively.
(Revenue of final blended product) - (Cost of final blended product)
(9.3.9)
The calculation for the sale of the unused blend stock for the summer and winter are in cells H30
and H45 of the spreadsheet.
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Cost Spreadsheet
The following equations are implemented in the spreadsheet ―Cost sheet final report.xlsx‖ which
also contains the table for the net present value of the project.
(9.4.1)
CB,fabricated equipment is the bare-module cost of the distillation columns, the UOP InAlk unit, heat
exchangers, and vessels.
(9.4.2)
CB,process machinery is the bare-module cost of the pumps, and the spares
(9.4.3)
CTBM is the total bare-module cost for all pieces of equipment in the process.
(9.4.4)
Csite is the cost to prepare the land to build the addition to the plant.
(9.4.5)
Calloc is the cost of the utilities in the process.
(9.4.6)
CDPI is the direct permanent investment.
(9.4.7)
Ccont is the cost of contingencies and the fee for contractors.
(9.4.8)
CTDC is the total depreciable capital for the project.
(9.4.9)
Cland is the cost for the land to build the addition to the plant
(9.4.10)
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Cstartup is the cost for the startup of the new addition
(9.4.11)
CTPI is the total permanent investment.
(9.4.12)
CWC is the working capital.
(9.4.13)
CTCI is the total capital investment for the project

(9.4.14)
Cexcl D is the cost for the reactants per year.
(9.4.15)
S is the sales income for all products sold per year.
(9.4.16)
D is the depreciation rate (straight line depreciation with zero scrap value) over a 12 year period.
(9.4.17)
This is the net earnings for the new addition to the plant.
t = income tax rate = 0.4
(9.4.18)
This is the undiscounted cash flow before interest.
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(9.4.19)
This is the discounted cash flow after interest.
i = interest rate = 0.1
y = number of current year (i.e. 2011 = 0; 2012 = 1; 2013 = 2…)
(9.4.20)
This is the cumulative present value of the project. It adds the discounted cash flow of the current
year to the cumulative present value of the previous year.
Overall Mass and Energy Balances
The overall material balance is tabulated in the table below, table 9.5.1. This summary
depicts the feedstocks and the products that the facility uses on a daily basis. Looking at the
totals for both in and out, it is seen that there is a small discrepancy between the BPSD. This
comes from the production of a large amount of hydrogen. This hydrogen accounts for the extra
BPSD missing in the out total. Table 9.5.2 tabulates the overall energy balance for the process. It
is broken down into pumps, heat exchangers, and the total energy requirement.

Table 9.5.1 Material Balance of Components
IN
OUT
Component
Flow rate
Component
Flow rate
Isobutane Feedstock
11,000 (BPSD)
Refinery Hydrogen
6,000,000 (SCFD)
Olefin Feedstock
25,000 (BPSD)
6,000,000 (SCFD)
Total
Ethanol Feedstock
7,500 (BPSD)
Refinery Butane
4,000 (BPSD)
Gasoline Pool
113,000 (BPSD)
Refinery Propylene
7,500 (BPSD)
156,500 (BPSD)
Retail Gasoline
130,000 (BPSD)
Total
141,500 (BPSD)
Total

Equipment
Pumps
Heat exchangers
Total

Table 9.5.2 Energy Balance
Total Energy (Btu/hr)
32789
291000000
291032789
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