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 ABSTRACT 

The catalytic dehalogenation of tetrachloroethylene (PCE) occurs via oxidation or 

reductive hydrodechlorination.  Catalytic oxidation uses oxygen to dehalogenate PCE 

into CO2 and Cl2. This process requires higher temperatures >350°C then reductive 

hydrodechlorination and can produce undesirable toxic products, such as dioxins and 

furans.  Hydrodechlorination uses a reductant to reduce PCE to ethane, and intermediate 

products such as less chlorinated hydrocarbons.  Catalyst deactivation and associated loss 

of activity are commonly observed. 

Here, we examined a redox environment for the destruction of PCE on 

commercially available and laboratory made precious metal loaded catalysts.  When a 

mixture of PCE, oxygen and hydrogen are passed over the catalyst, the PCE is converted 

to ethane, CO2, water, and HCl as a function of temperature (ambient to 450°C) and 

hydrogen to oxygen ratio in the feed (0 to 5).  In the laboratory experiments, high 

conversion of PCE was observed for relatively high H2/O2 ratios (84% conversion with 

H2/O2 = 2.15, 63% with H2/O2 = 1.18 at 350°C, for commercial catalyst) for retention 

time of ~ 1 s.  The conversion of PCE generally increased with increasing temperature for 

all H2/O2 ratios.  In the strictly oxidation environment (H2/O2 = 0), PCE conversion was 

lower than with hydrogen at any given temperature (<30% at 464°C).  At lower 

temperature (<350°C) the dominant carbon-containing product was ethane, under redox 

conditions.  At high temperature (>380°C) CO2 eluted from the reactor, suggesting that 

oxidation of reduction products or PCE occurs. 
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Experiments were conducted by using a laboratory made catalyst.  A mixture of 

three types of precious metals (Pt, Pd, and Rh) was impregnated onto a monolithic 

alumina support.  These studies show no apparent performance difference between the 

two catalysts at high temperatures (>280°C).  However, at low temperatures the 

laboratory catalyst outperforms the commercial catalyst.  It was speculated that this 

difference due to high metal loading of the laboratory catalyst (38.61 mg versus 1.27 

mg). 

A field scale study of the commercial catalyst was undertaken at the Superfund 

Park-Euclid site in Tucson, Arizona, where the soil is contaminated with PCE and other 

volatile hydrocarbons.  Gases from a soil-vapor extraction unit were fed to the reactor, 

Even though the soil vapor contained high oxygen (>17%), high PCE conversion with 

and without hydrogen was observed. 

Due to the relatively high cost associated with the use of hydrogen, propane, 

methane, and diesel were investigated as replacement reductants.  The results indicate 

that propane and diesel are promising replacements for hydrogen that deserve further 

investigation. 



14

CHAPTER 1 

INTRODUCTION 

Organic halogenated compounds are very important and versatile compounds 

with many applications as raw materials, solvents, reagents, and intermediates in 

synthetic organic chemistry.  Acyclic, short-chain halogenated organics have been widely 

used as solvents, the principal representatives being methylene chloride (applied in 

pharmaceuticals, chemical processing, aerosol, and surface treatment operations in 

various manufacturing applications), tetrachloroethylene (PCE) (dry cleaning and metal 

degreasing), and trichloroethylene (TCE) (metal cleaning and specialty adhesives).  There 

is some evidence that high doses of PCE and TCE cause cancer in laboratory animals, 

and the International Agency for Research on Cancer (IRAC) has determined that both 

are probably carcinogenic to humans [1].  Because of their widespread use, chlorinated 

compounds are found at thousands of contaminated sites in the United States.  Direct 

contamination occurs when such compounds are released directly into water injection 

wells.  Releasing them into the soil allows them to percolate to the underlying 

groundwater.  Some contaminants dissolve readily in rainwater and are transported in the 

aqueous phase while others are transported as a non-aqueous phase liquid (NAPL) that 

travels separately from water [2]. 

It is common to treat contaminated soils in the United States by the pump-and-

treat method.  This process is often ineffective due to the limited solubility of NAPL 

contamination and because, for a variety reasons related to subsurface hydraulics, many 

contaminated sites cannot be successfully cleaned up using this method [2].  Historically, 
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contaminated soils have been incinerated, treated by solidification with cementing agents, 

or by excavation and disposal in a hazardous waste landfill.  Incineration is no longer 

widely used due to public objections to resulting air pollutants.  Solidification and soil 

removal are not as controversial.  However, they do not remediate the problem.  They just 

stop contaminant transport or move the contaminant location.  These soil treatments are 

also costly, e.g. $2000 per ton of soil [2]. 

In the past decades, preservation of the environment has been a major concern for 

governments, academic and research institutions, industries and other elements of our 

society.  Thus, a series of new policies to regulate and control the production, emission, 

waste treatment, and disposal of halogenated organic materials has recently emerged.  

Taking into account the general resistance to degradation of halogenated organic 

compounds, there has been substantial investment in the development of efficient 

methods and techniques to properly treat these compounds.  

Some innovative technologies that have arisen in the past 20 years are 

summarized in Figure 1.1.  They include bioremediation, solvent extraction, and 

chemical dechlorination.  Soil vapor extraction and thermal desorption account for the 

majority of innovative technologies use.  Incineration and solidification are still used at 

54% of Superfund sites.  For groundwater remediation, pump-and-treat techniques are in 

use in 93% of Superfund sites, and in-situ technologies other than pump and treat are in 

use in less than 1% of sites [2]. 

In general, chemical methods such as reduction and oxidation have been by far 

the most studied alternatives or innovative technologies for treatment of chlorinated 
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solvents.  The chemical reduction of halogenated organics involving the replacement of 

halogen by hydrogen is the so-called hydrogenolysis of the carbon-halogen bond or 

hydrodehalogenation reaction [3].  The method of choice will depend mainly on the 

characteristics of the substrate, that is to say, the nature of the carbon-halogen involved, 

hybridization at the halogen-bearing carbon, and the presence of other halogens or 

functional groups on the target contaminant. 

 

Incineration 
24%

Solidification 
30%Soil Vapor Extraction

20%

Other
26%

 

Figure 1.1.  Types of treatments used to remediate contaminated soil Superfund sites 
(NCP, Innovations in Ground Water and Soil Cleanup [2]). 
 

The ease of reductive hydrodehalogenation of organic halides follows the general 

order I>Br>Cl>F.  This order is related to the dissociation energy of carbon-halogen 

bonds (C-I, 53 kcal mol-1, C-Br, 67 kcal mol-1; C-Cl, 81 kcal mol-1; C-F, 109 kcal mol-1)

[3]. 
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The most important chemical methods to accomplish hydrodehalogenation of 

organics are catalytic hydrogenation, reduction with metals or low-valent metal 

compounds, reduction with metal hydrides or complex metal hydrides and reduction with 

some strong nucleophilic neutral or anionic species [3].  The potential roles of such 

individual metals will be reviewed in the next chapter. 

In this research, we describe the results of laboratory and field studies of catalytic 

destruction of gas-phase PCE.  Both reducing and oxidizing environments are used to 

convert volatile halogenated organic compounds to less toxic products, including ethane 

and carbon dioxide.  Hydrogen, oxygen, and the gas-phase contaminant are passed over a 

monolithic Pt/Rh catalyst.  It is held that catalytic hydrodechlorination could be used in 

the field to treat soil vapor extraction gases (Figure 1.2), or gases derived from sparging 

operations.   

Soil vapor extraction (SVE) is an in situ remediation technique used to remove 

VOCs from vadose zone soil.  Airflow is induced through contaminated soil by applying 

a vacuum to vapor extraction vents and creating a pressure gradient in the soil.  As the 

soil vapor migrates through the soil pores toward the extraction vents, VOCs are 

volatilized and transported out of the contaminated soil.  Advantages of SVE systems 

over other remediation technologies for remediation of soil contaminated with organics 

are the relative simplicity of system installation and operation and the simplicity of 

equipment requirements.   

In this work, we propose a technology in which the SVE system removes the 

contaminated vapors from the soil.  The gases are fed into the reactor, and the catalytic 
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reactor converts the contaminant into harmless products via a combination of reductive 

(dehalogenation) and oxidation reaction on the catalyst surface.  Our aim is to study the 

feasibility of this process by experimentally quantifying PCE conversion as a function of 

temperature and feed gas composition. 

 

Figure 1.2.  A SVE System Setup [4].  Physical representation of the system under 
investigation: contaminated gases are extracted via soil vapor extraction for above ground 
treatment.  Alternatively, air sparging is used to remove contaminants from the 
contaminated aquifer.  Contaminated gases are then collected and drawn to the surface 
for treatment.   
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CHAPTER 2 

 LITERATURE REVIEW 

 

2.1 Catalytic Hydrodechlorination 

 

2.1.1 Gas Phase Hydrodechlorination 

In catalytic hydrodechlorination (HDC), halogenated organic compounds are 

reduced to corresponding hydrocarbons on the catalyst surface using molecular hydrogen 

as reducing agent (equation 2.1).  Catalytic dehalogenation has the following advantages 

over incineration and oxidation of chlorinated organic compounds: (i) Reaction products 

include primarily HCl, which can be easily separated by caustic washing, and 

hydrocarbons, which can be safely burned or recycled as chemical stocks.  Incineration 

products, on the other hand, may contain highly toxic compounds such as chlorine, 

phosgene, and dioxins.  (ii) Thermocatalytic reactions can destroy a variety of 

halogenated organic compounds.  (iii) Reaction kinetics are typically fast.  (iv) 

Transformation conditions (temperature and pressure) are typically mild.  (v) There is no 

NOx formation due to relatively low reaction temperatures.  (vi) The process can be 

economically attractive.  

 

ClHHCHClR catalyst −+− →+− 2 (2.1) 
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Research on catalytic HDC has focused on catalyst screening and its applicability 

to different types of halogenated organic compounds.  The varieties of catalysts 

investigated include supported and unsupported precious metals.  The types of 

halogenated organic compounds evaluated as targets include chlorofluorocarbons, 

chlorinated aromatics, and chlorinated aliphatics in organic matrices, aqueous, and gas 

phases.  A detailed summary is given in Table 2.1.  Complete dechlorination is generally 

achieved.  In addition to molecular hydrogen, hydrogen-donors such as alcohols, 

formates, and some hydrocarbons have been investigated in this context, although to a 

lesser extent [5].  

Loss of catalyst activity over time is common in catalytic HDC.  Since the most 

effective catalysts so far studied are supported precious metals such as Pt and Pd, catalyst 

life has a great effect on process economics and feasibility.  Mechanisms for catalyst 

deactivation and means to regenerate catalysts have been studied heavily, but are not well 

established.  That is, under some circumstances there remains considerable uncertainty 

relative to mechanisms of catalysts poisoning and, therefore, appropriate means for 

catalyst recovery. 

Reaction mechanisms, catalyst deactivation and regeneration, and the application 

of catalytic HDC for destruction of gas and aqueous phase halogenated contaminants are 

reviewed here. 
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Table 2.1.  Summary of precursors investigation of catalytic hydrodechlorination.  
Tabular data include identification of catalytic material and target contaminants.  

 
Catalysts  Reactants Reference 

NiMo/Al2O3 (sulfided) chlorinated benzenes [6] 
NiMo/Al2O3 (sulfided) chloropyridinols [7] 

Ni/Mo-γ-alumina (sulfided) dichloromethane, 1,1,1-TCA, TCE, PCE [8] 
Pd/C (w/sodium 
hypophosphite) 

1,2,4,5-tetrachlorobenzene [9] 

Nickel loaded silica and 
exchanged Y zeolite 

chlorophenols , dichlorophenols, trichlorophenols, 
pentachlorophenol 

[10] 

Pd/Al2O3, Rh/Al2O3 chlorobenzene [11] 
Pt/C, Pd/γ-Al2O3 3-chloro-2-nitophenol [12] 

Rh/SiO2 dichloroethane (DCA), TCE [13] 
Pt/Al2O3 dichloroethylene (DCE) [14, 15] 

Pd on carbon chlorofluorocarbons [16] 
Pt on various support, carbon tetrachloride (CCl4) [17] 

Pt/γ-Al2O3 carbon tetrachloride [18] 
Pt/MgO carbon tetrachloride [19] 

Pd oxide on γ- Al2O3 1,1,2-Trichlorotrifluoroethane [20] 
Ni on Y zeolites carbon tetrachloride [21] 

Pd-Cu-Sn on carbon PCE [22] 
Pt-Cu-Ag-Au on carbon 1,2-dichloropropane [23] 
Ni on ZSM-5 and Al2O3 TCE and TCA [24] 

Pd on carbon aqueous TCE, TCA, and chlorobenzene [25] 
Pd on Al2O3, fluorinated 

Al2O3 and AlF3.
1,1-Dichlorotetrafluoroethane 

dichlorodifluoromethane 
[26] 

Group VIII noble metals dichlorodifluoromethane [27] 
Pd, Rh, Pt, on alumina PCE [28] 

Pd on silica 1,1,1-trichloroethane (TCA) [29] 
NiMo/Al2O3 PCE, TCE, 1,1-dichloroethylene, cis-dichloroethylene 

and trans-dichloroethylene 
[30] 

Pd/γ-Al2O3 CF2-Cl2 (CFC-12) [31] 
Ni-Raney,  Ni on SiO2,
Pd/Al2O3, Pt/ Al2O3 ,Pt/ 
Rh/Al2O3, Ru/Al2O3 and 
sulfided Ni-Mo on Al2O3

dichloromethane, chloroform, carbon tetrachloride, 
1,1,1-TCA, TCE and PCE 

[32] 

Pt on various alumina 
supports 

TCA [33] 

Pt and Pd on Vycor, Al2O3,
C, AlF3,

Chloromethanes, Chlorobenzene [34] 
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2.1.1.1 Reaction Mechanisms 

In the literature, two major reaction mechanisms are postulated: a 

sequential/consecutive/serial mechanism and a concerted/parallel/competition 

mechanism.  That is, when contaminants contain more than one chlorine atom, chlorines 

can be removed by sequential or concerted mechanisms.  Sequential mechanisms can be 

represented as follows: 

 

H2 + 2 * ↔ 2 H* (2.2) 

RClx + * ↔ RClx* (2.3) 

RClx* + H*→ RHClx-1* + Cl* (2.4) 

RHClx-1* ↔ RHClx-1 + * (2.5) 

RHClx-1* + H*↔ RH2Clx-2* + Cl* (2.6) 

H*+ Cl* ↔ HCl + 2 * (2.7) 

 

where R stands for hydrocarbon group, x for the number of chlorines, and * refers to 

active sites on the catalytic surface or adsorbed species.  Reaction 2.4, the surface 

reaction between adsorbed RCl and adsorbed atomic hydrogen, is believed to be the rate-

determining step (RDS).  

Sequential mechanisms characteristically involve desorption and re-adsorption of 

chlorinated intermediates.  On the other hand, a concerted reaction mechanism refers to 
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the removal of multiple chlorines without desorption of chlorinated intermediates.  Such 

a mechanism is represented by: 

 

RClx* + x H*→ RHx + x Cl* (2.8) 

 

The concerted multi-chlorine removal mechanism produces fully dechlorinated 

hydrocarbons without liberating gas or liquid-phase chlorinated intermediates.  

Simultaneous formation of fully dechlorinated products and less chlorinated 

intermediates is frequently observed.  Because such intermediates typically experience 

lower reaction rates for subsequent dehalogenation reactions than the parent (fully 

halogenated) compounds, parallel reaction pathways are frequently proposed.  Here, the 

heavily chlorinated parent compounds are transformed to less chlorinated compounds and 

non-chlorine containing hydrocarbons via different pathways, which may compete with 

each other at branch points within the overall mechanism.  Hypothetically, the relative 

importance of each pathway is relevant to the overall product distribution, process 

kinetics and the overall success of the remediation effort. 

 

2.1.1.2 Hydrodechlorination of Chlorinated Alkanes 

HDC of chlorinated alkanes starts with the scission of a first C-Cl bond on the 

catalyst surface.  The adsorbed intermediates then react with atomic hydrogen to form 

partially chlorinated and/or fully dechlorinated compounds via parallel reaction 

mechanisms.  Evidence that C-Cl bond rupture is the rate determining step includes 
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isotope exchange studies [35, 36] showing the irreversibility of C-Cl cleavage, and the 

direct correlation between reaction rate constants and dissociation energies of C-Cl bonds 

in the parent compounds.  Reduction rates for chlorinated methanes decrease in the order 

CCl4 > CHCl3 > CH2Cl2 > CH3Cl while the energies of C-Cl bonds vary in opposite 

direction as CH3Cl (349.4 kJ/mol)> CH2Cl2 (328.4 kJ/mol)> CHCl3 (307.5 kJ/mol) > 

CCl4 (286.2 kJ/mol) [34, 37].  

CCl4 has frequently been used as a model compound for catalytic HDC studies 

[17, 21, 34, 37, 38].  HDC reactivity and selectivity of CCl4 depends on selection of both 

the catalyst and support material.  For example, HDC of CCl4 on supported Pd leads 

predominantly to CH4 production [39].  Similar studies on supported Pt catalysts were 

reported to yield considerable CHCl3 in addition to methane [15, 21, 37].  Surface 

acidity/basicity of the metal oxide support is frequently used to explain support effects on 

catalytic reactions.  Acidity is attributed to protons on surface hydroxyl groups (Brønsted 

acids) and surface cations that can accept electron charge from donor molecules (Lewis 

acids).  Basicity is attributed to electron rich oxygen anions that can bind a proton to form 

a hydroxyl group donate electron charge.  Acidic sites are believed to catalyze the 

formation of oligomerization products such as C2Cl6 and C2Cl4.

Ordonez et al. [32] studied hydrogenation of aliphatic organochlorinated 

compounds on commercial hydrogenation catalysts and proposed a mechanism for CCl4

conversion. The proposed mechanism for CCl4 is radicallary.  The first step was the 

dissociative adsorption of the chlorinated compound onto the metallic surface (equation 

2.9).  Although some authors claim that this homolitic rupture might occur in the fluid 
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phase [37], an adsorption mechanism is supported by the fact that the catalyst 

deactivation ascribed to coke deposition is substantial [38]. 

 

CCl4 + * → CCl3· (g) + Cl* (2.9) 

 

With respect to transformation of radicals to methane, Weiss et al. [37] proposed 

a radical propagation reaction in which chlorine atoms are consecutively replaced by 

hydrogen atoms.  Elements of their proposed mechanism follow:  

 

H2* ↔ H*· + H*· (2.10) 

CCl4 + * → CCl3·(g) + Cl*· (RDS)     (2.11) 

CCl3·(g) + H2(g) ↔ CHCl3 (g) + H(g)· (2.12) 

Or  

CCl3(g) · + H· (* or g) ↔ CHCl3(g) (2.13) 

CCl3(g) · + * ↔ CCl3* (2.14) 

CCl3* + 3H* → CH3* + 3Cl* (2.15) 

H2 + CH3·→ CH4 + H·      (2.16) 

H· + CH3·→ CH4 (2.17) 

CH3· + CH3·→ CH3CH3 (2.18) 

CCl3· + CCl3·→ CCl3CCl3 (2.19) 
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In the first step, adsorbed hydrogen dissociates to its atoms on Pt surface (eq 

2.10).  CCl4 also dissociates on Pt catalyst (eq 2.11).  The CCl3· radical in the gas phase 

can either react with hydrogen in propagation reaction (eq 2.12), or combine directly with 

adsorbed or gaseous H· radical (eq 2.13).  Since formation of CCl3· from HCCl3 is a far 

more difficult process than formation of CCl3· from CCl4, CHCl3 will behave as a 

terminal product rather than as a reactive intermediate.  The formation of CH4 can be 

explained on the basis that CCl3· can readily reabsorbs on a Pt site and not desorbs until it 

is converted to CH3·by the H· atoms at the site (eq 2.14 - 2.15).  Finally, methyl radicals 

can either react with hydrogen molecules or atoms to produce methane (eq 2.16 – 2.17) 

or combine with themselves to produce ethane (eq 2.19).  The reaction mechanism agreed 

upon by most investigators involves reaction among adsorbed species without 

involvement of free radicals [40, 41].  The HDC of CCl4 proceeds according to the 

following reaction scheme.  For the purpose of simplicity adsorbed H* and Cl* are 

omitted from the Figure 2.1. 

 

Figure 2.1.  CCl4 hydrodechlorination on Pt catalyst. 

 

CCl3* CHCl2*
CHCl3

C2Cl6

CH2Cl2

C2Cl4
CH2Cl* CH4CH3*

CH3CH3
CCl4
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Here, adsorption of CCl4 on the metal catalyst results in bond cleavage and the 

formation of adsorbed CCl3* and Cl*. The three main parallel reaction pathways 

observed in related literature lead to formation of CHCl3 by reaction of CCl3* with H* and 

desorption from the catalyst surface, complete hydrogenation of adsorbed species by 

consecutive reduction steps to CH4 without desorption from the catalyst, and the 

formation of C2Cl6 by combination of 2 CCl3*. Hexachloroethane is converted to C2Cl4.

The dashed arrows represent some minor pathways that can yield traces of specific 

products.  

Such parallel reaction pathways were also suggested for the HDC of 

1,1,1−tricholoethane (CH3–CCl3).  Mori et al. [29] proposed the reaction pathway shown 

in Figure 2.2 for the HDC of CH3–CCl3. The dissociative adsorption of CH3–CCl3 (1) 

yields CH3–CCl2–, which readily releases the other two Cl atoms to form CH3–C≡ (2) 

and (4), or partly undergoes hydrogenation to CH3–CHCl2 (3) (minor products).  CH3–C≡

is successively hydrogenated to produce CH3–CH3 (5–7), but a fraction of the partially 

hydrogenated species, CH3–CH=, acquires surface Cl (8) before an additional 

hydrogenation step yields CH3–CH2Cl (9). 
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2.1.1.3 Hydrodechlorination of Chlorinated Alkenes 

For chlorinated alkenes, both hydrogenation of double bonded carbons and 

hydrogenolysis of C-Cl bond can occur.  The presence of the double bonds hinders the 

formation of radicals.  Unsaturated molecules are easily adsorbed and hydrogenated on 

the surface [14].  Ordonez et al. [32]  suggested a mechanism like the one in Figure 2.3. 

 

Figure 2.2. Reaction pathway for hydrodechlorination of CH3–CCl3 [29]. 
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Figure 2.3.  Reaction scheme for the hydrodechlorination of chlorinated olefins [32]. 

 

In the mechanism proposed, the hydrogenation of double bonds takes place 

catalytically, while the elimination of HCl is essentially non-catalytic.  Similar 

mechanisms have been suggested in aqueous solutions for various chlorinated and 

fluorinated alkenes [42, 43]. 

Weiss and Krieger [14] proposed that the HDC of cis- and trans- 1,2 DCE 

proceeded mainly by sequential removal of chlorines from DCE isomers to ethane.  They 

proposed a mechanism starting from the adsorption of the chlorinated olefin on the metal 

surface, in which the olefin is in tautomeric equilibrium.  While the canonic form yields 

1,2-dichloroethane, the tautomeric form (with a positive charge on a chlorine atom and a 

negative charge on the opposite carbon atom) is directly hydrochlorinated by a 
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displacement reaction with chemisorbed hydrogen.  According to these authors, both 

adsorption and hydrodechlorination are favored when more chlorine atoms are linked to 

the olefinic bond.  They proposed that the HDC of cis- and trans- 1,2 DCE proceeded 

mainly by sequential removal of chlorines from DCE isomers to ethane with VC as an 

intermediate product.  The rate constant for reduction of DCE to VC was approximately 

twice that of VC to produce ethane.  Side reactions included hydrogenation of DCE to 

produce DCA, and VC to chloroethane.  The major difference between this mechanism 

and others was the serial removal of chlorine yielding VC as reaction intermediates.  On 

this study, observation of VC was facilitated by low conversion efficiency, as DCE 

conversion was <1%.  Furthermore, this tautomeric mechanism does not explain the 

product distribution attained during HDC of PCE and TCE, here and by others [8, 17, 32, 

42], in which no chlorinated olefin intermediates were detected (as this mechanism would 

predict). 

Kim and Allen [30] proposed a reaction network for PCE that incorporates both 

sequential and multiple chlorine removal steps (Figure 2.4).  They concluded that the 

HDC reactions of chlorinated olefins proceed mainly through steps that involve the 

removal of multiple chlorine atoms without desorption of reaction intermediates.  In 

contrast, chlorinated aromatic reactions proceed mainly through sequential removal of 

chlorine atoms with desorption of partially dechlorinated intermediates. 
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Figure 2.4.  PCE Hydrodechlorination pathways [30]. 

 

The different reactivities of aliphatic (DCM, TCA) and olefinic (TCE, PCE) 

chlorinated compounds can be explained by in terms of differences in reaction 

mechanisms.  The catalytic HDC of chlorinated alkanes has been described by some 

authors in terms of a free-radical mechanism in which the hydrogen-hydrogen bond of 

the dihydrogen molecule and the chlorine-carbon bond in the halogenated organic 

compound are activated by the catalyst [8].  According to this mechanism, 1,1,1-TCA is 

more reactive than DCM as it has a carbon atom bounded to three chlorine atoms, while 

the carbon atom in DCM is bonded to two chlorine atoms.  Reaction rates are thus 

understood primarily in terms of C-Cl bond energies that determine rate constants for the 
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respective rate determining steps.  The HDC of olefinic chlorinated compounds involves 

a mechanism in which the chemisorption of both dihydrogen and the chlorinated 

compound is followed by the addition of two hydrogen atoms to the double bound.  The 

adsorbed alkane that is formed further reacts with the elimination of hydrogen chloride 

and so forth. 

 

2.1.1.4 Catalyst Deactivation and Regeneration 

Catalyst deactivation is a common concern in thermocatalytic reactions.  Possible 

mechanisms include catalyst sintering, poisoning, and coking.  Sintering refers to 

aggregation of catalyst particles with consequent decrease in surface area.  Poisoning 

causes activity loss by strong chemisorption of chemical elements to active sites.  Typical 

catalyst poisons include chlorine and sulfur.  Coking refers to the deposition of 

carbonaceous compounds on the catalyst, which reduces the effective concentration of 

catalyst sites either by direct deposit of carbonaceous products or blockage of pores that 

provide access to internal sites.  

There is a fairly extensive literature pertaining to catalyst deactivation as a 

consequence of HDC of chlorinated compounds.  Deactivation is usually attributed to 

chlorine poisoning of the catalyst surface (Pt or Pd) or coking.  Although uncommon, 

catalyst sintering and leaching of metal from support material have also been observed. 
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2.1.1.4.1 Chlorine Poisoning 

Chlorine can be strongly adsorbed onto transition metals via covalent bonds, and 

thus reduce HDC reaction rates by limiting the number of sites available for adsorption of 

target compounds and hydrogen.  The stability of the small Pt clusters against thermal 

sintering is ascribed to anchoring of the clusters onto surface Lewis acid sites of the 

alumina support.  Such small Pt clusters are electron deficient, in part due to electronic 

effects as well as through interaction with the support material.  High reactivity resulting 

from this unique electronic state makes the small Pt clusters susceptible to chloride 

poisoning (by HCl and possibly CCl4) under hydrodechlorination conditions.  The Pt 

particle agglomeration was ascribed to the formation of mobile Pt due to a de-anchoring 

effect of NH4Cl (pretreatment solution for the Pt/Al2O3).  NH4Cl treatment was 

performed by soaking a commercial catalyst in a saturated solution of NH4Cl at ambient 

temperature for 30 min.  The excess solution was drained and the catalyst was 

subsequently dried at 808°C over night in air [15].   Agglomeration of the mobile Pt 

chloride intermediates takes place under a reducing atmosphere, with larger Pt particles 

serving as nucleation sites. 

The inhibiting effect of chlorine on the hydrodechlorination reactions is well 

established.  Reaction kinetics for chlorobenzene dechlorination on alumina-supported 

palladium can be interpreted in terms of a steady state between the chlorination of the 

metallic surface by chlorobenzene and hydrogen chloride and the reduction of the 

chlorine covered metallic surface [11].  Deactivation of catalyst occurs as the system 

approaches steady-state coverage of chlorine.  It has been reported that Rh/SiO2 catalyst 
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poisoning by chlorine during the HDC of TCE is easily regenerated via re-reduction of 

catalytic sites by hydrogen [13].  For example, the rate of HDC of 1,2-dichloroethylene 

on catalyst at 240°C decreased by a factor of 2 within 50 minutes, and the chlorine 

content of the catalyst increased from 0.11 to 0.46 wt% after 600 minutes suggesting that 

HCl poisoning caused the deactivation.  Shin and Keane [10, 44] showed that catalyst 

deactivation was also directly related to the total amount of chlorine removed from the 

target compounds. That is, catalysis decays as chlorine-bonded sites accumulate.  

Reaction of adsorbed chlorine with hydrogen forms gas or aqueous phase HCl, liberating 

the catalyst sites.   

The accumulation of HCl is detrimental to HDC reaction rates in batch reactors.  

Accumulation of HCl inside reactor may eventually stop the reaction.  It has been 

observed frequently that addition of base leads to full conversion of  chlorinated organics 

under such conditions [45-47].  Addition of base also has beneficial effects on HDC 

reactions by scavenging protons, keeping the metal catalyst in a reduced state, and 

reducing interaction of chloride with catalyst.  In continuous flow reactors, flowing fluids 

carry HCl out of the reactor, and constant catalyst activity is expected over relatively long 

periods.  However, typical operations patterns involve rapid partial deactivation followed 

by continuous slow deactivation of the catalyst during use for HDC.  The conflict 

between expected (constant) activity and observation (continuous decay) suggests that 

there may be other deactivation mechanisms. 

Transition metals bound to chloride are easily reduced to elemental metals in 

presence of H2. However, a catalyst (Rh/Al2O3) deactivated in HDC processes could not 
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restore its activity by hydrogen treatment, even at high temperature of 400°C.  Sometimes 

partial regeneration of catalyst might be achieved by hydrogen treatment [13, 48]. The 

ineffectiveness of H2 treatment indicated that catalyst deactivation was not caused by 

chemisorbed chlorine.  Bozzelli et al. [13] studied the hydrogenation of ethylene using 

deactivated catalyst (Rh/SiO2) and a fresh catalyst (RhCl3/SiO2), and conclude that 

chlorine may not be the only inhibitor to the ethylene hydrogenation on the used Rh 

catalysts since the rate of increase in ethane selectivity with reaction time is significantly 

slower for the used catalyst than for the fresh catalyst. To explain this irreversible catalyst 

deactivation, Coq et al. [11] suggested the presence of tightly bound chloride species that 

cannot be removed by hydrogen treatment. Shin and Keane [44] suggested that some 

irreversible modification of electronic structure of the metal occurs during long term 

exposure to HCl. 

 

2.1.1.4.2 Coking 

Large quantities of carbonaceous deposits often form on catalysts during HDC 

processes [17, 21, 28, 32, 33].  For example, Frankel et al. [33] observed 23-29 wt.% of 

carbon on used Pt/ηδ-alumina after 7 hours operation for 1,1,1-TCA HDC.  These 

deposits contained chlorine, suggesting that the target compounds and chlorinated 

intermediates are coke precursors [18, 32, 49]. 

The quantity, chemical composition, and temperature of combustion for 

carbonaceous deposits can be established using techniques such as thermogravimetry 

(TG), differential scanning calorimetry (DSC), temperature programmed reduction 
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(TPR), and temperature programmed oxidation (TPO).  TG gives coke content and 

temperature of combustion by measuring change in mass as a function of temperature.  

DSC measures heat fluxes to yield information about combustion temperature.  Using 

mass spectrometry to detect the evolved substances, TPR and TPO reveal chemical 

composition as well as information regarding temperature of combustion. 

Temperature of combustion is an important factor for coke.  Research indicated 

that the temperature of combustion of coke varies in the range of 250- 500ºC, reflecting 

the different formation mechanisms and reactivities of various coke products [18, 32]. 

Coke deposits can be combusted to restore catalyst activity.  Bae et al. [18] 

observed almost complete catalyst regeneration in the presence of O2 at 500ºC followed 

by H2 reduction at 300ºC.  The same catalyst treated with O2 at 300ºC did not recover its 

activity, which was in agreement with their finding that the coke ignited at around 477ºC.  

Kim et al. [17] reported the recovery of initial catalyst activities after treatment with O2 at 

300ºC for 2 hours.  The major gas component that evolved during this regeneration 

process was CO2. On the other hand, it was impossible to recover the activity of the 

catalyst by hydrogen treatment at 300°C for 2h.  They concluded that catalyst 

deactivation during HDC of CCl4 is mostly due to coking, and that coke is probably 

formed by an oligomerization reaction catalyzed by acid sites on the support materials.  

However, complete catalyst regeneration was hard to achieve due to the change of 

structure of catalyst and support at high temperature. 
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2.1.1.4.3 Factors Affecting Catalyst Deactivation 

As mentioned above, HCl poisoning and coking are thought to be the two main 

mechanisms for catalyst deactivation during HDC.  It is likely that strong chemisorption 

of chlorine causes the relatively rapid initial drop in catalyst activity, after which the 

deposition of carbonaceous material continues to reduce catalyst activity.  It was shown 

also that chemisorbed chlorine species alter the electronic properties of the catalyst 

surface in a manner that promotes carbon deposition [27].  Bae et al. [18] observed that 

activity dropped dramatically if the catalysts were pretreated with HCl. They attributed 

catalyst deactivation primarily to coke formation. 

The effect of the catalyst particle size on decay of catalytic activity has also been 

examined.  The nature of carbonaceous species initially formed on platinum surfaces at 

the beginning of HDC reaction varied greatly with platinum particle size, and changes in 

the electronic state of platinum particles affected both catalytic activity and product 

distribution [50]. Small metal particles (<5nm) on the support were more electron 

deficient than large particles due partly to the interaction of metal with acid sites of the 

support material [15].  These small electron-deficient particles interact strongly with 

chlorine, resulting in rapid catalyst deactivation.  Zhang and Beard [15] observed that the 

conversion efficiency of CCl4 dropped from 90% to 1% within an hour when most of the 

catalyst particles were smaller than 0.5 nm. However, when the particle size was 

increased to 5-8 nm (catalyst pretreated with a solution of NH4Cl), the catalyst activity 

was stable at about 75% removal efficiency for more than 2000 h.  When the sizes of 

metal particles are large, catalyst deactivation is structure-insensitive.  The stability of the 
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small Pt clusters against thermal sintering is ascribed to anchoring of the clusters onto 

surface Lewis acid sites of the alumina support.  Such small Pt clusters are electron 

deficient, in part due to electronic effects as well as through interaction with support.  

The high reactivity resulting from this unique electronic state makes the small Pt clusters 

susceptible to chloride poisoning (by HCl and possibly CCl4) under hydrodechlorination 

conditions [15].  Thompson et al. [16] also found that the HDC of CFCs on Pd/C was 

structure-insensitive in a particle size range  6.2 -13.3 nm. 

The nature of the catalyst support has great influence on catalyst performance.  

The acidity of metal oxide support material is believed to promote coke formation [17].  

Among the metal oxides studies, Kim et al. [17] found that deactivation of Pt during the 

HDC of CCl4 was slowest on Pt/MgO.  The effect was attributed to the basicity of MgO, 

which resulted in relatively less accumulation of coke. 

There are different opinions regarding the effects of temperature on catalyst 

deactivation.  Studying HDC of PCE on Pd/Al2O3 and Pt/Al2O3, Ordonez et al. [51] 

observed higher initial catalyst activity, but faster deactivation rates with increased  

temperature at the range 250ºC -350ºC. For HDC of chlorophenols on Ni/SiO2, however, 

Shin and Keane [44] found that higher temperature increased catalyst activity and slowed 

deactivation in the temperature range 150ºC to 300ºC.  The difference may reflect 

different deactivation mechanisms and/or existence of an optimal temperature for 

reduction of catalyst deactivation.  It is generally agreed that increasing the ratio of H2 to 

target compounds slows catalyst deactivation. 
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2.1.2 Aqueous Phase Hydrodechlorination 

Only recently has catalytic HDC been investigated as an alternative remediation 

technology for organochlorine contaminated groundwater.  However, this research has 

extended rapidly from laboratory to pilot field scale studies [25, 42, 52-54]. Pd on 

activated carbon [42, 55], Pd on alumina and metallic Pd [52], palladized iron [54], silica 

supported Pt, Pd, Rh [56], Pd-alumina and zero-valent iron [57] have been selected as 

catalysts for these applications. 

Aqueous-phase catalytic HDC has unique characteristics.  First, due to the high 

heat capacity of water, application of this technology at elevated temperatures is 

unfeasible.  Considering the beneficial effect of high temperature on process kinetics, this 

could be a disadvantage.  Nevertheless, observed reaction rates were considered 

acceptable for TCE reduction at ambient temperature, and field studies have proven the 

feasibility of in-situ treatment in which contaminated water flows through catalyst-

packed wells [58].  Second, hydrogen supply may be a barrier for field application.  Two-

stage reactors have been proposed in which a first reactor generates H2 by electrolysis of 

water and a second reactor transforms chlorinated organics to dehalogenated products 

[59].   The low solubility of H2 in water is a limitation. 

Another important aspect of aqueous-phase hydrodechlorination is the role that 

non-targeted solutes play.  Bicarbonate reacts with H2 on the surface of Pd catalyst to 

form formate via the following reaction [58]:  

 

HCO3- + H2 → HCO2- + H2O (2.20) 
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This reaction competes with chlorinated organics for catalyst sites and reductants, 

and the formate formed stimulates the growth of microorganisms, causing biofouling of 

the catalyst.  Similarly, nitrite interferes with chlorine transformation by reacting with 

hydrogen to generate nitrogen and ammonia on the catalyst surface.  Dissolved oxygen is 

also a concern due to its rapid reaction with hydrogen on the catalyst. 

Catalyst deactivation also occurs in aqueous-phase HDC [52]. Catalyst 

deactivation occurred even in DI water, probably due to the inhibition by HCl and 

modification of catalyst active sites.  Biosulfide severely inhibited catalyst activity.  The 

catalyst was regenerated by oxidative treatment of the catalyst, either by exposure to air 

or flushing using hypochlorite. 

 

2.2 Catalytic Oxidation of Halogenated Organic Compounds 

Catalysts and catalytic oxidation processes have been widely developed to 

produce industrially important, partially oxidized chemical products.  There are important 

differences between such commercial processes and process assigned for complete 

catalytic oxidation of volatile organic compounds (VOC).  Catalyzed oxidative 

dehalogenation occurs when an organochlorine is oxidized to CO2 in the presence of 

oxygen.  The desired reaction results in complete oxidation of VOCs to CO2 and H2O.  

Chlorinated VOCs yield HCl, in addition to CO2 and H2O.  An important consideration is 

the possibility of forming incomplete oxidation products such as dioxins, which are more 
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hazardous than the original targets.  The formation of Cl2 is observed in the catalytic 

oxidation of CH3Cl over α-Cr2O3/Al2O3 [60]. 

 Commercially available catalyst fall into three broad categories: base metal 

oxides, such as Cu, Cr, and Mn; supported noble metal catalysts (Pt, Pd); and noble 

metal/metal oxide combinations.  The metal loading of supported oxide must be grater   

greater than that of noble metals, since they exhibit relatively low activity.  Metal oxides 

are characterized by high electron mobility and positive oxidation states.  These catalysts 

are generally less active than supported noble metals, but they are somewhat more 

resistant to poisoning [61].  In principle, any of the noble metals (Pt, Pd, Ag, Au, Ru, Rh, 

Os, and Ir) may be used as oxidation catalysts.  In most practical systems, however, only 

Pt, Pd, and a few alloys are used because of the high temperatures generally employed for 

catalytic oxidation applications, which can cause sintering, volatility loss, and irreversible 

oxidation of the other metals.  The base metal oxide catalysts are primarily available in 

granular form.  Precious metal catalysts are available in granular and monolithic forms or 

as foams.  A summary of catalytic oxidation applications involving halogenated 

compounds is given in Table 2.2.  For a more detail summary, see Spivey [61] and 

Spivey and Butt [62].

The kinetics of catalytic oxidation on noble metals may follow either a Langmuir-

Hishelwood type of mechanism (reaction between adsorbed oxygen and an adsorbed 

reactant) or an Eley-Rideal mechanism (reaction between adsorbed oxygen and a gas-

phase reactant molecule) [61].  Gonzalez-Velasco et al. [63] reported that Pd catalysts are 

more active than Pt catalyst for the oxidation of DCE and TCE.   Pt on various oxide 
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supports is among the most common catalyst used for catalytic oxidation (Table 2.2).  

Platinum is one of the metal components in automobile catalytic converters. 

 

Table 2.2.  Application of catalytic oxidation of halogenated compounds. 
Catalysts Reactants References

Pd/γ-Al2O3 CH2Cl2, CHCl3, CCl4, C2H2Cl2, C2HCl3, C2Cl4. [64] 

Cr2O3/Al2O3 1,1-dichloroethane [65] 

Pt, Pd, over alumina 1,1-dichloroethane, TCE [63] 

PdO on γ-Al2O3 TCE [66] 

Pt on γ-Al2O3 TCE [67] 

Foam of Pt/Al2O3/Ni/Cr chloroform [68] 

Various metal 
oxides/Porous Carbon 

methylene chloride, 1,2-dichloroethane, 1,2,4-
trichlorobenzene, PCE, 1,1,2,2-tetrachloroethane, 
PCE 

[69] 

Pt, Pd TCE [70, 71] 

Various Co and Mn Oxides vinyl chloride, vinylidene chloride, ethylene 
dichloride, 1,1,1-tri-chloroethane, 1,1,2-
trichloroethane, TCE,  PCE 

[72] 

Monolith Pt on alumina Benzene, Methyl tert-Butyl Ether [73] 

Lou and Lee [68] studied the mechanism for oxidation of CF on a commercially 

available NM-11 (ceramic foam with Pt/Al2O3/Ni/Cr) catalyst (T = 200 – 475°C) where 

the foam base might be also catalytic. Catalyst deactivation was not obvious during the 

tests (20 hours).  The reaction rate increased with both increasing CF (influent) 
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concentration and increasing temperature.  Oxygen content had no significant effect on 

the catalytic oxidation rate.  The major decomposition products were CO2, Cl2, and HCl. 

No other chlorine-containing products or other products of incomplete 

combustion were reported.  Chloroform conversion rates were low below 250°C, but 

above 275°C rates rapidly increased and only the primary products were observed in the 

reactor effluent.  At temperatures over 400°C, conversion of CF slowed down and Cl2
concentration in the reactor effluent increased.  Trace amount of carbon tetrachloride 

were observed as reaction by-product from 300°C to 375°C.  Above 400°C, products of 

incomplete combustion were not observed.  The proposed CF oxidation mechanism 

follows: 

 

2223 ClHClCOOCHCl ++→+ (2.21) 

223 ClHClCOO2
1CHCl ++→+ (2.22) 

2222 ClOHCOOCOHCl2 ++→++ (2.23) 

 

Oxidative dehalogenation of TCE on a Pd/alumina catalyst was studied by 

Aranzabal et al. [71], among others. Based on their observations, the process begins 

when oxygen is dissociatively adsorbed onto the catalyst until there is full surface 

coverage by atomic oxygen.  The complete reaction mechanism is: 

 
**22 O2O*O →→+ (2.24) 
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*323O2Al,Pd
2* PdOClAlClCOCOCClCHClO +++ →=+ (2.25) 

2* ClPdOCl → (2.26) 

HClPdOCl H* → + (2.27) 

*232CClCHCl* CHClCClPdOCl − → = (2.28) 

HClCClCClCHClCCl *
22*23 +=→− (2.29) 

22**
22 Cl2CO2O4CClCCl +→+= (2.30) 

222 ClOHO2
1HCl2 +⇔+ (2.31) 

Gas-phase TCE reacts directly with the adsorbed oxygen leading to CO and CO2

formation through two parallel reactions.  Chlorine appears as Cl2 and as HCl in the 

reactor effluent.  In this complicated mechanism, TCE decomposition occurs directly via 

reaction with adsorbed oxygen (eq. 2.30) or indirectly after transformation to 

pentachloroethane (eq. 2.29).  The Deacon reaction (eq. 2.31) (HCl reaction with oxygen) 

was also observed: 

During the experiments, PCE was observed in the effluent.  The effluent 

concentration of PCE was highest at 450°C at half the influent concentration of TCE.  Cl2
was produced in large quantities (up to 750 ppm).  Since Cl2 is hazardous, subsequent 

treatment of the effluent gas (e.g., scrubbers) would be required in a commercial system. 

Alumina – supported Pt catalysts are the most widely used in laboratory studies of 

oxidative dehalogenation reactions.  However, Pt is typically poisoned by chlorinated 

compounds, so deactivation is an important performance characteristic.  Below 350°C 
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deactivation by HCl is relevant but usually reversible, especially with Pt loadings > 0.3% 

w/w [62].  A study [64] on the oxidation of various chlorinated hydrocarbons over 

Pt/Al2O3 catalysts with different Pt loadings showed that no deactivation occurred at 

0.8% Pt loading from 420°C to 500°C.  95% PCE conversion was seen throughout the 

entire 12 hours experiment.  This lack of catalyst deactivation was ascribed to the high 

platinum loading, but the influent contained a hydrocarbon fuel (propane) that was 

oxidized catalytically.  The hydrocarbon fuel may have provided hydrogen for HDC of 

halogenated targets.  Consequently, the experimental procedure may have promoted an 

initial reductive transformation occurring simultaneously with oxidation. 

Catalyst deactivation is more common at T < 300°C.  In a study performed by 

Lindberg et al. [74], deactivation was noticeable at low temperature and when less than 

stoichiometric oxygen was available.  Deactivation of a Pt/Al2O3 catalyst at 275°C was 

also reported by Yang and Reedy [75], but no deactivation was observed from 322°C to 

343°C, suggesting that deactivation is rapid at lower temperatures. The cause of 

temperature related deactivation in oxidation experiments appears to be HCl adsorption.  

At low temperatures, there is an increased retention of HCl produced during the oxidation 

process, and higher temperatures limit the interaction of HCl and the catalyst surface 

[62]. 

Pt/Al2O3 deactivation in a function the state of the platinum.  Low dispersion, 

large Pt crystallites are less prone to poisoning via chlorinated species than a highly 

dispersed catalyst.  Catalysts that were impregnated with chloride were less active than 
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the non-impregnated catalysts, showing the poisoning effect of chloride.  Spivey and Butt 

[62] offer a detailed review of deactivation of oxidation catalysts. 

Since some chlorinated hydrocarbon molecules contain more chlorine atoms than 

hydrogen atoms, some research has focused on methods for providing hydrogen in order 

to convert all the chlorine to hydrogen chloride [64, 66, 67, 70].  Hexane, water and 

toluene [70], methane and water [66, 67], propane [64] have been used in these 

experiments.   Gonzales-Velasco et al. [70] observed the complete catalytic oxidation of 

TCE over alumina-supported Pt and Pd in the presence of hexane and toluene.  Hexane 

and toluene were added to the feed gas stream at a concentration of 1000 ppm.  The water 

vapor concentration was varied from 1000 ppm to 15,000 ppm.  They observed that TCE 

oxidation occurred faster in the presence of toluene and hexane on both catalysts.  Water 

did not alter the catalytic activity on the Pd catalyst, while TCE oxidation on Pt catalysis 

was enhanced at low temperatures (<400°C), but inhibited at higher temperatures.  

Production of HCl was improved for both catalysts by adding a hydrogen source. 

Successful applications for VOCs were observed in field operations using catalytic 

oxidation.  In a field unit operated at the Verona Well Field Superfund site, catalytic 

oxidation of PCE and TCE was studied in a temperature range from 415 to 437°C [76].    

In a large scale operation treating 15,000 m3/h (Muller et al. [77]), high conversion of an 

off-gas stream coming from an industrial vinyl chloride manufacturing plant with a bi 

metallic catalyst (Pd,Pt/Al2O3) was reported.  A fluidized system using chromium-

alumina catalyst beads was successful in treating chlorinated compounds in air streams 
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from stripped groundwater at an Air Force Base in California.  Trichloroethylene 

concentrations of 1 to 2 ppm are destroyed at 97.5% efficiency [78]. 

 

2.3 Automobile Exhaust Catalysts 

 About 34% of total platinum, 55% of total palladium, and 95% of total 

commercial rhodium demand is now for the production of auto catalysts [79].  Auto 

catalysts consist essentially of a refractory oxide support on which two or more precious 

metals are dispersed at very low concentrations (0.1-0.3 wt%).  The monolith, a 

honeycomb-type body, is typically made of cordierite (2MgO·2Al2O3·5SiO2) and 

washcoat, a mixture of predominantly γ-alumina and various proprietary base metals, to 

provide a high surface area film on which the catalytic component is highly dispersed. 

Hydrocarbons, carbon monoxide, and nitrogen oxides are removed 

simultaneously over the same catalyst [80].  The hydrocarbons and carbon monoxide are 

oxidized to CO2 and H2O while nitric oxide is reduce to nitrogen.  Simultaneous 

conversion of all three pollutants over a single catalyst has led to the name three-way 

catalyst.  Reactions occurring on the catalyst surface are: 

 

CO + 1/2O2 → CO2 (2.32) 

HC + O2 → CO2 + H2O (2.33)          

NO + CO → 1/2N2 + CO2 (2.34) 

NO + H2 →1/2N2 + H2O (2.35) 
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 Recently, using noble metals supported on a monolith, automobile catalysts were 

investigated for destruction of various VOCs [66, 67, 73, 81-83].   All of the catalysts 

tested have shown excellent destruction capabilities.  For example, Wang et al. [67] 

reported over 99.9% TCE conversion at 500°C, and no obvious deactivation for 100 

hours at 450°C.  

To our knowledge, there are no reports of dehalogenation in a mixed redox 

environment.  Previous studies focused primarily on HDC by reduction or oxidation.  

Adding hydrogen sources was investigated principally to prevent unwanted oxidation 

products.  In this investigation, hydrogen sources were added creating a mixed redox 

environment for simultaneous dehalogenation of VOCs and oxidation of reaction 

intermediates on automobile catalytic materials.  Reaction kinetics, products, and catalyst 

deactivation were investigated. 

In Chapter 3, we report in the use of a cylindrical ceramic monolith (25.4 mm × 

25.4 mm) with a commercial catalyst to destroy PCE for various H2/O2 ratios and 

different temperatures and retention time at the laboratory scale.  The main objective of 

the experiments was to identify conditions and products of PCE conversion and the 

catalyst deactivation mechanisms.  

Chapter 4 presents the results of field experiments: a pilot scale of the laboratory 

set-up was employed at a chlorinated hydrocarbon contaminated location.  The 

chlorinated hydrocarbon contaminated SVE gas was investigated on commercially 

available automobile catalytic converter under common environmental conditions.  That 
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is, oxygen presence and possible poisoning compounds in the feed gas.  Different H2/O2

ratios were investigated at different temperatures and retention times.  

Finally in Chapter 5, an alternative catalyst and possible replacement compounds 

for hydrogen were investigated.  The alternative catalyst was prepared in the laboratory 

using three kinds of precious metals (Pt, Pd, and Rh) on monolith support materials.  The 

PCE conversion was investigated as a function of temperature and H2/O2 ratios.  Propane, 

methane, and diesel fumes were investigated as possible hydrogen replacements.   
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CHAPTER 3 

CATALYTICAL PCE DEHALOGENATION BY AUTOMOBILE CATALYST 

 

3.1 Introduction 

Catalytic hydrodechlorination (HDC) of gas-phase tetrachloroethylene (PCE) was 

investigated using a monolithic catalyst cut from a commercial catalytic converter in a 

temperature control reactor.  PCE was efficiently converted on the catalyst using H2 as 

reducing agent.  Ethane was the sole measurable organic product of the PCE at 

conversion temperatures less than 300°C.  Catalyst deactivation was observed for any 

temperature.  The degree of deactivation decreased with temperature.  PCE conversion by 

oxidation was also observed, but at temperatures greater than 350°C.  In order to enhance 

PCE dehalogenation and catalyst life, a redox environment was created by supplying both 

H2 and O2 to the reactor. 

 

3.2 Materials and Methods 

 

3.2.1 Catalyst 

 The catalyst was originally manufactured for use in an automobile catalytic 

converter.  Pt and Rh are supported on an alumina honeycomb structure (62 cells/cm2).  

The nominal loading is 1.85 × 10−4 g total metal/mL where the volume is the total 

nominal envelope of the catalyst (uncut block 820 mL).  Pt and Rh are present in a 3:1 

w/w ratio.  Specifications of the catalyst were supplied by the manufacturer.  Cylindrical 
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pieces (2.54 cm diameter × 2.54 cm long) were cut from honeycomb blocks, and used in 

the tube reactor described below.  Total metal in the cut honeycomb was 1.27 mg. 

 

3.2.2 Reactor system 

Experiments were carried out in a fixed-bed tube reactor (Figure 3.1).  The reactor 

is a 50 cm long × 2.54 cm (inner diameter) glass tube (ACE Glassware), containing a 

2.54 cm od × 2.54 cm long honeycomb cylinder in the middle.  The tube reactor was 

housed in a vertically aligned single zone tube furnace (Thermolyne 21100).  The furnace 

was equipped with automatic temperature control and the temperature could be ramped at 

any desired rate.  Temperature was measured in two places: at the center of the inlet of 

the honeycomb, and at the furnace wall using K type thermocouples (Omega 

Engineering).  Typically, the honeycomb and furnace temperature difference was less 

then 5°C in the absence of appreciable exothermic reactions. 

A well-mixed gaseous feed stream consisting of H2, O2, N2, and PCE was fed to 

the reactor.  Hydrogen (99.95%, Air Liquide), oxygen (99.9%, Air Liquide) and nitrogen 

(99.99%, Cryogenics & Gas Facility) were used as received.  Flows were controlled by 

an Aalborg (Orangeburg, New York) mass flow controllers.  Liquid PCE (Aldrich, 

99.9+%) was placed in a U-tube located in a temperature regulated water bath (4ºC).  

Nitrogen (20 mL/min) was bubbled through the PCE, resulting in a PCE-saturated N2

stream(~5000 ppm), which was mixed with the desired ratio of H2, O2, and N2, to obtain a 

total flow rate of 500 mL/min at room temperature.    
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Figure 3.1. Experimental Setup. 

 

3.2.3 Analytical 

An HP 5890 gas chromatograph equipped with a thermal conductivity detector 

(TCD) and a flame ionization detector (FID) was used to analyze the feed and effluent 

streams.  Gas samples were injected with Valco Instruments Co. Inc. 6 port Cheminert 

valves (402 µL sample loop for TCD, 500 µL for FID).  Helium was used as carrier gas.  

A 0.53-µm wide bore capillary column (J&W DB-624, 30 m × 0.53 mm ID) was used to 

separate hydrocarbons and chlorinated hydrocarbons.  For CO2, H2, and O2

measurements, a Supelco packed column (60/80 Carboxen-1000, 381 cm × 0.3175 cm 

SS, 2.1 mm ID) was used with TCD.  
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3.2.4 Experiments 

In a typical experiment, the furnace temperature was initially set to 75°C.  The 

influent gas stream was diverted to a bypass line in order to measure influent PCE 

concentration.  When a steady state was reached, the flow was directed to the reactor, and 

the furnace temperature was ramped to the desired final temperature at the rate of 

2°C/min.  As shown later in this chapter, the apparent reaction rate constants (Table 3.1) 

for reduction and oxidation of PCE were such that reaction characteristic times (the 

inverse of the rate constant) were of the order of seconds.  Therefore, due to relatively 

slow rate of temperature change, it can be assumed that the reactor operates at steady 

state conditions for any given temperature.  The effluent gas stream was sampled and 

analyzed.  At the end of the experiment, all gas streams were turned off except O2, and 

the furnace temperature was raised to 450ºC (if necessary), and held there for 8 hours in 

order to clean the catalyst surface.  This process proved to be effective in maintaining the 

catalyst performance characteristics over a period of more than 2 years. 

 

3.3 Results and Discussion 

The catalytic decomposition of PCE was studied as a function of H2/O2 ratio and 

honeycomb surface temperature (30 – 450ºC).  The percent conversion of PCE versus 

temperature for molar H2/O2 ratios ranging from 0.0 to 2.15 is shown in Figure 3.2.  The 

PCE conversion was calculated from: 

 

)1(100%
in

out

PCE

PCE

C
CConversionPCE −×= (3.1) 
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where CPCEin is the influent PCE concentration (mole/L) and CPCEout effluent PCE 

concentration (mole/L).  The influent and effluent concentrations are at the same volume 

basis since the volumetric flow rate does not change appreciably in the reactor.   

Relevant reactions that occur in this system are: 

 

C2Cl4 + 6H2 + 4O2 → 2CO2 + 4H2O + 4HCl                                         (3.2) 

2 H2 + O2 → 2H2O (∆HR = -241.6 kJ/mole O2) (3.3) 

C2H6 + 3.5O2 → 2CO2 + 3H2O (3.4) 

C2Cl4 + 5H2 → C2H6 + 4HCl                                                                 (3.5) 

C2Cl4 + 2O2 → 2CO2 + 2Cl2 (3.6) 

 

Figure 3.2 shows that with increasing H2/O2, conversion of PCE generally 

increases at any given temperature.  At the highest H2/O2 ratio, H2/O2 = 2.15, which is 

greater than the stoichiometric ratio for oxidation of hydrogen (eq. 3.3), PCE conversion 

increases with increasing temperature, and eventually reaches 90% at 400ºC.  At higher 

temperature, no PCE was detected in the effluent (detection limit < 4.061 × 10-5 mole/L, 

<1000ppm).  On the other hand, in the absence of hydrogen (H2/O2 = 0), PCE removal 

was observed only when T > 350ºC, and PCE conversion was smaller than in the 

presence of H2. For example, at 450ºC PCE conversion was only about 25%.  Values for 

PCE conversion by oxidation are consistent with the literature at this temperature. Using 

purely reductive conditions, i.e., O2 = 0, results in catalyst deactivation.  The time to 

reach complete deactivation depends on the temperature.  This will be addressed later in 
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this chapter.  We can conclude from Figure 3.2 that the best conditions for PCE 

conversion are when T ≥ 400°C and H2/O2 ≥ 2.15.  Figure 3.2 clearly shows that PCE 

conversion can be regulated by changing the H2/O2 ratio. 
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Figure 3.2. PCE conversion at different H2/O2 ratios.  Retention time ~1 s, total flow 
rate: 500 mL/minute at room temperature and 1 atm. Legend:    H2/O2 = 2.15,  
H2/O2 = 1.18,    % H2/O2 = 0.67,   % H2/O2 = 0.26,     H2/O2 = 0. 
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Using both H2 and O2 in the system has numerous advantages over using either O2

or H2 alone.  PCE conversion rate, product selectivity, catalyst efficiency, catalyst life and 

catalyst surface temperature can all be regulated by H2/O2. Using both H2 and O2 creates 

a redox environment that appears to increase catalyst efficiency for PCE conversion.  

This can be seen in Figure 3.2: increasing the H2/O2 ratio results in increased PCE 

conversion at any given temperature, and extends the catalyst life. 

These observations were consistent with a different work that was conducted in 

our laboratory [84].  Similar conclusions were reported for TCE and chloroform 

dehalogenation on 0.5% w/w Pt/γ- Al2O3. At any temperature, conversion increased as 

H2/O2 increased for TCE and chloroform.  For example, at 60°C, TCE conversion is 30% 

for H2/O2 = 0.3 and increases to 89% for H2/O2 = 3.  At 60°C the percent conversion for 

chloroform is 0% for H2/O2 = 0.3, going up to 20% for H2/O2 = 3.  A different study [85] 

observed TCE conversions that increased with temperature from 84% at 22ºC to 95% at 

100ºC for 0.5% w/w Pt/γ-Al2O3 with ~1:5 H2:N2 at approximately same residence time 

(0.41 s) used in this study. 

A close inspection of Figure 3.2 shows that PCE conversion decreases (130ºC < T 

< ~200ºC), after an initial increase (T < 130ºC) for the cases H2/O2 = 0.26, H2/O2 = 0.67, 

and H2/O2 = 1.18.  This can be explained as follows.  Initially high PCE conversion takes 

place on a clean catalyst surface.  During this phase, the catalyst surface becomes covered 

by PCE conversion products (e.g., ethane, chlorine), which eventually leads to catalyst 

deactivation.  While the temperature is rising, oxidation of these products by O2 when T 

> 20ºC occurs (e.g., eq. 3.4).  When the oxidation of ethane begins (Figure 3.3 [84]), 
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conversion of PCE also increases because surface sites become available.  This self-

cleaning process prevents deactivation of the catalyst.  This phenomenon does not happen 

when H2/O2 is at or greater than stoichiometric ratio.  In the present case (H2/O2 = 2.15), 

temperature rises very quickly (Figure 3.4) and does not allow obvious catalyst 

deactivation. 

When O2 is present in the system, at temperatures higher than 200ºC self-cleaning 

of the catalyst occurs.  When H2 and O2 are present in the system at any ratio, reduction 

of PCE (eq. 3.5) and oxidation of ethane (eq. 3.4) and PCE (eq. 3.6) can proceed 

simultaneously.  At lower temperatures, hydrocarbons appear to accumulate on the 

surface, occupying catalyst sites and limiting PCE adsorption.  This results in 

deactivation.  With increasing temperature, accumulated hydrocarbons are oxidized by 

O2, and free up available catalyst sites, since the main oxidation products are CO2 and 

water vapor, which are not adsorbed.  A secondary benefit of hydrocarbon oxidation 

might be cleaning the surface with water vapor.  Noelke and Rase [86] demonstrated that 

continuous addition of water more than doubled the reaction rate by removing chlorine 

from the alumina in the HDC of chloroform over commercial Pt/Al2O3. As can be seen 

from Figure 3.2, the catalyst recovers from deactivation with increasing temperature even 

below the oxidation temperature range.  This may be explained by the removal of 

chlorine from surface, with water removal from surface by heating.   
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Figure 3.3.  Carbon balance for ethane oxidation; ◊ Ethane, ∆ CO2, x carbon balance 
Flow rate = 130 mL/min; feed: ethane concentration = 1.70 × 10-3 mol/L; O2 = 30 mL/min 
ethane = 3.5 mL/min, N2 = 100 mL/min; single injection precision of + 5%. 

 

When H2 and O2 are present in the system simultaneously, H2 is oxidized 

exothermically by O2 (eq. 3.3).  This reaction acts as internal heater and thereby increases 

the PCE conversion.  The catalyst temperature increases and creates a temperature 

difference between the furnace and catalyst surface (Figure 3.4).  When H2/O2 > 2, the 

catalyst surface temperature is higher than the set furnace temperature.  At lower H2/O2, 

this difference becomes smaller.  As can be seen in Figure 3.4, in all cases, the difference 

between furnace and catalyst surface temperature starts to rise around 110ºC.  For a short 

time, the catalyst surface temperature increases to more than the furnace temperature, 

before the furnace thermostat eventually is able to control the catalyst temperature.  This 

can be seen in Figure 3.4 where the slope is nearly unity for all cases.  
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Figure 3.4. Catalytic surface temperature as a function of furnace temperature with 
different H2/O2 ratios.  Retention time ~1.s, total flow rate 500 mL/min at room 
temperature and 1 atm.    H2/O2 = 2.15,  H2/O2 = 1.18,     H2/O2 = 0.67,  

 H2/O2 = 0.26,    H2/O2 = 0.  Straight line is slope = 1.  Notice the initial 
temperature increase on the catalyst surface at higher H2/O2 ratios is due to exothermic 
reaction of oxidation of hydrogen. 

 

Catalyst deactivation in gas-phase hydrodechlorination has been linked to 

different phenomena.  Poisoning of the active phase by the HCl formed in the reaction 

was proposed for many authors as main deactivation cause for Ni [87], [48] metal 

sulphides [88], or noble metals [11], [13]. However, others claim that these phenomena 

are not so important for several noble metals (as Pd), suggesting that metal particle 
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sintering [89] and coke deposition [90], [51] are the main causes of the observed 

deactivation.  

There is no agreement in the literature on the effect of hydrogen chloride on the 

activity, selectivity, and stability of HDC catalysts.  Some authors indicate that hydrogen 

chloride is an inhibitor (reversibly) in HDC reactions [11], [13], [48] whereas other 

authors suggest an irreversible poisoning effect [13], [46], [14], [48]. It must be also 

pointed out that HCl can react with inorganic supports, such as alumina, causing an 

increase of surface acidity (Al chlorides are strong Lewis acids), which could favor the 

formation of carbonaceous deposits on the catalyst surface [91]. 

Reduction of PCE with H2 is relatively fast, and end products (C2H6, HCl) might 

be considered preferable to those obtained from PCE oxidation (CO2, Cl2).  However, 

under reducing conditions, catalyst deactivation is the major problem.  Adsorption of 

PCE reduction products (e.g., C2H6) or intermediates on the catalyst surface, will occupy 

the same surface sites.  On the other hand, PCE oxidation produces chlorine gas, which is 

known as poison to catalysts by occupying active sites.  If water vapor exists or another 

source of hydrogen exists and Cl2 may be converted to HCl, which does not irreversibly 

poison the catalyst.  Under redox conditions, PCE conversion produces CO2 in addition 

to ethane and HCl (eq. 3.2).  Using redox conditions prevents unwanted end products (i.e. 

Cl2). 

In order to study deactivation, an experiment with 5.72% H2 and 2.68% O2 was 

conducted.  Results are shown in Figure 3.5.  At first, the furnace temperature was set to 



61

84°C and the exothermic reaction established the catalyst surface temperature.  The 

surface temperature increased to 180°C in half an hour and remained steady for ~500 

minutes.  Then, surface temperature decreased to ~100°C and remained steady until 2247 

minutes.  The conversion of PCE decreased from 67% at 10 minutes to 27% at 2247 

minutes.  This can be explained by deactivation of the catalyst surface due to probable 

coking.  At 2250 minutes into experiments, the temperature rose to ~172°C and stayed 

there for 100 minutes.  This resulted in conversion increase to ~70% from ~30%.  As can 

be seen in Figure 3.5, this increases surface temperature with respect to furnace 

temperature.  This clearly shows that reactions take place on catalyst surface.  From this 

point on, furnace temperature was increased to maintain ~450°C surface temperature.  

When temperature reached this point, the experiment was continued for another ~2200 

minutes.  During this time, the catalyst did not show any obvious deactivation effect and 

showed a steady conversion rate ~84%.  It appears that, at lower temperatures, the 

catalyst eventually deactivates, but that by increasing the temperature the catalyst can be 

regenerated. 

To determine the effect of excessive hydrogen i.e., H2O2 ≥ 2, on PCE conversion, 

a gas stream with H2/O2 = 4.6 (24.84 % H2 and 5.38 % O2) was supplied to the reactor.
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Figure 3.5. Catalyst deactivation and recovery. Feed: 5.7 % H2, 2.7 % O2, total flow ~1000 mL/min. retention time is 0.41 s
at room temperature, and 1 atm. Total Carbon Mass (mole/L) PCE out (mole/L), furnace temperature
(°C) honeycomb surface temperature (°C), ethane out (mole/L) PCE in (mole/L).



63 

 

The results are shown in Figure 3.6 along with H2/O2 = 2.15 for comparison.  This 

ratio was kept out in Figure 3.2 for clarity of that figure.  In excessive hydrogen 

conditions (H2/O2 = 4.6), initially there is a high PCE conversion (80% at 75°C) 

compared to H2/O2 = 2.15 (21% at 89°C).  This could be explained by excessive available 

hydrogen to reduce to PCE and competition of for the H2. At lower H2, content, both O2

and PCE compete for the H2. At excessive H2, there is enough H2 to promote high PCE 

conversion.  At lower ratios, most of the H2 may be consumed by O2. With increasing 

temperature, conversion of PCE slightly decreases in case of H2/O2 = 4.6, while H2/O2 =

2.15 increases.  The conversion of PCE is due to reduction of PCE, which creates more 

hydrocarbons that promote poisoning of the surface.  Eventually the catalyst temperature 

will reach >200°C and oxidation of poisoning species occurs.  When honeycomb 

temperature decreases above 200°C, the conversion of PCE increases.  This phenomenon 

was explained above as “self cleaning” mechanism.  In the case of H2/O2 = 2.15, 

reactions cannot produce enough hydrocarbons to show obvious poisoning effect before 

the catalyst temperature is high enough to prevent poisoning.  After the catalyst recovered 

from poisoning (H2/O2 = 4.6), the two conditions almost had identical conversion rates 

between temperatures 230°C and 450°C.  In the case of H2/O2 = 2.15 no PCE was 

detected in the effluent at 412 °C, or at 446°C in case of H2/O2 = 4.6.  Figure 3.6 clearly 

shows that adding excessive hydrogen to gas streams does not improve to the conversion 

of PCE under redox conditions at higher temperature. 
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Figure 3.6. Excessive hydrogen effect on conversion of PCE.  Total flow rate: 500 
mL/min, at room temperature and 1 atm. retention time ~1 s at ambient conditions.    
H2/O2 = 4.6,   H2/O2 = 2.15. 
 

3.3.1 Kinetic studies 

Although the literature indicates that the hydrodechlorination rate dependence on 

concentration is complex, a pseudo-first order dependence was a reasonably good 

approximation [92].  Reactor conditions were either oxidizing (oxygen, nitrogen and PCE 

but no hydrogen) or reducing (hydrogen, nitrogen and PCE, but no oxygen).  This 

permitted investigation of the kinetics via oxidation or reduction alone, without 

complications introduced by the simultaneous presence of multiple reaction pathways.  

The experimental strategy also avoided the formation of water from hydrogen and 

oxygen, which might alter the volume flow rate in a way that was difficult to anticipate.  
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In this work, reaction order with respect to PCE concentration was investigated by 

systematically varying the nominal reactor retention time while maintaining the influent 

PCE and hydrogen or oxygen concentrations constant.  The experiments were conducted 

at higher temperature in order to prevent rapid deactivation.  For a first-order dependence 

of reaction rate on the target concentration, we have 

 

)/exp(0 QkVCC PCEPCE −= (3.7) 

 

where CPCE0 is the influent concentration (ppm), 

 CPCE is the effluent concentration, a function of retention time (ppm), 

 Q is the influent flow rate to the reactor (L/s),  

 V is the reactor pore volume (L), 

 k is the apparent first-order rate constant for PCE disappearance (1/s). 

 

A plot of ln (CPCE/CPCE0) vs. V/Q, i.e. retention time, should be a straight line with 

slope = -k.  Results are summarized in Table 3.1. 

Experiments under reducing conditions were expected to deactivate the catalyst 

(see above) so that the reactor temperature was raised to 450 ºC and purged with a 

mixture of oxygen and nitrogen for 4 hours at the end of each experiment.  Such high 

temperature oxygen treatments effectively cleaned the catalyst, restoring the original 

reactivity (data not shown). 
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Table 3.1. The apparent first order rate constant for oxidization and reducing of PCE. 
 

Temperature (°C) Oxidation 
k (1/s) 

Reduction 
k (1/s) 

200  1.0416 

250  1.3693 

300  2.3859 

400 0.0789  

450 0.286  

488 0.5338  

Under both oxidizing and reducing conditions first-order reaction rate constants 

were observed at each of three temperatures (figures 3.7a and 3.7b).  Under reducing 

conditions, fractional conversion increased with temperature in the range 200-300ºC.  

Conversion also increased with retention time.  Similarly, fractional conversion increased 

with both temperature and retention time under oxidizing conditions.  However, at higher 

temperatures (from 400-488ºC), much higher retention times were necessary to achieve 

similar conversion efficiencies.  It is evident that reduction can be initiated at much lower 

temperatures than oxidation.  If the chemically reduced intermediates can be oxidized to 

carbon dioxide at lower temperatures than can PCE, then it may be possible to mineralize 

PCE at relatively low temperatures by introducing a combination of oxygen and 

hydrogen.  Of course, the risk in such a strategy lies in the possibility of excessive 

hydrogen consumption for the production of water without reduction of PCE. 
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Figure 3.7a. Kinetics of oxidation of the PCE.  ∆ 400 ºC,  ▲ 450 °C,  ● 488 ºC.  
Retention times corrected to catalyst temperature. 
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Figure 3.7b. Kinetics of reduction of PCE.  ∆ 200 ºC, ▲250 °C, ● 300 ºC.  Retention 
times corrected to catalyst temperature. 
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Linearity in the transformed data supports a kinetic relationship in which the rate 

of PCE transformation is proportional to PCE concentration.  The analysis shows what is 

already clear from the raw data.  That is, the rate constants for both the oxidative and 

reductive transformations of PCE increase rapidly with temperature in the ranges 

investigated, and that reduction ≈100 times faster than oxidation.  

It is also evident that the regression lines do not always pass through the origin, as 

would normally be expected.  There is no immediate explanation for this apparent 

discrepancy, which is pronounced only for the relatively fast PCE transformations that 

were observed at relatively high temperatures under reducing conditions.  It is probably 

no coincidence that departures from intersection with the origin were most evident in 

experiments that were conducted with relatively short retention times.  The data suggest 

that conversions at the highest flow rates utilized were somewhat higher than would be 

predicted from an entirely successful theoretical treatment of reactor conditions.  It is also 

possible, however, that retention times were slightly longer than the calculated nominal 

retention times.  Only a small displacement of the regression lines for the high-

temperature, reducing-condition data would be needed to account for the apparent 

discrepancy.  An error of this magnitude would hardly be noticed in plots corresponding 

to reactions under oxidizing conditions, in which retention periods were much longer. 

The apparent activation energy for TCE conversion was calculated using the 

Arrehnius equation as follows: 




−⋅= RT
EAk a

obs exp  (3.8) 
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where aE is apparent activation energy (J·mol-1), A is pre-exponential constant (s-1), R is 

gas constant (= 8.31 J/(mole × K)), and T is absolute temperature (K). 

The log transformation of equation 3.8 yields: 

 

TR
EAk a

obs
1lnln ⋅−= (3.9) 

 

A plot of obskln  vs T
1 gives a slope of - R

Ea (Figure 3.8a for reduction, 

3.8b for oxidation). 

From this analysis, apparent activation energies were: for reduction, 18.4 

kJ/mol and for oxidation: 93.4 kJ/mol.  The low values of apparent activation 

energy suggest that the reaction was controlled by external diffusion.  High 

conversion activity was expected due to higher activity of Pt.  The relative 

activities of the metals for breaking carbon-halogen bond vary as 

Pt>Pd>Rh>>W>Ni>Fe [35].  There are not many reported data for activation 

energies for dehalogenation either reduction or oxidation of PCE over noble metal 

catalysts in the gas phase.  However, there are some reported data for polychloro-

olefins.  Weiss and Kreiger [14], reported an activation energy of 112 kJ/mol for 

the hydrodechlorination of different dichloroethylene isomers over Pt catalysts, 

but supposing zero-order kinetics. For TCE oxidation Yu et al. [66] reported 142 

kJ/mol on PdO/γ-Al2O3 and Wang et al. [67] 84 kJ/mol.  Different values in the 

range 60-75 kJ/mol have been reported for other chlorinated compounds, such as 
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dichlorodifluoromethane or tetrachloromethane [91], assuming first-order 

kinetics.  In earlier works, it was observed that tetrachloromethane is more 

reactive than PCE [51].  Kim and Allen [30] reported the activation energy for 

PCE catalytic HDC of approximately 50 kJ/mol for NiMo/Al2O3 catalyst under 

high pressure (~100 atm). The same authors also reported activation energies for 

trans-DCE (42 kJ/mol), 1,1-DCE (63 kJ/mol), cis-DCE (41 kJ/mol) and TCE (63 

kJ/mol) in the same study.  Ordonez et al. [51] reported activation energy for PCE 

reduction as 26.7 kJ/mol for 0.5 % Pd on alumina.  In our laboratory, 4.73 kJ/mol 

was reported for TCE [85]. 
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Figure 3.8a. Linear regression of log-transformed rate constants with inversion of 
temperature for reduction of PCE.  Apparent activation energy Ea = 18.4 kJ/mol. 
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Figure 3.8b.  Linear regression of log-transformed rate constants with inversion of 
temperature for oxidation of PCE.  Apparent activation energy Ea = 93.4 kJ/mol. 

 

A series of control experiments were performed to establish the reactivity of the 

alumina honeycomb support.  The unamended alumina support, or monolithic 

honeycomb, is commercially available (manufacturer).  The one-inch-thick native 

honeycomb was cut to fit the reactor (as described above), and experiments with PCE 

were performed as described. 

The blank alumina support was tested for PCE conversion activity using a variety 

of influent gas-stream compositions (Table 3.2). 
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Table 3.2.  Control experimental conditions. 

Experiments PCE O2 H2 Retention Time (s) C/C0

1 yes 0% 0% 0.48 1 

2 yes 0% 13% 0.41 0.91 

2a yes 0% 13% 0.41 0.90 

3 yes 6.1% 0% 0.44 0.98 

4 yes 5.3% 12.4 0.40 0.90 

In each case, the total influent flow rate, at room temperature and pressure, was 1 

L/min.  Average retention times were ~ 0.4-0.55 s.  The temperature on the surface of the 

honeycomb was 450°C, the highest temperature that was routinely used in PCE 

destruction experiments involving metal catalysts. 

Results are summarized in table 3.2.  With the exception of the experiment with 

13% H2 (Experiment 2), the conversion of PCE in the reactor was significant.  Hydrogen 

(13% in N2) resulted in about 10% conversion of PCE.  The experiment was repeatable 

(Experiment 2a).  Frankel et al. [33] observed conversion of 1,1,1-trichloroethane under 

similar experimental conditions.  They used ηδ-alumina catalysts at 250 ºC with 10% 

hydrogen.  In their work, initial conversion of 1,1,1-TCA was 100% and continued for 8 

hours.  We did not observe any products of reduction (e.g., ethane, ethane, or less 

chlorinated homologues of PCE).  This suggests that the removal mechanism involved 

reduction of PCE to a product that accumulated on the alumina surface.  It is interesting 
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that no loss of PCE was observed with the simultaneous presence of hydrogen and 

oxygen.  

It is possible that influent gases were largely converted to water in the reactor, 

minimizing the reduction of PCE.  However, hydrogen was provided in stoichiometric 

excess in these experiments, so that even complete reduction of oxygen would have left a 

small amount of residual hydrogen.  In conclusion, Pt/Rh metal mixture is necessary for 

conversion of PCE under these experimental conditions. 
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CHAPTER 4 

FIELD STUDY 

 

4.1 Introduction 

A pilot scale of the monolith catalyst reactor that was used in the laboratory was 

employed in the Park-Euclid Quality Assurance Revolving Fund (WQARF) site in order 

to investigate the process under realistic environmental conditions.  The site 

characteristics are discussed below.  The catalyst had the same properties as the 

laboratory catalyst that was described previously in Chapter 3.  Details of the catalytic 

converter are given below.  The field experiments show that this process can be a good 

option to treat halogenated compounds, i.e., PCE and TCE, in contaminated gases 

generated by a soil vapor extraction unit.  The catalyst showed high activity at low 

temperatures <300°C, even with existence of O2 in the soil vapor.  The results also show 

that the presence of hydrocarbons in the soil vapor might promote dehalogenation of PCE 

and TCE. 

 

4.2 Site Background 

The Park-Euclid Quality Assurance Revolving Fund (WQARF) is located east of 

downtown Tucson Arizona (Figure 4.1).  During the early investigation (1990) of diesel 

contamination conducted by Arizona Department of Environmental Quality (ADEQ), a 

sample of groundwater was taken from a well in the Mission Uniform and Linen Service 

property.  Analysis of the sample indicated the contamination was a combination of 
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diesel fuel and dry cleaning related contaminants (such as PCE and other VOCs).  VOCs 

detected in the sample were PCE, TCE, and DCE.  Both PCE and TCE were above 

Aquifer Water Quality Standards.  The evaluation of the site history identified dry 

cleaning activities beginning in 1964, which continued through 1985 [93].  Remedial 

activities were focused on dry cleaning related contaminants present in the soil and the 

groundwater, since these contaminants presented the greatest potential risks to human 

health based on exposure pathways. 

 

Figure 4.1.  Map of the Park/Euclid site in Tucson, AZ, that shows monitoring wells.  

N
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4.2.1 Site Subsurface Sediments and Aquifer Contamination 

 Contamination is present at the site in distinct zones: (1) the upper vadose zone is 

comprised of unsaturated sediments extending from the ground surface to depth of 26 to 

27.5 m below the surface.  Dry cleaning related contaminants are present in this zone as 

vapors and are adsorbed to the sediment; (2) a perched aquifer extends from the vadose 

zone to a depth of 30 m.  The aquifer is relatively shallow and discontinuous, and it 

responds seasonally to various weather events.  It is not a source for drinking water wells.  

It is underlain by clayey sediments with low permeability, which restricts the migration 

of fluids downward.  Diesel fuel also has been trapped by this low permeability soil and 

is floating on the top of the aquifer.  Dry cleaning related contaminants are found both in 

the diesel fuel and in the water of the aquifer; (3) the regional aquifer lies approximately 

61 m below ground surface and it is the main water supply for the Tucson Basin.  The 

regional aquifer is contaminated by dry cleaning related contaminants, although 

concentrations in producing wells still do not exceed EPA standards.  Trace quantities of 

petroleum hydrocarbons were also detected in addition to chlorinated hydrocarbons.  Site 

characterization confirms that chlorinated hydrocarbons are present as vapor, free 

product, dissolved phase, and adsorbed on solid particles. 

 

4.2.2 Current Clean up System 

In past years, a soil vapor extraction (SVE) system has been used to remove 

VOCs from shallow soil (Figure 4.2).  The SVE system is connected to perforated wells 

(depth of 27.5 m), which act much like a vacuum cleaner to pull the vapors out of the 
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soil.  The vapors then collect onto a series of four granular activated carbon (GAC) 

vessels containing 2903 kg of carbon [94].  Treated vapor is vented to atmosphere.  The 

SVE system operates at a flow rate of approximately 5.66 m3/min.  With the permission 

of the owners of the facility, some of the SVE system gas flow was diverted to our 

experimental field system (Figure 4.3).  The treated SV was then returned to the GAC 

vessels, before being vented to the atmosphere.  One of the major costs associated with 

the GAC is regenerating the carbon.  Since carbon regeneration costs around $4/kg, it 

would cost around $1200 to regenerate the GAC. 

 

4.3 Catalytic Converter 

The purpose of any catalytic converter is to reduce harmful emissions from the 

exhaust of a "properly tuned" combustion engine.  It accomplishes this through a 

combination of heat and a precious metal catalyst to either oxidize or reduce harmful 

emissions in the exhaust flow.  The precious metal catalyst is bound to an extruded 

ceramic honeycomb substrate.  The ceramic monolith has hundreds of flow channels that 

allow the exhaust gasses to come in contact with a maximum amount of surface area 

where the catalyst reaction takes place.  The catalyst must come in direct contact with the 

exhaust gasses for the reaction to take place.  There are three basic types of automotive 

catalytic converters: Two-Way, Three-Way and Three-Way+Air.  Each type uses a 

slightly different method and chemistry to reduce the harmful elements in exhaust 

emissions.  Early model converters use a pelletized catalyst, but most modern converters 

are now designed with a free-flowing honeycomb ceramic catalyst.  The type of converter 
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required by a particular vehicle varies with model year, engine size and vehicle weight.  

Some vehicles use more than one type of converter to meet emission reduction standards. 

Two-Way Oxidation Converter

Two-Way converter, used on cars between 1975-1980, oxidizes unburned 

hydrocarbons and carbon monoxide along with secondary oxygen into water and carbon 

dioxide. 

Three-Way Reduction/Oxidation

A Three-Way converter is a triple purpose converter.  It reduces nitrous oxides 

into nitrogen and, like the two-way converter; it oxidizes unburned hydrocarbons and 

oxidizes carbon monoxide to water and carbon dioxide.  

Three-Way + Air Reduction/Oxidation Converter

A Three-Way + Air converter performs the same function as the Three-Way 

converter.  The difference is the addition of secondary air between the two internal 

catalyst blocks that improves the oxidation capabilities of the converter.  The secondary 

air is pumped into the middle of the converter between the two separate catalyst blocks.  

The front catalyst block performs the reduction and the back one performs the oxidation. 

 

4.4 Experimental set up 

 

4.4.1 Catalyst 

The catalyst was originally manufactured for use in an automobile catalytic 

converter (Car Sound Exhaust System, Inc., Rancho Santa Margarita, California).  The 
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catalyst was donated by the manufacturer as part of a complete automobile catalytic 

converter, which consists of catalyst blocks within a stainless steel housing.  The unit 

contains the same type of catalyst that was used in the laboratory experiments described 

in Chapter 3.  The catalyst was used without further treatment.  The stainless steel 

catalytic converter contains two separate monolith block catalysts each 50.8 mm long ×
119.4 mm major axis, 80 mm minor axis.  Pt and Rh are the active metals while 

cerium/zirconium (Ce/Zc) are added oxygen storage components.  They are supported on 

an alumina monolith structure (62 cells/cm2).  The nominal loading is 1.85×10-4 g total 

metal/mL, where the volume is the total nominal envelope of the catalyst (820 mL per 

converter).  Pt and Rh are present in a 3:1 w/w ratio.  Minimum surface area is about 

4400 m2. The minimum temperature for 50% activity for automobile application is 

415°C.  Specifications of the catalysts were supplied by the manufacturer.  The only 

modifications that were made to the catalytic converter were: (1) it was sealed with round 

stainless steel pieces to establish gas-tight conditions; (2) gas inlet and outlet ports were 

installed; (3) a port (6.35 mm 316 stainless steel) was installed in the middle of the 

catalytic converter for gas sampling and temperature measurement; (4) heating tape 

(controlled by a variable output temperature control unit, Omega Engineering)  and 

insulation were wrapped around the catalytic converter.  Figure 4.4a shows a cut-away 

picture of the catalytic converter and Figure 4.4b shows the actual catalytic converter that 

was used at the Park/Euclid field site. 
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Figure 4.2. Current SVE system that was employed Park-Euclid site.  Notice the GAC 
vessels (carbon filters).  Soil vapor hook up for field experiments was upstream of the 
GAC.  The effluent of catalytic converter was returned to SVE system just before GAC 
filters. 
 

Vacuum pump

Hydrogen

Flow meter

Mass Flow Controller

Sample point

Catalytic reactor
Thermocouple

SVE

Sample point

Return to SVE
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Figure 4.3. Park-Euclid field site experimental set up. 
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Figure 4.4a. Catalytic converter.  Notice two separate monolithic support blocks (62 
cells/cm2, 50.8 mm long × 119.4 mm major axis 80 mm minor axis).  Oxygen addition 
port in the middle. 
 

Figure 4.4 b.  The catalytic converter used at Park-Euclid site after modification for field 
experiments. 
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4.4.2 Analytical 

An HP 5890 gas chromatograph equipped with dual flame ionization detector 

(FID) was used to analyze the feed and effluent streams.  Samples were collected by 

Hamilton Gastight syringes (Reno, Nevada) and manually injected to the GC.  Helium 

was used as carrier gas.  A 0.53-µm wide bore capillary column (J&W DB-624, 30 m ×
0.53 mm ID) was used to separate hydrocarbons and chlorohydrocarbons.  Temperature 

measurements were made at mid point of the catalytic converter between the monolith 

blocks.  At this point, the temperature does not represent the catalyst surface temperature, 

but rather the temperature of the gas stream between the blocks.  Because of the relatively 

low retention time (~7 s) of the gas in the catalytic converter, it is assumed that the 

temperature differences between catalyst surface and gas phase is small.  Dupont et al. 

[95] reported a temperature difference <140°C for high temperature (>1350°C) methane 

combustion at higher flow rates than those used here (40 -100 L/min). 

Hydrogen (99.95%, Air Liquide), oxygen (99.9%, Air Liquide) and nitrogen 

(99.99%, Cryogenics & Gas Facility) were used as received.  Flows were controlled by 

Aalborg (Orangeburg, New York) mass flow controllers.  Oxygen measurements were 

made with Oxor II 19-7050 model portable oxygen sensor (Bacharach Garden Grove, 

California). 
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4.4.3 Experiments 

 In a typical experiment, the catalytic converter temperature was initially raised to 

over 100°C to dry the catalyst surface, since SVE gas often contained high moisture.  The 

moisture content of the SVE gas increases in rainy days.  After drying, the catalyst was 

returned to ambient temperature immediately prior to the start of an experiment.  Two 

different types of temperature protocols were used in the experiments: 

 

1) Self regulated temperature:  the temperature of the catalyst was allowed to fully 

rise due to the exothermic H2/O2 reaction (often less than 120°C). 

2) Externally regulated temperature:  the temperature of the catalyst was adjusted 

using the heating tape (often greater than 120°C). 

 

H2 was added to soil vapor at the targeted concentration.  Before every 

experiment, the influent gas stream was diverted to a bypass line in order to measure 

influent PCE concentration.  When a steady influent concentration was reached, the flow 

was directed to the catalytic converter and during the experiment, effluent and influent 

concentrations of the contaminants of interest (PCE, TCE) were monitored.  At the end of 

the experiment, all gas streams were turned off and external O2 was supplied to the 

catalytic converter, and the catalyst temperature was raised to 450 ºC (if necessary), and 

held there until next experiment in order to clean the catalyst surface.  This process 

proved to be effective in maintaining the catalyst performance characteristics over a 

period of more than 2 years.   
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4.4 Results and Discussion 

The catalytic decomposition of PCE and TCE was studied as a function of H2

concentration and temperature.  Percent conversion of PCE versus temperature for H2

(v/v) contents ranging from 0.0 to 21% is shown in Figure 4.5.  The PCE and TCE 

conversions, and consumed %O2 were calculated from: 

 

)1(100%
in

out

C
CConversion −×= (4.1) 

outin OOOConsumed 22 %%% −= (4.2) 

 

where              Cout effluent concentration of compound of interest (mole/L), 

 Cin influent concentration of compound of interest (mole/L), 

 O2out effluent concentration of O2 (%), 

 O2in influent concentration of O2 (%). 

 

There is no control over the oxygen content of the soil vapor, and relatively high 

H2 content is necessary for high conversion.  During these experiments, oxygen content 

had a range of values from 19.5% to 10.5%.  Since oxygen influent measurements were 

made after H2 addition, this variation could be due to H2 dilution.  A quick calculation 

showed that H2 dilutions could not explain all of the variations.  Another reason could be 

that O2 content of the soil vapor varied during operation of the SVE system.  Continuous 

operation of the SVE system changes soil vapor characteristics.  It was observed that long 
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operating period of the main SVE unit increases the oxygen content.  The opposite is true 

for the contaminant concentration.  Both trends can be explained by the mixing of soil air 

with atmospheric air.  If SVE does not operate for any reason, concentrations are affected 

by recovery of the wells. 

Even though high volumetric percentage of H2 was supplied, due to the relatively 

high O2 content, H2/O2 ratios were small.  This results in consumption of H2 by O2 and 

increasing the operating costs.  Based on estimates, if the field site is an oxygen rich site, 

the annual cost to dehalogenate TCE would be $12,500 at 320°C ([H2] = 800 ppm) [84].  

For example for H2/O2 = 2, 21% H2 was supplied and resulted in 99% PCE and 100% 

TCE removal.  Combined hydrogen requirement for consumed O2 (8.8%) and for both 

TCE and PCE (0.2%) are less than supplied total hydrogen.  Since no H2 were sampled 

for effluent and existence of no other reactions that consume H2, ~12% of H2 was wasted. 

Relevant reaction equations for PCE are given in Chapter 3, and for TCE below.  

A series of experiments was performed to investigate effect of H2 content on PCE and 

TCE conversion at fixed temperature (310°C).  Figure 4.5 shows that with increasing 

H2/O2 ratio, the conversion of PCE and TCE increases at given temperature.  With higher 

H2/O2 ratio, oxygen consumption also increases.  Since at 310°C oxidation of PCE (~0) 

(Chapter 3), and TCE (less than 10% at temperature less than 380°C) [84] are negligible, 

removal of oxygen can be attributed to largely oxidation of hydrogen (eq 4.7).  As it will 

be discussed later in this chapter, these conversions are less than conversions that were 

observed in the field.  Ethane was the sole detectable organic in the effluent different than 

influent (Figure 4.6).  The existence of HCl was observed with help of pH paper.  For the 
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work that was presented here, no HCl management was performed.  Using a caustic 

scrubber vapor or liquid, HCl in the effluent of the catalytic reactor can be neutralized 

easily before releasing to the atmosphere.  For the current field set up, treated soil vapor 

was returned to SVE system instead of releasing to the atmosphere from the catalytic 

reactor. 

The reactions that occur in the process with TCE as the main contaminant are: 

 

C2HCl3 + 4.5 H2 → C2H6 + 3HCl                                                          (4.3) 

C2HCl3 + 2O2 → 2CO2 + HCl + Cl2 (4.4)    

C2HCl3 + 6H2 + 2O2 → 2CO2 + 4H2O + 3HCl                                      (4.5) 

C2H6 + 3.5O2 → 2CO2 + 3H2O (4.6) 

2 H2 + O2 → 2H2O (4.7) 

 

A close inspection of Figure 4.5 shows that the catalyst was very active for TCE 

conversion.  For example, TCE conversions are 79% with 0% H2/O2 = 0 and 100% for 

H2/O2 = 0.27.  However, PCE conversions are 48% and 77% for the same percentage H2.

The difference in the reactivity of PCE and TCE can be explained by the inductive effect 

of chlorine atoms, the double bond being weaker in PCE (four chlorine atoms) and 

stronger in the case of TCE.  For this reason, TCE is more reactive [87]. 
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Figure 4.5.  Effect of H2/O2 ratio on PCE and TCE conversion and oxygen consumption 
in the field tests.  (∆) Oxygen consumption (%), (■) PCE (%), (◊) TCE (%).  Total soil 
vapor gas flow 5 L/min.  Measured temperature = ~310°C.  Where arrow indicates, 
influent concentrations of PCE and TCE were increased almost 10 times. 
 

Change in the influent concentrations decreases the conversions.  For the higher 

influent concentrations, high H2/O2 ratios are required to accomplish high conversions.  

For example, for 80% PCE conversion H2/O2 = 1.40 was required for high influent 

concentration (2.28 × 10-5 mole/L).  On the other hand H2/O2 = 0.27 was required to 

achieve similar conversion (77%) for lower influent concentration (6.86 × 10-6 mole/L).  
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O2 content of the influent decreased (from 19.5% to 10.5%) while PCE and TCE 

concentrations increased.  Even with high oxygen consumption, much of the H2 was not 

accounted for.  At higher H2/O2 ratios, more oxygen consumption was observed.  This 

suggests that much of the supplied H2 might be used by reaction 4.7. 

In one series of experiments, the mid point of the catalytic converter was sampled 

for PCE, TCE and ethane (as well as influent and effluent) in order to understand the 

relative activity of the two blocks of monolith inside the catalytic converter.  The 

temperature of the catalytic converter was fixed at 142°C.  No hydrocarbons was detected 

with the current analytical set up in soil vapor, therefore total carbon in soil vapor was 

calculated by adding PCE + TCE concentrations, and adding TCE + PCE + ethane 

concentrations for effluent and mid point.  As can be seen from Figure 4.6, there is no 

significant PCE concentration difference between effluent and the mid point.  This 

suggests that second catalyst block is not active for PCE conversion, despite O2 and H2

presence in the effluent.  This is not surprising since in a study Dupont et al. [95] 

suggested that the combustion of methane on catalytic honeycomb monolith happens on 

the first 15 mm of the 50.8 mm long catalyst at steady state. However, there is a slight 

difference between the effluent and the mid point for ethane concentration.  This 

difference was in the range of experimental error ± 5%.  The temperature was low (T = 

142°C), so some ethane might have been adsorbed on the second catalyst surface thereby 

explaining the loss rather than oxidization.  

There is no significant difference between effluent and the mid point total carbon 

concentrations.  However, there is a difference between influent total carbon and effluent 
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total carbon concentrations.  Since temperature is low for any oxidation of organic 

(therefore no possibility of CO2) this difference shows that adsorption may occur on the 

catalyst surface.  The second block of the catalyst, which is in upstream of the effluent, 

does not adsorb PCE.  This was validated by a control experiment done with blank 

honeycomb for which no concentration differences between influent and mid point of the 

catalytic converter were found.  The adsorbed amount of ethane in the second block was 

not enough to account for all the carbon.  Thus, some ethane or intermediates adsorption 

may occur in the first block.  This will eventually result in deactivation of the catalyst.  It 

was observed that black deposits appeared on the catalyst blocks of a different catalytic 

converter that was used in the field briefly. 

Note that average PCE and PCE conversion in this experiment were 28% and 

100% respectively for effluent sample and H2/O2 = 0.16.  The PCE conversion is less 

than the one reported in Figure 4.5.  This is not surprising considering that in Chapter 3 it 

was established that PCE conversion increases with increasing temperature.  At both 

temperatures, complete TCE conversion was achieved. 

The effect of the retention time was investigated by increasing the flow rate to 10 

L/min and keeping the temperature the same for various H2/O2 ratios.  Results are shown 

in Figure 4.7.  As expected, increasing the flow rate decreases the PCE conversion.     
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Figure 4.6.  Conversion of PCE and ethane production at 142°C.  SVE + H2 flow = 5,377 
mL/min.  H2 = 2.75 %.  Oxygen is 17.7%, 17.3%, and 17.3 % in influent, middle and 
effluent respectively Measurements were made at three points:  (i) Influent for PCE and 
TCE, (ii) effluent and (iii) mid point of the catalytic converter for PCE and ethane.  
Influent TCE was not shown here, since no detectable TCE was measured at effluent and 
TCE concentration was much less than PCE concentration.  Total carbon was calculated 
by adding PCE and TCE concentrations for influent, ethane, and PCE concentration for 
both effluent and mid point.  TCE concentration contribution to influent total carbon was 
negligible.  Legend: (♦) ethane out (mid), (■) PCE out (mid), (▲) total carbon out (mid), 
(∆) ethane out (effluent), (*) PCE out (effluent), (□) total carbon out (effluent), (◊) total 
carbon (in).  All concentrations are in mole/L. 
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Figure 4.7.  Effect of different retention time on conversion of PCE.  (□) PCE 10 L/min, 
(■) PCE 5 L/min, (○) oxygen consumed 10 L/min, (●) Oxygen consumed 5 L/min.  
Experimental procedure and temperature were the same as Figure 4.5. 
 

In order to observe the performance of the catalytic converter under oxidizing 

conditions, the following experiment was performed.  With no H2 added to soil vapor, the 

initial temperature of the catalytic converter was raised to 320°C and kept there for 90 

minutes (I).  During this time, temperature fluctuated between 314 and 330ºC due to soil 

vapor and ambient temperature fluctuations.  Then the temperature was raised to 400°C 

for 2 hours (II), after which the temperature was dropped to first 270°C (IV) and then 
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225°C (VI).  Regions III and V are the cooling periods from higher temperature to lower 

temperature.  During this process, effluent and influent gas were sampled for TCE and 

PCE.  The results are shown in Figure 4.8. 

The initially high PCE conversion (50%) started to decrease during period I (T = 

320°C).  However, when the temperature was increased to 400°C, conversion of PCE 

started to increase again, and reached a maximum value of 88% at 396°C.  When the 

temperature was decreased to 275°C, conversion of PCE decreased to 43 %, and finally 

to 16 % at 220°C.  The same conversion pattern was observed for TCE.   

It appears that oxidation of PCE and TCE can occur on the catalyst under our 

experimental conditions.  An interesting point is the degree of oxidation.  We examined 

the same catalyst for oxidation of PCE in the laboratory (Chapter 3).  A comparison of 

results indicates that oxidation is more efficient under field conditions.  This implies that 

a reductant might be present in the soil vapor.  As mentioned above, diesel fuel has been 

trapped by the perched aquifer.  Even though the GC was not set up to detect diesel 

fumes in the soil vapor, existence of these compounds cannot be overseen.  These 

compounds can deliver reducing equivalents to the catalytic converter that potentially can 

be used to reduce PCE and TCE.  A range of reductants (methane, propane, and diesel 

fumes) are discussed in Chapter 5.  
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Figure 4.8. PCE and TCE conversion in the field with no hydrogen.  (∆) TCE out 
(mole/L), (+) TCE in (mole/L), (□) PCE in (mole/L) (■) PCE out (mole/L), (○)
Temperature (°C).  Flow rate = 5 L/min. 
 

Candillo [84] reported no oxidation of TCE  for the range of 20°C to 250°C and 

small amount of TCE oxidation (> 10% TCE removal) from 250°C to 380°C in a packed-

bed reactor.  Aranzabal et al. [71] studied TCE oxidation on a 0.42% Pd/Al2O3 catalyst 

and found that conversion was less than 10%. Gonzales-Velasco et al. [63] reported no 

conversion of TCE for Pt/Al2O3 and Al2O3 at temperature less than 350°C.  In the studies 

mentioned above, precious metals were supported on pellets of alumina.  However, it was 

reported that precious metals deposited on washcoated cordierite monolith at 320°C 

resulted in high conversion of TCE (~80%) [81].  This is consistent with the data 

presented at Figure 4.7 for high TCE conversion (<85%) at 320°C.  On the other hand, 
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Yu et al. [66] reported TCE oxidation at 300°C from 4.5% to 10% under three different 

conditions (TCE, TCE + 0.5%CH4, TCE + 1.5%water) with 4% PdO supported on 

cordierite monolith. Wang et al. [67] reported 18% TCE conversion on 1.5% Pt 

supported on cordierite monolith.  Addition of 0.6% CH4 and 1.5% water did not improve 

conversion.  As far as PCE is concerned, field experiments had higher conversion at 

tested temperature than laboratory experiments.  This may suggest that trace amount of 

hydrocarbons in soil vapor may act as reducing agents for PCE conversion. 

 

4.5 Concluding Remarks 

Chlorinated hydrocarbon contaminated SVE gas was treated in a redox 

environment with a commercial car catalytic converter at Park-Euclid site.  Different H2

content was supplied in order to create redox environment.  The catalytic converter was 

highly active for conversion of PCE and TCE at relatively lower temperature than 

catalytic oxidation treatment.  The catalytic converter showed different characteristics 

than the one tested in laboratory, including higher oxidation conversion for PCE at a 

given temperature.  For example for H2/O2 = 0, 48% PCE conversion was observed with 

the field catalytic converter and 0% for the catalyst that was tested in laboratory.  A 

comparison is shown in Figure 4.9. 
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Figure 4.9.  Comparison of field and laboratory PCE conversions.  (□) Field, residence 
time ~ 7 s (■) laboratory residence time ~1 s.  Laboratory conversion values are taken 
from Figure 3.2 at T  ~ 320°C.  Field values are same as in Figure 4.5. 

 

The catalytic converter has higher PCE conversion than laboratory catalyst even 

though both catalysts have same metal loading.  One possible explanation is higher 

retention time in the catalytic converter (~7 s) than laboratory reactor (~1 s) at ambient 

temperature.  According to the analysis in Chapter 3, conversion increases with 

increasing retention time.  Another explanation is the trace amount of hydrocarbons that 

are present in the soil vapor.  

Catalytic oxidation requires a typical temperature range of 320°C to 540°C for 

VOCs.  In catalytic oxidation the contaminated air is directly preheated (electrically or, 

more frequently, using natural gas or propane) to reach a temperature necessary to initiate 
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the catalytic oxidation of the VOCs.  Then the preheated VOC-laden air is passed through 

a bed of solid catalysts where the VOCs are rapidly oxidized.  For the catalytic converter 

that was investigated here, preheating was not necessary. 
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CHAPTER 5 

UTILITY OF LABORATORY-PREPARED PD, PT, RH CATALYSTS AND SOME 

POTENTIAL HYDROCARBON REPLACEMENTS FOR HYDROGEN 

 

5.1 Introduction 

 A commercial catalyst was shown to have high activity for conversion of PCE in 

a redox environment in Chapters 3 and 4.  In the first part of this chapter, differences 

between a commercially available catalyst and a laboratory made catalyst are 

investigated.  A mixed metal catalyst was prepared as described below and deposited on a 

monolith structure.  The commercial catalyst has Pt, Rh while the laboratory catalyst has 

Pt, Pd, and Rh.  H2 was supplied as sole reducing agent, with O2 being the sole oxidizing 

agent.  Different H2/O2 ratios were investigated. 

In the second part of this chapter, we report preliminary results of the use of 

various hydrocarbon gases as replacements for hydrogen.  The possibility of an 

alternative reducing agent was raised in Chapter 4 due to high PCE and TCE conversion 

at low temperatures in the field study (320°C).  The high conversions were attributed to 

the existence of trace amounts of hydrocarbons in the soil vapor.  Since diesel 

contamination exists at the site, diesel fumes were investigated as alternative reducing 

agents.  Due to the possibility of microbiological activity in the soil, methane gas was 

thought to exist in soil vapor.  Therefore, methane was investigated.  In addition to these 

two sources, propane was investigated due to cost and accessibility. 
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5.2 Alternative Catalyst 

 
5.2.1 Catalyst Preparation 

The alternative catalyst was prepared by mixing Pt (Na2PtCl6.H2O), Pd 

(Na2PdCl4.3H2O), and Rh (RhCl3.2H2O) salts and dipping a blank honeycomb (Applied 

Ceramic, Inc, Doraville, Georgia) for one hour into the salts solution.  Pt, Pd, and Rh salts 

were purchased from Alfa Aesar.  The metal added was 3 g total metal/L of honeycomb 

volume, and the Pt:Pd:Rh ratio was 1:8:1.  The honeycomb was 25.4 mm diameter and 

25.4 mm in height, thus one honeycomb has 12.87 mL bulk volume.  The void volume of 

the honeycomb (9 mL) was found by weighing the difference of dry and water saturated 

honeycomb.  One honeycomb can hold 9 mL salt solution, which was determined 

weighing the honeycomb before and after impregnation.  According to this volume and 

chosen ratio, the total metal loading in one honeycomb is 38.61 mg, of which 3.68 mg is 

Pt and Rh and 30.88 mg.  Metal concentrations in the honeycomb correspond are: Pt: 0.3 

g/L of honeycomb, Pd: 2.4 g/L of honeycomb, Rh: 0.3 g/L of honeycomb.  The 

commercial catalyst has total metal loading of 1.27 mg, Pt:Rh 3:1.  After the 

impregnation period, the honeycomb was dried at 105°C for 24 hours.  Then it was 

oxidized at 400°C in air for 4 hours and reduced at 450°C in hydrogen for 8 hours.  Table 

5.1 shows how to prepare 1 L of impregnation solution.  Figure 5.1 shows the blank and 

impregnated honeycombs.  The experimental setup was as the same as presented in 

Chapter 3.  The influent concentrations were less than Chapter 3 (~2500 ppm). 
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Figure 5.1 - 25.4 mm × 25.4 mm Cylindrical Honeycomb.  a) Top view of the blank 
(bottom) and precious metal deposited (top) honeycomb.  Notice the flow channels.  b) 
Side view of the blank (bottom) and precious metal deposited (top) honeycomb. 

a b
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Table 5.1.  Preparation of 1 L of impregnation solution. 
 

Pt salt 
Na2PtCl6·H2O

Pd Salt 

Na2PdCl4·3H2O

Rh Salt 

RhCl3·2H2O

Amount of salt (g) 1.24 11.24 1.024 

Amount of precious metal in solution (g) 0.43 3.432 0.43 

Metal concentration in the solution (g/L) 0.43 3.43  0.43 

Amount of metal per honeycomb (mg) 3.68 30.88 3.68 

5.2.2 Results and Discussion  

The catalytic decomposition of PCE was studied as a function of H2/O2 ratio and 

honeycomb surface temperature (from ambient to 450ºC).  Percent conversion of PCE 

versus temperature for molar H2/O2 ratios ranging from 0.36 to 5.17 is shown in Figure 

5.2a.  The PCE conversion was calculated from: 

 

)1(100%
in

out

PCE

PCE

C
CConversionPCE −×= (5.1) 

 

Whether H2/O2 > 2 (stoichiometric ratio) or H2/O2 <2, increasing H2/O2 ratio 

increases the overall conversion of PCE at any given temperature.  For example, when 

H2/O2 =2.27, PCE conversion increases with increasing temperature, and eventually 

reaches 95% at 400ºC.  This value is in agreement with the automobile catalyst that was 
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discussed in Chapter 3.  The automobile catalyst for H2/O2 =2.15 yielded 90% conversion 

at 400ºC.  On the other hand, when H2/O2 = 0.36, PCE conversion was only 38% at 

400°C.  A close examination of Figure 5.2a shows that, at H2/O2 ≥ 2, high conversion of 

PCE occurs at lower temperature.  For example, 43 % PCE conversion is observed for 

H2/O2 =5.17 at 64°C.  For this ratio, PCE conversion gets higher even with a small 

temperature increase (61% conversion at 78.5°C).  For H2/O2 ≥ 2 conditions, PCE 

conversion is higher (>80%) at a relatively low temperature (~150°C) compared to those 

obtained with the automobile catalyst (Chapter 3).  The catalyst does not show any 

obvious deactivation. 

Figure 5.2b shows a different characteristic.  At T<150°C, PCE conversion 

increases with increasing temperature.  For example, when H2/O2 = 1.55, 25% PCE 

conversion at 45°C, and 77% at 137°C was observed.  The catalyst does not show any 

obvious deactivation during these experiments, which often took place in less than an 

hour to reach 137°C.  When we examine each curve individually, lower PCE conversions 

indicate that that catalyst appeared to deactivate due to coking or poisoning.  Competition 

for H2 could be another possible explanation for the PCE conversion decrease.  There 

might not be enough H2 for PCE reduction and H2 oxidation.  Hydrogen oxidation is 

dominant during this period.  For example, when H2/O2 = 0.36, conversion of PCE 

reaches its highest value of 57 % at 130°C.  From this point on, PCE conversion 

decreases as the temperature increases.  The PCE conversion drops to <25% at ~270°C.  

Then PCE conversion increases with increasing temperature, and reaches to 37% at 

400°C.  This conversion is lower than PCE conversion at the beginning of the 
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experiment.  Since the catalyst temperature was lower than 400°C, all of the coke formed 

on the surface may not have been oxidized to recover the initial reactivity. 
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Figure 5.2a. PCE conversion at different temperatures with H2/O2>2.  Retention time:  
~1 s.  H2/O2 ratios:    5.17,  3.20,   2.75,   2.27, 
 

The catalyst temperature increases above the control point due to the 

exothermicity of the reactions (Figure 5.3).  This was also observed with the automobile 

catalyst used in Chapter 3.  For the case of H2/O2 = 5.17, one can expect a sudden 

temperature increase of temperature on the catalyst surface based on experience with 

automobile catalyst.  This was not the case here.  This suggests that complete oxidation 
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of hydrogen does not occur under these conditions.  Even though this suggests water 

condensation or deactivation of the catalyst surface, PCE conversion is still high. 

When the catalyst temperature exceeds 100°C, the difference between catalyst 

temperature and furnace temperature increases.   
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Figure 5.2b. PCE conversion at different temperature with H2/O2<2.  Retention time:  
~1 s. H2/O2 ratios:  1.55,  0.95,  And 0.36. 
 

We can conclude that PCE conversion can be regulated by changing the H2/O2

ratio, as was the case with the commercial catalyst.  

Figure 5.4 shows the result of a typical experiment of PCE conversion as a 

function of temperature.  In this experiment, the temperature set point was varied using a 
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specific protocol, and the exit PCE, CO2 and ethane concentrations were monitored as a 

function of time.  In order to perform a carbon mole balance, total carbon at the outlet 

was calculated from 

 

Total carbon concentration= ( ) 22 COCC ethaneoutPCout ++× (5.2) 
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Figure 5.3.  Effect of H2/O2 ratios on honeycomb temperature:   5.1,   3.20,  2.75,  
2.27,  1.55,  0.95,  0.36.  Straight line has unit slope. 
 

Since the influent PCE concentration was 7.53×10−5 mole/L, a steady state 

operation with no loss of carbonaceous species on the catalyst, and with the ethane and 
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CO2 as the only carbon-containing reaction products would yield a total carbon 

concentration of 1.52×10-4 mole/L. 
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Figure 5.4.  PCE conversion and carbon mass balance as function of temperature.  H2/O2 
= 2.27.  Retention time = 1 s at room temperature.   Ethane,  PCE,  CO2, Total 
carbon,  honeycomb temperature °C, Furnace temperature °C. 

 

In phase I of the experiment (Figure 5.4), the temperature was kept constant at its 

ambient value (25°C).  In this phase, no reaction is occurring.  In phase II, the 

temperature was gradually increased from 25°C to 90°C.  As the temperature increased, 

PCE concentration in the effluent decreased uniformly and ethane started to elute from 

the reactor.  This clearly indicates that the reduction of PCE starts occurring at 
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appreciable extent at a temperature of about 45°C, which is the point at which ethane 

starts to be detected.  However, the total carbon in the effluent does not match the 

expected value, which indicates that carbon-containing species are accumulating inside 

the reactor, and the amount retained increases with time.  Since the amount of ethane 

produced also increases with time, due to the progress of the reaction because of the 

temperature rise, we speculate that some of the ethane produced or perhaps a reaction 

intermediate or by-product, remain adsorbed on the catalyst surface as they are being 

produced. 

 In period III, the temperature of the furnace was kept constant at 90°C.  Two 

important things happen in the first few minutes of this period:  the catalyst temperature 

and PCE conversion experience a sudden increase, and the concentration of the ethane 

produced also increases.  The large difference between the catalyst and furnace 

temperature can be rationalized in terms of the thermal energy liberated by exothermic 

reactions.  Since the concentration of PCE is relatively low, we believe that its conversion 

would not explain this observation.  Rather, we think that at 90°C the combination of 

hydrogen and oxygen on the catalyst surface to produce water is responsible for the 

release of thermal energy in the system.  This leads to a temporary runaway process:  the 

thermal energy liberated by water production reaction cannot be transferred to the 

surroundings at a fast enough rate, which results in the heating of the catalyst and this, in 

turn, accelerates the reaction producing even more release of thermal energy.  This 

runaway process stops when the catalyst temperature reaches about 240°C.  At this point, 

thermal energy dissipation from the reactor matches the thermal energy liberated, and the 
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catalyst temperature remains constant for a few minutes and then it starts decreasing.  

This decrease might be due to a slight decrease in catalyst activity with regards to the 

water production reaction.  Another possible explanation for this could be due to hot 

spots inside the honeycomb [95, 96].  Hot spots occur when reaction takes place at a 

specific part or in a specific channel of the honeycomb.  However, it is interesting to note 

that PCE conversion does not change significantly during this period after the initial 

decreases.  In addition, total carbon in the effluent remains constant, but it is still below 

what would be expected, indicating that there still is accumulation of carbon species on 

the catalyst surface. 

 During phase IV, the furnace temperature was gradually increased from 90°C to 

175°C.  PCE conversion increases further, but the most important observation is the 

appearance of CO2 in the effluent, which occurs when the catalyst temperature reaches 

240°C.  This is the onset of the oxidation of ethane.  Candillo [84] performed 

experiments in which ethane was fed to a packed-bed reactor using 0.5% w/w Pt on 3.2 

mm diameter γ-alumina spheres at similar conditions. No ethane oxidation was observed 

until the temperature reached 350°C.  It is interesting to point out that the amount of 

ethane in the effluent does not change much during phase IV.  This means that the CO2

produced in Phase IV (Figure 5.4) probably comes from accumulated carbon-containing 

species that were adsorbed on the catalyst at lower temperature.  However, this 

hypothesis would require further experimental work to be verified.  In addition, a steady 

state carbon balance starts to be satisfied during phase IV. 
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During phase V, the temperature of the furnace was kept constant at 170°C.  

There is no performance difference between this phase and the end of phase IV.  During 

phase VI, the temperature of the furnace was gradually increased to 315°C.  It should be 

noted that during this period, the catalyst temperature exceeds the temperature required 

for oxidation of PCE and ethane.  It can be seen that during this phase, effluent ethane 

concentration decreases while temperature increases.  On the other hand, CO2

concentration increases.  It is possible that oxidation and reduction of PCE and oxidation 

of ethane occur on catalyst surface simultaneously.  Total mass of the carbon in the 

effluent is close to satisfying a carbon balance. 

Finally, in phase VII, the temperature of the furnace was kept constant for 70 

minutes at 315°C.  During this period, ethane concentration in the effluent was further 

decreased.  No significant change was observed for CO2 concentration and PCE 

conversion during this phase.  For the duration of the phase VII catalyst did not show any 

obvious deactivation. 

In order to see relation between ethane concentration and amount of converted 

PCE, the ratio of effluent ethane to PCE converted Cethane / (CPCEin-CPCEout) was plotted 

with % PCE conversion versus catalyst temperature (Figure 5.5).  According to the PCE 

reduction reaction (Chapter 3), a ratio of one would be expected for simple reduction.  

However, the results in Figure 5.5 show that the ratio is always appreciably below one.  

Since oxidation does not occur at temperatures below 175ºC as evidenced by the lack of 

CO2 in the effluent (Figure 5.4), we conclude that carbon-containing species accumulate 

on the surface of the catalyst.  It is not clear what species adsorb on the catalyst, but it is 
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possible that an intermediate product is at least part of the missing carbon.  It is 

interesting to note, however, that the ratio of ethane produced to PCE consumed increases 

as the temperature increases.  This could be the result of an increased conversion of PCE.  

At temperatures higher than 200ºC, the ratio of ethane produced to PCE converted starts 

to decrease.  This is a direct result of increase ethane oxidation on the catalyst due to 

favorable temperatures. 

 

5.2.3 Comparison of Automobile Catalyst and Laboratory Catalyst 

 Results obtained from two different catalysts are shown in Figure 5.6.  For clarity, 

not all of the H2/O2 ratios are shown.  There is no apparent conversion difference between 

the two catalysts at high temperatures.  However, at low temperatures, the laboratory-

made catalyst out-performs the commercial catalyst.  As mentioned above, both catalysts 

have different metal loadings and active species.  The laboratory catalyst contains Pt, Pd, 

and Rh, while the commercial one contains Pt and Rh.  Another important difference 

between the two catalysts is that the commercial catalyst has a washcoat (10% of the 

honeycomb containing alumina, cerium, zirconium, and other trace constituents) for 

oxygen storage. 
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Figure 5.5. Change of ratio of ethane detected in the effluent to PCE converted and PCE 
conversion by temperature.  (●) % conversion PCE, (□) ratio of ethane in effluent to 
PCE converted. 
 

Different metal loadings could explain the performance difference between the 

two catalysts at lower temperature.  In addition, it should be noted that high Pd content of 

the laboratory catalyst could result in higher degree of hydrogen adsorption [97].  The 

fact that bulk Pd can absorb huge amounts of hydrogen [98, 99].  One of the steps of the 

mechanism is the reaction of the adsorbed species on the catalyst surface, more available 

hydrogen on the surface promotes PCE conversion.  Another possibility for the difference 

could be due to the washcoat.  We did not investigate effect of the washcoat on PCE 

conversion.  However, it can be speculated that Ce/Zr mixture can adsorb oxygen 
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strongly at lower temperature and leave less surface area for PCE adsorption.  With 

increasing temperature, the Ce/Zr mixture desorbs oxygen and more surface area could 

be available for PCE adsorption.  This hypothesis requires further investigation.  
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Figure 5.6. Comparison of two catalysts.  H2/O2: (■) 2.27, (●) 0.95, (□) 2.15, (○) 0.9.  
Filled points correspond to laboratory-made catalyst, open points correspond to 
commercial catalyst.   
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5.3 Potential Hydrogen Replacements 

Series of experiments were done in which hydrogen was replaced by potential less 

expensive alternative reductants.  Because of the existence of diesel fumes, and the 

possibility of existence of methane in SVE gases (although there is no direct evidence of 

this) in the field study, methane and diesel fumes were chosen as alternative hydrogen 

sources.  Furthermore, methane is a common component of landfill gases where the 

catalytic reactor could be employed for remediation purposes.  In addition to these two 

sources, propane was investigated due to its low cost and ready availability.  As discussed 

in Chapter 4, high conversion occurred when no hydrogen was supplied to the field 

reactor at lower temperature than under laboratory conditions.  This difference raised the 

question of hydrogen replacements. 

Bond and Sadeghi [64] investigated the possibility of supplying the additional 

necessary hydrogen requirement to convert all chlorine to HCl for catalyzed destruction 

of chlorinated hydrocarbons on Pt/γ-Al2O3 in the form of a hydrocarbon fuel (propane).  

The expected reaction was 

 

2CCl4 + C3H8 + 5O2 → 5CO2 + 8HCl                                                   (5.3) 

 

They reported increasing dehalogenation rate with increased temperature and 

catalyst loading.  For example, conversion of PCE was 96.1% at 445°C for 1.5% 

Pt/Al2O3, while 94.2% for 0.8% at the same temperature.  Their observations and our 

experiments indicate that propane may be reducing PCE. 
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Experimental set ups were the same as previously described (Chapter 3) with a 

few exceptions, which are addressed in each case below.  The automobile catalyst was 

used in all cases, unless otherwise stated. 

 

5.3.1 Propane 

The experimental setup was the same as in previous experiments, except that 

propane (1.12% v/v) was used instead of hydrogen.  First we investigated propane 

oxidation.  In this experiment, no PCE was fed to the reactor and the inlet gas contained 

6.2% oxygen.  The results are shown in Figure 5.7.  The furnace temperature was 

increased from 170°C to 430°C at a constant rate of 5 ºC/min. Significant propane 

conversion starts to occur when the honeycomb temperature approaches 300°C and 

rapidly increased with increasing temperature.  Continuing the experiment at steady 

temperature of 510°C showed no obvious deactivation of catalyst for another 100 

minutes. 

 

For the second experiment, propane was used as sole reductant and in an oxygen 

free inlet gas stream.  The results are presented in Figure 5.8.  Conversion of PCE did not 

occur until the temperature reached about 330°C.  These results provide direct evidence 

that propane can act as a reductant of PCE.  However, the conversion of PCE decreases at 

high temperatures, which indicates catalyst deactivation.  This confirms the observation 

presented in Chapter 3 to the effect that purely reducing conditions lead to deactivation 

due to catalyst poisoning.   
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Figure 5.7. Propane conversion as a function of temperature:  (○) furnace temperature, 
(■) propane conversion.  Retention time: 1 s. Total flow rate 1 L/min (at ambient 
conditions).  Straight line slope = 1.  Composition of inlet gas: 1.12 % propane, 6.22% 
oxygen. 
 

For the third experiment, combined oxygen (6.2%) and propane (1.12%) were 

used in the inlet gas stream.  Here, our aim is to investigate if the use of oxygen prevents 

deactivation and promotes conversion of PCE (Chapter 3).  As expected, using propane 

and oxygen together increased PCE conversion over either using propane only (Figure 

5.8) or oxygen only (Figure 3.2).  Conversion of PCE starts when the temperature reaches 

355°C and increases rapidly with increasing temperature.  During this high PCE 

conversion period, it is suspected that oxidation of propane occurs on the catalyst and this 
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produces hydrogen.  Then this hydrogen reacts with the adsorbed PCE on the catalyst 

surface.  The produced carbon-containing compounds, because of high conversion of 

PCE, accumulate on the surface and are eventually oxidized by oxygen.  Conversion of 

PCE reached 83% at 450°C.  After this temperature, effluent PCE concentration drops 

below detection limit. 

Since earlier control experiments suggested that PCE adsorption did not occur on 

catalyst support (Table 2.2), high conversion of the PCE must be due to existence of a 

redox environment that is a result of propane and oxygen in the gas stream.  Further 

continuing the experiment for another 100 minutes did not show any obvious effect on 

conversion of PCE, i.e., no deactivation.  The self-cleaning mechanism under redox 

conditions is also effective under these conditions.  That is, accumulated carbon-

containing compounds on the catalyst surface due to conversion of PCE are oxidized by 

oxygen during the process.  This mechanism prevents catalyst deactivation.  The propane 

only and propane/oxygen curves (Figure 5.8) look identical until the temperature reached 

of 450°C.  While conversion of PCE with propane shows catalyst deactivation, 

conversion of PCE under propane/oxygen shows no effect of deactivation.  This clearly 

suggests that oxygen can prevent deactivation. 
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Figure 5.8. Using propane as hydrogen replacement for PCE conversion by temperature.  
(○) PCE conversion with propane/oxygen (●) with propane, (▲) propane conversion 
during PCE conversion in redox environment, (♦) furnace temperature in redox, (◊)
furnace temperature with propane.  Retention time: 1 s.  Total flow 1 L/min.  Straight line 
slope = 1.  Composition of inlet gas: 1.12 % propane, 6.22% oxygen. 
 

5.3.2.   Methane 

Because CH4 is a very stable molecule, it has to be processed under very severe 

conditions.  Although its conversion to synthesis gas can be accomplished at 

temperatures even below 370°C, high yields to syngas need substantially higher 

temperatures, typically 600°C.  The reaction products: H2, CO, CO2, and H2O are for all 

practical purposes stable at reaction conditions.  There are two main reactions that are 

important in the conversion of natural gas to syngas: (i) steam reforming, and (ii) partial 
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oxidation.  The steam reforming is a highly endothermic reaction of methane and steam 

whereas the partial oxidation is slightly exothermic [100]: 

 

CH4 + H2O → CO + 3H2 (∆Hr = 206kJ/mol)                                     (5.4) 

 CH4 + 1/2O2 → CO + 2H2 (∆Hr= -36kJ/mol)                                 (5.5) 

 

Methane was investigated by performing four preliminary experiments at a single 

temperature (425°C) and residence time (~1 s).  The experiments had inlet gas streams 

consisting of: (1) only methane, (2) methane and oxygen, (3) methane and water vapor, 

(4) methane, oxygen and water vapor.  The experiment setup was the same as the one 

used in experiments with propane.  Water vapor was introduced to the gas stream (when 

applicable) by bubbling the inlet gas stream through water in a gas-tight container at 

room temperature.  One of the points of introducing water vapor was to see if it might be 

enhancing conversion through the water gas shift reaction (WGS): 

 

CO + H2O↔ CO2 + H2 (5.6)   

 

The necessary CO would be produced presumably by reactions (5.4) or (5.5).  The 

temperature range investigated in this study was not favorable for CO production by 

reaction (5.4).  Some authors, nevertheless, have shown that in a water-rich medium, 

water can take over from oxygen and thus maintain the conversion of hydrocarbons and 

of carbon monoxide at high values by reactions (5.4) and (5.7) (references cited in [101]): 
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HC + H2O→ CO2 + H2 (5.7)  

 

Cerium oxide plays an important role in WGS since it is a valuable metal 

promoter for this reaction.  Since the catalytic converter employed in the field contains a 

cerium-based washcoat, the possible effect of WGS reaction on chlorinated hydrocarbon 

dehalogenation requires further investigation.  The catalyst used in this study for 

conversion of PCE did not contain cerium.  A detailed review of different catalyst and 

support materials is given by Barbier and Duprez [101]. 

In our experiments, methane and oxygen contents of inlet gas were 0.55 and 

5.64%, respectively.  The results are summarized in Figure 5.9.  

 The largest PCE conversion occurs in the case for which methane, oxygen and 

PCE are fed to the reactor (22.2 %).  Neither methane nor water with PCE showed any 

significant activity for PCE conversion.  In the case of PCE, methane, oxygen and water 

in the gas stream, PCE conversion was somewhat lower than without water.  This is 

surprising, since previous experiments showed that water (produced by oxidation of 

hydrogen) did not decrease catalyst activity (Chapter 3).  However, in those experiments, 

water was not a direct reactant; it was a product of hydrogen oxidation reaction.  In the 

previous experiments, it was speculated that water enhanced the PCE conversion by 

cleaning the catalyst surface by reacting Cl- and forming HCl, and preventing 

deactivation due to accumulation of chlorine on the surface.  Here, water did not enhance 

the PCE conversion at all.  Wang et al. [67] showed that 0.6 % methane can accelerate 
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TCE oxidation, while 1.5 % water slightly inhibits this reaction over 1.5% Pt / γ-Al2O3 on 

a cordierite monolith at temperature ranging 150°C to 470°C.  Gonzales-Velasco et al. 

[70] reported that TCE oxidation was enhanced over Pt/Al2O3 by water, at temperature 

lower than 400°C, and inhibit the activity over 400°C. 
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Figure 5.9. PCE conversion with different inlet gas compositions.  CH4 = 0.55 %, O2 =
5.64 % Catalyst temperature = ~425°C.  Retention time = ~1 s. 
 

Different experiments were done to assess the reproducibility and temperature 

dependence of PCE conversion with methane and methane plus oxygen (Figure 5.10).  

PCE conversion is insignificant until the temperature reaches 400°C.  At T = 420°C, PCE 

conversion, 30%, is similar to the previous experiment (Figure 5.9).  The PCE conversion 
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was less than 10% with only methane present even at the high temperatures (9% at 

434°C).    
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Figure 5.10. PCE conversion with methane and methane plus oxygen.  Methane 
oxidation also shown.   % PCE conversion with methane,  % PCE conversion with 
methane plus oxygen  % methane oxidation.  Inlet composition: 0.55% methane, 5.64 
% oxygen, And retention time: ~1 s. 
 

Figure 5.10 also shows methane oxidation at different temperatures.  Oxidation of 

methane starts at very close temperature to PCE conversion temperature with methane 

and oxygen, T>400°C, and increased at increasing temperature.  Even though higher PCE 

conversion occurs at lower temperature (10% at 365°C) than methane oxidation (8% 

413°C), this temperature difference could be due to hot spots on the honeycomb.  Results 

indicate that products from methane oxidation might be responsible for PCE conversion.  
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At this temperature oxidation of PCE is expected on the catalyst.  However, previous 

oxidation experiments with automobile catalyst produced 16% conversion of PCE at 

447°C; here conversion of PCE is 57 % at 440°C with laboratory made catalyst.  

Oxidation of PCE was not investigated with the laboratory made catalyst.  Even if the 

two catalysts have different characteristic, the role of methane as potential hydrogen 

donor cannot be ignored. 

 

5.3.3 Diesel Fume 

Diesel fuels predominantly contain a mixture of C10 through C19 hydrocarbons.  

Petroleum-derived diesel is composed of about 75% saturated hydrocarbons (primarily 

paraffins including n, iso, and cycloparaffins), and 25% aromatic hydrocarbons 

(including naphthalenes and alkylbenzenes) [102]. 

The Park/Euclid field investigation showed high catalytic activity for 

dehalogenation of PCE without any external hydrogen source even at low temperatures 

i.e., <400°C.  Since diesel fumes might exist in the soil vapor in the site, they were 

thought to be responsible for such high activity.  With minor adjustments, diesel fumes 

were investigated as alternative reductant in the laboratory using the experimental set up 

previously described (Chapter 3).  The inlet gas was passed through the headspace of a 

gas tight container that contained diesel fuel.  This process allowed mixing diesel fumes 

with the inlet gas stream.  In some experiments, oxygen was added to the inlet gas 

stream.  The results are shown in Figure 5.11. 
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Fresh diesel fume produced too many compound peaks in the GC.  This is the 

result of evaporation of low molecular weight hydrocarbons in the diesel.  Most of these 

peaks were oxidized under oxidizing conditions (6.22 % O2 at 450°C) since they do not 

appear in the effluent from the reactor (data not shown).  Running the experiments 

continuously for 3 days, 27.5%, 46.5%, 40% PCE conversion were observed on the first, 

second and third days, respectively.  Diesel peaks in the GC decreased continuously with 

time.  This observation was an agreement with the field conditions, since no 

hydrocarbons were detected with our analytical set up, even though the diesel exists as 

free product in soil.  The fluctuation of PCE conversion could be a consequence of 

competition for the catalyst surface by compounds in the fresh diesel fume.  Therefore 

aged diesel fumes were used for the experiments. 
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Figure 5.11. PCE conversion with diesel fumes, diesel fumes plus oxygen, and oxygen 
at different temperatures.  Oxygen 6.22%, total flow is 500 mL/min.  (●) with oxygen, 
(○) with oxygen plus diesel, (■) diesel fumes. 
 

PCE conversion does not seem to be affected by the presence of diesel fumes.  

During these experiments (~ a day) catalyst did not show any obvious deactivation.  In 

the case of diesel fumes, the catalyst is not active for PCE conversion.  The average 

observed PCE conversion was 23% at 500°C.  This was lower than what was expected 

based on field observations.  This could be due to the different retention times of the two 

experiments (~7 s in field experiments and ~1 s in laboratory experiments).  To 
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investigate this, we changed the flow rate going into the reactor (after diesel fumes mixed 

with the gas).  Some of the initial flow (500 mL/min) was released to atmosphere as 

previously described in order to get various retention times in the reactor.  The 

experiments were conducted at a fixed temperature of 450°C.  Results are shown in 

Figure 5.12.  

 As can be seen from Figure 5.12, increasing retention time increases the PCE 

conversion.  For example, PCE conversion is 30% at retention time of 0.8 s, while it is 

87% at 26 s.  This explains the difference between observed data at filed and laboratory 

set-ups.   
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Figure 5.12. PCE conversion as a function of retention time in the presence of diesel 
fumes.  Solid line is the linear regression shown.  T = 450°C; initial flow rate before 
releasing to atmosphere = 500 mL/min. 
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CHAPTER 6 

SUMMARY AND CONCLUSIONS 

Conversion of PCE in a catalytic reactor was investigated as a function of H2/O2

ratio and temperature at laboratory and field scales using alumina monoliths loaded with 

catalytic species (Pt, Pd, and Rh).  At the laboratory scale, two types of catalyst were 

employed: (1) commercially available (automobile catalytic converter), (2) laboratory 

made.  The main objective was to study the performance of the reactor for reduction and 

oxidation of PCE, including the effect of the redox environment on catalyst performance 

and durability. 

 In the laboratory experiments, high conversion of PCE was observed for 

relatively high H2/O2 ratios (84% conversion with H2/O2 = 2.15, 63% with H2/O2 = 1.18 

at 350°C, for commercial catalyst).  The conversion of PCE generally increased with 

increasing temperature for all H2/O2 ratios.  In the absence of hydrogen (H2/O2 = 0), PCE 

conversion was lower than with hydrogen at any given temperature (<30% at 464°C). 

Conversion of PCE can be regulated two ways, by increasing the H2/O2 ratio and 

by increasing the temperature.  For all H2/O2 ratios at low temperatures (<350°C), the 

primary product was ethane, suggesting that reductive pathways dominate.  At higher 

temperatures (>350°C), the primary product was CO2, suggesting that oxidation of 

carbon-containing species occurs simultaneously with PCE reduction.  The direct 

oxidation of PCE was much slower than the direct reduction of PCE in the temperature 

range explored, however, suggesting that ethane is oxidized to CO2. These observations 

are also true for the laboratory-made catalyst containing 3 catalytic metals. 
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The laboratory catalyst outperformed the commercial catalyst at lower 

temperature (<280°C).  At higher temperatures, no significant differences between the 

two catalysts were observed.  It was speculated that this trend could be due to the higher 

metal loading on the laboratory catalyst (38.61 mg total metal vs. 1.27 mg total metal in 

the commercial catalyst). 

The experimental data allowed us to postulate reaction pathways for PCE 

destruction.  At low temperatures, PCE is reduced to ethane and HCl.  Experimental 

evidence shows that carbon-containing species accumulate on the catalyst surface.  As 

the temperature increases, these carbon-containing species undergo oxidation 

simultaneously with PCE reduction.  At high temperatures (>350°C) PCE oxidation 

occurs.  The oxidation of carbon-containing species prevents the deactivation of catalyst.  

The existence of a highly exothermic reaction suggests that hydrogen is oxidized to water 

at all temperatures examined.  Water appears to mitigate catalyst deactivation by Cl-.

Our results have established that catalytic reduction of PCE in an anoxic 

environment leads to the desirable characteristic of relatively high conversions at low 

temperatures, as opposed to catalytic oxidation, which requires high temperatures and, 

according to the literature, generates toxic side products.  However, the process is 

unattractive due to catalyst deactivation.  Simultaneous use of hydrogen and oxygen 

prevents catalyst deactivation, presumably due to oxidation or removal of adsorbed 

species that reduce catalyst activity while maintaining high PCE conversions. 

Due to the relatively high cost of hydrogen, other reducing gases were 

investigated.  Methane, propane, and diesel fumes were used with and without oxygen 
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present.  In the case of propane, PCE conversion was enhanced when it was supplied with 

oxygen.  Complete conversion of PCE was achieved with propane and oxygen mixtures 

at temperatures >450°C.  The catalyst did not show any obvious deactivation for the 

duration of the experiments.  On the other hand, PCE conversion occurs at temperature 

>350°C and increases with temperature when only propane is supplied.  However, the 

catalyst deactivates, probably due to adsorption of carbon-containing species on the 

catalyst surface.  Further temperature increases (>500°C) did not regenerate the catalyst.  

It was concluded from these observations that propane could be a good replacement for 

hydrogen for PCE conversion when it used with oxygen. 

Methane was investigated as replacement in the laboratory catalyst.  Based on 

previous research indicating that water addition improves chlorinated hydrocarbon 

conversion, methane, water, and oxygen combinations in the gas stream were 

investigated.  No significant PCE conversion was observed by using methane as 

replacement for hydrogen (<10% at 425°C).  PCE conversion improved with addition of 

oxygen to the gas stream (<23% at 425°C).  However, water addition to methane and 

oxygen containing gas stream, decreases the PCE conversion (<12% at 425°C).  When 

methane is used with oxygen, methane could be used as replacement for hydrogen. 

Addition of water to gas stream as sole hydrogen source did not convert PCE in 

our experimental set up. 

Diesel fumes were investigated as a hydrogen replacement.  PCE conversion 

(<23%) occurred for aged diesel fumes at 500°C on the commercially available catalyst 

at low retention times (<1 s).  However, at higher retention times, high PCE conversions 
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were observed (87% at 26 s).  Addition of the oxygen to gas stream did not enhance PCE 

conversion.  This could be due to most of the available oxygen being used for oxidizing 

diesel fumes.  Overall, diesel fumes show high activity for PCE conversion at higher 

retention times. 

An off-the-shelf catalytic converter was employed in field experiments at the 

Park-Euclid site.  The site was contaminated by chlorinated hydrocarbons, mostly PCE 

and TCE.  Diesel fuel is also present in the soil.  PCE and TCE conversions were 

investigated at various H2/O2 ratios.  The results indicated that PCE and TCE conversions 

increase with increasing temperature and H2/O2. By sampling products at two different 

points in the converter (midpoint and end), it was observed that the second catalyst block 

was not active for PCE and TCE conversion.  A complete carbon mass balance was not 

achieved.  The only detectable organic compounds in the effluent were ethane and 

unrelated PCE, and occasionally TCE.  In almost every case, complete TCE conversion 

was observed.  

When no hydrogen was supplied to the field reactor, higher conversions of PCE 

were observed than those in the laboratory experiment with the same catalyst (88% at 

398°C in the field, 30% at 464°C in the lab).  This suggests that some trace hydrocarbons, 

mainly diesel fumes, act as hydrogen source since the higher conversions were achieved 

at a retention time in the field reactor (~ 7 s) that is higher than in the lab reactor (<1 s).  

This suggests that in a reactor with a high retention time, the trace amounts of 

hydrocarbon existing in the soil vapor enhance chlorinated hydrocarbon conversion.  This 

is important considering that the majority of contaminated sites are oxygen rich and most 
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of the cost associated of the operation of a catalytic converter reactor when hydrogen is 

used as sole reductant is cost of the hydrogen.  It was estimated [84] hat if the field site is 

an oxygen lean site (e.g. landfill), then it would only cost $125 annually to dehalogenate 

the TCE to ethane and CO2 at 150oC (H2 = 800 ppm).  If the field site is an oxygen rich 

site, the annual cost to dehalogenate TCE would be $12,500 at 320oC (H2 = 800 ppm).  

The catalytic dehalogenation costs are based on the production of hydrogen on site 

because the cost of bringing the hydrogen needed (H2 = 800ppm) would be around 

$75,000. 

When hydrogen is used as reductant, the treatment scenario for a site 

contaminated with both chlorinated hydrocarbons would be a high hydrogen to oxygen 

ratio at relatively high temperature (H2/O2 >2, T >250oC).  The optimum scenario would 

be replacing hydrogen with replacement hydrogen sources like propane or diesel fumes.  

Some contaminated sites already contain these types of compounds.  

 

Suggestions for future work 

• Investigate the reaction mechanisms in the reactor at reductant rich and lean 

conditions.  This could be done by examining the whole suite of products and 

reactants for different H2/O2 ratios at different reaction temperatures.  In this work, no 

H2 and O2 measurements were done in the effluent.   

• Investigate alternative reductant sources.  For the compounds studied here, apparent 

reaction rates and activation energies should be measured.  In addition to compounds 

examined here, it is known that ethanol is a good hydrogen source [103].  A detailed 
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review was given by Pena et al [100] for new ways to produce hydrogen.  Particular 

attention was given to natural gas conversions.  Investigation of the water gas shift 

reaction could introduce new possibility of the catalytic converter use.  A detailed 

review of this reaction over catalytic material is given by [101]. 

• Investigate the activity of the washcoat on commercially available catalyst.  Our 

results suggest that the washcoat itself may act as active catalyst for dehalogenation. 

• Determine the presence of traces of possible side products.  It is known that oxidation 

of chlorinated hydrocarbons at high temperatures might produce dioxins and furans, 

which are highly toxic.  Presence of these compounds in the products should be 

known prior to application of the technology. 

• Investigate other possible deactivation mechanisms (effect of presence of sulfur and 

other compounds that are known to be poisons of precious metal catalyst and can be 

potentially present in field application.) 

• Investigate other possible chlorinated targets (CFC). 

• The catalyst durability should be investigated for long-term applications. 
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