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ABSTRACT 

The first part of this work demonstrates that membrane air-stripping (MAS) is an 

efficient method for separating volatile organic compounds from water. The introduction 

of a membrane barrier to separate the air and water phases provides several advantages 

without increasing the total mass transfer resistance. Efficient removal can be achieved at 

lower air/water ratios than are typically required in packed-tower. Mathematical models 

were developed to simulate the performances of both countercurrent-flow and cross-flow 

contactors. Model simulations indicate that the cross-flow contactor is more efficient 

than the countercurrent-flow contactor. 

The second part of this work demonstrates the degradation of aqueous-phase CT in a 

continuous-flow reactor with a porous copper electrode. Removal of CT increases with 

more negative cathode potentials until hydrogen evolution becomes excessive. At that 

point, the increase in solution potential offsets further change in cathode potential and 

limits further improvement in reactor performance. Removal efficiency was predicted to 

vary inversely with the liquid velocity. At solution conductivities less than 1.0 S/m, both 

experiment and simulation showed that reactor performance is seriously handicapped by 

solution potential. The model predictions were in reasonable agreement with 

experimental results for high conductivity solutions (> 1.0 S/m). At lower conductivities, 

the discrepancies between the predictions and experimental results are due to the loss of 

validity of the zero-solution-potential boundary condition at the downstream end of the 

cathode. 
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The third part of this work investigates a cylindrical reactor geometry in which the 

anode is wrapped closely around the cathode. This arrangement eliminates the solution 

potential limitation encountered in the downstream-anode configuration, making it a 

promising tool for remediation of low-conductivity groundwater. Higher removals of CT 

are achieved under more negative cathode potential. Increasing the hydrodynamic 

residence time by increasing the cathode length is also an efficient way to improve the 

CT conversion even for low-conductivity solutions. An intrinsic drawback of this 

configuration is lowered current efficiency due to the high proton concentration at the 

perimeter of the cathode where most of the current is generated. However, low energy 

consumption due to small overall potential drop across the reactor at least partially 

compensates for the drawback. 
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INTRODUCTION 

Problem Definition 

Chlorinated solvents such as carbon tetrachloride (CT), chloroform, perchloroethene 

(PCE) and trichloroethene (TCE) are widely used by industries for cleaning and 

degreasing machinery. These solvents are common soil and groundwater contaminants. 

There were essentially no regulations concerning their handling and disposal until the late 

1970s or early 1980s. Waste chemicals were simply dumped into pits and ponds to 

evaporate. However, chlorinated solvents frequently infiltrated into the soil and 

groundwater. Recent studies revealed that exposure to these chemicals is linked to serious 

health problem such as cancer, high miscarriage rates, birth defect and liver disease. They 

are now a major class of groundwater contamination and contribute to EPA's priority 

pollutant list[l]. 

There are many debates over the best methods to remediate the contaminated sites. 

Biological transformations depend on the encouragement and sustenance of capable 

bacterial types and the distribution of oxygen (aerobic) or alternative electron acceptors 

(anaerobic) and/or primary carbon source (cometabolism) into the aquifer. In some cases 

biochemical transformation intermediates are more toxic than precursor compounds. 

Intrinsic bioremediation methods are usually selected when more aggressive remedies 

prove to be ineffective or unacceptably expensive. 

Pump-and-treat methods are used at more than 90% of sites, but only 8 out of 77 sites 

surveyed are expected to meet the desired cleanup standard [2]. Pump-and-treat is 
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limited by the heterogeneity of the aquifer and solubility of organic compounds [3]. If 

the aquifer is heterogeneous, low resistivity paths in the aquifer would carry most of the 

water flow. The water would not come into contact with all of the places in the aquifer 

where the compound is present. Due to their low solubility in water, organic compounds 

form NAPLs in aquifer that act as contamination source and it is nearly impossible to 

remove all of the sources. Furthermore, pump-and-treat methods usually rely on either air 

stripping or carbon adsorption, two best available technologies recommend by EPA for 

treatment of chlorinated solvents in water, to transfer the contaminants from water into 

the gas or solid phases after the water was pumped out of the ground. Since no 

destruction of contaminants happens in such processes, subsequent proper disposal of 

contaminant-laden gas and solid are required to prevent secondary contamination. 

Chemical technologies such as incineration and chemical oxidation are effective 

methods to destroy chlorinated compounds. The disadvantage of incineration is the 

complicated equipment system and potential generation of dioxin [1]. Chemical oxidation 

needs expensive oxidants such as ozone[4]. Zero-valent metals have been used in redox 

reactions linking the oxidation of M'' to or and the reduction of chlorinated 

aliphatics such as CT and TCE [5]. In such a system, granular iron serves as a permeable 

gate within a generally impermeable groundwater cutoff wall. Potential disadvantages of 

such systems include the release of soluble metals, formation of insoluble oxide coatings 

on metal surfaces and hydrogen generation. 

Electrochemical reduction in aqueous- or gas-phase is another one of the most 

frequently encountered methods for destroying chlorinated compounds. Aqueous phase 
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electrochemical reduction can avoid the problems associated with zero-valent metals via 

judicious selection of electrode materials and control of potential. A series of chlorinated 

compounds were successfully transformed electrolytically using a porous nickel cathode. 

Kinetics was first-order in the concentration of the halogenated targets. The rate constants 

were a function of cathode potential and were also correlated to the carbon-chlorine bond 

dissociation energy[6]. Gas-phase reductive dehalogenation was achieved in a modified 

fuel cell by applying external electric potential. Reactor performance was a function of 

the metal catalyst amended to the reactor cathode, the reactor potential, cathode 

temperature, the target compound identity and gas-phase concentration. The performance 

was handicapped by the presence of even 5% oxygen in the influent gas to the cathode 

chamber. It also deteriorated with time in service, possibly due to the accumulation of 

HCl on the cathode surface. However, conversion efficiency was restored by temporarily 

eliminating the halogenated targets from the influent stream or briefly reversing the 

reactor polarity [7]. 

Literature Review 

Membrane-mediated mass transfer processes 

Air-stripping is widely employed for the removal of volatile organic compounds 

(VOCs) from aqueous phase. The main challenge in design and operation is to maximize 

the mass transfer rate by producing as much interfacial area as possible. For packed 

towers, this requires judicious selection of packing material and uniform distribution off 

fluids before they enter the packed bed. Although the application has been successful, an 



12 

important disadvantage is the interdependence of the two fluid phases to be contacted, 

which sometimes leads to difficulties such as emulsions, foaming, unloading and 

flooding. An alternative technology that overcomes these disadvantages and also offers 

substantially more interfacial area than conventional packed tower design is non-

dispersive contact via a microporous membrane. 

Mass transfer operations via a microporous membrane can be conducted using a 

number of different membrane configurations, including flat sheet, spiral wound, rotating 

annular, and hollow fiber. Hollow fiber technology has received the most attention. 

Prasad and Sirkar [8,9] studied liquid/liquid extraction using microporous membrane. 

Solutes with a broad range of partition coefficient values such as toluene, acetic acid, 

succinic acid, and phenol, have been extracted from water into organic solvents such as 

MIBK, Xylene, and n-Butanol using different membrane geometries, materials and flow 

configurations. Reed et al. [10] performed pilot scale experiment for the extraction of 

chlorinated and aromatic compounds from industrial wastewaters into a commercially-

available kerosene extractant. Some 75 L/h of wastewater were treated in three modules, 

each with an interfacial area of 2-3 m^. Treatment was successful for periods up to three 

months, with individual contaminant levels reduced to from up to 5,000 |Xg/L to less than 

10 ng/L. 

Jansen et al. [11] employed microporous hydrophobic hollow fibers to absorb S02 

from (a) a model gas mixture constituting of SO2 in nitrogen and (b) real flue gas from a 

coal-fired boiler. The reactive absorbent was Na2S03. Over 99% recovery was obtained 

with the model gas, and similar recovery was maintained with the real flue gas over a 
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period of 500 hours. There was no problem with dust, particles, condensation, or other 

flue gas components (e.g. NOx, CO2, HCl). Based on this success, a pilot plant was built 

and tested for two six-month periods. SO2 recovery exceeded 95% and there were no 

fouling problems. 

Membrane contactors are particularly well suited to fermentation processes because it 

can be operated aseptically. Frank and Sirkar [12] studied the fermentation of glucose to 

ethanol in a membrane contactor. An aqueous solution of glucose and other nutrients was 

pumped through the shell side, which housed yeast cells immobilized on wooden chips. 

Dibutyl phthalate was passed through the tubes to extract ethanol as it was formed. The 

ethanol productivity was found to increase with increased tube side flow rate. They also 

demonstrated the utility of the membrane contactor for gas exchange, i.e., for the supply 

of oxygen and removal of carbon dioxide. 

Membrane contactors have also found application in water and wastewater treatment. 

Wikol et al. [13] investigated the ozonation of tap water using a microporous PTFE 

hollow fiber module with water and gas on the tube and shell side, respectively. The 

ozone concentration in the liquid leaving the contactor increased linearly with inlet gas 

ozone concentration according to the Henry's law. When operated at a total pressure of 

1.0 kg/cm^, inlet ozone concentration of 235 g/m^ and temperature of 25 °C, the dissolved 

ozone concentration of 2 - 10 ppm was obtained when the liquid flow rate was as high as 

15 L/min. 

Yun et al. [14] studied extraction of copper and chromium (VI) from water using a 

hollow fiber membrane contactor, with water and extracting solvent on the tube and shell 
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side, respectively. Copper was extracted using LIX 84 and chromium (VI) was extracted 

using tri-rt-octylamine. Metal concentrations were reduced to 1 mg/L from 500 mg/L and 

100 mg/L for copper and chromium (VI), respectively. 

Air stripping of VOCs has also been investigated. Compounds such as 

trichloroethylene, carbon tetrachloride, tetrachloroethylene, chloroform, bromoform, 

bromodichlormethane, and 1,1,2-trichlorethane have been successfully removed from 

aqueous solution using membrane air stripping (MAS) process[15-18]. It was found that 

for MAS the removal of VOCs is primarily controlled by the liquid phase resistance. The 

value of KLa obtained with the hollow-fiber contactor are an order of magnitude greater 

than the corresponding values for packed-tower aeration and are less dependent on air-to-

water ratios than conventional packed-tower aeration [15]. 

Several studies have been done on the use of membrane contactors for bubble free 

aeration in wastewater treatment. Such an approach offers several advantages over 

conventional methods including absence of foaming and higher aeration rates [19, 20]. 

Semmens et al. [21] described field studies used to test a microporous membrane 

contactor operated in dead end mode. Short fibers (less than 0.7 m) performed better than 

long (3 m) ones because the former moved more freely and were less likely to trap 

flocculent solids. Uncoated fibers performed well in the aeration of secondary effluent, 

but they fouled easily upon treatment of lake water. However, a gas permeable coating 

allowed the fibers to run for over 300 hours without decrease in oxygen transfer 

efficiency. 
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McGrath and Ergas [22] demonstrated the removal of toluene from air and 

subsequent biological destruction using a microporous polypropylene hollow fiber 

module. An aqueous solution containing a mineral media inoculated with a culture of 

Pseudomonas putida was circulated through the shell side, and a syringe pump was used 

to continuously add toluene to the air that flowed on the tube side of the fibers. Over 98% 

toluene removal was achieved at and inlet concentration of 100 ppm and overall 

residence time of less than 1 min. 

Electrochemical reduction of carbon tetrachloride 

Several studies have illustrated that carbon tetrachloride can be transformed by 

hydrogenolysis in aqueous solutions, a reduction in which a carbon-halogen bond is 

broken and hydrogen replaces the halogen substituent [23-26]. The reduction process has 

been suggested to proceed via a two-step mechanism, in which trichloromethyl radical is 

generated in the first step followed by the production of chloroform [27, 28], 

Kolthoff et al. [29] investigated the electrolytic redcutions of carbon tetrachloride and 

chloroform using polargraphic method. Carbon tetrachloride reduction produced a first 

wave corresponding to chloroform production and a second wave for reduction of 

chloroform to methylene chloride. Chloroform gave one wave that coincides with the 

second reduction wave of carbon tetrachloride. No wave was observed for the reduction 

of methylene chloride to chloromethane. It has been reported that reduction of 

chloromethane is much faster than the reduction of methylene choride so that 
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chloromethan is generally not detected as an intermediate of either carbon tetrachloride or 

chloroform reduction. 

Scherer et al. [30] studied the reduction of carbon tetrachloride on a polished iron 

rotation disk electrode in pH 8.4 borate buffer at a potential at which an oxide film would 

not form. In their system, the cathodic current was essentially independent of electrode 

rotation rate, and the measured first-order heterogeneous rate constant for the chemical 

reaction was less than the estimated rate constant for mass transfer to the electrode 

surface. Thus, the rate of reduction of carbon tetrachloride was dominated by reaction at 

the metal-water interface rather than by transport to the electrode surface until extreme 

cathodic potential (E < -1.4V). 

Criddle and McCarty [31] studied the reduction of carbon tetrachloride in aqueous 

environment using a silver cathode. Under a cathode potential of -0.71V (vs. SHE), 

Carbon tetrachloride was transformed to chloroform and trace amount of carbon 

monoxide. Further conversion of chloroform to methylene chloride was observed when 

the potential was -0.93V. The study demonstrated that CT undergoes parallel 

transformation by hydrogenolysis and by hydrolytic reduction in aqueous solution. 

Liu et al. [5] investigated the electrolytic reduction of CT using a series of metal 

electrodes that included Ag, Al, Au, Cu, Fe, Ni, Pd, and Zn. Kinetic parameters such as 

transfer coefficients and intrinsic surface-normalized rate constants for those electrode 

materials were reported. Temporary accumulation of metastable reduction intermediates 

including chloroform were observed. CF was subsequently converted to methane and 
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CH2CI2. Copper and nickel provided both favorable reduction kinetics and relatively high 

CH4/CH2CI2. 

Electrochemical reactor 

Any advice in which chemical reactions occurs directly due to the input of electrical 

energy can be defined as an electrochemical reactor. Electrochemical processes play an 

important role in the chloralkai and metal industries and have found increasingly 

application in the production of organic chemicals. Chlorine world capacity in 1985 was 

estimated as 43 million metric tons and total world production in 1983 was 31 million 

tons [32]. Production capacity of aluminum, copper and zinc by metal winning amount to 

20, 1, and 10 million tons per year [33]. Other metals won from aqueous electrolytes 

include manganese, cadmium, nickel, cobalt, chromium, gallium, and antimony. Metals 

refined by electrolytic refining include copper, nickel, cobalt, lead, indium, tin, gold, and 

silver. Of these, copper accounts for the largest tonnage by far, about 10 million tons per 

year. 

Based on reactor engineering principles, electrochemical reactors can be classified as 

batch or continuous, as well mixed or in plug flow, and with or without circulation. Or 

they can be classified based on the nature of the working electrode, the method of current 

supply to individual reactor, and the arrangement of the flow of electrolyte through the 

reactor. 

The parallel plate reactor, as indicated by its name, consists of plane electrodes in a 

parallel plate (rectangular duct) configuration. It is a very common type and easy to 
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construct. It is also the most investigated type of electrochemical reactor and a wealth of 

theoretical and experimental information has been published. Another popular reactor 

geometry is the concentric cylindrical reactor, containing two concentric cylindrical 

electrodes, with or without a diaphragm. It offers a uniform primary current distribution 

[34], Axial flow through the annular space between the two electrodes, or an electrode 

and a diaphragm, has characteristics between those of a pipe and a rectangular channel. 

Usually the inner electrode rotates during the operation, leading to forced convection. 

Three types of motion occur. At very low rotation speeds the flow is tangential and 

laminar but above a certain rotation speed three-dimensional vortices are superimposed. 

At higher speeds the motion becomes turbulent [35]. 

Parallel plates and concentric cylindrical reactors, although very useful in 

electrochemical processes, suffer the problem of a relatively low electrode area per unit 

volume of reactor. As a solution, reactor designs use electrodes that are composed of a 

porous matrix or particulate beds have become important. They provide a very large 

electrode area in proportion to their size (e.g. 10^ mVm^ volume) and this is several times 

greater in magnitude than that for a non-porous structure (typically not greater than 10^ 

mVm^ for a parallel plate system) [35]. A successful industrial application of a packed-

bed electrode occurs in the production of tetra-alkyl lead [36]. Fluidized bed electrodes 

first attracted attention in the sixties [37], initially for metal winning and later for effluent 

treatment, but so far have not fulfilled their early promise of revolutionizing industrial 

practice. 
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It is well known that porous conducting materials can be use as high surface area 

electrodes. It allows operation with a low current density at the electrode-electrolyte 

interface, but with a relatively high current per unit of cell volume. Consequently it is 

exceptionally useful when dealing with low reactant concentration reactants. The use of 

porous electrodes for the removal of toxic metals to low concentrations has been 

demonstrated[33]. Porous electrode has also been used to improve productivity and 

energy efficiency in electrosynthesis applications[38]. 

In an electrochemical reactor design, it is necessary to start with the notional selection 

of a design, determine its performance, and then decide whether it will do or whether an 

alternative design has to be considered. Five criteria are usually examined when 

considering reactor selection [34]: 

First, current efficiency, depends on good mass transfer characteristics of the reactor. 

Uniformity of electrode potential over the electrode system and the nature of the 

electrode material can also have considerable impact. Second, chemical yield, also 

depends on good mass transfer, uniform electrode potential, and electrode material. The 

third one is the space-time yield, depends on the electrode surface area. Three-

dimensional electrodes have at least an order of magnitude larger surface area than the 

two-dimensional electrodes. But in practical term of reactor selection (particularly for 

small-scale chemicals), small difference in cell volume are largely academic because 

reactors are often dwarfed by separation equipment such as distillation columns. The 

fourth and fifth parameters, energy yield and energy consumption, depend on current 

efficiency and cell voltage. So ultimately, they depends on the electrode material, the gap 
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between cathode and anode, the conductivity of the electrolyte, mass transfer 

characteristics, and the nature of the diaphragm if any. 

Explanation of Dissertation Format 

The dissertation is divided in two chapters and three appendices. The first chapter 

provides background information relevant to the research topic and a review of relevant 

research performed by others. The second chapter summarizes the methods, results and 

conclusion of the research. Three technical papers constitute of the major parts of the 

dissertation. Appendix A investigates the removal of TCE from water using hollow fiber 

membrane contactors. Performances of two different membrane contactors are studied 

and compared. Appendix B demonstrates that degradation of aqueous-phase CT in a 

continuous-flow reactor with a porous copper electrode is a feasible process. A 

mathematical model is developed to simulate the reactor performance. Appendix C 

demonstrates an improved configuration of the electrochemical reactor that eliminates the 

solution conductivity limitation encountered in the reactor described in Appendix B. 
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PRESENT STUDY 

The methods, results, and conclusion of this study are presented in the papers appended 

to this dissertation. This work investigates the removal and degradation of aqueous phase 

chlorinated organic compounds. 

The first part of this work investigates the use of membrane air-stripping (MAS) 

contactors containing microporous polypropylene hollow-fiber membranes to remove 

volatile organic compounds from water into a gas phase. Experiments using 

countercurrent and cross-flow flow configurations to remove TCE from water into air 

were performed. The effects of influent TCE concentration, liquid and gas flow rates, and 

air-to-water ratio were investigated. In each case studied, it was found that mass transfer 

in MAS contactors is controlled by liquid-phase resistance. Maximum removal of TCE 

was obtained at air-to-water ratios that were significantly lower than those required for 

conventional packed-tower stripping. Mathematical models based on empirical 

correlations for the liquid-phase convective mass transfer coefficients were developed 

and validated with experimental data, and subsequently used to perform simulations of 

full-scale MAS contactors. At the operating conditions explored, full-scale cross-flow 

contactors were shown to be superior than countercurrent-flow contactors: for the same 

gas and liquid flow rates and number of fibers, cross-flow contactors remove more than 

95% of the original TCE in the feed liquid whereas countercurrent-flow contactors 

remove less than 
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50%. In comparison with packed-tower stripping, MAS contactors are shown to be an 

alternative feasible technology. 

The second part of this work investigate the use of a continuous-flow, laboratory-scale 

electrochemical reactor for the destruction of aqueous-phase carbon tetrachloride (CT). 

The reactor consists of a porous copper foam cathode and a carbon-cloth anode section 

located downstream from the cathode. Experimental results show that appreciable 

conversions of CT can be obtained in the reactor, as long as the electrical conductivity of 

the liquid exceeds 1 S/m. A lower conductivities, most of the cathode exhibits low 

reactivity for CT-destruction due to relatively low overpotentials. A mathematical model 

was formulated to predict reactor performance. The model takes into account the CT-

reduction reaction, the hydrogen evolution reaction on the cathode surface, as well as 

mass transfer limitations. Using the equilibrium potential for CT reduction as the only 

adjustable parameter, the model adequately represents experimental data for highly-

conductive solutions. 

The third part of this work investigates a cylindrical reactor geometry in which the 

anode is wrapped closely around the cathode (annular arrangement). This arrangement 

eliminates the problem of solution potential limitation encountered in the downstream-

anode configuration. There is essentially no difference in removal rates for low- and 

high-conductivity solutions under otherwise identical operation conditions, making it a 

promising tool for remediation of low-conductivity groundwater. Higher removals of CT 

are achieved under more negative cathode potential. Increasing the hydrodynamic 

residence time (HRT) by increasing the length of the cathode is also an efficient way to 
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improve the CT conversion even for low-conductivity solutions. An intrinsic drawback of 

this configuration is lowered current efficiency due to the high proton concentration at 

the perimeter of the cathode where most of the current is generated. On the other hand, 

low energy consumption due to small overall potential drop across the reactor at least 

partially compensates for the drawback. 
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APPENDIX A 

REMOVAL OF AQUEOUS PHASE TCE USING 

MEMBRANE AIR STRIPPING CONTACTORS 

J. He; R.G. Arnold; A.E. Saez; E.A. Betterton; and W.P. Ela 

Abstract 

This work investigates the use of membrane air-stripping (MAS) contactors 

containing microporous polypropylene hollow-fiber membranes to remove volatile 

organic compounds from water into a gas phase. Experiments using countercurrent and 

cross-flow flow configurations to remove TCE from water into air were performed. The 

effects of influent TCE concentration, liquid and gas flow rates, and air-to-water ratio 

were investigated. In each case studied, it was found that mass transfer in MAS 

contactors is controlled by liquid-phase resistance. Maximum removal of TCE was 

obtained at air-to-water ratios that were significantly lower than those required for 

conventional packed-tower stripping. Mathematical models based on empirical 

correlations for the liquid-phase convective mass transfer coefficients were developed 

and validated with experimental data, and subsequently used to perform simulations of 

full-scale MAS contactors. At the operating conditions explored, full-scale cross-flow 

contactors were shown to be superior than countercurrent-flow contactors: for the same 

gas and liquid flow rates and number of fibers, cross-flow contactors remove more than 

95% of the original TCE in the feed liquid whereas countercurrent-flow contactors 
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remove less than 50%. In comparison with packed-tower stripping, MAS contactors are 

shown to be an alternative feasible technology. 

Keywords: air stripping, microporous membrane, volatile organic compounds, water 

treatment, mass transfer, hollow fiber, membrane contactor 

Introduction 

Contamination of groundwater by volatile organic compounds (VOCs) is a major 

problem throughout the United States. A report recently published by the National 

Research Council (1997) reveals that 300,000 to 400,000 contaminated sites require 

remedial action. The estimated total cleanup costs are $500 billion to $1 trillion. 

Problems have arisen from the broad use of VOCs as solvents and from improper 

handling and disposal practices. Concerns regarding the environmental residuals arise 

from their general persistence and toxicity. Trichloroethylene (TCE), for example, is a 

suspected human carcinogen that is limited to 5 ppb in drinking water supplies. The best 

available technologies recommended by EPA for removing VOCs from aqueous solution 

are air stripping and carbon adsorption. 

Membrane air stripping (MAS) is a novel alternative to conventional, packed tower air 

stripping that may improve the mass transfer process of VOCs from water to air (Qi and 

Cussler, 1985a, 1985b). It is characterized by use of a porous membrane to separate the 

contaminated water and sweeping air. There are two membrane configurations for MAS: 

microporous plate and frame membrane, and microporous hollow fiber membrane. Both 

configurations have advantages and disadvantages. However, since membrane-mediated 
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mass transfer requires a large contact surface area (Resting 1971; Matsuura 1993), the 

microporous hollow fiber configuration appears to be a better choice because of the 

higher specific area and compactness. 

Compared to conventional packed tower air stripping, MAS offers the following 

advantages: 

• MAS contactors provide a relatively large, constant interfacial area between the two 

phases. Depending on the diameter of the hollow fibers and the porosity of the 

membrane, the specific surface area can be as high as 6000m^/m^. The surface area 

remains constant because the two fluids are separated by a membrane with fixed 

geometry. On the other hand, the highest specific surface area of commonly used 

packing materials is about 600 m^/m^ (LaGrega et al. 1994) and the fraction of that 

area which is operationally available for mass transfer depends on the flow rate. 

• MAS contactors are not prey to unloading, flooding, channeling, foaming, and 

emulsion formation because there is no fluid/fluid dispersion. In contrast, packed 

towers are subject to flooding at high flow rates and unloading at low ones. 

• MAS contactors can be mounted either vertically or horizontally. If mounted 

horizontally, the need to pump water to the top of a tower is eliminated. Water energy 

loss across the equipment is typically lower than that required for a packed tower. 

• Modular design of MAS contactor allows flexibility in plant operation and 

modification. Small or large capacity can be obtained by altering the number of 

modules. 
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On the other hand, MAS contactors have a few disadvantages compared to conventional 

packed towers: 

• The membrane introduces an additional resistance to mass transfer not found in 

conventional processes. The membrane resistance is important for gas absorption of 

H2S, SO2, and NH3 in strong acid or strong base (Qi and Cussler 1985b). However, it 

is negligible in MAS (Semmens et al. 1989; Yang and Cussler 1986; Kreulen et al. 

1993). 

• Membranes are subject to fouling. In the MAS process, this is a less severe handicap 

than it is in other membrane processes, such as reverse osmosis, because the liquid 

does not pass through the membrane. 

• Membranes have a finite life span. The cost of periodic membrane replacement must 

be factored into the economic analysis. 

Many investigators have examined MAS for VOC removal from water in recent years. 

Compounds such as trichloroethylene, carbon tetrachloride, tetrachloroethylene, 

chloroform, bromoform, bromodichloromethane, and 1,1,2-trichloroethane have been 

successfully removed from aqueous solution using MAS (Semmens et al. 1989; Zander et 

al. 1989; Boswell and Vaccari 1994; Castro and Zander 1995). 

As for other types of mass transfer equipment, mass transfer correlations are important 

to the design of MAS units. Several authors have reported correlations covering different 

flow regimes in membrane contactors, including tube-side flow, shell-side parallel flow, 

and shell-side cross flow (Yang and Cussler 1986; Wickramasinghe et al. 1992 1993; 

Costello et al. 1993; Dahuron and Cussler 1988; Prasad and Sirkar 1988; Cote et al. 1989; 
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Ahmed and Semmens 1996; Johnson et al. 1997; Bhaumik et al 1998; Wang and Cussler 

1993). Based on these studies, it is safe to generalize that shell-side cross flow offers 

higher mass transfer coefficient than other flow conditions. However, the effect of flow 

regime on MAS performance for VOC removal has not been investigated. 

The objectives of this study were (1) to evaluate effects of process variables such as 

liquid flow rate, gas flow rate, influent concentration, and air-to-water ratio on the 

performance of the MAS process, (2) to compare contactor performance with model 

predictions based on reported mass transfer correlations, and (3) to evaluate the effect of 

MAS contactor configuration and geometry on performance. 

Theory 

Unlike other membrane processes such as reverse osmosis, in which the pressure 

difference on the two sides of the membrane drives the bulk liquid through the 

membrane, the driving force for mass transfer in the MAS process is the concentration 

difference between the two phases. There is no bulk phase transport involved. The 

hydrophobic membrane used in MAS serves as a barrier to separate the liquid and gas 

phases and provides the contact surface for mass transfer. The membrane provides the 

above-mentioned advantages of MAS over conventional air stripping, at the cost of 

introducing an additional mass transfer step. Thus, the overall transport of VOCs from 

the liquid phase into the gas phase in MAS can be divided into three steps: 

1. diffusion of VOC from the bulk liquid phase to the membrane surface, 

2. trans-membrane diffusion in the gas-filled membrane pores. 
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3. diffusion into the bulk gas phase from the membrane surface. 

Each step provides a potential resistance to the overall transport process, and the total 

resistance is the sum of the individual resistances: 

1 1 1 1  
=—I 1 (1) 

where Kl is the overall mass transfer coefficient; ki, km and kg are the mass transfer 

coefficients in the liquid phase; membrane pore and gas phase, respectively; and Kh is 

Henry's constant. 

Usually, one of the three individual mass transfer coefficients is much smaller than the 

two others, and the mass transfer is dominated by that phase. Note that in conventional 

packed tower air-stripping of VOCs, the liquid phase resistance typically dominates 

because of the volatility and hydrophobicity of the VOCs. In many applications, the 

membrane resistance is the dominating factor because of low membrane permeability and 

relatively large membrane thickness. Progress in membrane production technology and 

extensive research on membrane characteristics have greatly reduced the mass transfer 

resistance of modern membranes. In some cases, the membrane resistance is now 

negligible compared to resistance in the liquid phase (Semmens et al. 1989; Banat and 

Simandl 1996). The fact that the pores of the membrane are filled with gas contributes to 

reduce the membrane resistance. 

Low-resistance membranes make MAS practical. Development of an optimum 

configuration for the MAS contactor is the next natural step in order to explore and 

extend the utility of these contactors. In this study, we investigated two different 



33 

contactor configurations. The first design was based on countercurrent flow, with liquid 

flowing inside the fibers (tube side). The second was a cross-flow contactor configuration 

with liquid flowing outside (shell side) and perpendicular to fiber direction. Mathematical 

models were developed to describe the behavior of each contactor. 

Countercurrent Contactor 

Figure 1 shows the configuration of the countercurrent flow contactor and supporting 

experimental apparatus used here. Water containing VOC was pumped through the 

hollow fibers. Air flowed outside the fibers in the opposite direction. The volatile 

contaminants were transferred from water into air due to the concentration imbalance 

existing between the phases. Theoretical examination of the process follows. 

Assuming pseudo-steady state, the mass balance in a section perpendicular to the fibers 

(at position x in figure 1) is described by: 

u^^=-K,a(C^,-C;) (2) 
ax 

where u is the liquid velocity in the hollow fibers, Cw.x is the local liquid phase 

concentration at a distance x from the contactor inlet, and C*x is the liquid concentration 

that would be in equilibrium with the local gas-phase concentration. That is: 

c:=-^ (3) 

where Cg,x is the local concentration in the gas phase. In equation (2), a is the specific, 

interfacial (gas/liquid) surface area of the hollow fiber pores, defined as: 



where J, is the inner diameter of the hollow fiber and £ is the porosity of the membrane. 

Equation (2) cannot be integrated to yield position-dependent, liquid-phase 

concentrations unless C*x can be expressed as a function of position or Cw,x- To do this, a 

macroscopic mass balance can be developed over a finite length of the contactor, from 

the air inlet to an arbitrary cross section at a distance x from the water inlet to obtain: 

Qw^W,x'^Qg^g.2~Qw^W,l'^Qg^g,x (^) 

where Qw and Qg are the liquid and gas flow rates, Cw,2 and Cg,2 are the liquid and gas 

phase concentration at the air inlet (liquid outlet), Cw,x and Cg,x are the concentrations at 

distance jc. The concentration Cg, 2 equals zero if the influent air is contaminant free. 

Equation (5) can be solved for Cg,x and used to eliminate Cg, x from equation (3). Solving 

the resultant equation for C*x yields: 

^g'^H 

in which R = Qw/QgKn. When equation (6) is substituted into equation (2), the resultant 

expression can be integrated over the entire length of the contactor. Applying the 

boundary conditions, C = Cw,i at x = 0, the liquid inlet, and C = Cw,2 at x = L, the liquid 

outlet, gives 



35 

Equation (7) indicates that fractional removal (1 - M) in the contactor is independent of 

the influent concentration. 

The water treated in the contactor was withdrawn from a closed, perfectly stirred, 

headspace-free reservoir. Contactor effluent was returned to the same reservoir. Under 

these conditions, a mass balance on the reservoir yields: 

at V V 

where V is the liquid volume in the reservoir. Integrating equation (8) gives: 

-\y=kt (9) 
Cq V 

where Co is the initial concentration in the reservoir. The parameter k is the slope of the 

linear relationship between ln(Cw,i/Co) vs. t. Combining equation (9) with equation (7) 

yields: 

+ R (10) 
kV + Q^ 

so that Kl can be determined by measuring the slope, k, for loss of the target compound 

from the reservoir under defined experimental conditions. 

Countercurrent operation is usually more efficient than a concurrent flow configuration 

because of the larger driving force (Kreith and Black 1980). In concurrent flow, the 

effluent gas-phase concentration never can exceed the concentration in equilibrium with 

the effluent liquid-phase concentration. For countercurrent flow, on the other hand, the 

effluent gas-phase concentration can approach the concentration in equilibrium with the 

liquid influent. Clearly, at the same gas flow rate, a greater removal efficiency, a higher 
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effluent gas concentration, and a lower effluent liquid concentration can be obtained in 

the countercurrent flow configuration than in the concurrent flow contactor. 

Consequently, there was no theoretical or experimental investigation of contactor 

performance under concurrent flow conditions. 

Another possible mode of operation in countercurrent occurs when water flows outside 

and parallel to the fibers while gas flows inside the fibers in a direction opposite to the 

water flow. Because the mass transfer coefficients are smaller for flows parallel to the 

fiber bundle than perpendicular (cross-flow) (Wickramasinghe 1992; Costello et al. 

1993), the investigation for shell side parallel flow was also omitted. 

Cross-flow Contactor 

In a cross-flow contactor, one fluid flows outside and perpendicular to the hollow 

fiber bundle and another is forced through the fibers. In the specific case of the MAS 

process, because the transfer of most VOCs is controlled by resistance in the liquid phase, 

improvement in liquid-phase transfer coefficient should have a more significant effect on 

process efficiency. Thus in our contactor, water flowed outside the fibers and air inside 

the fibers. For modeling purpose, the whole contactor will be treated as a matrix of 

control volumes as shown in Figure 2. A typical control volume is the volume enclosed 

by a box. It has a thickness of AL in the fiber direction (Y). Both the liquid and gas 

volumes in the control volume are assumed to be well mixed. Under pseudo-steady-state 

conditions, a mass balance over the liquid-phase portion of the control volume is 

described by: 
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q.C,-qS^=K,N^„^nd„emC,-C:) (11) 

where Cb is the liquid-phase concentration entering the control volume, Ca is the 

concentration leaving the control volume, C*o is the liquid-phase concentration that 

would be in equilibrium with the concentration of gas leaving the control volume, Nnorm 

is the rows of hollow fibers in a direction that is normal to water flow, do is the outside 

diameter of hollow fiber and e is the porosity of membrane. The liquid flow rate entering 

the control volume is qw; 

e.AL ^w=- (12) 
L 

where L is the total length of hollow fibers. To eliminate C*, a second mass balance 

(similar to the strategy used to obtain equation(6)) between the liquid and gas phases 

yields: 

«.(C»-C,)=«,(C„-C,,,) (13) 

where Q,, = KhC*t is the concentration in the gas as it enters the control volume. Notice 

that this is also the concentration of the gas in the proximate (upstream) section of the 

fiber and that C*i is zero at the fiber inlet, Q,o = KhC*o is the concentration in the gas as it 

leaves the control volume. Finally, qg is the air flow rate through the control volume. It is 

also the air flow rate in a single column of fibers and is calculated as: 

2. 
N para 

(14) 

where Npara is the number of columns of hollow fibers in a direction that is parallel to 

water flow. Combining equations (11) and (13) and solving for Ca, yield: 
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(q, + K,AR)C,-yK,AC- . j .  

K,A + K,AR + q, 

where R = qw/qgKn and A = Nnorm^oS^-

Equation (15) must be applied in a stepwise manner over the length of the hollow fiber 

starting from the first column and from the air inlet where C*i is zero. The effluent gas 

concentration Cg,o from upstream control volume (Y direction in figure 2) is the influent 

gas concentration for adjacent downstream control volume. The effluent liquid 

concentration Ca from any control volume is the influent concentration Cb for the next 

section (control volume) in the downstream direction (X direction in figure 2). The 

calculation procedure is repeated stepwise first along Y direction then along the X 

driection until the effluent concentrations from the control volumes on the last column 

are determined. At this point, the removal rate across the entire contactor is known. 

Parameters 

The Henry's constant for TCE was calculated using (LaGrega et al. 1994); 

/ 
Kfj =exp A - j \  (16) 

^ J 

where T is the temperature, and A and B are constants. For TCE the values of A and B 

are 11.4 and 4780K, respectively. 

The diffusivity of TCE, D (cmVs), in water was estimated using the Wilke-Chang 

equation (LaGrega et al. 1994) which is: 



39 

where Vm is the molal volume of TCE (cmVmol), [i is the viscosity of water (cP), and T is 

in K. 

Material and Methods 

Figure! shows the experimental setup for the countercurrent flow contactor study. The 

feed reservoir was filled with 4.3L of high purity water (Millipore Company, Bedford, 

MA) with an initial TCE (99.5+%, Aldrich Chemical Co. Inc, Milwaukee, WI) 

concentration of 7.5 mg/L. During the experiment, the reservoir was continuously stirred 

to ensure homogeneity. Water was pumped through on the lumen side of the hollow 

fibers using a MasterFlex peristaltic pump (Cole-Parmer Instrument Company, Vernon 

Hills, IL). Breathing quality air from a compressed air cylinder (Air Products and 

Chemicals Inc., Allentown, PA) was passed outside the fiber in a counterflow direction. 

Effluent from the membrane module was returned to the feed reservoir, and effluent air 

was discharged. The flow rates of air and water were monitored using rotameters (Cole-

Parmer). The experiments were conducted at 25 °C. 

A Liqui-Cel Extra-Flow 2.5in. x Sin. membrane contactor (Hoechst Celanese Co., 

Charlotte, NC) was used. The contactor contained 9950 hollow fibers with an effective 

fiber length of 15cm. The total membrane area was 1.4m^. The hollow fibers were made 

of hydrophobic polypropylene. The outer and inner diameters of the fiber were 300|im 

and 240^m. The porosity of the fiber was 40% and membrane pore diameters were 

0.03|im. 



40 

The experimental setup for the cross-flow contactor was similar except the 

countercurrent module was replaced by the cross-flow contactor. The cross-flow 

contactor was fabricated in our laboratory. It contained 116 polypropylene hollow fibers 

(Microdyn Technologies Inc., Raleigh, NC). The outer and inner diameters were 1mm 

and 0.7mm, respectively. Membrane pore diameters were 0.1 |xm. The fiber matrix had a 

staggered arrangement consisting of 21 columns parallel to the direction of liquid flow. 

Alternating columns contained either 5 or 6 rows of fibers with 6 rows in the first and last 

columns. The effective length of each fiber was 17.8cm. At the midpoint of the fiber 

length, there was a baffle to separate the whole contactor into two compartments and 

provide extra support to hold the fibers in position. The distances between adjacent rows 

and columns were twice the outer fiber diameter (2mm). Perforated plates were used to 

produce uniform flow conditions at the water inlet and outlet. Energy loss in the fibers 

was relied upon for uniform distribution of gas flow among fibers. 

Water samples (50|a,l) were periodically withdrawn from the inlet and outlet of the 

contactor using a syringe. Samples were transferred to sealed vials containing ImL of 

pentane (Burdick & Jackson, Muskegon, MI). The pentane extracts were then analyzed 

on a HP 5890 gas chromatograph (Hewlett Packard, St. Paul, MN). The GC was 

equipped with a capillary column (J & W Scientific, column DB-624) and an electron 

capture detector. The gas flow rate was 26 mL/min. The temperature of oven, detector 

and inlet of the GC were 40 °C, 275 and 150 °C, respectively. 
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Results and Discussion 

Countercurrent contactor 

Model validation 

Fractional removal in the MAS contactor was obtained by the direct measurement of 

the influent and effluent concentrations and was also calculated using equation (7). 

Fractional removals obtained by the two approaches were in close agreement. 

Experimental data (Figure 3) showed that TCE removal was independent of influent 

concentration (as predicted by equation (7)) at influent concentrations below 7.5 mg/L. 

As predicted by equation (9), the contaminant concentration in the feed reservoir 

decreased exponentially with time (Figure 4). 

Effect of air and liquid flow rates on overall mass transfer coefficient 

The overall mass transfer coefficient was calculated using equation (10), after k was 

obtained from the slope of the linear relation as illustrated in Figure 4. In the range of 

operating conditions utilized in these experiments, water flow inside the fiber fell in the 

laminar flow regime. The Reynolds numbers (Red = diupl^) ranged from 1.2 to 13. Under 

those circumstances, mass transfer has been modeled using Leveque's correlation 

(Semmens et al. 1989): 

A:^=1.62 (18) 

Due to their relatively large Henry's constant and rapid diffusion in air, mass transfer of 

volatile organic compounds in air-stripping processes is generally limited by the liquid 
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phase resistance (Hand et al. 1986; Amy and Cooper 1986; Ball et al. 1984). Figure 5 

illustrates the effect of varying air flow rate (with a constant liquid flow rate of 0.5 

L/min) on the calculated overall mass transfer coefficient. The overall mass transfer 

coefficient is independent of air flow rate in the range tested (from 0.5 L/min to 4.5 

L/min). This is consistent with expectations for a hydrophobic membrane in which the 

pore volume is air-filled. Previous observations were similar for other VOCs such as 

1,1,2-trichloroethane, chloroform, and carbon tetrachloride in the MAS ( Semmens et al. 

1989) and benzene in vacuum membrane distillation (Banat and Simandl 1996). 

Figure 6 shows the relation between the calculated (overall) mass transfer coefficient 

and liquid velocity. Regression analysis based on the experiment data indicates that the 

overall mass transfer coefficient is a function of liquid velocity to the 0.34 power, in 

agreement with Leveque's correlation. Results supported assertions that the overall 

resistance to mass transfer across the membrane is dominated by the liquid-phase 

resistance, i.e. Kl = Icl. This implies that pore diffusion through the dividing membrane 

offers negligible resistance compared to liquid phase resistance. 

Effect of air-to-water ratio 

Although increasing the gas flow rate did not increase the overall mass transfer 

coefficient, an increase in air-to-water ratio was expected to increase the driving force for 

mass transfer by lowering the steady gas-phase concentration, thus improving the 

removal rate. Figure 7 illustrates the relation between TCE removal and the air-to-water 

ratio. Observations are in close agreement with model predictions. At relatively low air-
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to-water ratios fractional TCE removal was sensitive to the gas flow rate. However, a 

near constant value was predicted and observed for air-to-water ratios greater than about 

8:1. This "threshold" air-to-water ratio was about 5 times lower than that observed in 

packed air-stripping towers (Hand et al. 1986), where typically about a 40:1 ratio is 

required to maximize removal rate. This is due to the high, constant (independent of air 

and water flow rates) specific surface area in MAS. This characteristic is one of the major 

advantages of MAS over conventional packed-tower air stripping. Since the gas flow 

requirements for mass transfer are greatly reduced in MAS, treatment of resultant off-gas 

should be much more economical. 

Cross-flow contactor 

Model validation 

Cross-flow heat exchangers are common equipment for gas heating or cooling 

processes. In this type of heat exchanger, one fluid flows inside the tubes while the other 

fluid is forced over the outside of the tubes in a perpendicular direction (cross-flow). A 

higher heat-transfer coefficient can be achieved in cross flow than in parallel flow. From 

the heat transfer correlation (Kreith and Black 1980), an approximate mass transfer 

correlation can be obtained based on the physical analogy between heat and mass transfer 

processes. The cross-flow contactor used here had a staggered arrangement. The space 

between fibers in both directions was two times the outer diameter of fibers. The mass 

transfer correlation for a contactor in this form is: 

=0.467—Re°^^'5c'" (19) 
d 
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where Re = doupljj. and Sc = v/D. Equation (19) is valid in the Reynolds number range 

between 0.4 and 400,000. A second mass transfer correlation that may apply to our 

experimental situation is (Wickramasinghe et al. 1993): 

)t^=0.82—Re'"''5c''^^ (20) 
d 

which is valid for Reynolds numbers between 0.01 and 10. The bed void fraction for this 

correlation ranges from 0.63 to 0.87. The contactor used in this study had a bed void 

fraction of 0.91, and the Reynolds numbers (Re = doUplfi) ranged from 0.3 to 1.3. 

Figure 8 provides comparisons of experimental results and model predictions derived 

from correlations in equations (19) and (20). Clearly, use of equation (20) to obtain kt 

and the fractional removal results in better predictions than does use of equation (19), 

even though equation (19) is for flow across tube banks. The inaccuracy of heat transfer 

correlations derived for tube banks when applied to predict mass transfer across similarly 

configured membrane fibers has been observed previously (Yang and Cussler 1986). 

Experiments designed to establish the effect of air flow rate and feed concentration on 

mass transfer were also conducted using the cross-flow contactor. Results (not shown) 

indicated that these variables do not affect the mass transfer coefficient, in agreement 

with the modeling concepts discussed previously. 

Experimental results indicated that air phase and membrane pore resistances are 

negligible compared to the liquid phase resistance under the experimental conditions 

studied. Nevertheless, the gas-phase and pore resistances were calculated for the range of 

experimental conditions encountered to make sure this is always true throughout the 
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simulations. The gas-phase resistance was calculated applying correlation (18) to the gas 

phase, and the resistance across the membrane was derived from (Qi and Cussler 1985): 

= (21) 
^pore^^H 

where <5is the thickness of membrane, fis the tortuosity, and Dpore is the diffusion 

coefficient of TCE in the pores. Because the mean free path for TCE in air is larger than 

the pore diameter, Dpore was estimated from the Knudsen diffusion coefficient (Cussler 

1984). Calculation of gas phase resistance using equation (21) with t= 2.5 showed that 

this resistance is negligible in the range of operating conditions employed in this work. 

Equation (20) was used to calculate mass transfer coefficients in the liquid phase for 

subsequent simulations. 

Effect of mixing between adjacent streamlines 

The strategy for numerical solution of the cross-flow contactor model was presented 

in the theory section. The effluent TCE concentration from one control volume becomes 

the influent concentration for the next contactor section until the downstream (liquid 

effluent) end of the contactor is encountered. Not considered in this treatment, however, 

is the effect of transverse mixing within the liquid phase (Y direction. Figure 2) on 

contactor performance. Such mixing should detract from overall mass transfer from the 

liquid to gas phase by lowering the local driving force for through-membrane transport 

(Ca - C* in equation 11). Mass transfer will be most rapid at the (gas) influent side of the 

contactor, where the gas is cleanest. A liquid-phase concentration gradient will therefore 
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develop in the transverse direction, in the absence of mixing, as liquid crosses the 

contactor. Mixing in the transverse direction, however, would tend to minimize 

interfacial transport at the downstream end of the fibers. Furthermore, the effect of such 

mixing becomes more noticeable as the number of fibers in the contactor increases. 

Even though the extent of liquid-phase transverse mixing cannot be anticipated, it is 

possible to expose the potential effect of such mixing by examining two extreme cases -

complete transverse mixing and no mixing at all. For the cross-flow contactor used in the 

experiments, model results indicated that the difference in overall removal rates 

corresponding to the two extreme situations was insignificant. For example, when the 

liquid flow rate was 40 mL/min and air flow rate was 400 mL/min, the difference in 

fractional TCE removals for two situations in our experimental contactor was just 

0.003%. But for a contactor with 2500 columns and 100 rows of fibers, with a liquid flow 

rate of 30 L/min and an air-to-water ratio of 10, overall removal rates were 98.4% and 

96.4% for the no mixing and complete mixing situations, respectively. Such differences 

would have significant implications for contactor design and operation. To achieve the 

98.4% removal in the complete mixing scenario, the liquid flow rate must be decreased 

by about 23%. That is, contactor performance is predicted to be adversely effected by 

transverse mixing, which (in the extreme case modeled) tends to average the liquid-phase 

concentration of the target compounds along the longitudinal axis of the fiber. This 

decreases the concentration-dependent driving force for interphase mass transport over 

much of the contactor. 
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The problem can be solved by the introduction of baffles. To test the importance of 

baffles to contactor performance, the contactor was arbitrarily divided into n sections, 

selected so that water flowed over the transverse fiber in n separate, well-mixed sections. 

That is, the baffles were created along the Y direction in the Figure 2 and water flowed 

between them in n sections. When n was 1, complete transverse mixing was assumed to 

occur. The ideal case of no transverse mixing would correspond to an infinite number of 

baffled sections. Simulations were run for a number of cases that differed only in the 

number of well-mixed sections created for water flow through the contactor. Introduction 

of just one baffle (2 sub-channels) increased the predicted removal of TCE from 96.4% to 

97.9% for the large (hypothetical) contactor (Figure 9), eliminating most of the mixing 

effect. When there were 10 flow channels, mixing effects accounted for a deterioration in 

performance of just 0.02% (relative to the ideal, zero-mixing case). 

Effect of air-to-water ratio 

Figure 10 is a summary of model predictions reflecting the effect of air-to-water ratio 

on contactor performance. The modeled contactor contained 2500 columns and 100 rows 

of fibers. It is evident that the removal rate approaches an asymptotic maximum as the 

air-to-water ratio approaches 8. 

Comparison of countercurrent and cross-flow contactor performance 

Hypothetical treatment systems were simulated to compare the performances of 

countercurrent and cross-flow contactors. The system simulated here treated 2628 L/min 
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of groundwater contaminated with TCE at 100 |j,g/L. The hypothetical, required removal 

rate was 95% to provide a 5 |ig/L effluent concentration, the maximum contaminant level 

for TCE in drinking water. 

For the countercurrent flow contactor, equation (18) was used to calculate the liquid 

phase mass transfer coefficient. The air-to-water ratio was 10 for both contactors. When 

both contactors contained a 2500x2000 matrix of 1.2m fibers, the countercurrent 

contactor provided a removal rate of 46.5%, while the cross-flow contactor provided 

95.6% removal. Thus, the simulations predict a significant advantage for the cross-flow 

contactor over the countercurrent contactor. To achieve the 95.6% removal rate in the 

countercurrent contactor, the fiber length would have to be increased to 16m, if the 

number of fibers is held constant. Alternatively, the number of 1.2m fibers could be 

increased by a factor of 13. 

Economic comparison of MAS with packed tower 

The design and cost estimation of packed towers were carried out using ASDC 

program (Dzombak et al, 1993). The costs for MAS contactors were obtained from the 

manufacturers (Hoechst Celanese CO., Charlotte, NC). The current commercial 

contactors are not cross-flow, but we assume the prices would be same if the contactors 

were built so. The results indicated that MAS is more economic for small-scale 

applications. For example, when the flow rate was 19 L/min (5 gpm) with an influent 

concentration of TCE of 100 |Xg/L to be reduced to 5 jXg/L, the cost of membrane 

contactor was $5,000 and the cost for packed tower was $10,200. When the flow rate 
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increased to 95 L/min (25 gpm), however, the costs for membrane contactor and packed 

tower were $20,000 and $12,500, respectively. 

Conclusion 

The MAS process is an efficient method for removing VOCs from contaminated 

liquids. The introduction of a membrane barrier to separate the air and water phases 

provides several advantages without increasing the total mass transfer resistance. Under 

most design/operation conditions, resistance in liquid phase dominates the mass transfer 

process. Existing correlations can be used to predict the mass transfer coefficients under a 

wide range of operating conditions with reasonable accuracy. Efficient mass transfer in 

the MAS contactor can be achieved at lower air/water ratios than are typically required in 

conventional stripping contactors since the interfacial mass transfer area is fixed by the 

pore area in the MAS contactor. 

Mathematical models were used to simulate the performances of both countercurrent-

flow and cross-flow contactors. Model predictions agreed well with experimental data. 

Model simulations indicate that the cross-flow contactor is a more efficient mass transfer 

device than the countercurrent flow contactor. 
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Figure 1. Experimental setup for countercurrent MAS contactor. VOC-laden water was 

withdrawn from the reservoir and pumped through the hollow fibers. Air was pumped 

outside the fibers in the opposite direction. The target compound was transferred from 

water into air. Effluent water from the membrane module was returned to the reservoir, 

and effluent air was discharged. Samples were taken periodically from the liquid inlet and 

outlet of the module to monitor transfer of the target compound from liquid to gas. 
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Figure 2. Schematic representation of the cross-flow contactor. Water flows in the X 

direction. Gas flows in the Y direction. The whole contactor consists of a matrix of 

control volumes. A typical control volume is shown by boxes. The liquid-phase and gas-

phase portions of each control volume were treated as well mixed. 
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Figure 3. Dependence of TCE removal in the countercurrent contactor on the influent 

TCE concentration (Qw = 0.5 L/min, Qg = 2.5 L/min). The dashed line represents the 

average removal at different influent TCE concentrations. 
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Figure 4. The observed Hnear relationship between ln(Cw,i/Co) and time (countercurrent 

flow contactor, Qw = 0.5 L/min, Qg = 2.5 L/min). The solid line represents equation (9) 

with k = -9.4x10 '^ 1/s. 
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Figure 5. The observed and predicted relationship between overall mass transfer 

coefficient and air flow rate (countercurrent flow contactor, Qw = 0.5 L/min). The solid 

line was obtained from the model. The air-to-water ratio is the ratio of volumetric flow 

rates of air and water. 
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Figure 6. The observed dependence of overall mass transfer coefficient on liquid velocity 

for the countercurrent flow contactor. Solid line is based on equation (18). 
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Figure 7. Observed and predicted dependence of TCE removal on the air-to-water ratio 

(countercurrent flow contactor, Qw = 0.5 1/min). The solid line was obtained from the 

model. 
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Figure 8. Comparison of simulations with contactor performance for the cross-flow 
arrangement. Simulations are based on either equation (19) (figure a) or equation (20) 
(figure b). Solid lines are simulation results. Dashed lines represent the ±20% in the 
corresponding correlations. Air flow rates were 400 mL/min. 
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Figure 9. The effect of sub-channel numbers on the predicted TCE fractional removal. 

The modeled cross-flow contactor contained 2500 column fibers in the direction parallel 

to the liquid flow and 100 row fibers. The flow rate was 30 L/min and air-to-water ratio 

was 10. 
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Figure 10. The predicted effect of air-to-water ratio on TCE fractional removal in the 

cross-flow contactor. The modeled contactor contains 2500 fiber columns in the direction 

parallel to the liquid flow and 100 fiber rows. The flow rate was 30 L/min and the 

number of sub-channels was 10. 
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APPENDIX B 

DESTRUCTION OF AQUEOUS PHASE CARBON TETRACHLORIDE IN AN 

ELECTROCHEMICAL REACTOR WITH A POROUS CATHODE 

He, J; Saez, A. E.; Ela, W. P.; Betterton, E. A.; Arnold, R. G. 

Abstract 

In this work we investigate the use of a continuous-flow, laboratory-scale 

electrochemical reactor for the destruction of aqueous-phase carbon tetrachloride (CT). 

The reactor consists of a porous copper foam cathode and a carbon-cloth anode section 

located downstream from the cathode. Experimental results show that appreciable 

conversions of CT can be obtained in the reactor, as long as the electrical conductivity of 

the liquid exceeds 1 S/m. At lower conductivities, most of the cathode exhibits low 

reactivity for CT-destruction due to relatively low overpotentials. A mathematical model 

was formulated to predict reactor performance. The model takes into account the CT-

reduction reaction, the hydrogen evolution reaction on the cathode surface, as well as 

mass transfer limitations. Using the equilibrium potential for CT reduction as the only 

adjustable parameter, the model adequately represents experimental data for highly-

conductive solutions. 

Keywords: chlorinated organic compounds, carbon tetrachloride, porous cathode, 

electrochemical reactor 
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Introduction 

Low-molecular-weight, chlorinated compounds are among the most pervasive 

contaminants in soil and groundwater. Widespread use of chlorinated methanes, ethanes 

and ethenes, primarily as industrial solvents, and inattention to proper disposal methods 

have produced the current situation. These compounds are prominent pollutants at 

National Priority List sites. Carbon tetrachloride (CT), trichloroethylene, and 

perchloroethylene have been assigned drinking water maximum contaminant levels in the 

range 1-5 |ig/L due to their status as suspected carcinogens. 

A number of physical and biochemical technologies have been applied to remediate 

ground water contaminated with chlorinated solvents with limited success. 

Representative physical strategies include pump-and-treat methods and air sparging. 

Experience has shown that these processes are much slower and more costly than 

originally expected due to contaminant rebound (pump-and-treat solutions) and 

channeling/sphere-of-influence considerations (air sparging). When these strategies 

successfully remove contaminants from groundwater, additional treatment steps are 

required for contaminant destruction or final disposal. Advanced oxidation technologies 

have been employed sometimes, but they depend on adequate dispersal of strong oxidants 

like ozone, hydrogen peroxide or permanganate in zones of contamination. Incineration 

of gas- or liquid-phase halohydrocarbons can produce dioxins and furans, and such 

processes are sometimes discouraged. Biological transformations can depend on the 

encouragement and sustenance of capable bacterial types, and in some cases biochemical 

transformation intermediates are more toxic than precursor compounds. Intrinsic 
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bioremediation methods are usually selected when more aggressive remedies prove to be 

ineffective or unacceptably expensive. 

Because of the electronegative character of halogen substituents, heavily chlorinated 

compounds are thermodynamically disposed to act as electron acceptors in redox 

reactions.'' ^ Zero-valent metals and reduced, metal-containing enzymes and coenzymes 

•  * 3 9  •  can serve as effective reductants for dehalogenation reactions. " Reductive 

dechlorination using zero-valent metals has received considerable attention as an in situ 

remediation tool for contaminated groundwater or as reactive barrier to groundwater 

transport. Potential disadvantages of reactive barriers containing Fe(0) include the release 

of soluble metal, formation of insoluble oxide coatings on elemental metal surfaces and 

hydrogen generation. Halohydrocarbons can also be reduced electrochemically without 

releasing metal ions or passivating electrode surfaces with metal oxides. Through 

judicious section of cathode materials and electrical potential, reduction of halogenated 

targets can yield alkanes or alkenes that are environmentally benign. Copper and nickel 

electrodes are particularly useful in this regard.The kinetics of electrochemical 

reduction may be governed by mass transport and rate of charge transfer at the electrode 

surface." Charge transfer rates are a function of electrode material as well as 

overpotential. Various materials have been studied for electrochemical dechlorination 

including a number of elemental metals,'" '"^ graphite,'^ glassy carbon,'^ conductive 

ceramics'^ and composite materials.'^ 

Here we describe efforts to develop, test and model a continuous-flow, one-

dimensional electrochemical reactor for the destruction of halogenated hydrocarbons in 
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water. Carbon tetrachloride was selected as the target compound for related experiments. 

Our objective is to establish the conditions for rapid conversion of CT to dechlorinated 

products and to characterize transformation kinetics in terms of parameters that are within 

the control of process designers. 

Modeling 

Process description 

The continuous-flow reactor and experimental configuration used in this work are 

shown in Figure 1. There are three reactor sections: a flow distribution section packed 

with sand, a cathode section consisting of a porous copper foam, and a carbon-cloth 

anode section that is positioned downstream from the cathode. The CT-laden solution 

flows through the flow distribution section before entering the copper foam. The cathode 

potential was fixed from -0.1 V to -0.8 V vs. SHE (standard hydrogen electrode) using a 

potentiostat. Reactions at the cathode include the conversion of CT to methane 

CCl,+AH^ -^CH^+ACr (1) 

and hydrogen evolution, 

H,0 + e-  ̂ -H,+OH~ 
' 2 ' 

(2) 
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Water reacts to achieve equilibrium with its ion products: 

+0H- (3) 

Thus, the pH of the solution is expected to increase as a result of reaction within the 

copper foam. 

The primary reaction at the anode is the oxidation of water to oxygen: 

Theoretical equations 

The configuration of the cathode and the uniformity of conditions at its upstream end 

allow us to consider that the concentrations of reactants and products are uniform over 

the cross section of the reactor. Furthermore, longitudinal dispersion is assumed to be 

negligible under the experimental conditions employed in this work. A mole balance on 

CT at steady state is 

H^O -^-0^+2H^ +2e (4) 

m (5) 

where Uav is the superficial liquid velocity (m/s), Cb is the bulk concentration of CT 

'J 
(mole/m ), a is the surface area of the copper foam per unit reactor volume (1/m), and Jm 
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'y 
is the mass transfer flux from the liquid phase to the surface of the electrode (mole/m s). 

Mole balances for proton and hydroxide ion yield are 

U„^=R„-R 
dx 

w (6) 

and 

r j  _  p  

dx w (7) 

where Cq h  and Ch  are the concentrations of hydroxide ion and hydrogen ion (mole/m^), 

respectively, Rh is the rate of the hydrogen evolution reaction (HER) (eq 2) and Rw is the 

net rate of the water dissociation reaction (eq 3) (mole/m^s). Combining eqs 6 and 7 with 

the ion product for water {KW = ChCqh), and solving for the gradient of hydrogen 

concentration yields 

dx 
U,. 

IK. 
^ K ^ 
1+ 

c ^ I 

(8) 

/ 

The current generated in the cathode is the sum of the currents required by reactions 1 

and 2: 

h ~^CT (9) 
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2 where it is the total current density (current per unit cross-sectional area of reactor, A/m ), 

and icT and in are the current densities due to reactions 1 and 2, respectively. Thus, eqs 5, 

8 and 9 describe changes in concentration and current within a section of the cathode. In 

an electrochemical system, the magnitude of these changes is related to the energy added 

to the system as electrical potential. Governing relationships are developed below. 

The rate of disappearance of CT is limited by the rate of charge transfer at the 

electrode surface, the mass transfer rate to the electrode, or a combination of the two. 

When the reaction of CT is controlled by charge transfer kinetics (usually when the 

cathode overpotential is relatively small), the CT concentration at the electrode surface is 

similar to the bulk concentration of CT. On the other hand, if CT transformation is 

dominated by the rate of mass transfer to the electrode, the CT concentration at the 

cathode surface would be essentially zero. Between those two limiting cases, the rate of 

disappearance is a function of both charge transfer and transport rates. 

The flux of CT from bulk liquid phase to the surface of the electrode is given by 

J.=kACt-C,) (10) 

where the mass transfer coefficient, ki (m/s), is assumed to be constant throughout the 

porous electrode, and Cs is the concentration of CT at the electrode surface (mole/m^). 

The mass transfer coefficient was estimated from the following empirical correlation'^ 
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/ t ,  = 0 . 5 2 — ( 1 1 )  
'  d 

where D is the diffusivity of CT in water (m^/s), d is the diameter (m) of the metal fibers 

that comprise the copper foam,^^ the Reynolds number is defined asRe= Uavd/ev, and the 

Schmidt number is S= v/D, where e is the porosity of the copper foam and v is the 

kinematic viscosity of water. 

The rate of reaction is given by: 

Jr=kcC,e^P 
'^-Z qOCFT]^ 

(12) 

where Jr represents the reaction rate (moles CT consumed per unit time and electrode 

surface area), and kc is the surface-area-normalized reaction rate constant (m/s). In the 

exponential term, Zq is the number of electrons transferred in the rate-limiting reaction 

step (see below), and a is the transfer coefficient that reflects the efficiency with which 

electrical energy supplied to the cathode is used to overcome the reaction activation 

energy. The value of a is 0.28 for the electrochemical degradation of CT on copper.In 

eq 12, 77 is the overpotential (V), F is Faraday's constant (coulomb/mole), R is the gas 

constant (J/K-mole) and T is the absolute temperature (K). 

Under steady state conditions, the mass flux is equal to the reaction rate. Hence, eqs 

10 and 12 can be combined to solve for Cs, which yields 
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/ 
(13) 

The overpotential is defined by 

(14) 

where E is the potential applied to the cathode, which is assumed to be uniform 

throughout the porous electrode since the effective conductivity of the metal phase is 

much greater than that of the solution; Eeq is the equilibrium potential of the rate-limiting 

reaction step; rjc is the concentration overpotential and (j)s is the solution potential. 

Reaction 1 proceeds via a mechanism whose rate-limiting step is the formation of 

chloroform radical,^® so that Zo = 1. Since the chloroform radical concentration is not 

readily measured or predicted at the electrode surface, the equilibrium potential, Egq, is 

used as an adjustable parameter in this work. 

The concentration overpotential, rjc, is the change in overpotential due to reactant 

concentration differences between the bulk solution and electrode surface. A depletion of 

reactive species occurs in the electrolyte solution adjacent to the electrode. The 

concentration overpotential is small when the concentration of the target compound at the 

electrode surface is close to that of the bulk solution, i.e., when the reaction rate is 
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determined primarily by charge transfer kinetics. Thus the concentration overpotential 

should be minimal at relatively low (less negative) cathode potentials. The concentration 

overpotential is calculated from^' 

RT , 
Vc = In 

Z,F 
—i 
c V y 

(15) 

The gradient of the solution potential is related to the total current density by 

I .  = - K  
dx 

(16) 

where K'is the effective conductivity of the solution in the cathode compartment (S/m), 

calculated from 21 

K-KqE 1.5 (17) 

where Kq is the conductivity of the solution and e is the porosity of the cathode. 

The hydrogen overpotential (7/^) is given by Tafel's equation: 

logjQ j f j  (18) 
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where ut and bj are constants, and jn is the hydrogen current density based on the 

- , . 1 dif, ^ 
electrode surface area (= —). 

a dx 

The hydrogen overpotential is defined by 

(19) 

in which the equilibrium potential for hydrogen evolution is given by 

(20) 

where Cqh is the concentration of hydroxide ion (mol/L), Efn.eq is the equilibrium 

potential under standard conditions (EPn.eq = -0.82V), and Phi is the partial pressure of 

hydrogen at the surface of electrode, here assumed to be 1 atm. Combining eqs 18 to 20 

leads to 

+^T^^8IOJH (^1) 

Problem Formulation 

The governing equation for CT concentration is obtained by substituting the mass 

transfer flux relationship (eq 10) into the mass balance (eq 5) to obtain 



dx 
(C.-C,) 
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(22) 

Recall that Cs is represented in terms of the bulk concentration and local overpotential (eq 

13). 

The governing equation for the hydrogen ion concentration is derived from eq 8, 

noting that Rh = ajH/F, yielding 

dx 
U F 

^Jh (23) 

V 'H 

The solution potential is governed by eq 16 which, using eq 9, can be rewritten as 

_ 0// ^cT ) ^24) 
dx K 

The gradient of the current density due to CT conversion is derived from the following 

charge balance 

^=-U„ZF^ (25) 
dx dx 

where, for CT conversion to methane, Z = 8 (eq 1). 
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The previous system of differential equations is subject to the following boundary 

conditions: first, inlet concentrations are prescribed: 

Q - Q m '  h bm' ^26) 

At the entrance to the cathode section of the reactor there is no current density 

i ,  =0, jc=0 (27) 

and the solution potential is assigned a value of zero at the downstream end of the 

cathode^^' 

^,=0, x=L (28) 

As will be discussed in the Results and Discussion section, this boundary condition for 

solution potential is valid only when the solution conductivity is relatively high. 

Solution Procedure 

The differential equations 22 to 25 were discretized using a first-order forward 

difference approximation (Euler's method), with a uniform interval size throughout the 

solution domain (0<x<L). Typically, 400 intervals were enough to find a converged 

solution. 
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The boundary conditions for concentrations and current density (eqs 26 and 27) are 

imposed at the upstream end of the cathode. However, since the boundary condition for 

the potential is specified at the downstream end (eq 28), the problem becomes a boundary 

value problem. To solve it, we used an iterative technique that starts by assuming a value 

for <psQ.ix = 0 {(l)so), thereby transforming the discretized problem into an initial value 

problem. The most common iteration technique in this type of situation would be to 

calculate the value of 0, at x = L, and iterate varying <l)so until the desired boundary 

condition (eq 28) is achieved. However, we have found that it is more efficient in terms 

of number of iterations to proceed with the solution (using Euler's method) by stepping in 

the X direction until the condition ^^=0 is achieved. This happens, in general, at jc=L'. At 

this point, Euler's method is stopped and the value of (j)so is modified according to 

This adjustment function was selected after a linear adjustment strategy failed to yield 

converged solutions. The stepwise calculation is repeated until t'-L /L < 10'^. This 

procedure led to a converged solution in 500 to 1,500 iterations. 

During the solution procedure, and after Cb and <j>s are determined for a particular grid 

point in x, the values of ijc, f], and Cs are calculated solving eqs 13, 14 and 15 

simultaneously. This nonlinear set of equations was solved by a direct iteration method 

(29) 
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with relaxation, starting with r]c = 0. The method then applies sequentially eqs 14, 13 and 

15 until values of rjc, 7], and C., converge. 

Material and Methods 

Experimental setup 

Figure 1 illustrates the experimental setup used in the study. The reactor was 

manufactured from a plexiglas tube with a inner diameter of 1-1/4 inch. It was operated 

vertically in upflow mode to facilitate the release of hydrogen bubbles. Carbon-

tetrachloride-laden water entered the reactor from the base. A 3-cm sand bed provided a 

flow distribution zone. A Ag/AgCl reference electrode (Thermo Orion, Beverly, MA) 

was inserted 0.5 cm above the surface of the sand bed and 0.5 cm below the entrance to 

the porous copper cathode. The copper foam cathode material (Electrosynthesis, 

Lancaster, NY) had a porosity of 95% and a specific surface area of 1100 mVm^ 

(manufacturer's data). It was cut into 1-1/4-inch diameter disks with thickness of about 

0.5 cm. Several disks were stacked together to produce the desired cathode length. The 

potential drop across the cathode was negligible in all the experiments performed. The 

disks were soaked in 2% Micro-90 cleaning solution (Cole-Parmer, Vernon Hills, IL) 

and placed on a shaking bed for at least 3 days prior to each experiment. The cleaning 

solution was changed every day. Before use, the disks were rinsed using high purity 

water (Milli-Q water systems, Millipore Company, Bedford, MA). Carbon cloth 

(Electrosynthesis) was used as the anode. The cathode potential was fixed using a 
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potentiostatic controller (Electrosynthesis) that was connected to a DC power supply 

(Harrison Laboratories, Parker, CO). 

Chemicals and solutions 

All chemicals were used as purchased. The electrolyte solution was made by adding 

potassium sulfate (99+%, EM Science, Gibbstown, NJ) to high purity water to produce 

target solution conductivities. The solutions for measurement of hydrogen-evolution 

reaction were prepared by adding buffers to the original electrolyte solution. The pH 7.2 

buffer solution was obtained by dissolving monobasic potassium phosphate and dibasic 

potassium phosphate at a molar ratio of 1:1. The pH 10.3 buffer contained equimolar 

concentrations of potassium carbonate and potassium bicarbonate, and the buffer solution 

at pH 12.3 was obtained with equimolar concentrations of dibasic potassium phosphate 

and tribasic potassium phosphate. The strengths of all three buffer solutions were 2 |a,M. 

The buffer solutions were purged with argon for 3 hours to eliminate dissolved oxygen 

before use. 

Target influent CT concentrations were obtained by adding pure CT (99.5+%, 

Aldrich Chemical Co., Milwaukee, MI) to the argon-purged solutions. Solutions were 

then mixed for 24 hrs using a magnetic stirring bar to guarantee complete dissolution. 

Experimental Procedure 

All experiments were conducted at room temperature (approximately 25°C). The 

cathode potential was set after the reactor was completely filled with the influent 
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solution. Samples were taken after steady state conditions were achieved (usually 30 

minutes after the cathode potential was set). The cathode potential was monitored using a 

Fluke 73 III Multimeter (Fluke Corp., Everett, WA) that measured the potential 

difference between the cathode and reference electrode. The current was monitored 

using a Model 197 auto-ranging microvolt DMM (Keithley Instruments, Inc., Cleveland, 

Ohio). The flow rate was measured volumetrically. 

Sampling and analysis 

Water samples (50 |iL) were withdrawn from the reactor through sampling ports 

located at jc = 0, 1, 2, 3, 4 cm from the cathode inlet using a glass syringe. Samples were 

immediately transferred to sealed vials containing 1 mL of heptane (Burdick & Jackson, 

Muskegon, MI). 

Heptane extracts were analyzed on a HP 5890 gas chromatograph (Hewlett Packard, 

St. Paul, MN). The GC was equipped with a capillary column (J & W Scientific, column 

DB-624) and electron capture detector. The gas flowrate was 26 mL/min. The 

temperatures of oven, detector and inlet were set at 40°C, 275°C and 150°C, respectively. 

Product Identification 

Liu et al.'° observed that the electrochemical reduction of CT on iron, nickel, and 

copper electrodes in a batch system produced a temporary accumulation of metastable 

reduction intermediates, including chloroform. Chloroform was subsequently converted 

to methane and CH2CI2. Copper and nickel provided both favorable reduction kinetics 
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and relatively high CH4/CH2CI2 ratios. In this study, chlorinated intermediates were 

always below GC detection limits; methane was assumed to be the primary conversion 

product. 

Results and Discussion 

The hydrogen evolution reaction was first studied in the absence of CT in order to 

establish the Tafel constants for our experimental system. Experiments with CT followed. 

The results were used to calibrate the mathematical model. Model simulations were 

performed to investigate the sensitivity of reactor performance to operational variables 

and to determine whether the reactor was charge-transfer or mass-transfer limited. 

Hydrogen evolution reaction 

Aqueous-phase cathode processes often proceed parallel to the reduction of water, 

limiting the overall current efficiency, defined in terms of the fraction of reducing 

equivalents that are used to convert target to product. The relation between the current 

and overpotential for hydrogen evolution is described by Tafel's equation. The current-

overpotential relation depends on many factors, among which electrode material and 

electrode surface conditions are of particular importance. The coefficient brCeq 18) is 

relatively constant for different electrode materials and different surface conditions, with 

the exception of metals that strongly adsorb hydrogen, e.g. platinum and palladium. 

However, values for the coefficient ax vary considerably even for a single electrode 
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material. This is generally attributed to variation in the electrode surface condition and 

solution purity.^' 

To evaluate Tafel coefficients for our experimental conditions, a 0.5 cm thick copper 

foam disk was used as cathode, and solutions at several fixed pHs were passed through 

the reactor. Three different solutions were studied: phosphate-buffered solutions with 

pHs of 7.2 and 12.3, and a carbonate-buffered solution at pH 10.3. Current densities were 

obtained by dividing the observed currents by the total electrode surface area. The 

overpotential was calculated using eq 19, assuming that the change in solution potential 

was negligible across the 0.5 cm electrode. Data on the relation between current density 

and overpotential for the reduction of water on the copper cathode are presented in Figure 

2. The Tafel coefficients obtained in this manner (ax = -0.216, bj = -0.129) are 

comparable to those reported previously.^^ 

Inter-experiment variations in a series of identical CT-free experiments were similar in 

magnitude to variations produced by changing pH from 7.2 to 12.3. Thus, it was 

concluded that pH has a negligible influence on the Tafel coefficients within the 

limitations of the experiment. The regression line in Figure 2, based on results from all 

CT-free experiments, was used to relate hydrogen generation to cathode potential in all 

subsequent model simulations. 

Destruction of carbon tetrachloride 

Carbon tetrachloride conversion experiments were conducted using flow rate, cathode 

potential, and solution conductivity as independent variables. Simulations were 
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performed for the same set of experimental conditions. The effect of cathode potential on 

CT removal rate is illustrated in Figure 3(a). The total removal of CT in the reactor 

increased from 36% to 71% when the cathode potential was decreased from -0.1 V (all 

the potentials reported are vs SHE unless otherwise stated) to -0.4 V. Further decrease in 

cathode potential from -0.4 V to -0.8 V increased the removal only from 71% to 83%. 

The model calibration was carried out using a single fitting parameter, the equilibrium 

potential, to optimize agreement between prediction and observation; the fitted value was 

Eeq = 0.5 V. All subsequent simulations were carried out by keeping this value constant. 

The standard equilibrium potential for the rate limiting reaction step (charge transfer to 

CT to produce trichloromethyl radical) has been estimated at -3.1 The difference 

between the fitted value and standard potential can only be reconciled if the 

trichloromethyl radical is exceptionally reactive. 

The effect of liquid superficial velocity on observed CT removal rates is shown in 

Figure 3(b). When the liquid velocity was increased from 0.022 cm/s to 0.047 cm/s, the 

rate of CT conversion in terms of concentration decay per unit residence time increased 

due to enhanced mass transfer, but the overall removal decreased from 83% to 60% 

because of the abbreviated retention time. Again, simulations were performed using an 

equilibrium potential of 0.5 V, and reasonable agreement between experiments and 

predictions was obtained. 

When the solution conductivity was increased from 1.20 S/m to 1.75 S/m, CT removal 

increased from 64% to 73% (Figure 3c). These results show that reactor performance and 
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model simulations are relatively insensitive to solution conductivity in this particular 

range. 

Model predictions 

The agreement between the experimental results and the simulation indicates that the 

model can be used to predict CT transformation in the reactor. The calibrated model was 

therefore applied to a series of hypothetical cases to better understand the effects of 

operational variables on reactor performance. Simulations also allowed us to distinguish 

between the contributions of HER and CT reduction to overall reactor current. 

The predicted effect of applied cathode potential on CT profiles in the reactor is 

illustrated in Figure 4(a). In the range -0.1 V > Ec > -0.4 V, total CT removal increased 

from 37% to 82%. Applied potentials below -0.4 V are predicted to have little effect on 

CT removal. However, a reduction of potential below this value causes accelerated 

hydrogen production, with consequent increases in solution potential. The contribution of 

hydrogen reduction to the local current density in the cathode section is shown in the 

profiles of Figure 4(b). Note the substantial increase of this contribution at low applied 

potentials. For these results, current densities for CT reduction (not shown) are in the 

range 0-7 A/m and become insensitive to applied potential below -0.4 V, as evidenced 

by the results in Figure 4(a). The difference in pattern arises because the reduction of 

water is not subject to the same mass transfer limitation as CT reduction at the most 

negative voltages used in the simulations. 
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The lack of sensitivity of CT concentration profiles to applied potential below -0.4 V 

is attributable, at least in part, to development of a substantial solution potential, or the 

energy consumed to drive charge through the solution to complete the electrolytic circuit. 

Predicted solution potentials are presented as a function of position in the cathode section 

and the cathode potential in Figure 4(c). Solution potential is predicted to grow rapidly 

with distance in the cathode when Ec is -0.4 V or below. Furthermore, the predicted 

solution potential is most negative at the upstream end of the cathode and increases along 

the length of the electrode. In the last centimeter of the cathode, the gradient in solution 

potential is most severe, as expected from current density considerations (eq 24). It is 

apparent that at the most negative potentials simulated, much of the cathode is operated at 

a relatively low efficiency due to the effect of solution potential on the cathode 

overpotential (eq 14). 

The relation between solution potential at the influent end of cathode and cathode 

potential is illustrated in Figure 5. Clearly, when cathode potential is more negative than 

-0.6 V, the local solution potential decreases almost linearly with the change in cathode 

potential (slope = 0.9), suggesting that most of the additional energy applied to the 

cathode is consumed by iR voltage in the liquid phase. Since most of this charge is 

derived from the reduction of water (Figure 4c), cathode potentials lower than -0.6 V do 

little to promote CT reduction. 

The effects of solution conductivity on overall reactor performance are illustrated in 

Figure 6. Overall CT removal increases monotonically with conductivity in the range 

0.05 S/m < Ko < 4.0 S/m (Figures 6a, b). The conductivity of 0.05 S/m corresponds to a 
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300 mg/L K2SO4. For comparison purposes, it is interesting to point out that water with 

less than 1000 mg/L of total dissolved solids is classified as fresh water.At the lowest 

conductivities simulated, much of the cathode is inactive in terms of CT consumption, 

and CT removal occurs primarily at the downstream end of the cathode. At higher 

conductivities, the entire cathode contributes to CT destruction (Figure 6a). Again, the 

relationship between solution potential and conductivity is central to electrode behavior. 

Overall CT removal efficiency is predicted to drop off significantly when Kq < 1 S/m 

(Figure 6b). This effect is particularly marked at conductivities below about 0.5 S/m. 

These calculations show that contaminated fresh waters will be difficult to remediate 

using the electrolytic reactor used in this work. That is, conductivities on the order of 

0.05- 0.10 S/m should handicap reactor performance, leading to solution potentials that 

severely limit the overpotential for charge transfer reactions in the upstream sections of 

the cathode (Figure 6c). 

The model was used to explore the effect of hydrodynamic residence time, defined as 

HRT=L/Uav, on reactor performance. In practice, the HRT can be adjusted by changing 

either the liquid velocity (which would correspond to increasing the reactor diameter for 

a fixed flow rate of liquid) or the cathode length. Both approaches were considered to 

generate results. Figures 7(a) and (b) show how HRT affects CT removal and solution 

potential at the entrance of the cathode, for two different solution conductivities. For high 

solution conductivity case (ko = 2 S/m), CT removal was essentially independent of the 

method chosen to increase HRT up to HRT =15 min (Figure 7a). For higher residence 

times, CT removal becomes insensitive to cathode length at constant liquid velocity, but 
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it keeps increasing monotonically with decreasing liquid velocity at constant cathode 

length. At the lower conductivity (kq = 0.05 S/m), increasing HRT by increasing the 

cathode length had little or no effect on reactor efficiency for HRT > 3min. Clearly, 

increasing reactor length to promote contaminant removal in a relatively low ionic 

strength solution is of little value. Corresponding solution potentials predicted at the 

entrance of the porous cathode are shown in Figure 7(b). It is apparent that, irrespective 

of solution conductivity, increasing HRT by decreasing liquid velocity (i.e., increasing 

reactor cross-section) is more efficient than increasing reactor length, primarily as a 

consequence of relative solution potentials. For the same HRT values, the larger, 

narrower reactor configuration increases the solution potential at the reactor inlet (and 

presumably over much of the upstream reactor section) since charge must be transferred 

over greater distance to complete the electrolytic circuit (leading to greater iR drop). 

Sensitivity analysis 

Given the uncertainties associated with the experimental determination of the 

coefficients for Tafel's equation (eq 18 and Figure 2), and to evaluate the effect of water 

reduction on the removal of CT, we have performed calculations to assess the sensitivity 

of CT concentration profiles to changes in the current density of the hydrogen evolution 

reaction. For this purpose, we have artificially modified the value of jn calculated from eq 

18 by factors of 10, 50 and 100. The results of the calculations performed with the model 

for these cases are shown in Figure 8. The results show that, under the conditions 

considered, CT removal is insensitive to changes in the calculated current density for 
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hydrogen generation: the overall CT removal fraction varied from 80.5% to 76.2% when 

jn is changed by two orders of magnitude. These changes would clearly affect reactor 

performance, especially in terms of power consumption. However, model predictions of 

CT removal are not affected by the uncertainties explored. 

Model limitations 

The model presented considers only processes that occur on the cathode. The 

boundary condition for the solution potential at the downstream end of cathode was a 

zero-potential condition (eq 28); i.e., all solution potentials are referenced to a zero 

solution potential at the downstream end of the cathode. The same boundary condition 

has been applied to simulate the performance of porous electrodes in previous works.^' ' 

The application of this condition implicitly assumes that there will be no charge-transport 

limitations between the end of the cathode and the anode. This is an adequate 

consideration when the solution conductivity is relatively high. For low solution 

conductivities (<1 S/m), however, the overall iR drop across the cathode and between the 

anode and cathode becomes important. Although the applied cathode potential is 

unchanged, the overpotential for the charge transfer reaction throughout much of the 

porous cathode is considerably lower. Model predictions based on the stated boundary 

condition indicate that much of the cathode would be unreactive due to low overpotential. 

From measurements of the HER current in the absence of CT for various solution 

conductivities (Figure 9), it is evident that hydrogen evolution starts at much higher (less 

negative) cathode potentials in the lowest conductivity solution. This unexpected result 
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leads us to speculate that the potential at the downstream end of the cathode is 

significantly larger than 0 V, leading to higher than expected overpotentials. 

Current measurements in the CT-free experiments were supported by visual 

observations of hydrogen gas formation, primarily at the downstream end of the porous 

cathode. It is emphasized that model predictions of HER current were much lower than 

observations for all low-conductivity simulations, and the observed effect of low 

conductivity on the relationship between HER current and cathode potential could not be 

anticipated within the current model framework. That is, in the 0.45 S/m conductivity 

experiment (Figure 9), the onset of measurable HER current was at Ec = -0.32 V. In the 

1.1 and 2.3 S/m conductivity experiments, the onset of HER current was observed at a 

cathode potential of -0.97 V. It is hypothesized that a significantly higher anode potential 

is needed under low conductivity conditions to drive the anode reaction at the pace 

required to match the cathode reaction. Under those circumstances, the assumed zero-

potential boundary condition at the downstream end of the cathode is violated. 

Model predictions obtained by varying the downstream boundary conditions in low 

conductivity solutions are summarized in Figure 10. Both model and experiments 

indicated that the first three fourths of the cathode was inactive. Observed degradation of 

CT occurred only in the last quarter of the cathode. However, the model predicted 

essentially no removal of CT when the zero-potential boundary condition was employed. 

Making the boundary solution potential positive improved the fit between model and 

experiment while maintaining the same spatial relationship for CT removal. The overall 

removal rate of CT increased monotonically up to (j)s = 0.9 V at x=L. After that, removal 
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predictions were essentially independent of the value selected for the boundary solution 

potential. At that point, the removal efficiency is controlled by mass transfer limitations 

since the rate constant for the charge transfer reaction was more than three orders of 

magnitude higher than the mass transfer coefficient (calculation not shown). The highest 

predicted removal rate (38%) was significantly lower than the experimental value of 

55%. The difference arose, at least in part, from CT stripping via H2 gas evolution. At the 

observed HER current of 0.18 A, H2 gas evolved at a rate of 2.7 mL/min (1 atm, 25 °C). 

Since Henry's law constant for CT in water is 1.23,^"^ and the liquid flow rate was 15 

mL/min, stripping alone can account for removal of 22% of the total observed CT 

removal. The exercise is based on the assumption of instantaneous equilibrium between 

gas and liquid-phase CT concentrations. 

Conclusion 

The electrochemical reduction of aqueous-phase CT in a continuous-flow reactor with 

a porous copper electrode is a feasible process. Removal of CT increases with lower 

(more negative) cathode potentials until hydrogen evolution becomes excessive. At that 

point, the increase in solution potential offsets further change in cathode potential and 

limits further improvement in reactor performance. Carbon tetrachloride removal 

efficiency was predicted to vary inversely with the liquid velocity when the 

hydrodynamic residence time is held constant by shortening the reactor length. The 

explanation for this trend lies primarily in the distribution of solution potential within the 

porous cathode. At solution conductivities less than 1.0 S/m, both experiment and 



simulation showed that reactor performance is seriously handicapped by solution 

potential in the porous cathode. The model predictions of reactor performance were in 

reasonable agreement with experimental results for high conductivity solutions (> 1.0 

S/m). At lower conductivities, calculations show that discrepancies between the model 

predictions and experimental results are due to the loss of validity of the zero-potential 

boundary condition at the downstream end of the cathode. 
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Figure 1. Schematics of the electrochemical reactor. 

The CT aqueous solution first flows through a 3-cm deep flow distribution section 

packed with sand. It then enters the cathode section of the reactor, consisting of a porous 

copper foam. The cathode section has a length L=4 cm. The anode (carbon cloth) is 

located 2 cm downstream from the end of the cathode. A potentiostat was used to control 

the applied potential on the cathode. An Ag/AgCl reference electrode was placed 0.5 cm 

upstream from the cathode. 
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Figure 2. Relation between overpotential and current density for the hydrogen evolution 

reaction. The solution conductivity is 2.3 S/m. The solid line is a fit of all the data using 

Tafel's equation (eq 18) with ax = -0.216 and bx = -0.129. 
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Figure 3. Normalized CT concentration profiles in the reactor for various operating 

conditions. The symbols are experimental data and the solid lines are model predictions. 

(a) The liquid superficial velocity is 0.014 cm/s, the conductivity of the solution is 2.7 

S/m. The legend shows applied cathode potential. 

(b) The applied cathode potential is -0.6 V, the solution conductivity is 2.7 S/m. The 

legend shows liquid superficial velocity. 

(c) The liquid velocity is 0.032 cm/s, the cathode potential is -0.55 V. The legend shows 

solution conductivity. 

(c) 

• 1.75 S/m 



(a) 

0 . 9  

0.8 

0 . 7  

-0.1V 

0 . 5  

-0.2V 
0 . 4  

•JS 
0 . 3  

- -0.3V 

-0.6 V 

0 .2  

-0.8V 
0.1 

0.0  
0 2 3  4  

Distance (cm) 



99 

-0.8V 

O 20  

o 10 -0.6V 
-0.4V 

-0.1V 

2  3  

Distance (cm) 



100 

(C) 

0.00 

-0 .1  0  

- g  - 0 , 1 5  

- 0 . 2 5  

- 0 . 3 0  

- 0 . 3 5  

Oistance (cm) 

Figure 4. Model predictions on the effect of cathode potential on: (a) CT concentration 

profiles, (b) hydrogen current density profiles, and (c) solution potential profiles. In all 

cases, the liquid superficial velocity is 0.01 cm/s, and the solution conductivity is 2 S/m. 
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Figure 5. Predicted change of overall CT removal fraction and solution potential at the 

entrance of cathode with applied cathode potential. The liquid superficial velocity is 0.01 

cm/s, the solution conductivity is 2 S/m. For low applied cathode potentials, the relation 

between solution and cathode potentials is linear. 
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Figure 6. Effect of solution conductivity on predicted (a) CT concentration profiles, (b) 

overall removal fraction (1-Cb/Cbin), and (c) solution potential profiles. The applied 

cathode potential is -0.4 V, the liquid superficial velocity is 0.01 cm/s. 
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Figure 7. Effect of hydrodynamic residence time (HRT) on (a) CT removal, and (b) 

solution potential at the entrance of the cathode, for different solution conductivities. For 
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the results labeled as (1), HRT was changed by changing the length of the cathode for a 

fixed liquid superficial velocity of 0.01 cm/s. For the results labeled as (2), HRT was 

changed by changing the liquid velocity for a fixed length of cathode of 4 cm. All results 

correspond to an applied cathode potential of -0.4 V. 
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Figure 8. Sensitivity of the CT concentration profiles to changes in hydrogen generation 

current density. The current density calculated from Tafel's equation (eq 18) is increased 

by factors of 10, 50 and 100 in the model simulations used to generate the CT 

concentration profiles. For these results, the liquid superficial velocity is 0.034 cm/s, the 

solution conductivity is 2.3 S/m, and the applied cathode potential is -0.6 V. 
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Figure 10. Experimental data and model predictions (solid line) for a low conductivity 
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APPENDIX C 

DESTRUCTION OF AQUEOUS PHASE CARBON TETRACHLORIDE IN A TWO-

DIMENSIONAL ELECTROCHEMICAL REACTOR WITH A POROUS CATHODE 

He, J; Saez, A. E.; Ela, W. P.; Betterton, E. A.; Arnold, R. G. 

Abstract 

Here we investigated use of a continuous-flow, laboratory-scale electrochemical 

reactor for the destruction of aqueous-phase carbon tetrachloride (CT). The reactor 

consisted of a cylindrical porous copper cathode and a concentric carbon-cloth anode 

wrapped around the cathode. A mathematical model was formulated to predict reactor 

performance. The model accounted for CT reduction, the hydrogen evolution on the 

cathode surface, and CT mass transfer limitations. The equilibrium potential for CT 

reduction was the only adjustable parameter. The model adequately represented 

experimental data under high-conductivity (K = 2.2 S/m) and low-conductivity (K = 0.05 

S/m) conditions. Proximate positioning electrodes in annular anode/cathode configuration 

resulted in efficient CT destruction, even in the low-conductivity water. Model results 

suggest that the entire cathode was active during CT reduction experiments - i.e., that 

solution potential did not render portions of the cathode non-reactive, even in the low-

conductivity experiments. 
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Keywords: chlorinated organic compounds, carbon tetrachloride, porous cathode, 
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Introduction 

Chlorinated solvents in soil, sediment and groundwater remain among the most 

pressing hazardous waste remediation problems in the United States despite billions of 

dollars spent at sites contaminated with these compounds. Semivolatile chlorinated 

organics are among the contaminants identified at 14 of 15 Arizona sites on the National 

Priority List and 29 of the 33 sites listed for remediation in the WQARF. In part, this has 

been due to the inadequacy or cost of remediation technologies and the resistance of 

many of the chlorinated solvents to transformation via mainstream biochemical 

processes. In many cases, regulators have opted for passive strategies consisting of 

containment and monitoring for long periods of time rather than incur the expense of 

environmental restoration. 

Also motivating the development of innovative methods for restoration of sites 

contaminated with chlorinated solvents is the recent assertion of the Environmental 

Protection Agency that trichloroethylene, one of the most prominent contaminants at 

national and Arizona Superfund sites, may be an order of magnitude more toxic than 

previously held. Consequently, Superfund sites at which TCE clean-up activities are 

complete may require reevaluation, and the selection of remediation technologies for 

such applications may be reevaluated as well. 
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The electronegative character of chlorine substituents makes the chlorinated solvents 

particularly good targets for transformation via reductive pathways [1,2]. Consequently, 

reductive dechlorination using zero-valent iron, for example, has received considerable 

attention as in situ remediation tools for contaminated ground water. Electrochemical 

reduction of these compounds offers several advantages over reactive iron barriers - most 

notably enhanced, controllable reduction kinetics and cathodic protection against 

electrode passivation or corrosion [3]. Selection of cathode material and potential can be 

manipulated so that completely dehalogenated chemical species are the predominant 

reaction products. Materials that have been studied in this regard include a variety of 

metals , graphite, glassy carbon, conductive ceramics and composties [3-9]. 

In general, electrochemical reduction kinetics is govemed by transport of the target 

chemical to the cathode surface, the rate of charge transfer on the surface or a 

combination of the two. Operating at current densities well below the (mass transport) 

limiting current may be necessary in aqueous-phase application in order to avoid 

excessive hydrogen generation. When charge transfer at the cathode surface limits the 

overall rate of chemical conversion, there is a direct relationship between the logarithm of 

the cathode current density and overpotential for the charge transfer reaction. 

The ration of electrode surface area to reactor volume, or volume rate of flow in 

continuous-flow reactors, is also an important determinant of reactor kinetic performance. 

However, the relationship between surface area and kinetics can be complex due in part 

to the dependence of overpotential on the solution potential, or the iR drop necessary for 

inter-electrode ion transfer to complete the electrolytic circuit. 
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Previous work in continuous-flow electrolytic reactors with a porous cathode showed that 

the reduction of carbon tetrachloride (CT) at cathode potentials from -0.4 to -0.8V (vs. 

SHE) using a high-specific-surface-area copper foam cathode was sensitive to the 

conductivity of the water treated [10]. In these experiments, flow was uniform through 

the porous cathode, and the anode was situated in a downstream position. Thus, ion flow 

necessary to complete the electrolytic circuit was parallel to fluid flow, and at least parts 

of the cathode were fairly isolated from the anode. At a solution conductivity of 2.7 S/m 

and cathode potential of -0.4V (vs. SHE), the reactor destroyed about 75 percent of the 

CT initially present. The reactor mean residence time was less than 5 minutes. When the 

conductivity was 0.05 S/m - similar to that of many potable waters - the same reactor 

under similar operation conditions removed only 25 percent of the influent CT, and the 

first three-fourth of the cathode was inert with respect to CT reduction. Simulation of 

cathode performance suggested that lack of CT reactivity in the influent portion of the 

reactor was due to loss of dissipation of overpotential arising from iR drop(solution 

potential) in the low conductivity solution. The limitations of the reactor in that electrode 

configuration for treatment of chlorinated solvents in potable water supplies were clearly 

evident. It was also clear that reactor performance could not be improved by lengthening 

the reactor to increase detention time or by decreasing the cathode potential since 

hydrogen generation at more negative cathode potentials was predicted to increase the 

solution potential and further dissipate the charge transfer overpotential. 
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Here we evaluated an altered electrode configuration in which a concentric anode was 

wrapped around a cylindrical porous-copper cathode whose longitudinal axis was again 

parallel to the direction of fluid flow. Reactor performance was established in terms of 

CT reduction in both high- and low-conductivity aqueous solutions. The proximate 

position of anode and cathode minimized development of solution potential and allowed 

the reactor to be extended in the direction of flow to increase detention time. Reactor 

performance was also simulated so that solvent removal efficiency could be anticipated in 

a broad set of operational conditions. 

Modeling 

Process description 

The two-dimensional electrolytic reactor used in this work is illustrated in Figure 1. 

The cylindrical cathode, comprised of porous copper foam, was placed along the central 

axis of the continuous-flow reactor. A proton exchange membrane separated the cathode 

from a carbon-cloth anode that surrounded the inner cylinder. The CT-laden influent 

solution flowed through the copper foam. A CT-free anolyte solution flowed through the 

outside cylinder. The cathode potential was regulated by a potentiostat. Expected 

reactions on the cathode were the reduction of CT and hydrogen evolution from water: 

CCl^+AH^ +%e' ^CH,+ACl' (1) 

and 

(2) 
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Among the possible reactions on the anode was the oxidation of water to form molecular 

oxygen: 

h^0-2e- (3) 

Proton transport from anode to cathode was relied up to complete the electrolytic 

circuit. The influx of protons to the cathode chamber was balanced in part by water 

formation to satisfy the ion product (Kw) for water: 

(4) 

Theoretical equations 

Longitudinal dispersion was assumed to be negligible. The mass balance for CT under 

steady conditions was then: 

u. 
dc^_dcr a r 

dx r dr dr 
•aJ„ (5) 

in which Uav is the superficial liquid velocity (m/s), Cb is the bulk concentration of CT 

(mole/m^), dct is the diffusivity of CT in water (m^/s), a is the surface area of the copper 

foam per unit reactor volume (1/m), and is the mass flux of CT from the liquid phase 

to the surface of the electrode (mol/m^ s). Mass balances for proton and hydroxide ion 

yield: 

u D. 

dx 
r " 

dr 
V 

dr 
-rfj  -r^ (6) 

J 

and 
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_ ̂ oh 

dx  dr  

dC.  OH 

dr  
r .  w (7) 

where ch and cqh are the concentrations of proton and hydroxide ion (mol/m ). rh and 

Rw are rates of the hydrogen evolution reaction (HER) (Eqn 2) and water balance reaction 

(Eqn 4) (mol/m^ s). Combining Eqns (6) and (7) with the ion product for water (Kw = 

Ch'Coh), and solving for the gradient of proton concentration yields: 

1+-
C 

dC,  

dx  
I ^oh 

r  Cl  dr  dr  
(8) 

The cathodic current is the sum of the currents generated via reactions (1) and (2): 

~^ct "'"'h (9) 

where it is the total current density (radial charge transfer rate per unit area at an arbitrary 

annular position, A/m^), and /crand iu are the current densities due to reactions (1) and 

(2), respectively. Thus, Eqn (5), (8), and (9) describe changes in CT mass and charge 

transfer within a section of the cathode. In an electrochemical system, these processes are 

driven by energy added to the system as electrical potential. 

If the overpotential is sufficiently negative, the CT concentration at the cathode 

surface can be lowered to much less than the bulk CT concentration. At that point, the 

rate of CT reduction is transport limited. At much less negative overpotentials, the rate of 

CT destruction may be limited by the rate of charge transfer on the electrode surface. 

Between those two limiting cases, the rate of disappearance is a function of both charge 

transfer and transport rates. 

The flux of CT from bulk liquid phase to the surface of the electrode is described by: 
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J.=k,(C,-C,) (10) 

The mass transfer coefficient, kt (m/s), is assumed to be constant throughout the porous 

electrode, and C, is the concentration of CT at the electrode surface. From the heat 

transfer literature [11], an approximate mass transfer correlation was obtained based on 

the physical analogy between heat and mass transfer processes: 

jt^=0.52—Re°^5c°^^ (11) 
'  d 

where D is the diffusivity of CT in water (m/s), d is the diameter (m) of metal fibers that 

comprise the copper foam [12], is defined as Uavd/ev, and Sc is defined as v/D, where 

e is the porosity of the copper foam and v is the kinetic viscosity. 

The rate of reaction is given by: 

Jr=kcC, exp 
- Z^aFrj ^ 

RT 
(12) 

/ 

where Jr is the area-normalized CT reaction rate (mol/m s) and kc is the area-normalized 

reaction rate constant (m/s). In the exponential term, zq is the number of electrons 

transferred in the rate-limiting reaction step (see below), and oris the transfer coefficient, 

a measure of the efficiency with which electrical energy supplied to the cathode is used to 

overcome the reaction activation energy. The value of a is 0.28 for electrochemical 

degradation of CT on copper [13]. The charge-transfer overpotential is 77 (V), F is 

Faraday's constant (coulomb/mole), R is the gas constant (8.314 joule/K mole) and T is 

the absolute temperature (K). 
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Under steady state conditions, the mass flux is equal to the reaction rate. Thus Eqn 

(10) and Eqn (12) can be combined to solve for Cs, yielding: 

c ,=  . (13) 
• , , ( -z„ci fn \  

k, exp 
" RT 
\ / 

The charge-transfer overpotential is defined by: 

ri = E-E^^-ri^-(l)^ (l4) 

where E is the cathode potential (constant throughout the porous electrode since the 

conductivity of the metal phase is much greater than that of the solution), Eeq is the 

equilibrium potential of the rate-limiting reaction step, 7jc is the concentration 

overpotential and </)s is the solution potential. Reaction (1) proceeds via a mechanism 

whose rate-limiting step is the formation of chloroform radical [13] so that Zq = 1. Since 

the chloroform radical concentration is not readily measured or predicted at the electrode 

surface, the equilibrium potential, Eeq, is used as an adjustable parameter in this work. 

The concentration overpotential, rjc, arises from concentration differences between the 

bulk solution and electrode surface. Thus the concentration overpotential should be small 

at relatively low (less negative) cathode potentials. The concentration overpotential is 

calculated as [14]: 

RT , 
vc= 

Z,F 
(15) 

Equation (15 ) only considers the concentration difference of CT in bulk phase and on the 

electrode surface. The concentration difference of trichloromethyl radical is included in 

the fitting parameter, equilibrium potential, since it is not measurable. 



The gradient in solution potential is related to the total current density by: 

(16) 
dr 

where jcis the effective solution conductivity in the cathode compartment (S/m). The 

effective solution conductivity is calculated from [14]: 

(17) 

where Kq is the conductivity of the solution and 8 is the porosity of the cathode. 

The relationship between overpotential and reaction for hydrogen production is 

governed by Tafel's equation: 

t j f j  =aj  +bj  logjQ i f j  0^) 

where T]h is the hydrogen overpotential and ut and br are constants. Here overpotential 

defined by: 

(19) 

in which the equilibrium potential for hydrogen evolution is given by: 

/?T 
(20) 

t 

where ch is the proton concentration in the local bulk solution and e^h.eq is the 

equilibrium potential under standard conditions {E^H.eq = OV, for Pm is latm and Ch is 

IM). ph2 is the partial pressure of hydrogen at the surface of electrode, here assumed to 

be latm. Combining equations (18) to (20) leads to: 

r t  ph^ 
"I =flj. - vb j  logjo i f j  (21) 

r  C ,  
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Problem Formulation 

The governing equation for CT concentration is obtained by substituting the mass 

transfer flux relationship (equation 10) into the mass balance equation (5): 

U„ 
3Q ^dqt ^ 
dx  r  dr  dr  

-aki^ ic^-c^)  (22) 

Cs is then represented in terms of the bulk concentration and local overpotential (equation 

13). 

The governing equation for the proton concentration is derived from Eqn (8) noting 

tha t  R h  -  ain /F:  

U , .  1+-
dC.  

dx  r  C l  Br  dr  

a i .  
(23) 

in which in is related to the solution potential by equation (21). 

The solution potential is governed by equation (16) which, using equation (9), can 

be rewritten as: 

_ 0"// ^ct  ) 
dr  

(24) 

The gradient in current density is derived from CT conversion using the following 

charge balance: 

dir  ic t  
dr 

=-ZFk,a{C, -C^)  (25) 

where (for CT conversion to methane) Z = 8 (eqn. 2). 

The previous system of differential equations is subject to the following boundary 

conditions: 
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First, inlet concentrations are prescribed: 

At the centerline of the cathode, 

i ,=0 ,  r—0 

and the solution potential is assigned a value of zero at the perimeter of the cathode [14, 

15]: 

<p^=0,  r=R 

Because the proton exchange membrane allows only protons to pass through the 

membrane, charge transfer across the membrane is derived entirely from the diffusion of 

protons. This yields a final boundary condition: 

dr  D^F 

Solution Procedure 

The entire cathode was divided into N slices of equal length in the axial direction. 

Each slice was divided into M annular sections in the radial direction. Equations (22) and 

(23 )  were  then  d i sc r i t i z ed  u s ing  cen t r a l  d i f f e r ence  me thods  fo r  r ad i a l  s ec t ions  2  to  M-1.  

Forward  d i f f e r ence  and  backward  d i f f e r ence  me thods  were  u sed  a t  s ec t ion  1  and  M, 

respectively. Since proton concentration changes rapidly in the radial direction in the 

vicinity of the membrane while CT concentrations are relatively homogeneous in the 

radial direction, the solution procedure starts by calculating proton distribution along the 
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radial direction without considering the CT reaction. For a slice i  in the axial direction, 

the local proton and CT concentrations are initially assumed to equal the effluent 

concentrations in the upstream slice (slice i-1). The calculation starts at the outermost 

annular section (M, i) by assuming a value for the current density entering the cathode 

compartment through the Nafion membrane. A proton gradient at the perimeter of the 

slice is thus determined (see the boundary conditions). The hydrogen current produced in 

section (M, i) is then calculated using equation (21), noting that = 0 at r = R. The local 

proton concentration from section (M, i) is then calculated using the discritized form of 

equation (23). The current density out of section (M, i) or into the section (M-1, i) is 

determined by subtracting the hydrogen current generated in section (M, i) from the 

assumed influent current. The solution potential at section (M-l, i) is calculated using 

equation (24), temporarily ignoring icr- At this point, the local proton concentration for 

slice (M, i) is determined and calculation of proton concentration at section (M-l, i) can 

begin with a similar balance. 

Once proton concentrations in all sections in slice i  are determined, calculation of 

local CT concentrations is carried out in the same way. For details regarding the CT 

calculation in a single reactor section see He et al [10]. 

After both proton and CT calculations are completed, the calculated concentrations 

are compared to the assumed concentrations. If they are not converged (even if there is 

only one single annular section in which | C - C'l /C > 10"®, (where C and Care 

calculated and assumed proton or CT concentrations), the calculated concentrations 

become the new assumed values and the calculation is repeated until convergence 
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(defined above) is obtained. When concentration convergence is achieved, the radial 

current at section (0, i) is compared to zero. If it is non-zero, a new values for the current 

en t e r ing  sec t ion  (M,  i )  i s  ca l cu l a t ed  by  sub t r ac t ing  t he  cu r r en t  l e av ing  t he  sec t ion  (0 ,  i )  

from the previously assumed value for influent current at section (M, i). The 

concentration convergence procedure is then repeated. The overall calculation procedure 

-t 
for slice i  ends when the current at the cathode center is < 10' A. 

Once calculations for slice i  are determined, radius-dependent effluent concentrations 

of proton and CT from slice i are used as the influent concentrations for slice /+/. This 

procedure is repeated for each of the n slices in the cathode. When the number of radial 

steps (annular sections) was 1590, this procedure typically led to a converged 

concentration solution in 3 to 40 iterations for each slice. 

Material and Methods 

Experimental setup 

The cylindrical cathode/concentric anode reactor (Figure 1) was manufactured from 

two plexiglas tubes with inner diameters of 1.25 and 3 inches. It was set up vertically and 

operated in upflow mode to facilitate the release of hydrogen bubbles. CT-laden water 

was pumped into the inner cylinder from the bottom. A Ag/AgCl reference electrode 

(Thermo Orion, Beverly, MA) was inserted into the inner cylinder from the top. The 

copper foam cathode material (Electrosynthesis, Lancaster, NY) had a porosity of 95% 

and a specific surface area of 1100 mVm^ (manufacturer's data). It was cut into cubes 

with dimensions of about 0.5cm. Cubes were packed together to obtain desired cathode 
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length. The voidage of the copper column was 0.4. Thus the specific surface area of the 

copper column was 660 mVm^. A copper wire was placed along the centerline of the 

inner cylinder and was connected to the power supply. The measured potential difference 

across the cathode was negligible in all experiments performed. 

The copper foam cubes were soaked in 2% Micro-90 cleaning solution (Cole-Parmer, 

Vernon Hills, IL) and placed on a shaking bed for at least 3 days after each experiment. 

The cleaning solution was changed daily. The copper cubes were then rinsed using high 

purity water (Mllii-Q water systems, Millipore Company, Bedford, MA) prior to use in 

an experiment. A Nafion proton exchange membrane (Electrosynthesis) was wrapped 

around the outside wall of inner cylinder to separate the catholyte and anolyte solutions. 

Carbon cloth (Electrosynthesis) that served as anode was wrapped around the proton 

exchange membrane. The cathode potential was fixed using a potentiostatic controller 

(Electrosynthesis) that was connected to a DC power supply (Harrison Laboratories, 

Parker, CO). 

Chemicals and solutions 

All chemicals were used as purchased. The electrolyte solution was made by adding 

potassium sulfate (99+%, EM Science, Gibbstown, NJ) to high purity water to produce 

target solution conductivities. The solution was then purged using Argon for at least 3 

hours to remove dissolved oxygen. Target influent CT concentrations were obtained by 

adding pure CT (99.5+%, Aldrich Chemical Co., Milwaukee, MI) to the Argon-purged 
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electrolyte solution. The solution was then stirred for 24 hrs using a magnetic stirring bar 

to guarantee complete dissolution. The anolyte solution was CT-free. 

Experiment Procedure 

All experiments were conducted at room temperature. The cathode potential was set 

after the reactor was completely filled with the influent solutions. Samples were taken 

after steady state conditions were achieved (usually 30 minutes after current was 

applied). The cathode potential was monitored using a Fluke 73 III Multimeter (Fluke 

Corp., Everett, WA) that measured the potential difference between the cathode and 

reference electrode. Current was monitored using a Model 197 autoranging microvolt 

DMM (Keithley Instruments, Inc., Cleveland, Ohio). The flow rate was measured 

volumetrically. 

Sampling and analysis 

Water samples (50)xl) were withdrawn from the reactor through sampling ports 

located at a: = 0, 7.5, 15, 22.5cm from the upstream end of the cylindrical cathode using a 

glass syringe. Samples were transferred to sealed vials containing 1 ml of heptane 

(Burdick & Jackson, Muskegon, MI). At least one hour of extraction time was allowed 

before analysis. 

Heptane extracts were analyzed on a HP 5890 gas chromatograph (Hewlett Packard, 

St. Paul, MN). The GC was equipped with a capillary column (J & W Scientific, column 
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DB-624) and electron capture detector. The gas flowrate was 26 ml/min. The temperature 

of oven, detector and inlet were 40 °C, 275 °C and 150 °C, respectively. 

Product Identification 

Liu et al [3] observed that the electrochemical reduction of CT in a batch system on 

iron, nickel, and copper electrodes produced a temporary accumulation of metastable 

reduction intermediates including chloroform during the initial few minutes of batch 

experiments. The chloroform was subsequently converted to methane and CH2CI2. 

Copper and nickel provided both favorable reduction kinetics (as indicated by low CT 

and chloroform residuals) and relatively high CH4/CH2CI2 ratios. In this study, 

intermediates were not found in the GC analysis of any samples; it was assumed that CT 

was completely converted to methane. 

Results and Discussion 

Reactor performance was determined experimentally as a function of detention time, 

cathode potential, and solution conductivity. Results were used to calibrate a CT 

conversion model. Model simulations were then performed to investigate the sensitivity 

of reactor performance to operational variables, determine whether the reactor was charge 

transfer or mass transfer limited, and so forth. One-dimensional and two-dimensional 

reactors were compared in terms of CT conversion performance characteristics. 
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Destruction of carbon tetrachloride 

CT conversion experiments were conducted using flow rate, cathode potential, and 

solution conductivity as independent variables. Simulations were performed for the same 

set of experimental conditions. The effect of cathode potential on CT removal rate is 

illustrated in Figure 2(a). For these experiments, the liquid velocity was fixed at 0.035 

cm/s, and the solution conductivity was 2.2 S/m. The length of the cathode was 22.5 cm. 

The through-reactor removal efficiency increased from 27% to 72% when the cathode 

potential was decreased from -0.2V (all the potentials reported are vs SHE unless 

otherwise stated) to -0.4V. Model calibration was carried out using a single fitting 

parameter, the equilibrium potential, to optimize agreement between prediction and 

observation. The fitted value was Eeq = 0.3V. The value of equilibrium potential used 

previously, in simulation involving the one-dimensional reactor, was 0.5V [10]. The 

fitted equilibrium potential actually encompasses or accounts for a variety of 

uncertainties in the kinetic model. Areas of uncertainty include, for example, the reactive 

surface area per unit volume of electrode. No effort was made in this study to obtain 

further understanding of this parameter or difference between the values obtained in 

simulation of 1-D and 2-D reactor performance. 

The effect of liquid velocity on observed CT removal rates is shown in Figure 2(b). In 

these experiments, the cathode potential was -0.4V and the solution conductivity was 

0.05 S/m (about equal to that of local tapwater). When the liquid velocity was increased 

from 0.018 cm/s to 0.066 cm/s, the rate of CT conversion also increased (the slope of the 

curve) due to enhanced mass transfer, although the overall removal efficiency decreased 
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from 80% to 44% because of the abbreviated retention time. Again, simulations were 

performed using an equilibrium potential of 0.3V, and reasonable agreement between 

experiments and predictions was obtained. 

When the solution conductivity was decreased from 0.68 S/m to 0.06 S/m, the 

through-reactor removal efficiency changed from 72% to 67% (Figure 2c). In the range 

studied, reactor performance was essentially insensitive to electrolyte conductivity. This 

highlights the major advantage of the two-dimensional reactor over the one-dimensional 

reactor investigated previously. In the one-dimensional reactor, removal efficiency is 

severely handicapped by the low conductivity solution. Remediation of potable water 

source using a reactor of that configuration is probably not feasible [10]. 

Model predictions 

Agreement between the experimental results and simulations indicates that the model 

can be used to predict CT transformation kinetics. The calibrated model was therefore 

applied in a series of hypothetical cases to better understand the effects of operational 

variables on reactor performance. 

The predicted effect of applied cathodic potential on CT profiles in the reactor is 

illustrated in Figure 3. Over the range -0.2V > Ec > -0.5V, total CT removal is predicted 

to increase from 23% to 92%. The rate of disappearance of CT is limited by the rate of 

charge transfer at the electrode surface, the mass transfer rate to the electrode, or a 

combination of the two. To find out which one controls, different values of the mass 

transfer coefficient {ki) and reaction rate constant {kc) were incorporated into the 
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mathematical model. At a cathode potential of -0.4V, the removal efficiency increased 

from 67% to only 73% when ki was doubled and kc remained unchanged. Conversely, 

the removal increased from 67% to 82% if kc was doubled and ki remained unchanged. It 

seems that at a cathode potential of -0.4V, the charge transfer rate has more important 

effect on the reactor performance than the mass transfer rate. When the cathode potential 

was -0.5V, the removal efficiency increased from 90% to 94.4% (doubling kc) and 96% 

(doubling ki), respectively. At that potential, the process was limited by the combination 

of the charge transfer and mass transfer effects. 

The effects of solution conductivity on overall reactor performance were also 

determined via reactor simulations. The removal efficiency is not influenced by the 

solution conductivity in the range studied (0.05 S/m < Kq < 2 S/m). Since the 

development of solution potential was critical to limitations experienced in one-

dimensional reactors [10], solution potential was determined as a function of position in 

the 2-D reactor simulations. Calculated solution potentials at the entrance of the reactor 

are illustrated in Figure 4 for a high-conductivity and low-conductivity water. Although 

the solution potential at the center of the cathode is 25 times higher for low-conductivity 

solution, the value is still too small to produce practical limit to reactor performance. In 

an one-dimensional reactor of cathode length 1.59 cm (equal to the radius of the two-

dimensional reactor cathode), the corresponding solution potentials at the entrance of the 

reactor was calculated to be -0.04V and -0.15V for the high- and low-conductivity 

solutions. The advantage of the 2-dimensional design with annular cathode/anode 

arrangement is evident. 
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The effect of hydrodynamic residence time (HRT) on the removal efficiency is 

illustrated in Figure 5. HRT can be adjusted by changing either the liquid velocity or 

cathode length. Clearly, CT removal increased monotonically with increased HRT and 

was essentially independent of the method chosen to increase HRT through the range 

studied. The modest increase in efficiency that is obtained by increasing cathode length 

(increasing velocity) than by decreasing velocity at HRT >15 min is due to increased 

mass transfer rates at the higher fluid velocity. Increasing reactor length to increase 

removal efficiency is evidently a viable option. In the one-dimensional reactor described 

previously, increasing reactor length to promote contaminant removal in a low-ionic-

strength solution was of little value in low-ionic-strength solutions like groundwater 

because elevated solution potentials made most of the cathode length non-reactive. 

Increasing the reactor length simply produced a larger non-reactive region due to iR 

losses in transferring charge to the downstream anode. 

Since the current flow into the cathode is solely conducted by the diffusion of protons 

through the membrane that separates the catholyte and anolyte, an enormous proton 

gradient develops at the perimeter of the cathode (Figure 6). Clearly, in the sections 

located within the outermost 20% of the cathode radius, the hydrogen generation reaction 

is not fast enough to consume all the protons that flow into the cathode. Excess protons 

migrate in both the axial and radial directions, expanding the low pH region with the 

distance traveled in the cathode chamber. In the inner part of the cathode, however, the 

HER rate is faster than the radial diffusion of protons. Thus a net consumption of proton 



leads to a rise in pH with distance from the outer wall. Conversely, local concentrations 

of CT are uniform in the radial direction (data not shown). Figure 7 shows the local 

current density on the electrode surface due to HER and CT reduction. The innermost 

80% of the cathode operates at low current density suggesting that most of the current is 

generated in the outer 20% of the cathode radius. The distribution of pH, CT and current 

density with radial distance is expected to have important effects on the current efficiency 

of the reactor. 

Figure 8 illustrates the distribution of current efficiency for CT destruction (defined 

as the ratio between CT current produced to total current produced) in the cathode. As 

expected, the local current efficiency mirrors the distribution of the pH values. In the 

outer portion of the cathode, high proton concentrations lead to large hydrogen currents 

(equation 21) and decreases the current efficiency for CT destruction. In the inner part of 

the cathode, the current efficiency is significantly greater due to lower HER rates. The 

current efficiency is almost 100% near the center of cathode. Due to the cylindrical 

geometry of the cathode and the distribution of proton concentration, most of the current 

is generated in the outside 20% section of the cathode. Thus, although much of the 

cathode is capable of yielding reasonably high current efficiency (for CT reduction) the 

much greater reactivity and total cathode area in the outer portion of the cathode leads to 

a overall current efficiency of just 15%. This value agrees well with the observed current 

efficiency for all the experiments conducted at cathode potential of -0.4V, which ranges 

from 11% to 17%. 
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The disadvantage of low current efficiency is compensated for by, the relatively low 

power requirement (a combination of potential times current). Because of the 

anode/cathode proximity in the annular arrangement, solution potential remains relatively 

low throughout the entire cathode (Figure 9). In addition, the observed overall potential 

drop across the cathode and anode in the experiment is always smaller than IV when the 

cathode potential was -0.4V or below. As a comparison, when treating low-conductivity 

solutions, the overall potential drop between cathode and anode was about 16V in the 

one-dimensional reactor when the cathode potential was only 0.16V [10]. 

Comparison of one-dimensional and two-dimensional reactor performances 

Electrochemical reactor performances were simulated to compare the one-dimensional 

and two-dimensional designs. For purpose of the comparison, it was assumed that the 

water to be treated was groundwater with a total dissolved solid concentration of 300 

mg/L, as K2SO4, with a corresponding conductivity of 0.05 S/m. The electrolyte was 

provided at a velocity of 0.04 cm/s. Two CT concentrations, 100 ^ig/L and 500 fig/L, 

were investigated. The cathode for both reactors were assumed to have a specific surface 

area of 1100 m^W and a porosity of 0.95. The cathode potentials were fixed at -0.5V, 

the potential that provided the most efficient treatment possible (in the one-dimensional 

reactor) without producing excessive hydrogen generation [10]. The target effluent 

concentration for the simulation was 5 (Xg/L, the maximum contaminant level for CT in 

drinking water. 



133 

Simulations were set up to yield a reactor length necessary to produce the desired 

degree of CT conversion. The one-dimensional reactor failed to achieve the required 

effluent concentration for both cases. At a cathode length of 0.25m, 84% CT removal was 

obtained at the 100 |ig/L influent concentration. The removal rate improved to only 85%, 

however, when the cathode length was doubled to 0.5m . When the influent concentration 

was 500 iig/L the conversion rates were 36.6% and 37.3% for 0.25m and 0.5m cathodes, 

respectively. Explanation lies in solution potential effects within the cathode. Essentially, 

the longer cathode produced a larger inactive zone due to the development of solution 

potential (iR drop) in the downstream section of the cathode. At the higher initial CT 

concentration, there was more charge to carry through the electrolyte, further limiting the 

extent of CT transformation. 

For the two-dimensional reactor, the removal efficiency was independent to the 

influent CT concentration in the range studied. For both low- and high-concentration 

influents, the two-dimensional reactor produced a 95% removal with the 0.3m cathode. 

To achieved the required 99% removal for the high-concentration influent, a cathode 

length of 0.5m was required. Results suggests that the two-dimensional reactor design 

(annular cathode/anode arrangement) is not limited by solution potential in the same way 

as the one-dimensional design (cathode/downstream anode). This was to be expected 

inasmuch as increasing the cathode length does not increase the distance from any part of 

the porous cathode to the surrounding anode. Hence, the distance that ions must migrate 

to complete the electrolytic circuit remains small despite increasing reactor size. 
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Conclusion 

A two-dimensional electrochemical reactor was tested for the destruction of aqueous 

phase CT. The removal efficiency increased as cathode potential became more negative. 

Fractional removal also increased with hydraulic residence time. The performance of the 

reactor was not handicapped in low-conductivity conditions, which is a major advantage 

over the one-dimensional reactor. High proton concentrations at the perimeter of the 

cathode and the cylindrical geometry of reactor limit current efficiency for CT 

destruction in this type of reactor. However, the low overall difference in potential across 

the reactor allow the reactor to be operated for a high degree of target conversion while 

consuming relatively small amounts of energy. 
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Figure 1. Schematic of the 2-dimensional (annular cathode/anode arrangement) 

electrochemical reactor. 

The electrolyte containing CT flows through the inner cylinder (cathode) consisting of 

porous copper cathode. The CT-free anolyte solution fills the outside cylinder where the 

anode reaction completes electrolytic circuit. A Nafion membrane separates the anolyte 

and catholyte. The anode (carbon cloth) is closely wrapped outside the membrane. A 

potentiostat was used to control the applied potential on the cathode. An Ag/AgCl 

reference electrode was inserted into the cathode section. 
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Figure 2. Normalized CT concentration profiles in the cathode section for various reactor 
operating conditions. The symbols are experimental data and the lines are model 
predictions. Predictions represent volume-weighted average concentration at the section 
indicted. 

(a) The liquid superficial velocity is 0.035 cm/s, the conductivity of the solution is 2.2 
S/m. The legend shows fixed cathode potential. 

(b) The cathode potential was -0.4 V, and the solution conductivity was 0.05 S/m. The 
legend shows the superficial liquid velocity. 

(c) The liquid velocity was 0.035 cm/s, and the cathode potential was -0.4 V. The legend 
shows solution conductivity. 
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Figure 3. Model predictions for the effect of cathode potential in the range -0.2V > Ec > -

0.5V on CT concentration profiles. The superficial liquid velocity was 0.03 cm/s, and the 

solution conductivity was 0.05 S/m. 
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Figure 4. Solution potential as a function of radial position in the cathode and electrolyte 

conductivity. The liquid superficial velocity was 0.04 cm/s, and the cathode potential was 

-0.4V in both simulations. The values shown are predictions derived from reactor 

simulation and apply to the influent (cross) section of the cylindrical cathode. The 

solution potential is expected to be greatest (most negative) at that section. 
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Figure 5. Effect of hydrodynamic residence time (HRT) on predicted CT removal. For 

the results labeled as (1), HRT was increased by increasing the length of the cathode for a 

fixed liquid superficial velocity of 0.04 cm/s. For the results labeled as (2), HRT was 

increased by decreasing the liquid velocity while maintaining fixed cathode length (22.5 

cm). The solution conductivity was 0.05 S/m and cathode potential was -0.4V. 
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Figure 6. Model predictions for distribution of local pH values in the cathode. For the 

simulations shown, the liquid velocity was 0.04 cm/s, the cathode potential was -0.4V, 

and solution conductivity was 0.05 S/m. individual lines represent lined of constant pH 

(values shown on the curves). 
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Figure 7. Model predictions for distribution of current density on the cathode surface. 

The liquid velocity was 0.04 cm/s. The cathode potential was -0.4V and solution 

conductivity was 0.05 S/m. Curves show the local current density on the cathode surface 

in units of A/m^). 
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Figure 8. Model predictions of current efficiency in the cathode. The liquid velocity was 

0.04 cm/s, the cathode potential was -0.4V, and solution conductivity was 0.05 S/m in 

the simulation shown. Lines represent loci with a constant current efficiency (units of 

percent, shown) 
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Figure 9. Model predictions for the distribution of solution potential in the reactor 

cathode, the liquid velocity was 0.04 cm/s, the cathode potential was -0.4V, and solution 

conductivity was 0.05 S/m in the simulation represented. Individual curves connect loci 

at the solution potential shown. Values indicated are in units of volts. 


