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ABSTRACT 

The pyrometallurgical processing of copper concentrates produces S02-bearing 

ofFgas. SO2 in the ofFgas is catalytically oxidized to SO3 and absorbed into a -98.5% 

H2SO4-H2O mixture in a sulfuric acid plant. This research provides an analysis of a 

copper smelter sulfuric acid plant and discusses the control and optimization necessary to 

attain the following goals: 

(a) minimize smelter SO2 emissions; 

(b) maximize acid plant capacity and availability. 

The objeaives of this work are to: 

(a) prepare mathematical descriptions of sulfuric acid plant operations; 

(b) compare the mathematical predictions with plant data; 

(c) use the mathematical descriptions to: 

i) predict acid plant behavior with varying feed SO2 strengths and gas 

flow rates; 

ii) determine control strategies to minimize smelter SO2 emissions; 

iii) evaluate requirements for an existing acid plant to accommodate 

future increased feed gas flows and SO2 strengths. 
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INTRODUCTION 

This dissertation analyzes the process of manufacturing by-product sulfuric acid at 

copper smelters. The sulfur for the acid originates in the sulfide mineral feed of the 

smelter. Two and a half to four tonnes of sulfuric acid are produced for every tonne of 

copper smelted from sulfide concentrates. 

Smelting copper fi-om sulfide concentrates involves oxidation. Significant by

products are iron oxide and sulfur dioxide. The iron oxide is combined with flux to form 

molten slag, which is processed for copper recovery, then discarded. The sulfur dioxide 

gas is made into sulfuric acid. 

Sulfur dioxide is harmful to flora and fauna and must be prevented from entering 

the environment. Most copper smehers are regulated to meet low ground level sulfur 

dioxide emission standards. Other regulations include; maximum total sulfur dioxide 

emission (tonnes per year), total percent sulfiar dioxide capture and sulfur dioxide 

concentration at source-of-emission. 

Pyrometallurgical extraction of copper from sulfide concentrates is typically 

performed in two steps; smelting and converting. Most smelting processes are continuous 

while most converting processes are batch. 



39 

Smelting involves adding concentrates, flux and air/industrial oxygen continuously 

into a furnace. The products of the process are molten matte', molten slag and SO2-

bearing ofFgas. The matte and slag are intermittently tapped from the furnace. The ofFgas 

is removed continuously and sent to a sulfuric acid plant. 

The molten matte produced in the smelting furnace is oxidized to molten metallic 

copper in a converting fumace. Blast air plus oxygen are blown into the matte to remove 

iron and sulfur. The products are copper, slag and S02-bearing ofFgas. The copper is sent 

to refining, the slag to copper recovery and the ofifgas to a sulfuric acid plant. 

Converting is most often a batch process. It consists of sequentially (i) charging 

molten matte to the fumace; (ii) blowing air into the matte; and (iii) pouring metallic 

copper and slag from the fumace. S02-bearing ofFgas is produced during the blowing 

stage, but not during charging or pouring. 

The feed to a copper smelter acid plant usually consists, therefore, of a continuous 

ofifgas stream from the smelting fumace and an intermittent ofifgas stream from the 

converters. The combined ofifgas fluctuates in both SO2 strength and rate of flow. This is 

what makes efiBcient acid making and SO2 capture so challenging. 

Figure 1.1 shows the sulfur dioxide strength of the gas entering a copper smeher 

sulfuric acid plant over a 6-hour period. SO2 strength fluctuates widely. Volumetric flow 

rate (not shown) also fluctuates. Both create difiBculties in operating and controlling the 

smelter's acid plant. 

^The principle components of copper matte are copper, iron and sulfur. 
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Figure 1.1 Sulflir dioxide strength in the feed gas to an industrial copper smelter acid 
plant. The smelter operates one INCO flash furnace and two Peirce-Smith 
converters. 

A smeher's acid plant operation plays a key role in the copper smelter's core 

business of producing copper. This is because the smelter cannot legally operate, i.e. 

produce copper, unless the acid plant is capturing the smelter's SO2. 

This dissertation provides an analysis of copper smelter sulfuric acid plants and 

discusses the control and optimization necessary to; 

(a) minimize smelter SO2 emissions; 

(b) maximize acid plant capacity and availability. 
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OBJECTIVES 

The objectives of this dissertation are to: 

(a) prepare mathematical descriptions of sulfuric acid plant operations; 

(b) compare the mathematical predictions to plant data; 

(c) use the mathematical descriptions to; 

(i) predict acid plant behavior with fluctuating feed gas temperatures, 

compositions and gas flow rates; 

(ii) determine control strategies to minimize smelter emissions; 

(iii) evaluate requirements for an existing acid plant to accommodate 

future increased feed gas flows and SO2 strengths. 
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BACKGROUND - COPPER SMELTWC 

Extraction of copper from sulfide ores involves the following [3.1]: 

(a) isolation of the copper mineral particles of an ore by froth flotation; 

(b) smelting the ensuing copper concentrate to form molten high-copper matte; 

(c) converting this molten matte to molten 'blister' copper; 

(d) fire - and electrorefining the 'blister' copper to ultra pure copper. 

The most common copper sulfide mineral is chalcopyrite, CuFeS2. In 1999, it is 

not amenable to industrial hydrometallurgical treatment, i.e. it is not easily dissolved, so 

that the vast majority of copper extraction from sulfide minerals is by matte smelting 

techniques. 

Matte smelting involves melting sulfide concentrates in a furnace at -1500 K in an 

oxidizing atmosphere. The objective of the smelting is to oxidize the iron and sulfur in the 

concentrate to produce a molten sulfide (matte) phase rich in copper, i.e.: 

CuFeS2 + O2 Cu-Fe-S + FeO + SO2 (3.1). 
concentrate oxygen molten matte in molten gas 

and air (-60% Cu) slag 
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The products of smelting are copper matte (-60% Cu) containing most of the 

copper of the concentrate feed; and a molten oxide phase (slag) as free of copper as 

possible. The molten matte is subsequently converted (oxidized) in a converting furnace 

to form impure copper metal. The slag is discarded, usually after a copper recovery step. 

S02-bearing offgas is generated in both smelting and converting. The ofFgas is 

almost always processed into sulfliric acid (on rare occasions into liquid SO2, elemental 

sulfur or gypsum). 

Copper converting consists of air (sometimes oxygen enriched) oxidation of the 

molten matte produced in the smelting process. Converting removes iron and sulfur from 

the matte to produce crude mohen metallic 'blister' copper (99% Cu) which is sent 

forward to pyro- and electrorefining. The process is most often carried out in Peirce-

Smith (or similar) converters. 

Liquid matte is transferred from the smelting furnace in ladles and poured in the 

Peirce-Smith converter through a large central mouth. The oxidizing blast is turned on 

and the converter is rotated. Rotation of the converter forces the blast into the matte 

through a line of tuyeres along the length of the vessel. The heat generated in the 

converter by iron and sulfur oxidation is suflScient to make the process autothermal. 

Converting occurs in two sequential stages; 

(a) the FeS elimination or slag forming stage; 

2FeS + 3O2 + Si02 ^ 2Fe0;Si02 + 2SO2 (3.2) 
in liquid in air flux liquid slag gas 

matte blast (1500 K) 
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(b) the blister copper forming stage: 

CU2S + O2 -> 2Cu + SO2 (3.3). 
liquid in air liquid copper gas 

blast (1500 K) 

Coppermaking (b) does not occur until the matte contains less than about 1% Fe 

so that most of the iron can be removed from the converter (as slag) before copper 

production begins. Likewise, significant oxidation of copper does not occur until the 

sulfur content of the copper falls below approximately 0.02%. Blowing is terminated at 

this sulfur end point and the molten copper is sent forward to refining. 

The liquid blister copper from Peirce-Smith converting contains -0.01% S and 

-0.5% O. Fire refining removes sulfUr and oxygen from the liquid blister copper by; 

(a) slow air-oxidation removal of the sulfur as SO2 to ~0.001% S; 

(b) hydrocarbon-reduction removal of the oxygen as CO and H2O (g) to 

-0.15% O. 

After fire refining, the copper is cast into thin (-4 cm) anodes. The anodes are 

then electrorefined to produce pure cathode copper (-99.99% Cu) [3 .2]. 
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3.1 FLASH SMELTING 

Flash smelting has been the most widely adopted matte smelting process since 

1970. Flash smelting consists of blowing fine, dried, copper-iron-sulfide concentrate and 

silica flux with air, oxygen enriched air or oxygen blast into a hot -1500 K hearth-type 

furnace. Entry of these materials into the hot furnace causes the sulfide materials 

(e.g. CuFeS2) of the concentrate to reaa rapidly with the O2 of the blast. This, in turn, 

results in (i) controlled oxidation of Fe and S fi-om the concentrate; (ii) a large evolution of 

heat; and (iii) melting of the solids. 

When extensive 02-enrichment of the blast is practiced, the process is nearly or 

completely autothermal. The process is perfectly matched to smelting the fine particulate 

concentrates (~50^m) from froth flotation. 

The products of flash smelting are: 

(a) molten copper-rich Cu-Fe-S matte, -60% Cu, which contains almost all of 

the copper firom the concentrate plus unoxidized Fe and S; 

(b) molten slag which contains iron oxide fi'om iron oxidation, gangue, flux 

oxides and 1 - 2% Cu; 

(c) hot dust-laden ofifgas containing SO2 fi'om sulfur oxidation and N2 fi'om the 

input blast plus CO2 and H2O if supplementary fossil fiiel is burnt in the 

furnace. 
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3.1.1 Outokumpu flash smelting 

Outokumpu flash smelting accounts for about 50% of the world's smelter copper 

production [3.3], Forty-four Outokumpu flash furnace licenses have been issued since 

1949 [3.4], 

Each Outokumpu flash fiimace contains the following four major components; 

(a) concentrate burners (1 - 4), which combine dry particulate feed with O2-

bearing blast and blow them downward into the fiimace; 

(b) a reaction shaft where most of the reaction between O2 and the Cu-Fe-S 

feed particles occurs; 

(c) a settler where molten matte and slag droplets collect and form separate 

layers; 

(d) an ofif-take for removing hot SOi-bearing gases, 20 to 50 vol% SO2, firom 

the furnace. 

3 .1.2 INCO flash smelting 

Five INCO flash furnaces are currently in operation worldwide. The features that 

distinguish INCO flash smelting from Outokumpu flash smelting are: 
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(a) it uses industrial oxygen, 95 to 98 vol% O2, rather than oxygen-enriched 

air; 

(b) its blast and particulate feed are blown horizontally into the fiimace rather 

than downwards; 

(c) it has no waste heat boiler; 

(d) its offgas contains 75 to 80 vol% SO2. 

Virtually all the energy for smelting comes from oxidizing the Fe and S of the 

concentrate feed. Very little, if any, fossil fuel is used. 

3.2 OTHER SMELTING PROCESSES 

3 .2.1 Noranda and Teniente processes 

The Noranda and Teniente processes are submerged-tuyere processes. They (i) 

melt concentrate and flux in a turbulent matte/slag bath and (ii) oxidize the Fe and S of the 

melted concentrate to form super high grade matte (70 - 75% Cu), slag (3 - 7% Cu) and 

S02-bearing oflfgas (~15 vol% SO2). 

The Noranda and Teniente flimaces are cylindrical with a line of tuyeres along 

about half the length of the furnace. In 1999 two smelters are operating the Noranda 

process and eight smelters are operating the Teniente process [3.5]. 
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3 ,2.2 Mitsubishi process 

There are four Mitsubishi processes operating in the world [3.6]. The process 

employs a smehing furnace, electric slag cleaning furnace and a converting furnace, 

connected by continuous gravity flow of molten material. 

Oxygen-enriched air, concentrate and silica flux are blown into the smelting 

furnace through vertical steel lances. Molten matte and slag flow together into the electric 

slag cleaning flimace. 

The smehing furnace's matte and slag are separated in the electric slag cleaning 

furnace. The slag overflows and is granulated and discarded. The matte flows into the 

converting furnace. 

The converting fiimace blows oxygen-enriched air and CaCOs flux into the electric 

furnace underflow matte through vertical steel lances. The slag is granulated and recycled 

to the smelting furnace. Blister copper continuously overflows the converting furnace into 

a holding furnace for subsequent fire- and electrorefining. 

The Mitsubishi process produces two high SO2 strength, continuous, ofFgas 

streams. The smelting furnace ofifgas contains 30 to 40 vol% SO2 while the converting 

furnace contains -25 vol% SO2. 

3.2.3 ISASMELT process 

A second vertical-lance smelting process is the ISASMELT process. It blows 

oxygen-enriched air down a single lance into a tall cylindrical furnace. Its matte (-60% 

copper) is treated conventionally in converters. Copper is recovered from its slag in an 
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electric or fiiel fired settling fiimace. Offgases from the ISASMELT process typically 

contain -30 vol% SO2. In 1999, there are three ISASMELT copper smelters in operation. 

3 .3 CONVERTING OF COPPER MATTE 

3.3.1 Peirce-Smith converter 

Peirce-Smith converters account for over 80% of copper matte converting. More 

than 70 Peirce-Smith copper converters are in operation [3 .7], The process is simple and 

has a high chemical efficiency. The process disadvantages are: 

(a) it leaks SOi-bearing gas into the workplace during charging and pouring; 

(b) it leaks air into its ofFgas between its mouth and gas collection hood, 

producing a relatively weak ~5 vol% SO2 gas; 

(c) it operates batchwise, giving an uneven flow of SO2 oflfgas into the acid 

plant. 

3 .3 .2 Hoboken converter 

The Hoboken or siphon converter is a Peirce-Smith converter with an improved 

gas collection system. Its o£fgas is collected through an axial flue at one end of the 

converter. In 1994 there were ~20 Hoboken converters operating worldwide. 
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3 .3 .3 Top-blown converter 

The top-blown converter is used for the converting step of the continuous 

Mitsubishi process. Its advantages are; 

(a) it is continuous rather than batch, i.e. matte flows continuously into the 

converter while blister copper and slag flow continuously out of the 

converter; 

(b) SO2 capture is efficient due to the process's continuous production of 

-25 vol% SO2 offgas. 

3.3.4 Flash converter 

The flash converter oxidizes solidified and ground high-grade matte to produce 

molten copper in a small Outokumpu flash furnace (one unit in operation and one under 

construction, 1999). Flash converting entails (i) solidifying molten 70% Cu smehing 

furnace matte by water granulation; (ii) dry-grinding the granulated matte to flash smehing 

size, -30 (am; and (iii) flash oxidizing the finely ground matte to molten metallic 'blister' 

copper [3.8]. 

The converting flash furnace blast is highly oxygen-enriched to make the process 

autothermal. The advantages of the flash converter are its production of high SO2 

strength oflfgas (-30 vol% SO2), its continuous nature and its small energy consumption. 
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3 .3 ,5 Characteristics of smelting and converting oflfgases 

Table 3 .1 summarizes the characteristics of ofiFgases expected from proven copper 

smelting and converting processes. 

Furnace SO2 concentration 
(vol%) 

Temperature 
(K) 

Destination 

INCO Flash 7 5 - 8 0  1530 H2SO4 or Liquid SO2 
Plant 

Outokumpu Flash 2 0 - 5 0  1570 H2SO4 Plant 

Noranda and Teniente 1 2 - 1 5  1520 H2SO4 Plant 

Mitsubishi 3 0 - 4 0  1470 H2SO4 Plant 

Peirce-Smith Converter 5 - 8  1470 H2SO4 Plant or Vented 
to Atmosphere 

Top-Blown Converter 2 3 - 2 6  1510 H2SO4 Plant 

ISASMELT Process 3 0 - 4 0  1500 H2SO4 Plant 

Flash Converter 3 0 - 3 5  1500 H2SO4 Plant 

Anode Furnaces < 0 . 1  1470 Vented to Atmosphere 

Table 3 .1 Summary of smelting and converting offgases shov/ing volume percent SO2 
in ofFgas and the typical gas treatment method. 
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BACKGROUND - SULFURIC ACID MANUFACTURE 

Sulfuric acid is produced from sulfur dioxide. The primary raw material for sulfur 

dioxide production is elemental sulfur. The sulfur is mainly recovered from sulfur-bearing 

petroleum or natural gas ("Recovered Elemental Sulfur"). A much lesser amount is 

extracted from elemental sulfur deposits in the earth's crust ("Frasch Sulfur"). 

Sulfur dioxide is also produced during processing of the sulfide minerals of copper, 

nickel, zinc and lead. The sulfur component of this SO2 is referred to as "By-Product 

Sulfur". 

4.1 RECOVERED ELEMENTAL SULFUR 

Recovered elemental sulfur is obtained as a by-product from natural gas processing 

and petroleum refining. Sulfiar in natural gas occurs primarily in the form of hydrogen 

sulfide. Hydrogen sulfide cannot be tolerated in natural gas because it is toxic, corrosive 

towards steel pipes, and, upon combustion, produces sulflir dioxide. 

Sulfur in oil is usually present as organic compounds such as; organic sulfides, 

organic disulfides and heterocyclic compounds. 

Numerous methods have been developed for the recovery of sulfur from natural 

gas and oil. 
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4.2 ELEMENTAL SULFUR FROM THE FRASCH PROCESS 

Frasch sulfur is mined by in-situ melting of native sulfur in the cap rock of salt 

domes and in sedimentary deposits. 

Herman Frasch developed the Frasch process between 1894 and 1903. The 

process is performed by the following sequence [4.1]: 

(a) a well is drilled into the cap rock of the salt dome and a triple concentric 

pipe system is introduced into the bore hole; 

(b) superheated water (-440 K), under sufficient pressure (25 - 30 atm) to 

keep it fi'om boiling, is introduced through the outermost pipe; 

(c) the superheated water melts the surrounding sulfur and pushes it through 

openings in the bottom of the outermost pipe into the middle pipe; 

(d) hot, compressed air is injected through the iimermost pipe to force the 

molten sulfur to the surface. 

The extracted sulfur is 99.7 - 99.8% S. The output of a borehole is typically ~300 

tonnes of sulfiir per day. 
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4.3 SULFUR DIOXIDE PRODUCTION 

Sulfur dioxide is produced by the oxidation of elemental sulfur and to a lesser 

extent by the processing of non-ferrous sulfide ores of copper, nickel, zinc and lead. 

The oxidation of elemental sulfur involves injecting liquid elemental sulfur at 

415 K - 425 K with air into a combustion chamber. Sulfur molecules are oxidized to SO2 

by reactions like; 

SW + 02(g) = S02(g) (4.1). 

The resulting sulfur dioxide is almost always processed into sulfuric acid. The 

gases from sulfijr-buming typically contain -10 - 10.5 vol% SO2 with an 02:S02 ratio of 

1:1. 

Most nonferrous sulfide ores are pyrometallurgically processed by roasting and/or 

smelting. Copper, lead, nickel and zinc sulfide concentrates are all mainly processed by 

oxidation to recover their metal values. 

4.3 .1 Lead processing 

Lead occurs in nature mainly as galena, PbS. The overall reaction by which lead is 

produced is; 

PbS + O2 = Pb + SO2 (4.2). 
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The smelting is done by direct smelting (Equation 4.2) or by roasting/reduction 

smelting. 

4.3 .2 Nickel processing 

Nickel often occurs in nature as pentlandite, (Ni,Fe)9S8 and other Ni-Fe-S 

compounds. It is usually associated with copper and iron sulfides. Its sulfide concentrates 

are smelted and converted much like copper sulfide concentrates. SO2 is produced during 

both smelting and converting (sometimes with preliminary roasting) by overall reactions 

like: 

NijSi + 2O2 = 3Ni + 2SO2 (4.3). 

4.3.3 Zinc processing 

About 80% of the world's zinc is produced by roast - leach - electrolytic 

processing. Zinc sulfide (ZnS) is almost always roasted to ZnO to produce a calcine 

which is readily leached for electrolytic Zn recovery. The roasting reaction is: 

2ZnS + 3O2 = 2ZnO + 2SO2 (4.4). 

The remainder of zinc production is carried out by (i) direct leaching of ZnS followed by 

electrowinning and (ii) by roasting (Equation 4.4) followed by carbon reduction smelting. 
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4.3 4 Sulfur dioxide uses 

Sulfur dioxide is used in many industries including pulp and paper production, 

textile manufacture and food processing. Sulfur dioxide can be used as a reagent, 

bleaching agent, preservative or solvent. However, nearly all sulfur dioxide (-98%) is 

made into sulfuric acid. 

United States production (1998) of sulfur by source is shown in Table 4.1, It can 

be seen that by-product sulfuric acid producers (i.e. non-ferrous extraction plants) 

represent a relatively small portion of the sulfuric acid industry. However, efficient SO2 

capture (mainly as sulfuric acid) is critical to those producers' core business of non-ferrous 

metal production. 

Source Tonnes (thousands) 

Recovered Elemental 7,700 
Frasch 2,000 
By-product - (non-ferrous smelting)* 1.600 
Total 11,300 

"About 85% from copper smelters 

Table 4.1 United States sulfur production statistics for 1998 from the USGS [4.2]. About 
90% of the sulfur is consumed in the form of sulfuric acid. 

4.4 SULFURIC ACID PRODUCTION 

4.4.1 Sulfuric acid uses 

Sulfuric acid is one of the world's most commonly produced industrial chemicals. 

The largest consumer of sulfiiric acid is the fertilizer industry. Other large scale uses 
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include: petroleum refining, pigment production, steel pickling, non-ferrous metals 

extraction (leaching) and the manufacture of explosives, detergents, plastics and man-

made fibers. 

4.4.2 Sulfiiric acid making history 

Almost all sulfiaric acid is produced by the contact process. Phillips first described 

the basic features of the present-day contact processes in an 1831 patent. He proposed 

oxidizing sulfur dioxide with air over a catalyst and absorbing the resulting sulfur trioxide 

in water. BASF (Badische Anilin - und Soda-Fabrik) built the first successfid American 

contact plant in 1898 [4.3]. 

The fundamental steps involved in the contact process are; 

(a) sulfur dioxide is produced by a sulfur burner or as the by-product of sulfide 

metal concentrate oxidation; 

(b) the sulfur dioxide is catalytically oxidized (converted) by O2 to sulfur 

trioxide; 

(c) the sulfur trioxide is absorbed into -98.5% sulfuric acid (balance water). 

The latter two processes are discussed in detail in the next two chapters. 

4.4.3 Sulfuric acid making industrial process overview 

A simplified flow sheet of the acid-making process is presented in Figure 4.1. 
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Figure 4.1 Simplified sulfuric acid making process flow sheet. 

Blowers push S02-bearing feed gas through the converter and absorption tower. 

SO2 is catalytically oxidized to SO3 in the converter. SO3 is absorbed into -98.5% 

H2SO4-H2O in the absorption tower. The products of the absorption tower are 

strengthened sulfuric acid (-99%) and tail gas. The strengthened acid is diluted with 

water to make 98% or 93% H2SO4 product acid. The tail gas is sometimes scrubbed with 

a lime-limestone solution to remove SO2 before being vented to the atmosphere [4.4]. 

The by-product is gypsum (CaS04-2H20). 

Blowers push the gas through the acid plant. A pressure drop or resistance to flow 

is created in the converter and absorption tower (Chapter 7). The blowers must be sized 

to maintain feed gas volumetric flow by overcoming the pressure drop in the acid plant 

process equipment. 
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Chapter 5 

CONVERSION OF SO2 TO SO3 

S 1 THERMODYNAMICS OF SO. CONVERSION 

Oxidation of SO2 by O2 to form SO3 is an exothermic, reversible reaction; 

SO2 (g) + iOj (g) o SO3 (g) + Heat (5.1) 

AH298K =-99 MJ/kg-mol of SO2. 

The equilibrium equation for oxidation of SO2 to SO3 is; 

Ke = (5.2) 
Pso2(Po2)"' 

where; 

Ke = equilibrium constant 

Pjoj, Pso2«P02 ~ equilibrium partial pressures of SO3, SO2 and O2, (atmospheres). 
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The feed gas entering the acid plant contains SO2, O2 and N2'. Its SO3 content is 

practically zero. After oxidation, the gas contains SO2, SO3, O2 and N2. 

Rewritten to include these acid plant inputs and equilibrium outputs. Equation 5.2 

becomes: 

where: 

E 

F 

1-E-F = 

PT = 

^S03 ~ 

5.1.1 Derivation of Equation 5.3 

The partial pressures of SO2, Ch, N2 and SO3 in the acid plant gas are: 

Ke = 'S03 

E-n  SO3 

1 - -n S03 

F - jOso j  

(PT)' 1/2 (5.3); 

mols SO2 in feed gas 

mols O2 in feed gas 

mols of N2 in feed gas (specifying a total of 1 mol of feed gas) 

total pressure (atmospheres), assumed constant during the process 

equilibrium mols of SO3 generated from the feed gas by oxidation 

0fS02. 

Pso2 ~ ^so2 • Pt ~ 
'S02 

"802 "SO3 "02 "N2 
• P T  (5.4) 

tlr 
P02 ~ ^02 • PT -

"502 ^^803 + "02 + "N2 
•PT (5.5) 

'Minor amnnnt.'; of Ar, He, etc. considered similar to N2. The feed gas also may contain CO2- This is 
shown in Appendix R 
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n 
PN2 =XN2PT= ^ PT (5  6 )  

"502 +"S03 +"02 +nN2 

PsOj=Xso, PT !^222 (5 7) 
nso2 +nso3 +"02 + ^ N 2  

IISOt 
where Xgo, is (for example) the mol fraction of SO2 in the gas, i.e.: . 

total mols of gas 

The mols of each component after oxidation are determined by completing the 

following molar sulfur, oxygen and nitrogen balances; 

Sulfur: E = nso2 + "soa.or: 

nso2~^"'^so3 (5-8). 

Oxygen: 2E + 2F = 2nso2 ^ ̂ '^soj + 2no2, or: 

c 17 3 
E + F = nso2 +"02 

Substituting Equation 5.8: 

3 
E +  F  =  (E-nso3)  +  -nso3  +no2 .o r  

_ 1 
F=  2^803  +no2 ,o r :  

no2=F-^nso3  (5 -9 ) .  
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Nitrogen; n^2=l"E-F (510). 

The mois of SO3 in the gas after oxidation are: 

"503 - "^503 (511)-

The total mols of gas after oxidation are therefore: 

"soj •^'^so3 •^02 =  (E-nso3)  +  (nso3)  +  (F -2"so3)  +  ( l -E-F)  

=  1 -  — n  SO3 (5.12). 

Equation 5.3 is obtained by substituting Equations 5.4 through 5.12 into Equation 5.2 

giving: 

f  \  

^503 

Kp = 
\ - - n  

V  2  S03 

Pt 

f  \  

E -nso3 
•PT • 

f  
F-

1 ^ 
2^503 

, 1 
1- J nso3 

V ^ J  

•PT • 

1-

1/2 (5.13); 

(PT) 
1/2 

or: 
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Ke = 'SO3 

E -n  

1 - in  
^la 

S03 
(Pt ) -1/2 (5.3). 

S03 F - -n  S03 

S.1.2 Equilibrium constant - temperature relationship 

KE is related to temperature by the equation: 

KE=e^  (5 .14)  

or; 

AG^ = -RTlnKE (5.15); 

where AG^ is the standard free energy change for the reaction: 

S02(g) + i02(g)o S03(g) (5.16) 

at temperature T. 

The values for AG^ can be obtained from published data for the free energies of 

formation of SO2 and SO3 [5.1], They are presented in Table 5.1. They may be related to 

temperature by an equation of the form; 

in which case; 

AG^ = AT^+BT + C 

AT^+BT +  C=-RTlnKE 

(5.17); 

(5.18); 
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or; 

AT^+(B +  RlnKE)T +  C  =  0  (5.19), 

and; 

AT^ B+Rln 'SO3 
E -n  SO3 

, 1 
1-2"SO3 

F-^nso3  

1/2 

(PT)' 1/2 T + C = 0 

(5.20). 

SO2 SO3 SO3-SO2 

T AG°FT AG°FT AG°T 

(K) (MJ/kg-mol) (MJ/kg-mol) (MJ/kg-mol) 
298.15 -300.098 -371.017 -70.919 

300 -300.118 -370.864 -70.746 
400 -300.942 -362.240 -61.298 
500 -300.854 -352.675 -51.821 
600 -300.294 -342.658 -42.364 
700 -299.447 -332.389 -32.942 
800 -298.383 -321.945 -23.562 
900 -295.973 -310.198 -14.225 
1000 -288.640 -293.571 -4.931 
I lOO -281.319 -276.995 4.324 
1200 -274.011 -260.470 13.541 
1300 -266.715 -243.993 22.722 
1400 -259.433 -227.563 31.870 
1500 -252.163 -211.178 40.985 

Table 5.1 SO2 and SO3 free energy data from Barin [5.1] and calculated ACt values for 

the reaction SO2 + 1/2 O2 -> SO3. AG°T is calculated by; 

AG^(S02 ->503) = AGf.j.(so3) - AGf^(so2)' 
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A, B and C have been determined by applying a second order polynomial 

equation to the Table 5.1 AGj values, 298.15 K to 1500 K. The values are: 

A = -1.804X 10-^ MJ kg-mor' 

B = 9.639X 10-^ MJ kg-mol"' K*' 

C= -99.53 MJkg-mor'. 

5.1.3 Equilibrium curve 

Substitution of A, B, C, E, F and PT into Equation 5.20 and application of the 

quadratic formula gives equilibrium values of ngoj as a funaion of temperature. Figure 

5.1. The equilibrium values for nsoj and noj can then be calculated by Equations 5.8 

and 5.9. 
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Figure 5.1 Equilibrium mols of SO3 versus temperature (K). The equilibrium curve 
represents one mol of gas with the initial composition: 10 vol% SO2, 11 vol% 
O2, 0 vol% SO3, balance N2 and a total pressure of 1.2 atm. The shape and 
position of the equilibrium curve vary with initial gas composition and Pt 

5.1.4 Equilibrium curve interpretation 

When a gas composed of SO2, O2 and N2 is placed in a container and heated in the 

presence of a catalyst, a portion of the SO2 will oxidize to SO3. Eventually, equilibrium 

between all of the gas components will be obtained. 

Figure 5.1, for example, shows that if 1 mol of feed gas containing 10 vol% SO2, 

11 vol% O2, balance N2, is heated to -950 K at a constant pressure of 1.2 atm, -0.05 mols 

of SO3 will eventually be present in the gas. This is equivalent to -50 percent conversion 

of the original SO2 to SO3. 
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5 .1.5 Definition of percent SO2 conversion 

Percent conversion of SO2 to SCH is specified to be: 

nso2 in initial gas - nso2 in final gas 
%S02 conversion = — ^—. . . . 100 

n^oj in initial gas 

(5.21). 

In terms of page 60 variables, Equation 5.21 is: 

%S02 conversion = • 100 (5 22). 

Insertion of Equation 5.9 into 5.22 gives: 

E-(E -NSO-,) 
%S02 conversion = — • 100; 

which usefully reduces to: 

%S02 conversion = • 100 (5.23). 
^ E 

Figure 5.2 shows the Figure 5.1 equilibrium curve with percent conversion in 

place of nso3 • 
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Figure 5.2 Percent conversion of SO2 versus temperature. The equilibrium curve is for 
gas with the initial composition: 10 vol% SO2, 11 vol% O2, 0 vol% SO3, 
balance N2 and a total pressure of 1.2 atm. 

Approximately 50% of the SO2 contained in the Figure 5.2 feed gas will, at 

equilibrium and 950 K, have oxidized to SO3. 

5.2 CATALYTIC OXIDATION 

Oxidation of SO2 to SO3 is kineticaily inhibited and virtually impossible without a 

catalyst. The oxidation reaction is so slow at temperatures less than 650 K that it 

practically does not occur. Increasing temperature increases reaction rate, but also shifts 

the equilibrium away from SO3 and towards SO2 and O2. For example, if the gas in 
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Figure 5.2 is heated beyond 1000 K, less than 50% conversion of SO2 can be achieved. 

Less than 5% conversion of SO2 can be achieved as the temperature approaches 1500 K. 

Without a catalyst, therefore, the temperature required to make SO2 oxidize at a 

reasonable rate is extremely high and the resulting equilibrium conversion extremely low 

[5.2]. 

The objectives of this section are to: 

1) provide a brief history of the catalysts used for SO2 conversion; 

2) outline the chemical and physical properties of these catalysts; 

3) propose a reaction mechanism for catalytic SO2 oxidation. 

5.2.1 Catalyst history 

The catalysts used for converting SO2 to SO3 are, at room temperature, mixtures 

of vanadium pentoxide (V2O5), potassium sulfate (K2SO4) and sodium sulfate (Na2S04) 

on a silica (Si02) substrate. They have completely replaced platinum-based catalysts 

used in the late 19"' and early 20'*' centuries. Vanadium catalysts are less sensitive to 

poisoning and are considerably less expensive than platinum catalysts. 

Development of V2O5 based catalysts began in the early 1900's. BASF was 

granted a patent in 1913. 



70 

5.2.2 Catalytic oxidation theory 

All commercially available catalysts are V2O5 based, but they exhibit different 

properties based on size, shape and chemical composition. A typical V2O5 based catalyst 

contains the following (all in mass %): 

5 -10% V2O5 
10-20% K2SO4 

1 - 5% Na2S04 
55 -70% Si02. 

Cesium promoted catalyst usually contains 5 - 15% cesium sulfate (CS2SO4) 

substituted for K2SO4 in the mixture. The active components of the catalyst are V2O5, 

K2SO4, Na2S04 and CS2SO4 (if present). The inactive material is Si02, which acts as the 

substrate (support) for the active components. 

Catalyst materials and substrate are mixed together to form a paste which is 

extruded and baked at (-800 K) into solid cylindrical pellets or rings. The ring-shaped 

(or "star ring") catalyst is the most commonly used shape because (i) it gives a small 

pressure drop in a catalyst bed and (ii) its catalytic activity is only slowly affected by dust 

in the acid plant feed gas. A typical catalyst pellet size is 10 mm in diameter by 10 mm 

in length. 

5 .2.3 Chemical and physical properties of catalyst 

All V2O5 based catalysts are supported liquid phase (SLP) catalysts. SLP 

catalysts are dispersed on an inactive porous solid support and are molten at reaction 

temperature [5.3]. The active catalyst components (V2O5, K2SO4, Na2S04, CS2SO4) exist 

as a film of mohen salt solution on the solid inactive Si02 support at reaction 



71 

temperature. Oxidation of SO2 to SO3 in the presence of oxygen takes place as a 

homogeneous reaction in this liquid film. 

V2O5 melts at 950 K and K2SO4 at 1340 K. The binary solution exhibits a 

eutectic at 730 K at ~55 mol% K2SO4, Figure 5.3 [5.2], Na2S04 and CS2SO4 lower the 

eutectic temperature. 

1100 
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0) 
a 
(0 
0) 
OL 
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0 20 40 60 80 100 

V2O5 Mol % K2SO4 K2SO4 

Figure 5.3 Phase diagram for the system V2OJ-K2SO4 [5.2]. Note the binary eutectic 
at 730 K and ~55 niol% K2SO4. 

The V2O5-K2SO4 system is a simplified representation of the composition of 

sulfuric acid catalyst. Industrial V2OS-K2SO4 catalysts are always subjected to an 

activation process in an SO2/O2 atmosphere at 720 - 770 K either during manufacture or 

start-up of the converter. During this activation, the catalyst takes up large amounts of 

sulfur oxides - more than one mole/mole K2SO4. V^"*" is partly reduced to 
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Absorption of SO3 during activation leads to the formation of potassium 

pyrosulfate (K2S2O7). Pure K2S2O7 melts at 690 K. Addition of-7% V2O5 to the K2S2O7 

lowers its melting point to about 570 K (Figure 5.4). All activated V2O3 mixtures 

between ~70 mol% and -97 mol% K2S2O7 are molten at 650 K, Figure 5.4. This system 

readily absorbs sulfur dioxide and de-sorbs sulfur trioxide in the presence of oxygen. 
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Figure 5.4 Phase diagram of V2O5-K2S2O7 [5.2], The absorption of SO3 lowers the 
eutectic temperature to 563 K. Most catalyst mixtures contain between 70 and 
90 mol% K2S2O7 after activation (KA^ ratio = 2 to 25). 

Boghosian et al. [5.4] isolated crystalline compounds of and from V2O5-

M2S2O7 (M = Na, K, Cs) melts during SO2 oxidation in the temperature range 

623 - 753 K. The isolation of the compounds was performed under simulated industrial 

conditions with a feed gas containing 10% SO2, 11% O2 and 79% N2. They found the 
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following compounds: Na2V0(S04)2, NaV(S04)2, K4(V0)3(S04)5, KV(S04)2, 

Cs2(V0)2(S04)3 and CsV(S04)2. This work verifies the complex ionic nature of the 

molten alkali film under reaction conditions. 

5.2.4 Catalyst reaction mechanisms 

The most widely cited SO2 conversion reaction mechanism is that proposed by 

Mars and Maessen [5.5-5.6]. It is based on the experimental observation that, during 

SO2 conversion, the valency of the catalyst's vanadium ions changes between the 

tetravalent and the pentavalent states*. This observation suggests that the reaction 

involves: 

(a) absorption of SO2, reduction of vanadium ions fi-om to and 

formation of SO3 from SO2 and O^' ions, i.e.: 

SO2 + 2V'-' + O^- o SO3 + (5.24); 

and: 

(b) absorption of oxygen, re-oxidation of the vanadium ions and formation of 

O^' ions; 

^02 +2^^ ->2V'^ +0^- (5.25). 

' Boghosian et al. [S.4] showed tbat ions are also present in the melt 
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providing the overall reaction; 

SOj(g)+iOj(g) o SO,(g), 

Reaction step (b) is rate-controlling [5.2], Reaction step (a) is rapid and 

exothermic. 

Catalytic conversion of SO2 to SO3 is pictured schematically in Figure 5.5. The 

main reaction steps are [5.7 -5.15]: 

1) diffusion of SO2 and O2 from the feed gas to the surface of the liquid melt 

on the porous Si02 support and in its pores; 

2) absorption of SO2 and O2 into the liquid melt; 

3) oxidation of SO2 to SCb in the melt accompanied by 

formation/reaction and reduction/re-oxidation of and species 

(Equations 5.24 and 5.25); 

4) diffusion of SO3 through the melt to its surface; 

5) desorption of SO3 back into the gas phase; 

6) diffusion of SO3 from the liquid surface into the gas stream. 



75 

gas flow 

SO2, O2, N2 

solid Si02 substrate 

SO2, SO3, 

liquid catalyst melt 

~ 10,000 A 

Figure 5.5 Catalytic conversion of SO2 to SO3 in the presence of O2 on a V2O5 based 
catalyst. The liquid catalyst melt coats the surface of a pore located in the 
Si02 support. A typical pore diameter is -10,000 A. 

The behavior of the catalyst depends on the amount of liquid melt dispersed 

within the porous support and how that liquid is dispersed. Ideally, all pores will be 

coated with a uniformly thin film of liquid. This provides the maximum surface area for 

the reaction to occur. A greater thickness than this will plug the smaller pores and reduce 

the available liquid surface area, diminishing reaction rate. The degree of SO2 

conversion obtained in a catalyst bed is a function of 

1) catalyst loading - the amount of catalyst in the bed; 

2) feed gas conditions - temperature, pressure, reactant concentrations and 

flow velocity; 

3) liquid film coating area; 
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4) substrate properties - pellet porosity, pore size distribution and tortuosity 

of the pore system; 

5) size and shape of the catalyst particles. 

5 .2.5 Effect of temperature on catalyst activity 

The activity of vanadium catalyst decreases with decreasing temperature. High 

temperature electron spin resonance measurements indicate there are two compounds 

in the catalyst. At low temperatures (~ 690 K (non Cs promoted catalyst)) one of the two 

V*" compounds precipitates from the melt. This gradually depletes the liquid phase of 

species decreasing the rate of reaction shown in Equation 5.25. 

Boghosian e/a/. [5.4] determined that compounds precipitate from melts with 

high M/V (M = Na, K, Cs) ratios (~10), while compounds predominate in 

precipitates from melts with low M/V ratios (~3). The more marked decrease in SO2 

conversion rate (Figure 5.6) with decreasing temperature is attributed to the start of 

precipitation of either or species from the melt. 
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Figure 5.6 Plot showing observed SO2 conversion rate versus temperature. Reaction rate 
decreases with decreasing temperature. The decrease becomes steeper below 
about 710 K as a consequence of V** compound precipitation [5.4], 

5 .2 .6 High temperature thermal deactivation of the catalyst 

The typical operating temperature range for V2O5-K2SO4 catalyst is 690 K to 

-920 K. Above 920 K thermal deactivation of the catalyst begins. Several mechanisms 

for high temperature thermal deactivation have been proposed. They are; 

(a) silica in the substrate partly dissolves in the catalytic melt. This causes 

the thickness of the melt film to increase, which, in turn, blocks the pore 

structure, restricting gas access to the catalyst melt inside the pores and: 

(b) sintering of the silica substrate closes pores restricting gas access to 

catalyst melt inside the pores. 
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Thermal deactivation proceeds slowly. Most V2O5-K2SO4 catalyst can be 

subjected to temperatures of 970 K - 1070 K for short periods without causing significant 

deactivation. Long times at these temperatures, however, reduce catalyst activity and 

decrease SO2 -> SO3 conversion rate. 

5.2.7 Cesium promoted catalyst 

The first commercially available CS2SO4 promoted vanadium pentoxide catalyst 

was introduced in 1988. Cesium-vanadium-sulfur complexes have a lower melting point 

than potassium-vanadium-sulfur complexes [5.16-5.17]. As a result, cesium promoted 

catalyst becomes active 20 - 40 K cooler than potassium promoted catalyst. The 

reduction of the melting point by cesium allows the V** species to remain in solution at a 

lower temperature. This increases its low temperature catalytic activity. 

5.2.8 Catalyst poisoning 

V2O5-K2SO4 catalysts are largely insensitive to catalyst poisons. Arsenic in 

smelter ofFgas tends, however, to decrease their effectiveness (i.e. it tends to "poison" the 

catalyst). However, it only does so when the AS2O3 concentration in the catalyst melt is 

greater than 15 weight percent. Arsenic is almost completely removed by scrubbing the 

smelter's offgas prior to acid-making so its effect on industrial acid plant catalyst is 

minimal. 

Halides have not been observed to poison catalyst, but they do have the following 

adverse effects. 
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(a) Flourine compounds in high concentrations tend to attack the silica 

substrate forming volatile SiF4. This causes pieces of substrate to break 

off by abrasion, resulting in catalyst loss. 

(b) Chlorine compounds tend to react with vanadium ions, forming volatile 

vanadium compounds. These compounds then vaporize causing vanadium 

loss and reduced catalyst effectiveness. 

Most halides are removed during offgas scrubbing so their effect is also minimal. 

5.2.9 Catalyst life 

The average service life of industrial V2O5-K2SO4 catalyst is about ten years. It is 

determined more by the amount of catalyst lost mechanically rather than by progressive 

loss of catalytic activity. 

Also, dust in the acid plant feed gas eventually accumulates in the catalyst bed. 

The rate of accumulation is directly related to the dust loading of the feed gas after 

cleaning. The size, shape and properties of the catalyst also play key roles in the rate of 

dust accumulation. The accumulated dust increases the resistance to gas flow through the 

catalyst bed. This eventually reduces SO2 throughput rate (at a given blower outlet 

pressure). 

The problem is combated by periodically removing and screening the catalyst bed 

to remove dust. A certain amount of fresh catalyst is added to make up for loss of 
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catalyst by abrasion during screening. The amount of catalyst loss depends on the 

handling and screening methods and the mechanical strength of the used catalyst. 

5.2.10 Catalytic SO2 oxidation summary 

Catalytic oxidation of SO2 to SO3 is summarized as follows: 

(a) S02->S03 catalyst consists of a molten film of potassium, sodium, 

cesium and vanadium sulfates and pyrosulfates on a silica substrate; 

(b) catalytic artivity results fi-om the presence of V'"" and O^" in the meh; 

(c) the mechanism of oxidation of SO2 consists of vanadium ion reduction/re-

oxidation in the presence of O2; 

(d) catalyst activity decreases with decreasing temperature due to a decrease 

in V"" concentration in the catalyst melt. 
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Chapter 6 

ABSORPTION OF SO3 

6 1 THERMODYNAMICS OF ABSORPTION 

Sulfur trioxide formed by the catalytic oxidation of sulfur dioxide is absorbed into 

sulfuric acid of greater than 98% H2SO4 concentration, balance H2O. The process occurs 

in a packed tower in which SO3 laden gas and sulfuric acid flow countercurrently. The 

overall absorption reaction is: 

S03(g) + H20(0 o H2SO4W (6.1). 

The reaction is exothermic, AHjggK =-132 MJ/kg-mol. 

It is not possible to manufacture sulfuric acid by absorbing sulfur trioxide directly 

into water. Sulfur trioxide reacts with water vapor to form sulfuric acid vapor. This 

sulfuric acid vapor condenses as a mist of fine, sub-micron, droplets, which are 

practically impossible to coalesce. However, the vapor pressure of water over 98% 

H2SO4 is low (< 2x 10"^ atmospheres at 353 K), avoiding this water vapor problem. 

The most likely absorption reactions are: 
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S03(g) + H2SO4W o HzSjOtCO (6.2); 

followed by: 

H2O (<0 + H2S2O7 (0 o 2H2SO4 (0 (6.3). 

Some SO3 is undoubtedly absorbed directly by water according to Equation 6.1. 

Because of the preponderance of H2SO4 molecules in the absorbent, however, absorption 

by Equations 6.2 and 6.3 probably predominates. 

6 2 OPTIMUM ABSORBING ACID 

The optimum concentration for the absorbing acid corresponds to between 98% 

and 99% H2SO4 where the sum of the partial pressures of H2O, SO3 and H2SO4 over 

aqueous H2SO4 solutions approaches a minimum (Figure 6.1). Typically, 98.5% H2SO4 

is used. 

The mass flow rate and strength of acid supplied to the absorption tower must be 

designed and controlled to ensure that oleum (>100% H2SO4) is not produced in the 

outlet acid. Excessive SO3 (g) and H2SO4 (g) emissions will occur if oleum is produced 

in the absorption tower acid circuit. Figure 6.1 clearly shows that the partial pressures of 

SO3 and H2SO4 increase when the acid concentration approaches 100% H2SO4. 
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Figure 6.1 H2SO4, SO3, H2O system at 353 K. The minimum total vapor pressure occurs 
near 99.5% H2SO4. The data shown is from Vermeulen et al. as reported in 
Perry's Chemical Engineers' Handbook e*** Ed. [6.1], 

At acid concentrations below the total vapor pressure minimum, water vapor 

partial pressure increases. This increases the probability that sulfUric acid mist will form 

by direct reaction of SO3 with water vapor. 

At acid concentrations above the total vapor pressure minimum, the exit gas from 

the absorption tower contains increased amounts of SO3 (g) and H2SO4 (g) due to their 

increased partial pressures over the liquid. This increases the release of sulfur 

compounds into the atmosphere. 
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6.3 DILUTION OF SULFURIC ACID WITH WATER 

H2SO4 strength at the absorption process inlet is controlled to 98.5% H2SO4. SO3 

absorption increases the acid strength to -99.1% H2SO4 (depending upon the mass SO3 

entering the absorption tower). This strengthened acid is; 

(a) diluted to 98% H2SO4 or 93% H2SO4 and sent to market or; 

(b) diluted to 98.5% H2SO4 and recycled to the SO3 absorption tower. 

The dilution in (a) and (b) is with water or with 93% H2SO4 acid produced in the 

feed gas drying plant. 

Dilution of sulfuric acid with water generates heat. The amount of heat generated 

depends on the acid composition. Between 90% and 100% H2SO4 it may be represented 

by the equation [6.2]: 

AH , 298K =-0.0186 >< mass %H20 in sulfuric acid (6.4). 
""*H2S04 

(MJ/kg H2SO4) 

6.4 ABSORPTION INLET GAS TEMPERATURES 

Gas exits the S02-^S03 converter and, after heat removal in a heat exchanger, 

enters the absorption tower at -480 K. There, the heat in the inlet gas is transferred to the 
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acid to the point where the outlet gas and inlet acid temperatures (-350 K) of the 

absorption tower are nearly identical. 

The temperature of the gas entering the absorption tower must be: 

(a) greater than the sulfuric acid dew point temperature (~450 K) of the gas to 

prevent the formation of acid mist in the ductwork leading to the 

absorption tower (Appendix A); 

(b) less than ~520 K to prevent excessive acid mist formation, possible brick 

lining degradation and increased acid outlet temperatures. 

Additionally, the temperature of the acid entering the absorption tower must be 

warm enough (>340 K) to ensure adequate SO3 absorption. It must also be cool enough 

to ensure the outlet acid temperature is not above the corrosion limits for the stainless 

steel or cast iron components in the outlet acid pumping and storage systems. 
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Chapter 7 

COPPER SMELTER ACID PLANTS 

Offgases generated by copper smelting processes must be cooled, cleaned and 

dried before they enter the catalyst beds and absorption towers of the acid plant. This 

involves: 

(a) gas cooling in waste heat boilers or evaporative coolers; 

(b) dust and vapor removal by electrostatic precipitation and wet gas 

scrubbing; 

(c) drying with 93% or 98% H2SO4. 

7 1 COOLING OF OFFGASES 

Offgases exit flash smehing and copper converting at -1500 K. They must be 

cooled to 570 K before entering electrostatic precipitators to prevent weakening of the 

precipitators' steel structure [7.1], The cooling is carried out in waste heat boilers or 

evaporative coolers. The gases are not allowed to drop below -570 K to avoid corrosion 

by condensation of SOa-acidified water in the electrostatic precipitator. 
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7.1.1 Waste heat boilers 

Waste heat boilers recover heat in a useful form-steam. A typical boiler consists 

of 

(a) a radiation section in which the heat in the gas is transferred to pressurized 

water flowing through 4 cm diameter tubes in the roof and walls of a large 

(e.g. 25 m long x 15 m high 5 m wide) rectangular chamber; 

(b) a convection section (e.g. 20 m long x 10 m high * 3m wide) in which 

heat is transferred to pressurized water flowing through 4 cm diameter 

tubes suspended in the path of the gas. 

The product of the boiler is a water/steam mixture. The steam is heated above its 

dew point then used for generating electricity. The boiler water and the condensed post-

electricity generation water are recirculated to the boiler. 

Dust falls out of the offgas during passage through the boiler due to low gas 

velocity. It is collected and recycled to the smelting furnace for copper recovery [7.1]. 

7.1.2 Evaporative cooling of furnace offgas 

Evaporative cooling entails passing the hot furnace offgas through water sprays 

[7.2], Heat is removed from the gas by evaporation of the spray water. The use of spray 

cooling avoids the capital investment in waste heat recovery equipment. However, it 

wastes heat and generates a weak acid sludge, which must be neutralized and processed 

for copper recovery. 
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Noranda, Teniente and INCO smelting processes utilize evaporative cooling. 

Waste heat boilers are always used with Outokumpu flash smelting furnaces. Peirce-

Smith converter ofFgases are treated by waste heat boilers, evaporative coolers, or 

ambient air heat exchangers. 

7 2 DUST REMOVAL 

Dust must be removed from smelting and converting ofFgases. Otherwise it will: 

(a) collect in the packing and mist eliminators of the drying tower 

(Section 7.4) increasing pressure drop; 

(b) contaminate the drying, absorption and product sulfuric acid; 

(c) accumulate in the catalyst beds of the converter, increasing pressure drop 

and possibly poisoning the catalyst (Section 5.2.8). 

Dust removal is usually done in electrostatic precipitators. Electrostatic 

precipitation takes place for dry offgases as follows; 

(a) the dust particles in the gas stream are charged in the corona of a high 

voltage electric field; 

(b) the charged particles are caught on a charged wire or plate; 
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(c) the charge is neutralized on the wire or plate, the wire or plate is shaken, 

and the dust particles are collected in the bottom of the precipitator. 

The collected dust particles are usually returned to the smelting furnace for copper 

recovery. 

Wet electrostatic precipitation is used for water saturated offgases. It is different 

from dry electrostatic precipitation in that the solids collected on the surface of a tube or 

plate are intermittently washed from the precipitator. The precipitator power is turned off 

during washing. 

Precipitators remove ~95+ % of the dust from their feed gas [7.1]. 

Approximately 2/3 of the offgas dust is collected in the cooling system. The balance is 

collected in the electrostatic precipitators. Total dust removed during cooling and 

precipitation is, therefore, about 99%. 

7 3 GAS QUENCHING 

After electrostatic precipitation, the gas is quenched with recirculating water in a 

venturi, tray type, or open tower. The goals of the quenching process are to: 

(a) remove the remaining dust from the gas; 

(b) absorb CI2, F2, SO3 and vapor impurities (e.g. AS2O3). 
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After the gas exits the tower it is cool, clean and saturated with water. The only 

remaining task before it is sent to SO2 -> SO3 conversion is removal of the water. The 

water must be removed to: 

(a) minimize downstream corrosion in blowers and heat exchangers; 

(b) minimize sulfuric acid mist formation during SO2 -> SO3 conversion and, 

(c) protect the catalyst from acid condensation during a plant shutdown. 

Lengthy service life of an acid plant relies heavily upon efficient water removal from its 

feed gas. 

7 4 GAS DRYING 

Water is removed from the saturated gases by absorbing it in 93% or 98% sulfuric 

acid' The absorption is done countercurrently with the acid trickling down through a 

packed cylindrical tower while water saturated gas is drawn upwards (Figure 7 1). The 

moisture content of the gas after drying corresponds closely to the equilibrium partial 

pressure of water vapor above the inlet drying tower acid, about 2^10'' atmospheres 

(93% H2SO4 at 323 K)[6.1]. 

"96% H2SO4 is also sometimes used. 
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Dry gas to 
blowers and 
SO2 —> SO3 
conversion 

Acid mist eliminator 

93% H2SO4 acid inlet 
Acid distributor 

Ceramic 
packing 

Moist 
gas 
inlet 

Packing 
Support 

-92% H2SO4 acid outlet 

Figure 7.1 Drying tower design showing packing, acid and gas flows and acid 
distribution. 

The towers are usually mild steel with an acid resistant brick lining. For efficient 

gas-liquid contact they are packed with ceramic Intalox saddles or structured packing. 

The drying tower operation is under negative pressure to prevent SO2 escape. One or 

more blowers pull the gas through the drying process and push it through the heat 

exchangers, catalyst beds and absorption tower(s) of the acid plant. 

The efficiency of moisture absorption in the drying tower is determined mainly by 

the rate at which H2O (g) can diffuse to the sulfuric acid - gas interface [7.3], The gas 

velocity (~1.0 - 1.5 m/s) is designed for the gas flow to be turbulent. Turbulent flow 

reduces gas phase diffusion distance maximizing drying tower efficiency. Typically, a 
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residual water content of 50 mg per Nm^ in the exit gas of the drying tower is considered 

satisfactory. 

The acid leaving the drying tower is typically 92% H2SO4. It is: 

(a) strengthened to 93% H2SO4 (with 98.5 or 99.1% H2SO4 from the SO3 

absorption system), cooled and returned to the drying tower or; 

(b) shipped to market with or without strengthening or; 

(c) sent to the SO3 absorption tower circuit to dilute the strong absorption 

tower acid product (Section 6.2). 

Most acid plants operate with two acid circuits. One contains 98.5% H2SO4 for 

SO3 absorption (Section 6.2) and the other contains 93% H2SO4 for drying. 

7 5 ACID PLANT WATER BALANCE 

Control of the feed gas water content (before drying) is critical to the strength of 

the acid plant's products. This is because all the water in the feed gas enters the acid 

plant's product acid. It is controlled by controlling the temperature of the gas as it leaves 

the water quench process. The lower the quench tower exit gas temperature, the lower its 

H2O (g) content and vice versa. Figure 7.2. 
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Figure 7.2 Percent water in a saturated gas versus temperature. As the temperature 
increases the amount of H2O (g) in the gas increases. 

If the temperature of the saturated gas exceeds design, the H2SO4 concentration of 

the product acid could drop below market acceptability. 

7.6 INDUSTRIAL SO, CONVERSION 

Sulfur dioxide is oxidized in the acid plant converter. Separating the catalyst into 

3 to 5 separate beds maximizes SO2 conversion. Figures 7.3, 7.4 and 7.5 illustrate the 

beneficial effect of this muhi-bed arrangement. 
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Figure 7.3 First catalyst bed adiabatic heat-up path showing equilibrium limitations. The 
feed gas contains 10 vol% SO2, 11 vol% O2 and 79 vol% N2. 

Figure 7.3 shows the SO2 conversion-gas temperature adiabatic heat-up path for 

gases entering the first pass catalyst bed. The temperature rises due to the exothermic 

SOj-^SOs reaction as conversion proceeds. Ultimately, equilibrium conversion is 

attained, after which no further conversion can take place in this bed. Further SO2 

conversion can, however, be obtained by: 

(a) cooling the first catalyst bed exit gas; 

(b) passing this cooled gas through a second catalyst bed. 

This is shown in Figure 7.4. 
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Figure 7.4 First and second pass catalyst bed adiabatic heat-up paths. The horizontal line 
represents cooling between passes. 

More conversion can be attained by further cooling catalytic converting 

sequences. Figure 7.5. Chapter 8 discusses multi-catalyst bed S02-^S03 conversion in 

detail. 
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Figure 7.S Three pass catalyst bed acid plant showing heat-up paths and cooling between 
beds. 

An acid plant consisting of three catalyst beds with external shell and tube type 

heat exchangers is shown in Figure 7.6. 
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Figure 7.6 Three pass single absorption acid plant converter showing four external heat 
exchangers. 

1.1 CATALYST BED STRUCTURE 

Industrial catalyst layers are usually supported by a cast iron or steel grid 

structure, Figure 7.7. A coarse layer of silica rock is placed on the grid to support the 

catalyst. The top of the catalyst bed is covered with either a fine layer of coarse silica 

rock or large size catalyst (20 mm, for example). This top layer helps to prevent 

localized channeling of the gas through the catalyst bed. 
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Figure 7.7 Catalyst bed showing steel support, catalyst and silica rock. The bed is 
typically 8 - 12 m in diameter. 

7 8 GAS-TQ-GAS HEAT EXCHANGE 

The feed gas to the acid plant first pass catalyst bed of the SO2—^SOs converter 

must be heated to the minimum operating temperature, (i.e. ignition or initiation 

temperature) of the catalyst in the bed. This is done using gas-to-gas heat exchangers. 

Single segmental, double segmental and radial shell and tube designs are typically used 

[7.4], 

Gas-to-gas heat exchangers are used to transfer heat &om the hot gases exiting a 

catalyst bed to cold gas entering another catalyst bed. For example, a gas-to-gas heat 

exchanger between the first and second catalyst beds cools the hot gases exiting the first 

pass catalyst bed and heats the cool feed gases entering the first pass catalyst bed. 

Independent control of gas temperatures at specific points in the catalytic 

conversion process can be provided by: 
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(a) fuel fired gas heaters; 

(b) air coolers. 

The heaters are used during plant start-up and for dilute SO2 conditions. The air 

coolers are used when strong SO2 feed gas gives excessively hot catalyst pass exit gas. 

Fuel-fired heaters pass hot combustion gases through the shell of a gas-to-gas heat 

exchanger. They transfer heat to the cool acid plant feed gas passing through the tubes of 

the heat exchanger. The amount of heating is adjusted by changing the fuel combustion 

rate in the heater combustion system. 

Air coolers pass air through the shell side of a gas-to-gas heat exchanger. They 

are used to cool hot gases passing through the tubes of the heat exchanger. The amount 

of cooling is adjusted by; 

(a) increasing or decreasing the temperature of the air entering the heat 

exchanger by increasing or decreasing the amount of warm exit air 

recycle; 

(b) increasing or decreasing the speed of the blower. 

7 9 INDUSTRIAL SO3 ABSORPTION 

Absorption of SO3 is carried out in a packed tower in which -98.5% H2SO4 flows 

countercurrent to SO3 laden gas. The acid descends the tower while the gas ascends. 
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Figure 7.8. Absorption towers usually consist of a welded, vertical, cylindrical steel shell 

3 - 9 m in diameter. The shell is lined with Teflon, acid-proof bricks and silica-based 

mortar. 

The use of acid resistant brick is the most commonly accepted practice for the 

construction of absorption towers. Increasingly, however, towers are being constructed 

of newly developed corrosion resistant stainless steels - unlined [7 .5], 

Barren 
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Acid mist drainage 
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Acid distributor 
98.5% H2SO4 acid inlet 

Ceramic 
packing 

Packing 
support 

SO3 
gas 
inlet 

I 
I 99.1% H2SO4 acid outlet 

Figure 7.8 Absorption tower configuration showing packing, acid distributor and mist 
eliminators (typical diameter ~ 3 - 9 m). 
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Pumps, located in an acid storage pump tank, circulate acid to a distributor 

located in the top of the absorption tower. Figure 7,8. Distributor designs vary, but all 

have the common goal of evenly distributing acid across the entire packing area. 

Several packing designs are utilized in absorption towers. All try to maximize 

contact between descending acid and ascending SO3 while minimizing resistance to gas 

flow. A common design Is the ceramic Intalox saddle. The saddles, -75mm in size, are 

placed on a ceramic or stainless steel support structure in the tower. The open area of the 

support structure, the size of the saddles and the packing height determines the gas 

pressure drop across the absorption tower. Packing layers are typically 3 - 5 m in height. 

7.9.1 Acid cooling 

A significant eunount of heat is taken up by the circulating sulfuric acid. The heat 

is generated by the H2O (0 + SO3 (g) o H2SO4 (0 reaction and by dilution of the H2SO4 

with H2O. The heat is removed from the acid by circulating the acid through water-acid 

heat exchangers (Figure 7.9) before it is sent to storage or recirculated (in diluted form) to 

the absorption tower for further SO3 absorption. 

Acid heat exchangers (or acid coolers) are usually shell and tube design. Water 

circulates through the tubes and acid circulates through the shell. Figure 7.9. The heated 

water from the heat exchangers is cooled in an atmospheric cooling tower (Section 7.10). 

Anodic protection is used on the acid coolers to minimize corrosion of the tubes, shell 

and tube sheet. Acid coolers are usually constructed of 304L and/or 316L austenitic 
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stainless steel. The maximum acid inlet temperature for anodically protected acid coolers 

is -388 K at 98.5% H2SO4. 

Cool Cool Warm Warm 
H2O H2SO4 H2SO4 H2O 

Baffles Tube sheet 
Tubes 

Figure 7.9 Shell and tube sulfuric acid cooler showing countercurrent flow of acid and 
cooling water. The warm H2O is cooled in atmospheric cooling towers and is 
recycled to the acid cooler (Section 7.10). Anodic protection is used to 
minimize corrosion of the tubes, shell and tube sheet. 

The pressure on the water side of the heat exchanger is usually less than on the 

acid side to ensure quick leak detection. The pH of the cooling water drops immediately 

when a tube is leaking, notifying the plant operators that quick corrective action is 

required. 

Curves relating acid strength, temperature and corrosion rate have been developed 

for specific stainless steels. Typically, as temperature increases and acid strength 

decreases, corrosion rate increases. Figure 7.10. 
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Figure 7.10 Isocorrosion chart for a typical sulfuric acid resistant stainless steel. High 
temperature-low strength (%H2S04) acids are the most corrosive to this 
steel. Similar curves are developed for anodically protected stainless steel 
acid coolers. 

It is imperative that the absorption tower outlet acid strength and temperature be 

properly controlled to prevent excessive conosion of the acid circulation system. 

7.9.2 Acid mist removal 

The gas leaving the absorption tower contains a certain amount of acid mist. The 

mist is generated by: 

(a) mechanical forces which break up or atomize the descending acid to form 

a mist; 

(b) formation of sulfuric acid mist by the gas phase reaction: 
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H20(g) + S03(g) o H2S04(0 (7.1). 

Mechanical forces typically generate mist that has a large particle size 

(typically >l|im). Mist particles formed by chemical reactions and condensation are 

usually small (sub-micrometer). 

The acid mist must be removed from the gas to prevent corrosion in the ductwork 

and heat exchangers downstream of the absorption tower. This is done by placing mist 

eliminators at the gas outlet of the absorption tower. The collected acid mist descends to 

the top of the absorption tower through pipes (Figure 7.8). Two common types of 

eliminators are: 

(a) impingement eliminators which capture particles greater than 1-3 

micrometers; 

(b) diffusion separators which capture sub-micrometer particles by Brownian 

movement separation. 

Both are used in metallurgical sulfuric acid plants. 
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7 10 COOLING TOWER OPERATION 

Cool water circulates through the acid coolers. It is heated by the warm acid from 

SO3 absorption. The wanned water is cooled in an atmospheric cooling tower before 

being recycled to the acid coolers. Figure 7.11 shows a typical water cooling flow sheet. 

Heat transfer in the cooling tower involves (i) latent heat transfer to the 

atmosphere by evaporation of water and (ii) sensible heat transfer due to the temperature 

difference between the water and the atmosphere [7.6]. Approximately 80 percent of the 

heat transfer in a cooling tower is due to evaporation and 20 percent due to temperature 

difference heat transfer. 

The evaporation of water causes the concentration of solids in the cooling tower 

to increase. Solids concentration must be kept at a minimum by removing ("blowing 

down") a portion of the recirculating flow. This minimizes fouling of the tubes in the 

heat exchangers. 

The required makeup water flow is equal to the sum of the blowdown, 

evaporation loss and drift loss from the cooling tower. Drift is water droplets entrained in 

the air around the cooling tower. It varies between 0.1 and 0.2 percent of the water 

supplied to the tower. 
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Figure 7.11 Typical acid plant cooling water flow sheet. Fresh makeup water is added 
to balance drift, evaporation and blowdown losses. 

7 11 CONVERSION/ABSORPTION COMBINATIONS 

7.11.1 Single absorption acid plants 

The simplest SO2—>S03 conversion/SOs absorption combination is; 

(a) conversion of SO2 to SO3 by sequential passage of the acid plant feed gas 

through 3 to S catalyst beds; 

(b) absorption of the catalytically formed SO3 in strong sulftiric acid after the 

last catalyst bed. 

This process is known as single absorption. Step (a) achieves about 98% 

conversion of SO2 to SO3. Step (b) absorbs virtually all of the SO3 into sulfiiric acid. 

evaporation and 
drift losses ^ 

make-up 
water 

cooling 
tower 
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7.11.2 Double absorption acid plants 

A common conversion/absorption arrangement is; 

(a) conversion of SO2 to SO3 sequentially in three catalyst beds; 

(b) absorption of the catalytically produced SO3 into strong sulfuric acid; 

(c) conversion of the remaining SO2 to SO3 in one or more catalyst beds; 

(d) absorption of the SO3 from conversion step (c) in strong sulfuric acid. 

This is called double absorption. It results in greater than 99.7% total SO2 

conversion. 

The reason for double absorption's higher overall SO2 conversion/absorption is 

that the intermediate SO3 absorption step removes virtually all of the SO3 produced in the 

first, second and third pass catalyst beds causing; 

(a) the fourth pass catalyst bed inlet gas to be virtually free of SO3, 

and allowing; 

(b) the SO2 (g) + ̂ 02 (g) o SO3 (g) + Heat reaction to proceed more 

completely to the right in the fourth catalyst bed. 
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The enhanced SO2 conversion due to intermediate absorption is detailed in 

Section 9.1. 

7.12 TAIL GAS EMISSIONS 

Tail gas is discharged from the acid plant through a chimney stack. It consists of 

oxygen, nitrogen, sulfur dioxide, sulfur trioxide and possibly carbon dioxide. Continuous 

monitoring of SO2 concentration in the tail gas stack is used to determine acid plant 

efficiency. 

Most copper smelters are regulated to maintain certain SO2 concentrations in the 

acid plant tail gas, typically -650 ppm (6 hour average). They are also regulated as to the 

visibility, i.e. opacity, of the tail gas. H2SO4 vapor and SO3 react with the cool ambient 

atmosphere at the chimney stack exit to form visible acid mist. The more SO3 and H2SO4 

vapor present in the tail gas the more mist and the more opaque the plume. 
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SINGLE ABSORPTION ACID PLANT MATHEMATICAL DESCRIPTION 

This chapter develops a mathematical description of a three pass single absorption 

sulfuric acid plant. Figure 8.1 shows the flow sheet of the modeled plant. 

Feed gas 

Warm air 
to atmosphere To atmosphere 

Cool air 

1®' catalyst bed 

3"^ catalyst bed 

2"" catalyst bed 

SO3 
Cooler 

HX 

Cold 
HX 

1-2 
HX 

2-3 
HX 

Absorption 
Tower 

Figure 8.1 Flow sheet of a modem three-pass single absorption acid plant. HX bypass 
flows have been omitted for clarity (HX s heat exchanger). 

The model has four parts: 
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(a) a mathematical description of the S02^S03 conversions that are 

potentially attainable in the catalyst beds of the SO2 SO3 converter 

(i.e. equilibrium conversions); 

(b) a mathematical description of input gas S02->S03 conversion versus 

temperature during its approach to equilibrium in each catalyst bed; 

(c) a mathematical description of SO3 absorption; 

(d) a mathematical description of gas-to-gas and air-to-gas heat exchange. 

The equilibrium equation for the conversion of SO2 to SO3 is derived in 

8.1 CONVERSION EOUTLMRIUM 

Chapters. It is; 

AT^+ B + Rln T + C = 0 
E-nsn, 1 

where: (5.20). 

I-E-F = 

PT = 

T 

E 

F 

•^803 

temperature (K) 

mols SO2 in feed gas 

mols O2 in feed gas 

mols of N2 in feed gas (assuming 1 mol total feed gas) 

total pressure (atmospheres), assumed constant during the process 

equilibrium mols of SO3 generated by oxidation of SO2 

A,B,C = constants of the second order polynomial equation describing 

ACT for the reaction; SO2 + 1/2 O2 o SO3 as a function of T. 
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Values for A, B, C, E, F, T and Pj are used to solve for ngo,, hence SO2 

conversion, as a function of product gas temperature. The results are shown in Figures 

8.2 to 8.4. They represent the maximum possible conversion of SO2 to SO3 for any 

given; feed composition (%S02, %02) and product temperature and pressure. 
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Figure 8.2 Equilibrium conversion of SO2 to SO3 as a function of product gas 
temperature. Conversion is seen to increase with (a) decreasing temperature 
and (b) increasing product gas pressure (feed gas constant at 10 vol% SO2, 
11 voi% O2, balance N2). 
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FigwreS.S Effect of feed gas SO2 concentration on S02->S03 conversion (constant 
voI% O2 in the feed gas, constant product gas pressure). Conversion is seen to 
increase with decreasing feed gas SO2 concentration. 
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Figure 8.4 SO2 conversion as affected by feed gas O2 concentration. Conversion 
increases as feed gas O2 concentration increases (constant voi% SO2 in the 
feed gas, constant product gas pressure). 

8.2 FIRST PASS MASS AND HEAT BALANCES 

The feed to the Figure 8.1 acid plant is warm (400 K), dry, clean SO2, O2, N2 gas. 

It is blown into, through, and out of the acid plant. 

The feed gas first passes through heat exchangers where it is heated to the 

initiation temperature of the first pass catalyst. It then enters the first pass catalyst bed 

where: 

(a) its SO2 and O2 react, in the presence of a catalyst, to form SO3; 

(b) its temperature rises due to exothermic formation of SO3. 
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The net result is an S02->S03 conversion-temperature heat-up path as the gas 

approaches equilibrium conversion in the catalyst bed. 

The next ten sections develop a mathematical description of this heat-up path 

using steady state mass and heat balances. Section 8.2.14 then describes the intersection 

of the heat-up path with the equilibrium conversion curve calculated in Section 8 .1. 

8.2.1 Mass balances 

The feed gas to the first pass contains SO2, O2 and N2. The exit gas contains SO2, 

SO3, O2 and N2. The basic elemental mass balances for the first pass are, therefore; 

mass S in = mass S out (8.1) 

mass O in = mass O out (8.2) 

mass N in = mass N out (8.3). 

8.2.2 Heat balances 

The enthalpy balance for the first pass is; 

enthalpy entering 
the first pass 

enthalpy leaving + 
the first pass 

conductive, 
convective and 
radiative heat 
lost from the 
fu-st pass 

Mathematically, the equation is; 

ti g 

i=i j=i 
Ti Outputs 

conductive 

+ convective and 

radiative losses 
(8-4); 
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where: nii = mass of component i (kg) entering the first pass and 
Hji = enthalpy of component i (MJ/kg). 

mj = mass of component j (kg) exiting the first pass and 
HTJ = enthalpy of component] (MJ/kg). 

n 

represents the sum of the enthalpies of the gases entering the 
i=i 

first pass. Its numerical value depends upon the quantity and temperature of each 

n 

component. represents the first pass products in the same manner. 
j=i 

The conductive, convective and radiative heat loss term represents heat loss from 

the first pass. It is heat conducted through the external walls of the first pass and released 

to the converter's sunoundings by convection and radiation. 

8.2.3 First pass feed gas specification 

This section applies the above mass and heat balance equations to the feeds and 

products of the first pass. It considers; 

(a) 1000 Nm^ of acid plant feed gas, 8 vol% SO2, 10 vol% O2, 82 vol% N2, 

(b) 693 K gas inlet temperature and an 853 K gas outlet temperature; 

(c) a constant total pressure of 1.2 atmospheres* in the bed. 

* The pressure drop across the bed is small compared to PT-
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Given these specifications, the question is asked; 

What percent of the feed SO 2 is converted to SO 3 in the first pass? 

Since the definition of percent SOj-^SOa conversion is (Equations 5.21, 5.23); 

%S02 conversion in the first pass = 

mass SO 2 into first pass - mass SO 2 out of first pass 
XLOO (O.5)J  

mass SO 2 into first pass 

the solution to this problem requires calculation of the masses of SO2 entering and exiting 

the first pass. The following sections show how this is done. The steps are; 

(a) calculate the input masses of SO2, O2 and N2 for this specific problem; 

(b) expand mass and enthalpy balances 8.1, 8.2, 8.3 and 8.4 to include the 

masses of SO2, O2 and N2 entering and leaving the catalyst bed; and the 

mass of SO3 leaving the bed, (Sections 8.2.4 - 8.2.10); 

(c) calculate by matrix algebra all the output masses (Section 8.2.12). 

8.2.4 First pass input masses 

The masses of the gases entering the first pass in this specific problem are; 
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1000 Ntn^ 
64.06 kg SO, 

MassSOj of gas 8vol%S02 ~-o-r i 
= X X per kg - mol = 228.6 ke: 

in (kg) 22.415 Nm^ 100 
OX so 2 

per kg - mol 

of gas 

32.00 kg O2 
Ma«0,  , .ofga^^lOx^^ 

in (kg) 22.415 Nm^ 100 
or O2 

per kg - mol 

of gas 

Mass Nj 

in (kg) 

1000 Nm^ 

of gas 

22.415 Nm^ 

per kg - mol 

of gas 

82 vol%N 

100 

28.01 kg Nj 

^ X per kg-mol 

of N, 

= 1024.7 kg. 

Stream Components Temperature Mass 
(K) (kg)* 

Feed gas SO2 693 228.6 
(to first pass) O2 693 142.8 

N2 693 1024.7 

Exit gas SO2 853 ? 
(from first pass) SO3 853 ? 

O2 853 7 

N2 853 ? 
*per 1000 Nm of acid plant feed gas 

Table 8.1 First pass mass balance and temperature summary. Pressure is constant at 1.2 
atmospheres for all components. 
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8.2.5 Equation development 

Table 8.1 shows the first pass masses and temperatures. The unknowns are 

masses of SO2, SO3, O2 and Nj, in the exit gas. They are obtained by the mass and heat 

balance matrix calculation developed below. 

8.2.6 Sulfur balance 

Sulfur enters the first pass in SO2. It leaves the first pass in SO2 and SO3. The 

steady state sulfur mass balance; 

mass S in = mass S out (8.1) 

is expanded to; 

mass SO 2 in X 
50 mass% S in SO2 

ioo 
= mass SO2 out x 

50 mass% 0 in SO2 

Too 
40 mass% S in SO, 

< 
100 

+ mass SO3 out x 

or; 

mass SO2 in x 0.5 = mass SO2 out x 0.5 

+ mass SO3 out x 0.4, 

which, arranged for matrix calculation is; 
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0 = - 0.5 mass SO2 in 

+ 0.5 mass SO2 out 

+ 0.4 mass SO3 out (8.6). 

8.2.7 Oxygen balance 

Oxygen enters the first pass in SO2 and O2. It leaves the first pass in SO2, SO3 

and as O2. The steady state oxygen mass balance; 

mass O in = mass O out (8.2) 

is expanded to; 

__ . 50mass% Oin SO, ^ 50 mass% 0 in SO, 
mass SO, in X ^ + massO, m = mass SO, out x 

^ 1 0 0  ^  1 0 0  

60 mass% O in SO3 
+ mass SO3 out x 

^ 100 

+ massO, out 

or: 

mass SO2 in x 0.5 + mass O2 in = mass SO2 out x 0.5 

+ mass SO3 out x 0.6 

+ mass O2 out 

or, for matrix calculation; 
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0 = - 0.5 mass SO2 in 

- mass O2 in 

+ 0.5 mass SO2 out 

+ 0.6 mass SO3 out 

+ mass O2 out (8.7). 

8.2.8 Nitrogen balance 

Nitrogen does not react anywhere in the acid plant, so all N2 that enters the first 

pass also leaves it. The steady state nitrogen mass balance, 

mass N in = mass N out (8.3), 

is, therefore: 

mass N2 in = mass N2 out. 

or, arranged for matrix calculation: 

0 = - mass N2 in + mass N2 out (8.8). 

8.2.9 SO2, O2 and N2 input specification equations 

The matrix equations for the input masses of SO2, O2 and N2, are from the Section 

8.2.4 specification: 
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228.6 kg = mass SO2 in (8.9) 

142.8 kg = mass O2 in (8.10) 

1024.7 kg = mass N2 in (8.11). 

8.2.10 First pass enthalpy balance 

The final matrix equation is the first pass enthalpy balance. It is: 

„ „ conductive 

Zm:HTi =7 miH-n^ + convective, and ' " Inputs ZmU J 'J Outputs ' 
radiative loss 

Assuming ideal gas behavior, the total input enthalpy is given by: 

n 
2= mass SO2 in x -MWjoj) 
i=l 

+ mass O2 in x (Hggj^ -J-MWo^ ) 
02 

+ mass N2 in x (Hggjj^ -5- MWj,^) 

N2 

(8.4). 

where the (H^ -^MW) terms are the enthalpies of the compounds per kg (H^, enthalpy 

in MJ/kg-mol; MW, molecular mass, in kg/kg-mol). Similarly, the output enthalpy is: 
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S outeut5 " out X ( H°53 K - MWS02 ^ 
H SO2 

+ mass SO3 out x (H8J3K MWsos) 
S03 

+ mass O2 out x ) 
02 

+ massNz out * (Hgjju ^MWf^ ). 
N2 

The final term in Equation 8.4 is the conductive, convective and radiative heat 

loss. For this initial calculation it is assumed to be zero, i.e. its specification is; 

conductive, convective plus radiative = 0 
heat loss, MJ/1000 Nm of feed gas 

The validity of this assumption is discussed in Section 10.2. 

The enthalpy balance for this initial calculation is therefore; 

„ „ conductive 

ZnatiHT; = > m.HTi + convective, and ' ri Inputs J 'J Outputs 
'=i j=i radiative losses 

(8.4). 

or: 
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n n 

Sin;HT-i nijHx: + 0. 
'' Inputs > 'J Outputs 

i=l j=l 

Component Numerical value 
(MJ/kg) 

(H693 (^/MW)SO2 -4.35 

(^693 ̂ ^^^^^02 0.39 

(H^53^/MW)N2 0.42 

(^853 -4.22 

(H|53K/MW)SO3 -4.49 

(H?53ic/MW)o2 0.55 

(1^853 0.60 

Table 8.2 Enthalpy values (MJ/kg) of the first pass components. 

Including the Table 8.2 enthalpy values it becomes: 

mass SO2 in x (-4.35) + 
mass O2 in (0.39) + 
mass N2 in * (0.42) mass SO2 out * (-4.22) 

+ mass SO3 out x (-4.49) 
+ mass O2 out (0.55) 
+ mass N2 out x (0.60) 

or, for matrix purposes: 

4.35 X mass SO2 in 
-0.39 X mass O2 in 
-0.42 X mass N2in 
-4.22 X mass SO2 out 
-4.49 X mass SO3 out 
0.55 X mass O2 out 
0.60 X mass N2 out 
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8.2.11 Equations and unknowns 

Sections 8.2.6 to 8.2.10 contain seven unknowns: 

mass SO2 in feed gas 

mass O2 in feed gas 

mass N2 in feed gas 

mass SO2 in exit gas 

mass SO3 in exit gas 

mass O2 in exit gas 

mass N2 in exit gas. 

They also contain seven equations, 8.6 - 8.12. There is, therefore, a unique value 

for each variable, i.e. the problem. 

What percent of the feed SO2 is converted to SO 3 in the first pass?, 

has a unique solution. 

8.2.12 First pass matrix calculations 

The solution to the Section 8.2.3 problem is most easily obtained by: 

(a) entering the Equations 8.6 to 8.12 into a spreadsheet computer program, 

(e.g. Microsoft Excel 97) in matrix form, (Table 8.3); 

(b) solving for the seven variables in the equations. 
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Mass Mass Mass Mass Mass Mass Mass 

SO2 O2 N2 SO2 SO3 O2 N2 
Balance or Numerical in in in in in in in 

Equation Specification Term feed gas feed gas feed gas exit gas exit gas exit gas exit gas 
(8.6) Sulfiir 0 -0.5 0.5 0.4 
(8.7) Oxygen 0 -0.5 -1 0.5 0.6 1 
(8.8) Nitrogen 0 -1 I 
(8.9) SO2 in 228.6 1 
(8.10) 02 in 142.8 1 
(8.11) N2 in 1024.7 1 
(8.12) Enthalpy 0 4.35 -0.39 -0.42 -4.22 -4.49 0.55 0.60 

Table 8.3 Matrix used to determine percent SO2 conversion in the first pass. All non-
specified terms in the matrix are zero (solution of the matrix in Microsoft Excel 
97 requires that the zeros be included). 

This produces the following values: 
kg 

mass SO2 in feed gas: 228.6 
mass O2 in feed gas: 142.8 
mass N2 in feed gas: 1024.7 

mass SO2 in exit gas: 75.0 
mass SO3 in exit gas: 192.0 
mass O2 in exit gas: 104.4 
mass N2 in exit gas: 1024.7. 

The percent conversion of SO2 -> SO3 in the first pass is calculated from these 

values to be: 

%S07. conversion in the first pass = 

mass SO 2 into first pass - mass SO 2 out of first pass ^ 

mass SO 2 into first pass 
(8.5) 

(100)= 67.2%. 
228.6 kg 



126 

This is the answer to the Section 8.2.3 problem. 

8.2.13 First pass heat-up path 

Previous sections indicate that the passage of SO2-O2 bearing gas through the acid 

plant catalyst bed results in; 

(a) conversion of SO2 to SO3; 

(b) an increase in the gas temperature due to the heat of oxidation. 

They also provide a method to determine percent SO2 conversion in the catalyst 

bed for any given first pass exit temperature. 

This section extends the calculation to show the relationship between percent SO2 

conversion and temperature at 10 K intervals. The result is the "first pass heat-up path". 

The questions answered by the calculations are; 

What percent SO2 conversion will increase gas temperature from 693 K (the inlet 

temperature) to 703 K, from 693 K to 713 K, from 693 K to 723 K, etc. as the gas passes 

through the converter? 

The first pass percent SO2 conversion-temperature heat-up path is determined by 

calculating the percent conversion of SO2 at 10 K interval output temperatures fi"om 



693 K to 853 K. Each calculation is like that in Sections 8.2.3 to 8.2.12. 

the calculated values while Figure 8.5 plots them. 
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Table 8.4 shows 

%S02 Temperature 
Conversion CK) 

0.0 693 
4.1 703 
8.3 713 
12.4 723 
16.6 733 
20.7 743 
24.9 753 
29.1 763 
33.3 773 
37.5 783 
41.7 793 
45.9 803 
50.1 813 
54.4 823 
58.6 833 
62.9 843 
67.2 853 

Table 8.4 Percent SO2 conversions and their equivalent gas temperatures during passage 
of SOj-bearing gas through the first pass. The feed gas contains 8 vol% SO2, 
10 vol% O2 and 82 vol% N2 at 1.2 atmospheres. 
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Figure 8.5 First pass heat-up path. The relationship between percent SO2 conversion and 
gas temperature in the catalyst bed is shown. 

Temperature is shown to be the dependent variable in Figure 8.5. When the 

percent conversion of SO2 increases, the temperature of the gas increases. The axes in 

Figure 8.5 are usually switched to show percent SO2 conversion as a function of 

temperature. This is shown in Figure 8.6. 
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Figure 8.6 Percent SO2 conversion as a function of gas temperature (from Figure 8.5) 
starting with 0% SO2 conversion at 693 K. 

8 .2.14 Equilibrium intercept of the first pass heat-up path 

The intercept of the heat-up path and the equilibrium curve corresponds to the 

maximum attainable SO2 conversion in the first pass. It is determined by calculating the 

temperature-%S02 conversion heat-up path firom the input gas temperature until its 

conversion-temperature values equal those of the equilibrium conversion curve. 

Calculation details are provided in Appendix B. The results are shown in Table 8.5. 
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Temperature 
(K) 

Equilibrium 
%S02 conversion 

First pass 
%S02 conversion 

869 75.9 74.0 
870 75.6 74.5 
871 75.3 74.9 
872 75.0 75.3 
873 74.8 75.8 

Table 8.5 Equilibrium and heat-up path SO2 conversions and temperatures (see also 
Figure 8.7). The intercept occurs at 871.6 K and 75.2% SO2 conversion. The 
feed gas is 8 vol% SO2, 10 vol% O2, 82 vol% N2. It enters the catalyst bed at 
693 K. Pressure is constant at 1.2 atm. 

100 
8 vol% SO2 in feed gas 

10 vol% O2 in feed gas 
PT = 1.2 atm 

90 -

80 -

c 70 -

I 6 0 -
>  
o 50 -O 
(M 

O 40 -
to 
3? 30 -

20 -

10 -

600 650 700 750 800 850 900 950 1000 1050 1100 

Temperature (K) 

Figure 8.7 Heat-up path and equilibrium SO2 conversions for the first pass. The intercept 
(871.6 75.2 % SO2 conversion) corresponds to the maximum attainable 
conversion in the first pass starting with 693 K feed gas. The masses of SO2, 
SO3, O2 and N2 at this maximum attainable conversion are: SO2: 56.8 kg; SO3; 
214.7 kg; O2: 99.8 kg; N2: 1024.7 kg; all per 1000 Nm^ of acid plant feed gas. 
A method of calculating the exact composition and temperature of the intercept 
is provided in Appendix B. 
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8 3 SECOND PASS MASS AND HEAT BALANCES 

The gas exiting the first pass contains SO2, SO3, O2 and N2. It has reached the 

maximum attainable first pass S02->S03 conversion. The only way to obtain more 

conversion is to cool the exit gas and pass it through another catalyst bed (i.e. a second 

pass). 

8.3.1 Second pass entry specifications 

It is assumed that the first pass exit gas is cooled firom its equilibrium exit 

temperature (871.6 K, Figure 8.7) to 693 K. It then enters a second pass. The inlet 

conditions for the second pass are, therefore, (i) the first pass exit gas masses of SO2, 

SO3, O2 and N2, and (ii) a 693 K entry temperature. 

The 693 K second pass entry temperature is chosen for simplicity to be identical 

to the first pass entry temperature. In industrial operations it is usually ~5 K higher. 

The first question to be answered by the second pass calculations is: 

What total percent of the initial acid plant feed SO2 has been converted to SO3 cfter the 

second pass with a 733 K second pass exit temperature? 

Total percent SO2 conversion in this case is defined as; 
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%S02 conversion after the second pass = 

mass SO 2 into first pass - mass SO 2 out of second pass 

mass SO 2 into first pass 

(8.13). 

The mass and heat balance equations developed for the first pass must be 

modified slightly for the second pass, as follows. 

8.3.2 Sulfur balance 

Sulfur enters and exits the second pass as SO2 and SO3. The steady state sulfur 

balance for the second pass. 

mass S in = mass S out (8.1) 

is; 

+ mass SO3 in x 

mass SO 2 in x 
50 mass% Sin SO2 

ioo 
40 mass% S in SO3 

Too 
mass SO2 out x 

50 mass% O in SO 2 

ioo 
40 mass% S in SO3 

ioo 
+ mass SO3 out x 

which is, arranged for matrix calculation; 

0 = - 0.5 mass SO2 in 

- 0.4 mass SO3 in 

+ 0.5 mass SO2 out 

+ 0.4 mass SO3 out (8.14). 
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8 .3 .3 Oxygen balance 

Oxygen enters and exits the second pass in SO2, SO3 and O2. The steady state 

oxygen balance for the second pass, 

mass O in = mass 0 out (8.2) 

is: 

_ _ . 50 mass% O in SO, 
mass SO, in x + 

 ̂ 100 

60 mass% O in SO 
mass SO3 in x 

 ̂ 100 

^ . C/-V 50 mass% O in SO, 
mass O, in = mass SO, out x 

^ ^ 100 

__ 60mass%OinSO, 
+ mass SO3 out x 

100 

+ mass O2 out 

which, arranged for matrix calculation: 

0 = - 0.5 mass SO2 in 

-0.6 mass SO3 in 

- mass O2 in 

+ 0.5 mass SO2 out 

+ 0.6 mass SO3 out 

+ mass O2 out (8.15). 
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8.3.4 S02, SO3, €>2 and N2 input specification 

The gas masses entering the second pass are identical to the gas masses exiting 

the first pass. At the maximum attainable SO2 conversion (Figure 8.7), they are: 

56.8 kg = mass SO2 in (8.16) 

214.7 kg = mass SO3 in (8.17) 

99.8 kg = mass O2 in (8.18) 

1024.7 kg = mass N2 in (8.11). 

8.3.5 Second pass enthalpy balance 

Enthalpy Equation 8.12 is modified to include the SO3 entering the second pass. 

For a 693 K entry and 733 K exit temperature, it becomes: 

mass SO2 in * (-4.35) + 
mass SO3 in (-4.63) + 
mass O2 in x (0.39) + 
mass N2 in x (0.42) 

or, for matrix purposes: 

mass SO2 out (-4.32) 
+ mass SO3 out x (-4.60) 
+ mass O2 out * (0.43) 
+ mass N2 out * (0.46) 

0 = 4.35 X mass S02in 
4.63 X mass S03in 

-0.39 X mass O2 in 
-0.42 X mass N2 in 
-4.32 X mass SO2 out 
-4.60 X mass SO3 out 

0.43 X mass O2 out 
0.46 X mass N2 out (8.19). 



8.3.6 Second pass matrix calculations 

A matrix solution is used to solve the new second pass equations. Table 8.6. 
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Mass Mass Mass Mass Mass Mass Mass Mass 
Balance or Numerical SO2 SO3 O2 N2 SO2 SO3 O2 N2 

Equation Specification Term 2"^ in 2"^ in 2"^ in 2"^ in 2"̂  out 2"̂  out 2"̂  out 2"̂  out 
(8.14) Sulfur 0 -0.5 -0.4 0.5 0.4 
(8.15) Oxygen 0 -0.5 -0.6 -1 0.5 0.6 1 
(8.8) Nitrogen 0 -I 1 
(8.16) SO2 in 56.8 1 

(8.17) SO3 in 214.7 1 
(8.18) O2 in 99.8 1 
(8.11) N2 in 1024.7 I 
(8.19) Enthalpy 0 4.35 4.63 -0.39 -0.42 -4.32 -4.60 0.43 0.46 

Table 8.6 Matrix used to determine percent SO2 conversion in the second pass. All non-
specified terms in the matrix are zero. 

Solution of the matrix gives; 

kg 

mass SO2 2"" in; 56.8 
mass SO3 2"" in; 214.7 
mass O2 2"^ in; 99.8 
mass N2 2"" in; 1024.7 

mass SO2 out; 18.8 
mass SO3 2"'' out; 262.2 
mass O2 2"'' out; 90.4 
mass N2 2'^ out; 1024.7; 

and the total SO2 conversion at the second pass outlet assuming a 733 K outlet 

temperature is; 
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%S02 conversion after the second pass 

mass SO 2 into first pass - mass SO 2 out of second pass ^ 

mass SO 2 into first pass 

(8.13); 
228.6 kg-18.8 kg 

228.6 kg 
•(100)= 91.8%. 

8.3.7 Second pass heat-up path 

The second pass heat-up path is determined by starting at the inlet temperature, 

693 K and calculating the percent SO2 conversions which will raise the gas temperature 

10 K, 20 K, etc. to 733 K. The method is the same as in Section 8.2.13. 

In this case, however, the calculations begin with the first pass exit gas product as 

the feed to the second pass. A consequence of this is that the percent SO2 conversion 

leaving the first pass is exactly the percent SO2 conversion entering the second pass. 

The second pass heat-up path is described in Table 8.7 and Figure 8.8. Figure 8.8 

also shows the first pass heat-up path (to the equilibrium intercept) and the heat 

exchanger cool down path between the first and second passes. The latter is a horizontal 

line showing decreasing temperature at constant SO2 conversion. 
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Temperature Percent SO2 
(K) conversion 
693 75.2 
703 79,3 
713 83.5 
723 87.6 
733 91.8 

Table 8.7 Second pass heat-up path conversions. Note that percent SO2 conversion at the 
entry temperature is identical to that leaving the first pass, Figure 8.7. 
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Figure 8.8 First and second pass heat-up paths. The horizontal line connecting the first 
pass exit conditions to the second pass entry conditions represents cooling in a 
heat exchanger with no change in percent SO2 conversion. 

8.3.8 Equilibrium intercept of the second pass heat-up path 

The equilibrium intercept of the second pass heat-up path and the equilibrium 

curve is shown in Figure 8.9. It has been determined exactly as for the first pass. Section 

8.2.14. 
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Figure 8.9 Equilibrium intercepts of the first and second pass heat-up paths. The 
intercept of the second pass heat-up path and the equilibrium curve occurs at 
744.6 k and 96.6% SOj conversion. The masses of SO2, SO3, O2 and N2 at 
the intercept are: SO2; 7.7 kg; SO3: 276.1 kg; O2: 87.6 kg; N2; 1024.7 kg; all 
per 1000 Nm^ of acid plant feed gas. 

8.4 THIRD PASS MASS AND HEAT BALANCES 

SO2 conversion beyond that obtained in the first and second passes is obtained by 

passing the gas through one more catalyst bed. The gas is cooled before it is delivered to 

The heat-up path and equilibrium intercept for the third pass are determined in 

exactly the same way as the second pass. The definition of percent SO2 conversion for 

the third pass is; 

the bed. 
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% SO2 conversion after the third pass = 

mass SO; into first pass - mass SO; out of third pass ^ 

mass SO; into first pass 

(8.20). 

The feed to the third pass is the product of the second pass. The inlet temperature 

is assumed for simplicity to be 693 K. 

8.4.1 Third pass heat-up path and equilibrium intercept 

The equilibrium intercept of the third pass heat up path is shown in Figures 8.10 

and 8.11. The third pass equilibrium intercept gas is the product of the acid plant 

converter. It is fed to the SO3 absorption tower for sulfiiric acid manufacture. In this 

specific case, it contains; 

2.7 kg SO2 

282.3 kg SO3 

86.3 kg O2 

1024.7 kg N2 

per 1000 Nm^ of acid plant feed gas. 
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Figure 8.10 Equilibrium heat-up paths for a three-pass single absorption acid plant. 
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Figure 8.11 Enlarged third pass equilibrium intercept. The first pass heat-up path has 
been omitted for clarity. 
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8.4.2 Tail gas SO2 concentration 

Catalyst bed performance is measured by the amount of SO2 in the tail gas. The 

tail gas SO2 concentration of the modeled acid plant is measured in ppm (parts per 

million ^ volume) and calculated by: 

1) removing from the third pass outlet gas the amount of SO3 that will be 

absorbed in the absorption tower; 

2) determining the volume of each gas component in the tail gas (after 

absorption); 

3) calculating the SO2 concentration as ppm by volume. 

The absorption tower is specified to remove 99.95 percent of the SO3 in the third 

pass outlet gas, i.e. 0.05% is not absorbed. The equation for the mass of SO3 in the tail 

gas is: 

massS03 mass SO3 

into tail = into absorption x 

% SO 3 not absorbed 

in absorption tower 

100% 
gas tower 

(8.21). 

In the present case: 

mass SO3 into the absorption tower = 282.3 kg; 

%S03 not absorbed = 0.05%; 

so that mass SO3 into tail gas = 
0.05% 

100% 
X 282.3 kg =0.141 kg. 
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The volume of each component in the tail gas is: 

Volume SO2 = 

64.06 kg SO 2^ 

2.7 kg-5-per kg-mol 

of SO2 

22.415Nm^ 

per kg-mol 

of gas 

= 0.94 Nm 

Volume SO3 = 

80.06 kg SOj^ 

0.14 kg-5-per kg - mol 

of SO3 

22.415 Nm^ 
3 

per kg - mol = 0.04 Nm 

of gas 

Volume O2 = 

32.0 kg O2 ^ 

86.3 kg per kg - mol 

of O2 

22.415 Nm^ 

per kg-mol 

of gas 

= 60.5 Nm 

Volume N2 

28.01 kg 

1024.7 kg per kg - mol 

0 f N 2  

22.415 Nm^ 

per kg-mol 

of gas 

= 820.0 Nm 

The total tail gas volume is 881.5 NmVlOOO Nm^ feed gas. The tail gas SO2 

concentration is; 

^ ^ Tail gas SO, volume (Nm^) Ix 10® total parts 
Tail gas SO2 (ppm) = ^ 2 i^ x — f 

Total tail gas volume (Nm ) miUion total parts 

0.94 Nm^ 1x10 total parts 
^ = 1066 ppm. 

(8.22); 

881.5 Nm million total parts 
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8.4.3 Some practical acid plant questions 

The following questions are asked: 

(a) What is the equilibrium SO2 conversion and tail gas SO2 concentration for 

a single absorption acid plant under the following conditions: 

Feed gas composition: 8 vol% SO2, 10 vol% O2, 79 vol% N2 
1", 2 , and 3''''pass catalyst bed inlet temperatures: 700 K 
Equilibrium catalyst bed conversions. 
Adiabatic conditions (no conductive, convective and radiative heat loss). 

(b) What options are available to the acid plant to reduce tail gas SO2 

concentration provided the feed gas conditions in (a) are constant? 

(c) Which option provides the greatest reduction in SO2 concentration for the 

least amount of downtime and capital investment? 

(a.) Equilibrium SO2 conversion and tail gas SO2 concentration; 

The calculations provided in Sections 8.2, 8.3 and 8.4 are applied to solve the first 

question. The results show that the maximum attainable SO2 conversion, that is, the 

equilibrium conversion, for the single absorption plant with 700 K catalyst bed inlet 

temperatures, is 98.6%. This corresponds to a tail gas SO2 concentration of 1,3II ppm. 

The acid plant conversion performance is shown graphically in Figure 8.12. 
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Figure 8.12 Equilibrium conversion and adiabatic heat-up paths for the single absorption 
acid plant wdth: 8 vol% SO2, 10 vol% O2 and 79 vol% N2 feed gas. The 
catalyst bed inlet temperatures are all specified to be 700 K. 

(b) Options available to reduce tail gas SO2 concentration 

The acid plant tail gas SO2 concentration could be reduced by; 

1) adding another catalyst bed and heat exchanger; 

2) replacing the catalyst with a cesium promoted catalyst and modifying the 

heat exchangers to accommodate cooler catalyst bed inlet temperatures; 

3) switching the plant from single to double absorption by adding an 

intermediate absorption system, catalyst bed and heat exchanger; 

4) tail gas scrubbing using lime. 
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(c) Options to reduce SO2 concentration with the least amount of capital and down time 

The first option (a fourth pass) provides the minimum reduction in SO2 

concentration because the equilibrium outlet temperature of the third pass is only 6 K 

above its inlet temperature. Cooling the third pass outlet gas to 700 K and passing it 

through a fourth catalyst pass would only provide an increase in equilibrium SO2 

conversion of 0.1% (98.7%). This corresponds to a tail gas SO2 concentration of 

1,147 ppm. Downtime and capital requirements for this option would be difficult to 

justify because the reduction in tail gas SO2 concentration is minimal. 

The second option of switching the catalyst to a cesium promoted catalyst 

provides the greatest reduction in tail gas SO2 concentration for the least amount of 

capital expenditure. Cesium promoted catalyst allows the catalyst bed temperatures to be 

operated at lower temperatures, which provides an increase in equilibrium SO2 

conversion in each bed. If each of the catalyst bed inlet temperatures is lowered from 

700 K to 650 K the equilibrium SO2 conversion increases from 98.6% to 99.6%. This 

reduces the equilibrium tail gas SO2 concentration from 1,311 ppm to 327 ppm. This is 

shown graphically in Figure 8.13. 

The third option of SAvitching the plant from single to double absorption provides 

a significant reduction in tail gas SO2 concentration. The equilibrium conversion for the 

plant is 99.8%, which corresponds to a tail gas SO2 concentration of 140 ppm. However, 

this option requires the greatest amount of capital expenditure and acid plant downtime. 

Double absorption calculations are shown in Section 9.1. 
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The fourth option of tail gas scrubbing generates another waste stream - gypsum. 

It also requires a significant amount of capital and a continuous supply of lime. 

However, this process provides the lowest tail gas SO2 concentration at <10 ppm [4.4]. 

100 

90 - 8 vol% SO2 
10 vol% O2 
Pt = 1.2 atm 

80 -

c 70 -

I 60 -> c 
o 
O 
O 40 -
CO 

^ 30 -

50 -

20 -

10 -

600 650 700 750 800 850 900 950 1000 1050 1100 

Temperature (K) 

Figure 8.13 Equilibrium conversion and heat up paths for the single absorption plant 
with the following feed gas composition; 8 vol% SO2, 10 vol% O2, 79 vol% 
N2. The use of cesium promoted catalyst allows the catalyst bed inlet 
temperatures to be lowered from 700 K to 650 K. This increases the 
equilibrium SO2 conversion from 98.6% to 99.6%. The tail gas SO2 
concentration decreases from 1,311 ppm to 327 ppm. 

Option two (cesium catalyst) provides the minimum amount of downtime and 

capital. However, the 1-2 HX would have to be enlarged as shown by the longer cool 

down line after the first pass (see Appendix C, which discusses all the new heat 

exchanger requirements). 

A further capital and downtime reduction can be realized for this option if only 

the third pass catalyst is changed to cesium promoted catalyst. The first and second 
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passes are operated at inlet temperatures of 700 K. The third pass inlet temperature is 

operated at 650 K. The tail gas SO2 concentration for this option is 360 ppm. This 

option also requires an enlarged heat exchanger. This time the 2-3 HX has the longer 

cool down line (Appendix C). This scenario is shown graphically in Figure 8.14. 
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Figure 8.14 Equilibrium conversion and heat up paths for the single absorption plant 
with: 8 vol% SO2, 10 vol% O2, 79 vol% N2 feed gas. The use of cesium 
promoted catalyst in the third pass allows the catalyst bed inlet temperature 
to be lowered from 700 K to 650 K. The equilibrium tail gas SO2 
concentration is decreased from 1,311 ppm to 360 ppm. 

This option appears to be the most cost effective in reducing tail gas SO2 

emissions. A summary of the options and their effect on tail gas SO2 concentrations is 

shown in Table 8.8. 



Option Tail gas SO2 
concentration"* 

(ppm) 

Estimated 
downtime 
(weeks) 

Required equipment additions or modifications 

No changes 1,311 None None 

Add fourth catalyst bed and heat 
exchanger 1.147 4-6 Catalyst bed, heat exchanger, ductwork 

Use cesium promoted catalyst in 
all beds 

327 2-3 New catalyst for all beds and modifications to 1-2 HX 
and SO3 Cooler HX, (Appendix C) 

Use cesium promoted catalyst in 
the third pass 

360 1-2 New catalyst for the third pass and modifications to the 
2-3 HX and SO3 Cooler Ftt, (Appendix C) 

Switch from single absorption to 
double absorption 144 4-6 

Absorption tower, catalyst bed, heat exchanger, acid 
pump tank, acid cooler, ductwork, piping, cooling tower 
modifications 

Tail gas scrubbing system < 10 2-3 Scrubbing equipment and a continuous lime source 
(Process generates another waste stream - gypsum) 

^Equilibrium 

Table 8.8 Summary of options for reducing tail gas SO2 concentrations from the single absorption acid plant. 
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8.5 SULFUR TRIOXIDE ABSORPTION 

The third pass outlet gas contains SO2, SO3, O2 and N2. Its SO3 is made into 

sulfuric acid by absorption into H2SO4-H2O (-98 mass% H2SO4 - 2 mass% H2O) solution 

in an absorption tower. 

This section develops a mass balance matrix for the absorption tower to answer 

the following question: 

What mass of acid (H2SO4 + H2O) (per 1000 Nm^ of acid plant feed gas) must be 

supplied to the SO3 absorption tower to absorb the Section 8.4.1 third pass outlet gas? 

The inlet acid concentration is 98.5 mass% H2SO4 -1-5 mass% H2O and the outlet acid 

concentration must be 99.1 mass% H2SO4 -0.9 mass% H2O? 

The absorption efficiency is assumed to be 99.95% (i.e. 99.95% of the SO3 contained in 

the inlet gas is absorbed into the acid). 

The question is answered by: 

(1) modifying the sulfur and oxygen balances shown in Sections 8.3.2 and 

8.3.3 to include the masses of H2SO4 and H2O entering and exiting ±e 

absorption tower; 

(2) completing a hydrogen mass balance; 

(3) determining the inlet and outlet acid concentration specifications; 



150 

(4) determining the outlet SO2 and SO3 specifications; 

(5) calculating by matrix algebra the inlet and outlet masses of H2O and 

H2SO4. 

8.5.1 Absorption mass balances 

The gas entering and exiting the absorption tower contains SO2, SO3, O2 and N2. 

The acid entering and exiting the absorption tower contains H2SO4 and H2O. 

The presence of hydrogen in the absorbent acid requires that a mass balance for 

hydrogen be included in the calculation matrix (along with the sulfur, oxygen and 

nitrogen mass balances described previously). The basic mass balance for hydrogen is: 

mass H in = mass H out (8.23). 

8.5 .2 Sulfur balance 

Sulfur enters and exits the absorption tower in SO2, SO3 and H2SO4. The steady 

state sulfur mass balance; 

mass S in = mass S out (8.1), 

is expanded to; 
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mass SO2 in x 

mass SO3 in x 

mass H2SO4 in x 

50 mass% S in SO, 
^ + 

100 

40 mass% Sin SO3 

ioo 
33 mass%Sin H2SO4 

100 

= mass SO, out x 
50 mass% 0 in SO; 

ioo 
_ - 40 mass% S in SO, 

+ mass SO, out x 
100 

33 mass% S in H2SO4 
+ massH,S04 outx 

100 

which, arranged for matrix calculations is; 

0 = - 0.5 mass SO2 in 

- 0.4 mass SO3 in 

- 0.33 mass H2SO4 in 

+ 0.5 mass SO2 out 

+ 0.4 mass SO3 out 

+ 0.33 mass H2SO4 out (8.24). 

8.5.3 Oxygen balance 

Oxygen enters and exits the absorption tower in SO2, SO3, O2, H2SO4 and H2O. 

The steady state oxygen mass balance; 

mass O in = mass O out (8.2), 

is expanded to; 
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_ _ , 50 mass% O in SO, 
mass SO, in x + 

^ 100 

_ _ . 60 mass% O in SO, 
mass SO, in x + 

^ 100 

mass O2 in + 

TT . 65 mass% O in H2SO4 
mass H2SO4 in x =—=- + 

^ ^ 100 

89 mass% O in H2O 
massH^Oin x — 

^ 100 
50mass%OinSO2 

= mass SO, out x 
^ 100 

„ _ 60 mass% O in SO, 
+ mass SO, out x -

^ 100 

+ mass O2 out 

_ 65 mass% O in H2SO4 
+ mass HiSOi out x =—-

^ ^ 100 

^ 89 mass% 0 in H2O 
+ mass H,0 out x — 

^ 100 
which, arranged for matrix calculation; 

0 = - 0.5 mass SO2 in 

- 0.6 mass SO3 in 

- mass O2 in 

- 0.65 mass H2SO4 in 

-0.89 mass H2O in 

+ 0.5 mass SO2 out 

+ 0.6 mass SO3 out 

+ mass O2 out 

+• 0.65 mass H2SO4 out 

+ 0.89 mass H2O out. (8.25). 
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8.5.4 Hydrogen balance 

Hydrogen enters and exits the absorption tower in H2SO4 and H2O. The steady 

state hydrogen mass balance; 

mass H in = mass H out (8.23); 

is expanded to; 

TT . 2 mass% Hin H2SO4 
massHjSO. inx =— 

^ ^ 100 

TT llmassyoHinHjO 2mass%HinH2S04 
mass H,0 in x =— = mass H2SO4 out x — =—-

+ mass HjO out X 

100 100 

11 mass% H in HjO 

100 

or, arranged for matrix calculation; 

0 = - 0.02 mass H2SO4 in 

- 0.11 mass H2O in 

+ 0.02 mass H2SO4 out 

+ 0.11 mass H2O out (8.26). 

8.5.5 Inlet and outlet acid concentration specifications 

The acid entering and exiting the absorption tower in the Section 8.5 problem 

contains 98.5 mass% H2SO4-I.5 mass% HjO and 99.1 mass% H2SO4-O.9 mass% H2O, 
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respectively. The composition of the inlet acid is described arithmetically by the 

equation: 

98.5mass%H2S04 . , 
X mass inlet acid 

mass H2SO4 in inlet acid 100% 

mass H,0 in inlet add , n,,ss Met acid 
100% 

or: 

1.5 mass H2SO4 in inlet acid = 98.5 mass H2O in inlet acid, 

and, for the matrix calculations; 

0 = -1.5 mass H2SO4 in + 98.5 mass H2O in (8.27). 

Likewise, the composition of the 99.1% H2S04-0.9% H2O outlet acid is: 

99.1H,S04 
.. —2-X mass outlet acid 

mass H;S04 in outlet acid _ 100% 

mass H,0 in outlet acid 0.9 HjO 
^ — X mass outlet acid 

100% 

or: 

0 = -0.9 mass H2SO4 out + 99.1 mass H2O out (8.28). 
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8.5.6 SO2, SOs, O2 and N2 input specifications 

The inlet gas to the absorption tower is the gas leaving the third pass of the 

converter (Section 8.4.1). Its masses per 1000 Nm^ of feed gas entering the acid plant 

are: 

2.7 kg = mass SO2 in (8.29) 

282.3 kg = mass SO3 in (8.30) 

86.3 kg = mass O2 in (8.31) 

1024.7 kg = mass N2 in (8.11). 

8.5.7 SO2 output specification 

SO2 flows through the absorption tower without reacting or absorbing. Its 

behavior may be described, therefore, by the equation: 

mass SO2 in = mass SO2 out (8.32); 

and, in matrix form: 

0 = -mass SO2 in + mass SO2 out (8.33). 
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8.5.8 SO3 output specification 

The Section 8.5 specification for absorption states that the process is 99.95% 

efficient, i.e. 99.95% of the incoming SO3 is absorbed into the sulfuric acid absorbent and 

0.05% leaves in the outlet gas. 

The equation for the mass of SO3 exiting the absorption tower in the outlet gas is 

therefore: 

mass SO3 in outlet gas = mass SO3 in x 
0.05% not absorbed 

100% 
(8.34); 

or; 

mass SO3 out = 0.0005 x mass SO3 in 

or; 

0 = -0.0005 mass SO3 in + mass SO3 out (8.35). 

8.5.9 Absorption mass balance matrix calculation 

The absorption tower matrix for answering the page 149 question is presented in 

Table 8.9. It contains the twelve Section 8.5 variables and twelve equations. 



Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass 
Balance or Numerical SO2 SO3 O2 N2 H2O HzSO^ SO2 SO3 O2 Nz H2O H2SO4 

Eq's Specification Term in in in in in in out out out out out out 

(8.24) Sulfur 0 -0.5 -0.4 -0.33 0.5 0.4 0.33 
(8 25) Oxygen 0 -0.5 -0.6 -1 -0.89 -0 65 0.5 06 1 0.89 0.65 
(8 26) Hydrogen 0 -0.11 -0 02 0.11 0.02 
(88) Nitrogen 0 -1 1 
(8 29) SO2 in 2.7 1 
(8.30) SO3 in 282.3 1 
(8.31) O2 in 86.3 1 
(8 11) N2 in 1024.7 1 
(8.27) Inlet acid 

composition 0 98.5 -15 
(8.28) Outlet acid 

composition 0 99.1 -0.9 
(8.35) SO3 output 

specification 0 -0.0005 1 
(8.33) SO2 output 

specification 0 -1 1 

Table 8 9 Matrix used to solve the Section 8,5 problem. All non-specified terms are zero 
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Solution of the matrix gives; 
kg 

mass SO2 in; 2.7 
mass SO3 in; 282.3 
mass O2 in; 86.3 
massNz in; 1024.7 
massH2S04 in; 10841.0 
massH20 in; 165.1 (1.5% H2O) 

mass inlet acid = 11006 

mass SO2 out; 2.7 
mass SO3 out; 0.1 
mass O2 out; 86.3 
massN2 out; 1024.7 
mass H2SO4 out; 11186.6 
massH20 out; 101.6 (0.9% H2O) 

mass outlet acid = 11288 

Therefore, the mass of acid (H2SO4 + H2O) that must be supplied to the 

absorption tower to is 11,000 kg per 1000 Nm^ of acid plant feed gas. This is the answer 

to the page 149 question. 

More inlet acid than this would give too dilute a product. Less inlet acid than this 

would give too strong a product. 

Figure 8.15a shows the effect of input acid composition on the amount of acid 

requu-ed to make 99.1% H2S04-0.9% H2O outlet acid. The inlet acid requirement 

increases with increasing %H2S04 in the inlet acid. This is because the stronger inlet 

acid cannot absorb as much SO3 (per kg of inlet acid) before exceeding the specified 

output acid H2SO4 concentration (99.1% H2SO4 in this case). 
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Figure 8.15a Mass of inlet acid required to produce constant composition outlet acid 
(99.1% H2SO4) while absorbing SO3 from the Section 8.5.6 third pass exit 
gas. The acid requirement increases with %H2S04 in the inlet acid. 

Figure 8.15b shows the influence of outlet acid composition specification on 

constant composition inlet acid requirements. The required mass of acid is seen to 

decrease with increasing outlet %H2S04. This is because the higher outlet %H2S04 

allows more SO3 to be absorbed (per kg of constant composition inlet acid) without 

exceeding the outlet %H2S04 specification. 
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Figure 8.15b Inlet acid requirement for producing different compositions of outlet acid 
while absorbing SO3 from the Section 8.5.6 third pass exit gas. Inlet acid 
requirement decreases with increasing %H2S04 in the outlet acid. 

The overall effects of varying acid compositions on the absorption process are 

shown in Figure 8.15c. 
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Figure 8.15c Inlet acid requirements for producing 99.0%, 99.1% and 99.2% H2SO4 
outlet acid while absorbing SO3 from the Section 8.5.6 third pass exit gas. 
Acid requirements increase with (i) increasing %H2S04 in inlet acid and 
(ii) decreasing %H2S04 in the outlet acid. 

8.5 .10 Outlet acid temperature 

The temperature of the acid flowing through the absorption tower increases 

during SO3 absorption due to: 

(a) the heat of reaction of SO3 with H2O; 

(b) the heat of mixing of H2SO4 and H2O; and 

(c) transfer ofheat from the warm inlet gas. 

In this section, the absorption matrix is expanded to include an enthalpy balance 

to answer the following question: 

99.0 "/oHjSO, 
in outlet acid 

99.1 %H2S0, 
in outlet acid 

99.2 '/oHjSO, 
in outlet acid 

T 1 I I I I 1 I 
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What is the temperature of the absorption tower outlet acid when the Section 8.5 inlet 

acid temperature is 350 K, the inlet gas temperature is 480 K and outlet gas temperature 

This question is answered by adding the enthalpy balance to the Table 8.9 matrix. 

The enthalpy balance equation introduces another variable into the matrix - conductive, 

convective and radiative heat loss. This requires a conductive, convective and radiative 

heat loss specification (Section 8.5.12). 

8.5.11 H2SO4, H2O, SO2, SO3, O2 and N2 input specifications 

The equations for mass H2SO4 and mass H2O entering and exiting the absorption 

tower were determined in the absorption mass balance matrix. Table 8.9. They are 

preserved for this temperature calculation. 

8.5.12 Enthalpy balances 

The enthalpy balance for the absorption tower is: 

is 350 K? 

n n 

i=l j=l 
Ti Outputs 

conductive 

+ convective, and 

radiative losses 

(8.36). 
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n 

represents the sum of the enthalpies of the gases and absorbing 
i=l 

acid entering the absorption tower. Its numerical value depends upon the quantity and 

n 

temperature of each component. outputs ''®P''®sents the absorption tower 
j=i 

products in the same way. 

The conductive, convective and radiative heat loss term represents heat loss from 

the absorption tower. It is heat conducted through the external walls of the absorption 

tower and released to the surroundings by convection and radiation. 

For this initial calculation the conductive, convective and radiative heat losses are 

assumed to be zero, i.e. the specification is: 

conductive, convective plus = 0 (8.37). 
radiative heat loss, MJ/min 

A discussion of absorption tower conductive, convective and radiative heat losses 

is presented in Section 10.2. 

The input enthalpies are expanded to; 
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n 

X '"i""T' Inputs " ^ "^0K - MWsOj ) 

+ mass SO3 in X (H4goK -5- MWjoj) 
S03 

+ mass O2 in X (H^goK MW02) 
02 

+ mass N2 in x (H48OK •^MWn2 ) 
N2 

+ mass H2SO4 in x (Hjjg MWH2SO4) 
H2SO4 

+ mass H2O in x (H3J0K ) 
H20 

where the (MW) terms are the enthalpies of the compounds per kg (, enthalpy 

in MJ/kg-mol; MW, molecular mass, in kg/kg-mol). The products are; 
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n 

Output " out X ( H^^OK - MWSO2 ) 

j=I ^°2 

+ mass SO3 out x (Hjjqk ^^^503) 
S03 

+ mass O2 out x (H350K MW02) 
02 

+ mass N2 out x (HJJQK MWn, ^ 
Nj 

+ mass H2SO4 out x (H.j. MWH2SO4) 
H2SO4 

+ mass H2O out ^ (Hy -;• MW^^o) 
H20 

n n 

Note that the H2SO4 enthalpy in ^mjHTi and is not in 
i=i j=i 

its standard state or ideally mixed (as indicated the absence of the ° superscript). This is 

because H2SO4 and H2O do not mix ideally, i.e. they have a significant exothermic heat 

of mixing. H2SO4 enthalpy may be calculated by the equation: 

(Ht -^MW) (H2SO4) =(Ht ^MW) (H2SO4) (8 38); 
"•*H2S04 

where AH -r is the enthalpy of mixing H2SO4 and H2O MJ per kg of H^SOj at 
™*H2S04 

temperature T. 
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Calorimetric measurements [4.3] indicate the H2SO4-H2O enthalpy of mixing 

(MJ/kg H2SO4) is: 

^ 298K =-0.0186 X mass% H2O in sulfuric acid (6.4); 
""*H2S04 

for acid containing up to -10% H2O. 

The enthalpy of H2SO4 in the sulfuric acid may therefore, be calculated by the 

equation: 

(HT ^MW) (H2SO4) -(HT -^MW) (H2SO4) 

'/oHjO "l 

- 0.0186 X in sulfuric 

acid 

(8.39). 

For 1.5% H2O sulfuric acid at 350 K (the specified inlet acid conditions) it is: 

(H350K -MW) (H2SO4) =-8.218 + (-0.0l86xl.5%H2O) =-8.25 MJ/kg H2SO4, 

where -8.218 is (H350K -j-MW) (H2SO4) • 

This calculation ascribes all of the heat of mixing to H2SO4 rather than (H2SO4 + 

H2O). This is common in sulfuric acid literature. A result of this is that the enthalpy of 

g n 

H2O in rn:HT: , and ^ ni:HTi ^ is H° „ _ . 
" Inputs J 'J Outputs H2O 

i=l j=l 
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Note that the heat of mixing term in the 350 K acid calculation should 

be AH , 3J0K rather than AH 298 k . However, this approximation introduces only a 
™*H2S04 ""*H2S04 

small amount of error into a small term. 

8.5.13 Outlet acid enthalpy and temperature 

The temperature of the outlet acid is determined by (i) calculating the enthalpy of 

the outlet acid and (ii) solving for the outlet acid temperature (Section 8.5.15). 

The enthalpy balance for the absorption tower is written; 

conductive outlet 
enthalov enthalpy out 

- + convective, and + acid (8.40); 
in in gases 

radiative losses enthalpy 

where outlet acid enthalpy is the enthalpy of the absorption tower outlet acid. 

The enthalpy values of the (i) absorption tower inputs and (ii) output gases are 

shown in Table 8.10. 
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Component Numerical value 
(MJ/kg) 

^ (H:goK/MW)so2 -4.51 

(H480K''^'^)SO3 -4.81 

in ^ (H58OIC/MW)O2 0.17 
in ^ 

(H48OK,/MW)N2 0.19 

(H350fC^^'^^H2SO4 -8.25 

^ (H350K/^'^^H2O -15.65 

^ (H?5OK/MW)SO2 -4.60 

(H?5OK/MW)SO3 -4.91 

out i (H?50K/MW)O2 0.047 

(H?5OK/MW)N2 0.054 

^ outlet acid enthalpy 7 

Table 8.10 Enthalpies (MJ/kg) of absorption tower inputs and outputs. The value of 
outlet acid enthalpy is being sought in the Section 8.5.10 problem. 

This leads to the equation; 

mass SO2 n X (-4.51) + 
mass SO3 n X (-4.81) + 
mass O2 n X (0.17) + 
mass N2 n X (0.19) + 
mass H2SO4 n X (-8.25) + 
mass H2O n X (-15.65) 

or, for matrix purposes; 

mass SO2 out X (-4.60) 
+ mass SO2 out X (-4.91) 
+ mass O2 out X (0.047) 
+ mass N2 out X (0.054) 
+ mass acid out X (outlet acid 

enthalpy) 
+ conductive, convective and 

radiative heat losses 
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0 = 4.51 X mass SO2 in 
4.81 mass SO3 in 

-0.17 X mass O2 in 
-0.19xmassN2 in 
8.25 X mass H2SO4 in 

15.65 xmassH20 in 
-4.60 X mass SO2 out 
-4.91 X mass SO3 out 
0.047 X mass O2 out 
0.054 X mass N2 out 

1 X outlet acid enthalpy 

1 X conductive, convective 
and radiative heat loss (8.41). 

8.5.14 Absorption mass and heat balance matrix calculation 

Equations 8.37 and 8.41 are added to the absorption mass balance matrix as 

shown in Table 8.11. 



Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Outlet 
Numerical SO2 SO3 O2 N2 H2O H2SO4 SO2 SO3 O2 N2 H2O H2SO4 acid CCR. 

Balance Term in in in in in in out out out out out out enthalpy Loss 

Sulfur 0 -0.50 -0.40 -0.33 0.50 0.40 0.33 
Oxygen 0 -0.50 -0.60 -1 -0.89 -0.65 0.50 0.60 1 0.89 0.65 
Nitrogen 0 -1 1 
Hydrogen 0 -0.11 -0.02 0.11 0.02 

SO2 in 2.7 1 
SO3 in 282.3 1 
O2 in 86.3 1 
N2 in 1024.7 1 

Inlet acid 0 98.5 -1.5 
Outlet acid 0 99.1 -0.9 

SO2 out 0 -1 1 
SO3 out 0 -0.0005 1 
CC.R* 0 1 
Enthalpy 0 4.51 4.81 -0.17 -0.19 15.65 8.25 -4.60 -4.91 0.047 0.054 0 0 1 1 

*C.C.R. = Conductive, convective and radiative heat losses 

Table 8.11 Absorption tower mass and heat balance matrix. Note that the enthalpies of output H2O and output H2SO4 are set 
to zero. This is because their enthalpies are already included in the acid enthalpy term. Note also the conductive, 
convective and radiative heat loss is specified to be zero (Section 8.S. 12). All non-specified terms are zero. 
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The results of the matrix calculation are: 

kg 

mass SO2 in; 2.7 
mass SO3 in; 282.3 
mass O2 in; 86.3 
mass N2 in; 1024.7 
mass H2SO4 in; 10841.0 
mass H2O in; 165.1 

mass SO2 out: 2.7 
mass SO3 out; 0.1 
mass O2 out; 86.3 
mass N2 out: 1024.7 
mass H2SO4 out: 11186.6 
mass H2O out: 101.6 

MJ 

outlet acid enthalpy: 
Conductive, convective and 

radiative heat losses; 

-93184.1 

0 

(1.5% HzO) 

(0.9% H2O) 

8.5 .15 Outlet acid temperature calculation 

The enthalpy content of the absorption tower outlet acid is -93,184 MJ. The 

temperature of the outlet acid is now determined by applying (i) its enthalpy, (ii) its 

outlet masses of H2SO4 and H2O (above), (iii) the outlet acid enthalpy equation: 

outlet acid enthalpy = mass outlet HjO x (H^ MW) 

+ mass outlet H2SO4 {(H^ ^MW) (H2S04)"^ (-0.0186 x mass% H2O in outlet acid)} 

and (iv) the H2SO4 and H2O enthalpy-temperature equations: 
(8.42); 
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HT(H2S04) ~ = -8.819 + 0.00171 (8.43), 

T(H20) = -17.115+0.00421 (8.44). 

Substituting the masses of H2SO4 and H2O and Equations 8.43 and 8.44 into 

Equation 8.42 gives: 

outlet acid enthalpy = -93184.1 = 101.6 kg (-17.115 + 0.0042 x Toutlet acid) 

+ 11186.6 kg X {(-8.819 + 0.0017 x Toutlet acid -0 0186 x (0.9% H2O in outlet acid)}; 

from which; 

which is the answer to the Section 8.5.10 question. 

The absorption tower outlet acid must be at the correct temperature and 

concentration to prevent excessive corrosion of the acid circulating system (Section 

7.9.1). Outlet acid temperature can be lowered by sending colder acid to the absorption 

tower. This is accomplished by increasing the size of the acid coolers (heat exchangers). 

Also, more acid could be sent to the absorption tower. However, this would give a more 

dilute outlet acid product, for example, 98.9% H2SO4 versus 99.1% H2SO4. 

^outlet acid 
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8.5.16 Factors effecting absorption tower outlet acid temperature 

The objective of this section is to show how absorption tower inlet gas and acid 

temperatures affect absorption tower outlet acid temperature. 

Figure 8.16 shows the affect of absorption tower inlet gas temperature on 

absorption tower outlet acid temperature. For every 10 K increase in the gas inlet 

temperature, the outlet acid temperature is seen to increase by about 0.7 K. Gas inlet 

temperature has, therefore, only a modest influence on the outlet acid temperature. 

382 

g  370-

^ 376 -
(D a. 

o 

368 -

380 - 98.5% H2SO4 in inlet acid 
99.1% H2SO4 in outlet acid 

366 
320 340 360 380 400 420 440 460 480 500 520 540 560 

Inlet gas temperature (K) 

Figure 8.16 Effect of absorption tower inlet gas temperature on the absorption tower 
outlet acid temperature. Inlet gas composition, inlet acid temperature and 
SO3 absorption efficiency (99.95%) are all held constant. 
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Figure 8,17 shows the effect of inlet acid temperature on absorption tower outlet 

acid temperature. Outlet gas temperature is assumed equal to inlet acid temperature. 

580 
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g 
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« 460 
E <a 
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320 340 360 380 400 420 440 460 480 500 

Inlet acid temperature (K) 

Figure 8.17 Effect of absorption tower inlet acid temperature on the absorption tower 
outlet acid temperature. Gas composition, inlet and outlet acid composition, 
inlet gas temperature and SO3 absorption efficiency (99.95%) are held 
constant. The warmer inlet acid brings more enthalpy into the absorption 
tower, causing the outlet acid to be warmer. 

This graph clearly shows a nearly 1:1 relationship between inlet acid and outlet 

acid temperature. For every 10 K increase in the inlet acid temperature the exit acid 

temperature increases by 9.8 K (slightly lower because outlet acid mass is greater than 

inlet acid mass due to SO3 absorption). 

outlet gas temperature = Inlet acid temperature 
98.5% H2SO4 in inlet acid 
99.1% H2S04 in outlet acid 
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8.5 .17 Product acid and dilution water requirements 

A portion of the acid flow exiting the absorption tower is diverted and diluted 

with water to form product acid. The acid that is not diverted is diluted in a pump tank 

and recycled to the absorption tower. Figure 8.18 shows a flow sheet of the absorption 

tower acid circuit. 

Outlet gas 

Inlet acid 

98.5% H2SO4 

1.5% H2O 

Acid cooler 

Dilution water Acid cooler 

Product acid 

98.0% H2SO4 

2.0% H2O Dilution water 
Recycle pump tank 

Absorption 
tower 

Figure 8.18 Simplified flow sheet of the absorption tower acid circuit. 

The following questions are asked; 



176 

(a) What amount ofH2S04 is produced per 1000 Nm^ of acid plant feed gas? 

(b) What amount of 98% H2SO4 product acid is produced per 1000 Nm^ of 

feed gas? 

(c) How much dilution water is required for the product acid when the 

absorption tower outlet acid concentration is 99.1% H2SO4? 

(d) How much dilution water is required for the recycle acid when the 

absorption tower inlet and outlet acid concentration are 98.5% and 

99.1%, respectively? 

(a) Amount of H2SO4: 

The equation for H2SO4 produced from 1000 Nm^ of acid plant feed gas is given 

by the absorption tower matrix results. It is; 

mass H2SO4 _ mass H2SO4 leaving mass H2SO4 entering 

produced absorption tower absorption tower 

(8.45), 

(all terms per 1000 Nm^ of acid plant feed gas). 

Numerically it is (from Section 8.5.9); 

mass HiSOd 
= 11186.6 kg- 10841.0 kg 

produced 

345 6 ''8H2SO4 per 1000 Nm^ 

of acid plant feed gas. 
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(b) Amount of 98% H2SO4 product acid: 

The mass of 98% H2SO4 - 2% H2O product acid is: 

mass H2SO4 

mass 98% H2SO4 _ produced 

product acid 98% H;S04 in product acid 

100% 

345.6 kg H2SO4 

98% 

100% 

(8.46) 

kg product acid per 

= 352.7 1000 Nm^ of acid plant 

feed gas. 

(c) Dilution water added to product acid stream 

The amount of H2O added to the product acid stream (Figure 8.18) is: 

mass HjO added to 
mass of absorption tower 

= mass product acid - outlet acid going to 
product acid stream 

product acid stream 

(8.47); 
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345.6 kg H2SO4 in the absorption tower 

- . , ., outlet acid stream going to product acid 
kg product aci - 99.1% H2SO4 in absorption 

tower outlet acid stream 

100% 

4 0 kg 
of acid plant feed gas. 

(d) Dilution water added to recycle acid stream: 

The mass of H2SO4 being recycled to the absorption tower is 10845.3 kg per 

1000 Nm^ of acid plant feed gas (Section 8.5.14). 

It enters the recycle pump tank (Figure 8.18) as 99.1% H2SO4 and is recycled to 

the absorption tower as 98.5% H2SO4. The amount of H2O added to the recycle pump 

tank is; 

equivalent mass of 
mass H,0 added mass of 98.5 % H2SO4 rr 

^ ^ ^ 99.1 % H2SO4 acid 
to recycle = acid being recycled - , (8 .48); 

entenng recycle 
pump tank to absorption tower 

pump tank 

mass H2SO4 being recycled mass H2SO4 being recycled 
98.5% H2SO4 in recycle acid 99.1% H2SO4 acid 

100% entering pump tank 

100% 

10841.0 kg 10841.0 kg 

0.985 " 0.991 

. - . kg HjO per 1000 Nm^ 
D0,0 

of acid plant feed gas. 
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8.5.18 Absorption summary 

The SO3 produced by catalytic conversion of SO2 is typically absorbed Into a 

98.5% H2SO4-H2O mixture. The required mass of acid that must be supplied to the 

absorption tower is determined by specifying the inlet and outlet acid composition 

(%H2S04) and the mass of the absorption tower inlet gas. The temperature of the outlet 

acid is determined by specifying the gas inlet, gas outlet and acid inlet temperatures. The 

gas outlet temperature is usually assumed equal to the acid inlet temperature due to the (i) 

the continuous nature of the process and (ii) the large mass of acid used in the process. 

8.6 HEAT EXCHANGERS 

Heat exchangers are used to heat and cool gases flowing through the acid plant. 

The modeled single absorption acid plant has four heat exchangers. They are the Cold, 

1-2, 2-3 and the SO3 Cooler heat exchangers. Figure 8.19 shows their positions in the 

single absorption acid plant flow sheet. 
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Cold HX bypass 2-3 HX bypass 1-2 HX bypass 

Feed 
gas 

To 
absorption 

tower 
inlet 

Cold air — 

1 
I 
I 
I 

<3rd , 

SO3 
Cooler 

HX 

2-3 
HX 

Warm air to 
atmosphere 

2"" pass 

i«S*i 
•••La 

w 
i*S* 

1-2 
HX 

—I 
I 

1 ®' pass 

Figure 8.19 Flow sheet of the modeled single absorption acid plant. Heat exchanger 
bypasses are shown as dotted lines. The l'^, and 3'^'' passes are the 
catalyst beds in the SO2 ->• SO3 converter. 

Each heat exchanger performs a specific duty as follows; 

(a) Cold HX: heats the acid plant feed gas and cools a portion of the third 

pass exit gas; 

(b) 2-3 HX: heats the Cold HX outlet gas and cools the second pass outlet gas 

to the third pass inlet temperature; 
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(c) 1-2 HX: heats the 2-3 HX outlet gas to the first pass inlet temperature and 

cools the first pass outlet gas to the second pass inlet temperature; 

(d) SOj Cooler HX: cools a portion of the third pass outlet gas with air. 

A specific amount of enthalpy must be transferred in each heat exchanger to 

ensure specified acid plant temperatures. 

This section will answer the following question: 

What amount of enthalpy must be transferred in each of Figure 8.19's heat exchangers 

when the feed gas is 400 K and the following temperatures must be obtained for efficient 

operation of the acid plant? 

Assume equilibrium SO2^ SO3 conversion in the catalyst beds. The feed gas composition 

is 8 vol% SO2, 10 vol% O2 and 82 vol% N2. 

The question is answered by: 

1" pass inlet 
2"'̂  pass inlet 
3 '̂' pass inlet 

692 K 
698 K 
702 K 
480 K Absorption tower inlet 

1) determining the equilibrium intercept composition and temperature for 

each catalyst bed, starting with its specified inlet gas composition and 

temperature; 
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2) determining the enthalpy of each gas stream from its temperature and 

specified or calculated composition; 

3) calculating the required enthalpy transfer for each heat exchanger from the 

differences in these gas stream enthalpies. 

8.6.1 Heat exchanger and catalyst bed heat loss specifications 

The conductive, convective and radiative heat losses from the heat exchanger 

shells are assumed for now zero, in which case the inlet enthalpy of each heat exchanger 

equals its outlet enthalpy. 

Conductive, convective and radiative heat losses from each catalyst bed are also 

assumed for now to be zero, in which case the enthalpy entering each catalyst bed is 

equal to the enthalpy exiting that catalyst bed. Measured conductive, convective and 

radiative heat losses are discussed in detail in Section 10.2. 

8.6.2 Gas stream enthalpy calculation 

The enthalpy of each gas stream is determined by the equation; 

n 
(8.49), 

j=i 

where: 
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Hi = total enthalpy of the gas stream, MJ/1000 Nm^ of acid plant feed gas; 

mj = mass of each component, kg/1000 Nm^ of acid plant feed gas; 

Hxj = standard enthalpy of component j at temperature T, MJ/kg-mol; 

MWj = molecular weight of component j, kg/kg-mol; 

n = number of components in the gas stream. 

Table 8.12 summarizes the enthalpy contents of the streams. Calculation of these 

streams, all per 1000 Nm^ of acid plant feed gas, is shown in Appendix D. 

T SO2 SO3 O2 N2 
Stream CK) (kg) (kg) (kg) (kg) (MJ) 

Feed gas 400 228.6 0.0 142.8 1024.7 -922.2 
l^" pass inlet 693 228.6 0.0 142.8 1024.7 -509.1 
1^ pass outlet 872 56.8 214.7 99.8 1024.7 -509.1 
2"'* pass inlet 698 56.8 214.7 99.8 1024.7 -766.5 
2"^ pass outlet 749 8.4 275.3 87.7 1024.7 -766.5 
3^*^ pass inlet 703 8.4 275.3 87.7 1024.7 -833.9 

pass outlet 708 3.5 281.4 86.5 1024.7 -833.9 i 

Absorption inlet 480 3.5 281.4 86.5 1024.7 -1159.9 

Table 8.12 Temperatures and enthalpies of Figure 8.21 acid plant streams. Feed masses 
are calculated for 1000 Nm^ of acid plant feed gas at the specified 
composition: 8 vol% SO2, 10 vol% O2, 82 vol% N2. All other gas stream 
masses are calculated from these feed gas masses and specified catalyst bed 
inlet temperatures, assuming equilibrium intercepts in each catalyst bed. 
Feed gas, catalyst bed inlet temperatures and absorption inlet temperatures 
are specified on page 181. Catalyst bed outlet temperatures are the 
calculated equilibrium intercept temperatures of the beds. 
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8.6.3 Catalyst bed enthalpies 

It will be noticed that: 

inlet ~ ouUet 

for the three catalyst beds. This comes from Equation (8.4): 

„ „ conductive 

+':onvective,and (8.4); 

j=i j=i radiative losses 

and the assumption; 

conductive, convective, plus radiative heat loss = 0. 

8.6.4 Heat exchanger enthalpy transfer calculation 

For a gas being heated, the enthalpy transfer in a heat exchanger is given by the 

equation; 

^outofHX ^ ^intoHX + JQ). 

gas being heated gas being heated 

where {A/^hxI is the magnitude of the heat being transferred from the gas being cooled to 

the gas being heated, MJ/1000 Nm^ of feed gas. 

For a gas being cooled it is; 
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^outofHX ^ ^intoHX _ 

gas being cooled gas being cooled 

Equation 8.50 may be rewritten; 

|A/^HXI = (8 52). 
gas being heated gas being heated 

and Equation 8.51 may be rewritten; 

|A/fHXl = (8 53) 
gas being cooled gas being cooled 

8.6.5 1-2 HX heat transfer duty calculation 

The heat transfer duty of the 1-2 HX may be calculated from pass outlet 

^2nd pass inlet- The first pass outlet gas is being cooled in the 1-2 HX, so Equation 8.53 

applies. From Table 8.12; 

^ 1st pass oudet ~ -509.1 MJ 
(into 1-2 HX) 

so that; 

^2nd pass inlet 766.5 MJ, 
(out of 1-2 HX) 
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1^  ̂1 -2 HXi ^1 St pass outlet" ^2nd pass inlet (8.54); 

and; 

1^1-2 HXl ~ -509.1 MJ - (-766.5 MJ) = 257.4 MJ/1000 Nm^ of acid plant feed gas. 

If less heat than this were transferred, the gas would enter the second pass too hot. 

If more heat were transferred, it would enter too cold. 

8.6.6 2-3 HX heat transfer duty calculation 

The 2-3 HX heat transfer duty may be calculated from //2nd pass outlet 

^3rd pass inlet- exchanger cools the second pass outlet gas, so Equation 8.53 

applies. From Table 8.12: 

^2nd pass outlet 766.5 MJ 
(into 2-3 HX) 

^3rdpass inlet 833.9 MJ; 
(out of 2-3 HX) 

so that; 

1^^2-3 HXl ^2nd pass outlet" ̂ 3rd pass inlet (8.55); 

and; 

1A^2-3 HXI= -766.5 MJ - (-833.9 MJ) = 67.4 MJ/1000 Nm^ of acid plant feed gas. 
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8.6.7 Cold HX heat transfer duty calculation 

The Cold HX heat transfer duty is calculated from; 

^Feed gas 

A//2-3 HX 

A//1-2HX 

^Ist pass inlet-

The feed gas is being heated to the first pass inlet temperature in the Cold, 2-3 and 1-2 

heat exchangers so that Equation 8.52 applies. For multiple heat exchangers it is 

modified to; 

HX; 
j=l 

~ ^Ist pass inlet " ^acid plant feed gas 

(8.56), 
or; 

iA//Cold HXl + IA//2-3 HXl + 1^1-2 HXl = -^Ist pass inlet" -^acid plant feed gas 

(8.57), 
or; 

l^^Cold HXl ~ ̂  1st pass inlet" ̂ acid plant feed gas " \^l-3 HXl " l^!^l-2 HXl 

(8.58). 

The values for the terms (per 1000 Nm^ of acid plant feed gas) are; 

H 1st pass inlet 

^acid plant feed gas 

IA//2-3 HXl 

IA//1.2 HXl 

-509.1 MJ (Table 8.12) 

-922.2 MJ (Table 8.12) 

67.4 MJ (Section 8.6.6) 

257.4 MJ (Section 8.6.5); 
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in which case; 

|A/^Cold HXl = -509.1 - (-922.2) - 67.4 - 257.4 

= 88.3 MJ/1000 Nm^ of acid plant feed gas. 

8.6.8 SO3 Cooler HX heat transfer duty calculation 

The third pass outlet gas is cooled in the Cold HX and the SO3 Cooler HX before 

entering the absorption tower. The equation relating absorption tower inlet enthalpy, 

^3rd pass ouUet> I^Cold Hxl and |A//SO3 Cooler HXl is, therefore: 

•^Absorption tower inlet ~ ^3rd pass outlet • SO 3 Cooler HXl * I^^Cold HXl 

(8.59). 

Table 8.12 and Section 8.6.7 provide values for /^Absorption tower inlet 

^3rd pass outlet and |A//coid HXl- Therefore, the equation for the enthalpy transfer 

requirement of the SO3 Cooler HX is: 

\AHSO3 Cooler HXl ~ /^3rd pass outlet " ̂ Absorption tower inlet " I^^Cold HXl 

(8.60); 

in which case: 
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IA//S03 Cooler HXl = "833.9 - (-1159.9) - 88.3 

= 237.7 MJ/1000 Nm^ of acid plant feed gas. 

8.6.9 Summary 

Table 8.13 summarizes the enthalpy transfer from the four heat exchangers In the 

Figure 8.19 single absorption acid plant. They are shown as absolute values. This is a 

useful way of representing the transfer because |A//HXI represents the enthalpy transfer 

from a hot gas stream to a cold gas stream. 

Heat Exchanger 
|A//requiredl 

MJ/1000 Nm^ of acid plant feed gas 
1-2 HX 257.4 
2-3 HX 67.4 

ColdHX 88.3 
SO3 Cooler HX 237.7 

Table 8.13 Required enthalpy transfer for each of the single absorption acid plant heat 
exchangers. The absolute values for the enthalpy transferred in each heat 
exchanger are shown. 

The enthalpy transfer of each heat exchanger in Table 8.13 is the only enthalpy 

transfer that will give the specified first, second and third pass and absorption gas inlet 

temperatures. Enthalpy transfers different from these would give different, non-design, 

temperatures. 
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8 .6.10 Completion of enthalpy balances 

The enthalpies of eight Figure 8.19 gas streams have yet to be calculated. The 

eight streams are: 

Cold HX to 2-3 HX; 
2-3 HX to 1-2 HX; 
3'"'' pass outlet to Cold EIX; 
3'''' pass outlet to SO3 Cooler HX; 
Cold HX to absorption; 
SO3 Cooler HX to absorption; 
SO3 Cooler HX inlet air; 
SO3 Cooler HX outlet air; 

as shown in Figure 8.20. 

The following equations are used to determine the Cold HX to 2-3 FIX and the 

2-3 HX to 1-2 HX enthalpies, both derived from Equation 8.52: 

^Cold HX to 2-3 HX = •^Feed gas + |A/^ColdHXl (8 61), 

^2-3 HX to 1-2 HX = •^Cold HX to 2-3 HX + 1^/^2-3 HXl 62). 

Table 8.12 and 8.13 enthalpies are substituted into Equations 8.61 and 8.62. 

/^Cold HX to 2-3 HX = -922.2 + 88.3 = -833.9 MJ 

^2-3 HX to 1-2 HX = -833.9 + 67.4 = -766.5 MJ. 
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-922.2 MJ 
400 K 

Cold HX to 
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?MJ 
?K 
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?K 

3'" Pass to 
Cold HX 

?MJ 
708.2 K 

SO3 Cooler HX 
to absorption 

,  ?MJ 
?K 

SO3 Cooler HX 
inlet air 

?MJ 
?K 

Coo er 

237.7 MJ 

3"* Pass to 
SO3 Cooler HX 

?MJ 

-833.9 MJ 
708.2 K 

2-3 HX 
67.4 MJ 

2-3 HX to 1-2 HX 

?MJ ^ 

-833.9 MJ 
703.0 K 

3rd pass 

?K 

-766.5 MJ 
748.9 K 

1-2 HX 
257.4 MJ 

-509.1 MJ 
693.0 K 
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-509.1 MJ 
871.6 K 

-766.5 MJ 
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outlet air 

?MJ 
?K 

To absorption tower 
-1159.9 MJ 

480.0 K 

Figure 8.20 Single absorption acid plant flow sheet. The gas streams with unknown enthalpy values are shown in dashed 
boxes. The heat exchanger bypasses are omitted for clarity. 

VO 
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Two specifications are required to solve for tiie remaining six unknown 

enthalpies. They are: 

1) the split of the third pass outlet gas entering the Cold HX and the SO3 

Cooler HX; 

2) the amount and temperature of air entering the SO3 Cooler HX. 

8.6.11 Specification of the pass outlet gas split between the Cold and SO3 
Cooler HX's 

The third pass outlet gas is directed into the Cold HX and the SO3 Cooler HX. 

When the acid plant feed gas must be heated more (e.g. when it is cold for some reason), 

more of the third pass exit gas is directed to the Cold HX. This causes a larger portion of 

the enthalpy in the 3'"^ pass outlet gas to be transferred to the acid plant feed gas. This, in 

turn, raises the temperature (and enthalpy) of the 2-3 HX inlet gas. 

For the present calculation, 30% of the third pass outlet gas is specified to be 

directed into the Cold HX and 70% into the SO3 Cooler HX. This split is chosen to 

ensure that the temperature of the gas streams exiting the Cold HX and the SO3 Cooler 

HX are above their acid dew point temperature (Appendix A). The enthalpy equations 

for the 3"* pass outlet to Cold HX and 3"^ pass outlet to SO3 Cooler HX are: 

•^3rd pass outlet to Cold HX ~ ^3rd pass outlet ^ of 3 pass outlet to Cold HX)/100 

(8.63); 
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^3rd pass outlet to SO3 Cooler HX ~ 

^3rd pass outlet (% of 3"* pass outlet to SO3 Cooler HX)/100 

(8.64). 

Substituting //3rd pass outlet Table 8.12 and the specified 30% / 70% split 

between the Cold and SO3 Cooler HX's gives: 

^3rd pass outlet to Cold HX -833.9 x 
^30%^ 

v l O O y  
= -250.2 MJ: 

•^3rd pass outlet to SO3 Cooler HX ~ -833.9 x 
70%^ 

,100 J =-583.7 MJ. 

The Cold HX to absorption enthalpy and SO3 Cooler HX to absorption enthalpy 

are determined by Equation 8.53 (for gases being cooled), which becomes; 

^Coid HX to absorption tower inlet ~ -^3rd pass outlet to Cold HX " I^^Cold HXl 

(8.65), 

^SO3 Cooler HX to absorption tower inlet ~ •^Srd pass outlet to SO3 Cooler " I^^S03 Cooler HXl 

(8.66). 

The values of the known terms are: 
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pass outlet to Cold HX 

/^3rd pass outlet to SO3 Cooler HX 

I^Cold HXl 

1^503 Cooler HXl 

leading to; 

/^Cold HX to absorption tower inlet ~ -250.2 - |88.3| = -338.5 MJ; 

HSO3 Cooler HX to absorption tower inlet ~ -583.7 - |237.7| = -821.4 MJ. 

^SO3 Cooler HX to absorption could also have been determined by subtracting 

^Cold HX to absorption tower inlet from /^Absorption tower inlet (Table 8.12). However, in 

future calculations /^Absorption tower inlet will sometimes be unknown. The sum of 

Cooler HX to absorption tower inlet ^nd //Cold HX to absorption tower inlet niust equal 

^Absorption tower inlet- ^ equation form: 

/^Absorption tower inlet ~ ^SO3 Cooler HX to absorption tower inlet 

^Cold HX to absorption tower inlet (8-67). 

= -250.2 MJ (from above) 

= -583.7 MJ (from above) 

88.3 MJ (Table 8.13) 

= 237.7 MJ (Table 8.13); 

For this example, their sum is: 
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^Absorption tower inlet 821.4 MJ + -338.5 MJ — -1159.9 MJ. 

which is, of course, exactly the same as in Table 8.12. 

8.6.12 SO3 Cooler HX inlet air specification 

Air cools a portion of the third pass outlet gas in the SO3 Cooler HX. Air is 

forced through the SO3 Cooler HX by a variable speed fan. Changing the SO3 Cooler 

HX inlet air temperature and/or flow rate controls the Figure 8.20 absorption tower inlet 

temperature. 

The temperature and quantity of air entering the SO3 Cooler HX are specified 

here to be 350 K and 700 Nm^ (per 1000 Nm^ of acid plant feed gas), respectively. These 

values are in the range for industrial operation. The equations for the enthalpy entering 

and exiting the SO3 Cooler HX in air are: 

^S03 Cooler HX inlet air = masso2 ^(^''asoK -;-MW)02 + massj^^ ^(H°35ok -^MW)N2 

(8.68) 

and, from Equation 8.52 (for a gas being heated); 

HSO3 Cooler HX outlet air ~ ^803 Cooler HX inlet air •*" 1^^SO3 Cooler HXl (8-69). 

The masses of O2 and Nj entering the SO3 Cooler HX in air are. 
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700 Nm^ 

rx • I of gas 21VO1%02 , , , 
Mass O2 in kg = = x x per kg - mol = 209.9 kg 

22.415 Nm' 100 ® 

per kg - mol 

of gas 

32.00 kg O2 

per kg 

o fOj  

700 Nm' 
28.01 kg N2 

perk{ 

ofN, ' 2  

xr • 1 of gas 79vo1%N2 
MassN2mkg = = x x per kg-mol = 691.0 kg. 

22.415 Nm' 100 ® ® 

per kg-mol 

of gas 

The SO3 Cooler HX inlet air enthalpy is: 

^SO3 Cooler HX inlet air = 209.9 kg x(0.047 MJ/kg) Oj + 691.0 x (0.054 MJ/kg) Nj 

= 47.2 MJ. 

The SO3 Cooler HX outlet air enthalpy is (from Equation 8.69 and Table 8.13): 

^SO3 Cooler HX outlet air ~ 47.2 +• 121.1 — 284.9 MJ. 

The enthalpy of the Section 8.6.10 unknowns is summarized in Table 8.14. 
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Stream 

Cold HX to 2-3 HX; -833.9 
2-3HXto 1-2 HX; -766.5 
3"^ pass outlet to Cold HX. -250.2 
3"^ pass outlet to SO3 Cooler HX; -583.7 
Cold HX to absorption; -338.5 
SO3 Cooler HX to absorption; -821.4 
SO3 Cooler HX inlet air; 47.2 
SO3 Cooler HX outlet air; 284.9 

Table 8 .14 Enthalpy of eight gas streams in the single absorption acid plant model. 

The updated flow sheet is shown in Figure 8.21. Figure 8.22 summarizes the heat 

exchanger equations. The temperature of each gas stream is determined from its enthalpy 

and composition. See Appendix E for a sample calculation. 



Feed gas 
-922.2 MJ 833.9 MJ 766.5 MJ 509.1 MJ 
400.0 K 464.1 K 512.4 K 693.0 K 

Cold HX 
88.3 MJ 

2-3 HX 
67.4 MJ 

1-2 HX 
257.4 MJ 

-833.9 MJ 
708.2 K 

-766.5 MJ 
748.9 K 

1st pass 

250.2 MJ -338.5 MJ 509.1 MJ 
502.6 K 708.2 K 871.6 K 

-833.9 MJ 
703.0 K 

-766.5 MJ 
698.0 K 

3rd pass 2nd pass 
-821.4 MJ -583.7 MJ 
470.3 K 708.2 K 

Cooler 

237.7 MJ 

47.2 MJ 284.9 MJ 
350.0 K 604.0 K 

to absorption tower 
•1159.9 MJ 

480.0 K 

Figure 8.21 Enthalpies and temperatures in the Section 8.6 acid plant. Plant specifications are given in Section 8.6. 



1^1-2 HXl - H\ St pass outlet " ^2nd pass inlet (8-54) 

IA//2.3 HXl ~ ^2nd pass outlet" ̂ 3rd pass inlet (8 55) 

|A//coldHXl ~ ^Ist pass inlet "^acid plant feed gas " 1^^2-3 HXl " 1^^1-2 HXl (858) 

IA//SO3 Cooler HXl ~ ^3rd pass outlet" I^^Cold HXI " ^Absorption tower inlet (8.60) 

^Cold HX to 2-3 HX = ^Feedgas + |A//ColdHXl (8.61) 

^2-3HXtol-2HX = ^Cold HX to 2-3 HX + 1^^/2-3 HXl (8.62) 

^3rd pass outlet to Cold HX ~ •^3rd pass outlet ^ (^ ^ pjss outlet to Cold HX)/100 (8.63) 

•^3rd pass outlet to SO3 Cooler HX ~ •^3rd pass outlet ^ (^ of 3 pass outlet to SO3 Cooler HX)/100 (8.64) 

^Cold HX to absorption tower inlet ~ ^3rd pass outlet to Cold HX " I^^Cold HXL (8 65) 

Cooler HX to absorption tower inlet ~ ^3rd pass outlet to SO3 Cooler HX " 1^^SO3 Cooler HXL (8.66) 

^Absorption tower inlet ~ ^803 Cooler HX to absorption tower inlet "*• ^Cold HX to absorption tower inlet (8 67) 

^S03 Cooler HX inlet air ^ MASSGJ ^ (H°35OK ^MW)02 "lassjyj^ ^ (H°35OK ^MW)N2 (8.68) 

^803 Cooler HX outlet air ~ ^803 Cooler HX inlet air 1^^ SO 3 Cooler HX I (8 69) 

Figure 8.22 Enthalpy equation summary for the modeled single absorption acid plant 

vO vO 
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8.7 HEAT EXCHANGER BYPASSING 

Acid plant temperature and SO2 conversion control is achieved by opening and 

closing heat exchanger bypasses. Bypassing occurs when a portion of the cold gas flow 

is diverted around a heat exchanger. 

The amount of enthalpy transferred by a heat exchanger decreases when a fraction 

of the inlet gas is bypassed around the heat exchanger. Less enthalpy is transferred from 

the hot gas to the cold gas causing; 

(a) the gas being heated outlet temperature to decrease and; 

(b) the gas being cooled outlet temperature to increase. 

8.7.1 Heat exchanger bypassing specification 

The enthalpy transfer of a heat exchanger decreases when a portion of the gas is 

bypassed around the heat exchanger. This is illustrated for the 1-2 HX in Figure 8.23. 
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1-2 HX 

1-2 HX 

From 2-3 HX 

From 2-3 HX 

To 2"*'pass 

To 2"*^ pass 

Bypass valve 

CXF 

To l" pass 

From 2"^ pass 

To l" pass 

From 2" pass 

Figure 8.23 The 1-2 HX without and with cool gas bypass. The bypass valve is opened 
to allow a portion of the cool gas from the 2-3 HX to flow around the 
1-2 HX to the first pass. The amount of heat transferred across the heat 
exchanger decreases. The first pass inlet gas is heated less and the second 
pass inlet gas is cooled less when the bypass valve is open. 

The effects of heat exchanger bypass can be illustrated by considering an 

infinitely long heat exchanger with identical mass flow rates and heat capacities in both 

directions (Figure 8.24). These mass flow rate/heat capacity conditions are applicable to 

the 2-3 and 1-2 heat exchangers (Figure 8.21), which have: 

(a) equal mass flows in both directions; 

(b) heat capacities which are within 2% of each other in the two directions. 

The temperatures of the inlet and outlet gases for an infinitely long heat 

exchanger in Figure 8.24 are: 
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Thi, Tho = inlet and outlet temperatures of the hot gas, 

Tci, Tco = inlet and outlet temperature of the cold gas. 

Distance: x = x 

Figure 8.24 Temperature profile for an infinitely long countercurrent heat exchanger in 
which the mass flow rates and heat capacities of both gas flows are identical 
and constant. The two solid lines actually follow the same path, but are 
separated for clarity. The dashed line represents when a portion of the cold 
gas is bypassed around the heat exchanger. Tho- equals the hot gas outlet 
temperature when the cold gas bypass is open. 

The heat transfer equation for an infinitely long heat exchanger without bypass is 

[8.1]: 

lA/f„^i = (mCp)(Thi-Tci) (8.70); 

where: |A//m.v| = maximum enthalpy (heat) transfer possible for an infinitely long 
countercurrent flow heat exchanger (MJ/min); 

m = mass flow rate of either the cold or hot gas (kg/min); 
Cp = heat capacity of either the cold or hot gas (MJ/kg- K); 

Thi - Tci = difference in the hot inlet and cold inlet gas temperatures (K). 
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When a portion of the cold gas is bypassed around the heat exchanger, the flow 

rate of the cold gas into the heat exchanger decreases. For example, if a 10% bypass of 

the cold gas occurs the new maximum enthalpy transfer for the heat exchanger is: 

lA^maxI = (0.9mCpXTe. - Thi) (8.71). 

The maximum enthalpy transfer decreases by an amount proportional to the 

decrease in the mass flow rate. The cold outlet gas temperature (Tco) will still reach the 

hot inlet gas temperature (Ttu) because less gas has to be heated. However, the hot outlet 

gas temperature (ThoO will be warmer than the cold inlet gas temperature (Ta) because 

less heat has been transferred from it and its flow rate is unchanged. This proflle is 

shown as a dashed line in Figure 8.24. 

When the mass flow rate into the infinitely long heat exchanger decreases by 10% 

the maximum enthalpy transfer decreases by 10%. 

In industrial acid plants, the heat exchangers are not infinitely long; therefore, the 

efficiency of the bypass is less than the maximum. However, the principle is clear. 

Bypass of gas around a heat exchanger decreases heat transfer. Bypassing can be 

increased until the required A/Zwith bypass is obtained. 

Ultimately, 100% bypass will give A^ioO% bypass ~ 0- This last statement is true 

for all heat exchangers, infinitely long or otherwise. It shows that bypass works for all 

heat exchangers of the type used in sulfuric acid plants. 
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8.7.2 Heat exchanger bypass illustrative problem 

This section will show: 

1) what happens to acid plant temperatures when the acid plant feed gas 

temperature increases; 

2) how heat exchanger bypassing is used to bring the acid plant temperatures 

back to their design values. 

The following question is asked; 

The temperature of a constant composition acid plant feed gas increases from 400 K to 

410 K. What effect does this have on catalyst bed and absorption gas temperatures, 

assuming constant heat exchanger enthalpy transfers? 

The question is answered by determining the following in the order shown: 

1) ^Acid plant feed gas 
2) ^Cold HX to 2-3 HX 
3) ^2-3 HX to 1-2 HX 
4) ^Istpass inlet 
5) Tlst pass inlet from Hist pass inlet 

6) ^ 1st pass equilibrium outlet fr^i^ equilibrium calculation in Appendix B 

7) ^2ndpass inlet 
8) T2nd pass inlet from //2nd pass inlet 
9) T2nd pass equilibrium outlet from the equilibrium calculation in Appendix B 

10) ^3rd pass inlet 
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' T3r(j pass inlet from //3rd pass inlet 

12) T3r{i pass equilibrium outlet the equilibrium calculation in Appendix B 

13) //3rd pass outlet to Cold HX (assuming 30% of the 3"* pass outlet goes to the 
ColdHX) 

14) //3rd pass outlet to SO3 Cooler HX (assuming 70% of the 3"* pass outlet goes 

to the SO3 Cooler HX) 

15) //Cold HX to absorption tower inlet 

16) //so3 Cooler HX to absorption tower inlet 

1 //Absorption tower inlet 

18) ^Absorption tower inlet fron^ //Absorption tower inlet and the 3"* pass outlet 
equilibrium gas composition. 

The equations for //ist pass inleti •//Znd pass inlet and ^3rd pass inlet are; 

^ 1st pass inlet ~ ^Acid plant feed gas + |A//cold HXl + IA//2-3 HXl + 1-2 HXl 
(from Equation 8.58) 

(8.72); 

//2nd pass inlet ~ //ist pass outlet" 1^^1-2 HXl (8.73); 
(firom Equation 8.54) 

where: Hist pass outlet ~ //ist pass inlet-

//Srd pass inlet ~ //2nd pass outlet " 1^^2-3 HXl (8.74). 
(from Equation 8.5S) 

where: //2nd pass oudet ~ //2nd pass inlet-

Table 8.15 summarizes the acid plant enthalpy balance with a 410 K feed gas. 
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Stream Enthalpy* Method 

H Acid plant feed gas -908,5 Appendix D 
|A//Cold HXi 88.3 Table 8.13 
\ ^H\ -2  HX| 257.4 Table 8.13 

IA//2-3 HXI 67.4 Table 8.13 
|A// SO3 Cooler HX| 237.7 Table 8.13 
//ColdHXto2-3 HX -820.2 Equation 8.61 
//2-3 HXto 1-2 HX -752.8 Equation 8.62 
H 1st pass inlet -495.4 Equation 8.72 
H 1 St pass outlet -495.4 Section 8.7.1 specification 
H 2nd pass inlet -752.8 Equation 8.73 
H 2nd pass outlet -752.8 Section 8.7.1 specification 
//3 rd pass inlet -820.2 Equation 8.74 
//3 rd pass outlet -820.2 Seaion 8.7.1 specification 
H Absorption tower inlet -1146.2 Equation 8.67 
•MJ per 1000 Nm'' of acid plant feed gas 

Table 8.15 Summary of enthalpy calculations for the single absorption acid plant with a 
410 K feed gas temperature. The calculations are all based on 1000 Nm^ of 
acid plant feed gas (8 vol% SO2, 10 vol% O2, 82 vol% Nz). 

Table 8.16 shows the temperatures that correspond to the enthalpies shown in 

Table 8.15. The temperature changes encountered when the feed gas temperature 

increases from 400 K to 410 K are shown in the column labeled "Difference". 
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Stream Units Feed gas at 410 K Feed gas at 400 K Difference, K 

Feed gas K 410.0 400,0 + 10.0 
1 ^ pass inlet K 702.4 693.0 + 9.4 
1^ pass outlet K 877.1 871.6 + 5.5 
2"^ pass inlet K 703.7 698.0 + 5.7 
Z"** pass outlet K 756.7 748.9 + 7.8 
3^'* pass inlet K 710.9 703.0 + 7.9 
3^'' pass outlet K 716.7 708.2 + 8.5 
Absorption in K 489.0 480.0 + 9.0 
|Aj¥Cold HX| MJ 88.3 88.3 0.0 

IA//2-3 HXI MJ 67.4 67.4 0.0 
|A// 1-2 HX| MJ 257.4 257.4 0.0 

IA//SO3 Cooler HX| MJ 237.7 237.7 0.0 
Tail gas SO2 ppm 1674.1 1376.3 +297,8 

Table 8.16 Summary of acid plant temperatures with 400 K and 410 K feed gas 
temperatures and the Table 8.13 heat exchanger enthalpy transfers. The feed 
gas composition is constant at 8 vol% SO2, 10 vol% O2 and 82 vol% N2. 

The calculations show that when the feed gas inlet temperature increases from 

400 K to 410 K all the catalyst bed inlet and outlet temperatures increase. The absorption 

tower inlet temperature increases. The tail gas SO2 concentration increases by -300 ppm 

(see Section 8.4.2 for tail gas SO2 concentration calculation). This is why catalyst bed 

temperature control is so important. 

Figure 8.25 shows the single absorption acid plant flow sheet with a 410 K feed 

gas. 



Feed Gas 
-908.5 MJ 

410 K 

.-334.4 MJ 
511.5 K 

.-811.8 MJ 
479.3 K 

47.2 MJ 
350 K 

Cold HX 
88.3 MJ 

-820.2 MJ 
474.0 K 

SO3 
Cooler 

HX 
237.7 MJ 

-246.1 MJ 
716.8 K 

-574.1 MJ^ 
716.8 K 

284.9 MJ 

-820.2 MJ 
710.9 K 

2-3 HX 
67.4 MJ 

-752.8 MJ^ 

820.2 MJ 
716.8 K 

3rd pass 

522.2 K 

-752.8 MJ 
703.7 K 

1-2 HX 
257.4 MJ 

-495.4 MJ 
702.4 K 

1st pass 

^ -495.4 MJ 
877.1 K 

-752.8 MJ 
756.7 K 

2nd pass 

To Absorption 
-1146.2 MJ 

489.0 K 

Figure 8.2S Single absorption acid plant flow sheet with a 410 K feed gas temperature. Heat exchanger bypasses have been 
omitted for clarity. 

N> 
O 
00 
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8.7.3 Bringing plant temperatures back to design values 

The catalyst bed and absorption tower temperatures must be lowered to their 

design values to ensure optimal SO2 conversion. This can be accomplished by opening 

heat exchanger bypasses to compensate for the higher feed gas temperature. The 

following question is asked; 

Which heat exchanger bypasses in the Figure 8.19 acid plant should be opened to bring 

the catalyst bed and absorption tower inlet gases back to their design temperatures when 

the feed gas temperature has risen to 410 K? 

The question is answered by determining the heat exchanger enthalpy transfer 

requirements, i.e. 

|A//Cold HXl 

\^\-l HXl 

|A/^2-3 HXI 

|A^S03 Cooler HXl 

for a 410 K feed gas and the specified catalyst bed and absorption tower inlet 

temperatures. Recall the following heat exchanger enthalpy transfer equations; 
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1^^1-2 HXl ~ ^Ist pass outlet" ̂ 2nd pass inlet (8.54) 

1^^2-3 HXl ~ ^2nd pass outlet " ^3rd pass inlet (8.55) 

I^^Cold HXl ~ ^1 St pass inlet " ^Acid plant feed gas 

-|A//2-3HX|-|A//I.2 HXI (8.58) 

IA//SO3 Cooler HXl ~ •'^3rd pass outlet" I^^Cold HXl " ^Absorption tower inlet (8.60) 

These equations were previously used to determine heat exchanger enthalpy 

transfer requirements for a feed gas at 400 K with 693 K, 698 K, 703 K and 480 K 

catalyst bed and absorption inlet temperatures. They are now used to determine heat 

exchanger enthalpy transfer requirements for a feed gas at 410 K and these same catalyst 

bed and absorption tower inlet temperatures. Table 8.17 shows the gas stream 

temperatures, compositions and enthalpies. 
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T SO2 SO3 O2 N2 
Stream (K) (kg*) (kg*) (kg*) (kg*) (MJ*) 

Feed gas 410 228.6 0.0 142.8 1024.7 -908.5 
l®* pass inlet 693 228.6 0.0 142,8 1024.7 -509.1 
1®* pass outlet 813 56.8 214.7 99.8 1024.7 -509.1 
2™* pass inlet 698 56.8 214.7 99.8 1024.7 -766.5 
2"'' pass outlet 710 8.4 275.3 87.7 1024.7 -766.5 
3"* pass inlet 703 8.4 275.3 87.7 1024.7 -833.9 
3"* pass outlet 704 3.5 281.4 86.5 1024.7 -833.9 
Absorption inlet 480 3.5 281.4 86.5 1024.7 -1159.9 

•per 1000 Nm^* of acid plant feed gas 

Table 8.17 Temperatures and enthalpies of Figure 8.19 acid plant streams. Feed masses 
are calculated per 1000 Nm^ of acid plant feed gas at the specified 
composition: 8 vol% SO2, 10 vol% O2, 82 vol% Nj. The feed gas 
temperature is 410 K. Note by comparison with Table 8.12 that only feed 
gas enthalpy is changed. 

The enthalpies shown in Table 8.17 are substituted into the following equations to 

determine each heat exchanger enthalpy transfer requirement. 

1^^1-2 HXl ~ (^1 St pass oudet) " (^2nd pass inlet) (8.54); 

= (-766.5 Ml) - (-509.1 MJ) = 257.4 MJ 

1^^2-3 HXl ~ (^2nd pass outlet) " (^3rd pass inlet) (8-55); 

= (-833.9 MJ) - (-766.5 MJ) = 67.4 MJ 

|A/^CoIdHXl = (•^Istpass inlet) " (^Acid plant feed gas) 

- i\^2-3 HXl) - (|A/^1-2 HXI) 

-509.1 MJ - (-908.5 MJ) - 257.4 MJ - 67.4 MJ = 74.6 MJ 

(8.58) 
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|A//SO3 Cooler HXl ~ ^3rd pass outlet" I^^Cold HXl " ^Absorption tower inlet (8.60) 

= -833.9 - (74.6 MJ) - (-1159.9) = 251.4 MJ 

Table 8.18 compares the absolute values of the heat exchanger enthalpy transfer 

requirements for a 400 K and 410 K feed gas. 

Heat Exchanger 
410 K 

feed gas |A/^* 
400 K 

feed gas I A//]* Difference* 
ColdHX 
2-3 HX 
1-2 HX 

SO3 Cooler HX 

74.6 
67.4 

257.4 
251.4 

88.3 
67.4 
257.4 
237.7 

-13.7 
0.0 
0.0 

13.7 
• MJ/per 1000 Nm"' of acid plant feed gas 

Table 8.18 Comparison of heat exchanger enthalpy transfer requirements with feed gas 
temperatures of 400 K and 410 K. 

The Cold HX enthalpy transfer requirement decreases by 13.7 MJ while the 

SO3 Cooler HX requirement increases by 13.7 MJ. 

The 2-3 HX and the 1-2 HX enthalpy transfers are the same with either a 400 K or 

410 K feed gas. This is because; 

(a) the enthalpies in the first, second and third pass inlet and outlet gases are 

specified to be the same with 410 K feed gas as with 400 K feed gas, i.e. 

their temperatures and compositions are the same. 
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(b) \^\.2 HXl 1^2-3 HXl only a function of these enthalpies, i.e.: 

1^^I -2 HXl ~ (^1 St pass outlet) " (^2nd pass inlet) (8 • 54) 

1^^2-3 HXl ~ (^2nd pass outlet) " (^3rd pass inlet) (8.55). 

The calculated decrease in |A//cold HXl with 410 K feed gas is required because 

if: 

(a) IA//2-3 HXl. \^\-l HXl and Hist pass ouUet are constant and 

(b) ^Acid plant feed gas increases; 

then |A/fcold HXl "^tist decrease as shown by Equation 8.58: 

I^Cold HXl = (^Ist pass inlet) - (-^^Acid plant feed gas) - (|A/^2-3 HXl) " (1^/^1-2 HXl) 

(8.58). 

Table 8.18 shows that |A/fs03 Cooler HXl "^"St increase with increasing acid plant 

feed gas temperature. This is necessary to keep the absorption tower mlet gas at its 

specified temperature. This is shown by Equation 8.60: 

1^^SO3 Cooler HXl ~ •^Srd pass outlet" I^^Cold HXl " ̂ Absorption tower inlet 

(increase) (constant) (decrease) (constant) 
(8.60). 
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8.7.4 Decreasing the Cold HX enthalpy transfer through bypass 

The Cold HX bypass must be opened until |A//cold HXl decreases from 88.3 to 

74.6 MJ/1000 Nm^ of acid plant feed gas when the feed gas temperature has risen from 

400 K to 410 K. This is the answer to the Section 8.7.3 question. 

The temperature of the air entering the SO3 Cooler HX must be decreased to 

acconmiodate its increased enthalpy transfer requirement when the feed gas temperature 

has risen from 400 K to 410 K. 

8.7.5 Bypass requirements when the acid plant feed gas temperature is 390 K 

The following question shows what happens when the feed gas enters at 390 K. 

Given the specified catalyst bed inlet temperatures and absorption tower inlet 

temperature: Which heat exchangers must be bypassed when the feed gas enters at 

390 K, rather than 400 K? 

The question is answered by calculating the heat exchanger enthalpy transfer 

requirements for a 390 K feed gas. The gas stream component temperatures, 

compositions and enthalpies for the acid plant with a 390 K feed gas are shown in Table 

8.19. 
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T SO2 SO3 O2 N2 Hr 
Stream (K) (kg*) (kR*) (kg*) (kg*) (MJ*) 

Feed gas 390 228.6 0.0 142.8 1024.7 -935.9 
I'' pass inlet 693 228.6 0.0 142.8 1024.7 -509.1 
1"* pass outlet 813 56.8 214.7 99.8 1024.7 -509.1 
2"'' pass inlet 698 56.8 214.7 99.8 1024.7 -766.5 
2"^ pass outlet 710 8.4 275.3 87.7 1024.7 -766.5 
3"* pass inlet 703 8.4 275.3 87.7 1024.7 -833.9 
3'"' pass outlet 704 3.5 281.4 86.5 1024.7 -833.9 
Absorption inlet 480 3.5 281.4 86.5 1024.7 -1159.9 

*per 1000 Niti'' of acid plant feed gas 

Table 8.19 Temperatures and enthalpies of Figure 8.19 acid plant streams. Feed masses 
are calculated per 1000 Nm^ of acid plant feed gas at the specified 
composition: 8 vol% SO2, 10 vol% O2, 82 vol% N2. The feed gas 
temperature is 390 K. 

The enthalpies shown in Table 8.19 are substituted into the following equations to 

determine each heat exchanger enthalpy transfer requirement. 

!A//I.2HX| = -766.5 MJ-(-509.1)MJ = 257.4 MJ: 

|A^2-3 HXl = -833.9 MJ-(-766.5) MJ = 67.4 MJ: 

|A//Cold HXl = -509.1 MJ - (-935.9) MJ - 257.4 MJ - 67.4 MJ = 102.0 MJ: 

1^303 Cooler HXl = -833.9 MJ -102.0 MJ - (-1159.9 MJ) = 224.0 MJ. 

The results of the 390 K and 400 K heat exchanger enthalpy transfer requirements 

are shown in Table 8.20. 
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390 K 400 K 
Heat Exchanger feed gas |A//|* feed gas |A//|* Difference* 

ColdHX 102.0 88.3 13.7 
2-3 HX 67.4 67.4 0.0 
1-2 HX 257.4 257.4 0.0 

SO3 Cooler HX 224.0 237.7 -13.7 
*MJ/per 1000 Nm'' of acid plant feed gas 

Table 8.20 Comparison of heat exchanger enthalpy transfer requirements with feed gas 
temperatures of 390 K and 400 K. 

The results of the calculations show that an increase in the enthalpy transfer of the 

Cold HX is required to maintain the specified catalyst bed inlet, catalyst bed outlet and 

absorption tower inlet temperatures. 

It is quickly realized that this increased demand for heat transfer by the Cold HX 

cannot be accomplished through bypassing. Bypassing can only decrease a heat 

exchanger's heat transfer ability, not increase it. The heat exchanger must be designed to 

accommodate both temperature increases and decreases. This is the goal of the next 

section. 

The enthalpy transfer decrease in the SO3 Cooler HX is accomplished by using 

warmer air. 

8.7.6 Cold HX maximum enthalpy transfer requirement 

The question is asked; 
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What should be the designed enthalpy transfer duty of the Cold HX assuming that the 

feed gas is a constant composition (8 vol% SO2, 10 vol% O2, 82 vol% Nt) and that the 

acid plant feed gas temperature will vary between 390 K and 410 K? 

The enthalpy transfer requirements of the Cold HX for a 390 K, 400 K and 410 K 

feed gas have previously been calculated and are summarized in Table 8.21. 

390 K 400 K 410K 
Heat Exchanger Feed gas Feed gas Feed gas 

lANj* IAN}* 

ColdHX 102.0 88.3 74.6 

*MJ/per 1000 Nm-* of acid plant feed gas 

Table 8.21 Enthalpy transfer requirements of the Cold HX at feed gas temperatures of 
390 K, 400 K and 410 K. The feed gas composition is constant at 8 voi% 
SO2, 10 vol% O2 and 82 vol% N2. The specified catalyst bed and absorption 
tower inlet temperatures are 693 K, 698 K, 703 K and 480 K. 

Bypassing can only decrease the amount of enthalpy transfer of the heat 

exchanger. Therefore, the heat exchanger must be sized to handle the maximum enthalpy 

transfer requirement. Table 8.21 shows that the maximum enthalpy transfer requirement 

of the Cold HX is 102.0 MJ/1000 Nm^ of acid plant feed gas. It occurs when the feed gas 

is at 390 K. 

The answer to the question is that the Cold HX must be designed to transfer a 

maximum of 102.0 MJ/IOOO Nm^ of acid plant feed gas. The 88.3 MJ heat transfer 

required for 400 K feed gas is obtained by opening the Cold HX bypass valve. 
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The 74.6 MJ heat transfer required for the 410 K feed gas is obtained by opening the 

bypass valve further. 

8.7.7 Heat exchanger enthalpy transfer requirements under varying feed gas SO2 
concentrations 

Smelting and converting supply the acid plant with fluctuating feed gas 

compositions. Fluctuations in feed gas SO2 concentration cause changes in the enthalpy 

transfer requirements of the heat exchangers. Feed gas composition fluctuations must, 

therefore, be accounted for in the design of all heat exchangers in the acid plant. The 

following sections do this by considering 5 vol%, 8 vol% and 10 vol% SO2 feed gases at 

400 K. 

8.7.8 Heat exchanger enthalpy transfer requirements for a 5 vol% SO2 feed gas 

The following question is asked; 

How much enthalpy must be transferred in each of the Figure 8.19 heat exchangers Jar a 

400 K feed gas with the following composition: 

5.0VOI%SO2 

6.25VOI%02 

88.75 voI%N2; 

and the following specified temperatures: 

I" pass inlet 
2" pass inlet 

pass inlet 

693 K 
698 K 
703 K 
480 K? Absorption tower inlet 

Assume equilibrium conversion in the catalyst beds. 
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The question is answered by: 

1) determining the equilibrium intercept composition and temperature for 

each catalyst bed starting with its feed gas composition and specified gas 

inlet temperature; 

2) determining the enthalpy of each gas stream from its specified or 

calculated temperature; and its specified or calculated composition; 

3) calculating the required enthalpy transfer for each heat exchanger from the 

differences in the gas stream enthalpies. 

This is the same procedure followed in Section 8.7. 

The results of the calculations are sunmiarized in Table 8.22. 

Stream T SO2 SO3 O2 N2 H, 
(K) (kg*) (kg*) (kg*) (kg*) (MJ*) 

Feed gas 400.0 142.9 0.0 89.2 1109.0 -527.0 
1^ pass inlet 693.0 142.9 0.0 89.2 1109.0 -121.8 
l"* pass outlet 821.3 22.6 150.3 59.2 1109.0 -121.8 

pass inlet 698.0 22.6 150.3 59.2 1109.0 -299.9 
2"^ pass outlet 718.6 3.5 174.2 54.4 1109.0 -299.9 
3"* pass inlet 703.0 3.5 174.2 54.4 1109.0 -322.3 
3"* pass outlet 704.1 2.5 175.5 54.2 1109.0 -322.3 
Absorption inlet 480.0 2.5 175.5 54.2 1109.0 -635.7 

*per 1000 Nm^ of acid plant feed gas 

Table 8.22 Masses and enthalpies of gas streams in the Figure 8.19 acid plant with a 
feed gas composition of 5.0 vol% SO2, 6.25 vol% O2 and 88.75 vol% Nz. 
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Equations 8.54, 8.55, 8.58 and 8.60 are used with the data in Table 8.22 to 

detennine heat exchanger enthalpy transfer requirements. Table 8.23 shows the required 

enthalpy transfer of each heat exchanger, which is the answer to the question. 

Heat Exchanger 
|A//requiredl 

MJ/IOOO Nm^ of acid plant feed gas 
ColdHX 204.7 (Eq. 8.58) 
1-2 HX 178.2 (Eq. 8.54) 
2-3 HX 22.4 (Eq. 8.55) 

SO3 Cooler HX 108.7 (Eq. 8.60) 

Table 8.23 Summary of required heat exchanger enthalpy transfer for a 400 K feed gas 
containing; 5.0 vol% SO2, 6.25 vol% O2 and 88.75 vol% N2 and 693 K, 
698 K and 703 K catalyst bed inlet temperatures. 

8.7.9 Heat exchanger enthalpy transfer requirements for a 10 vol% SO2 feed gas 

The Section 8.7.8 question is asked again with a feed gas of the following 

composition; 

I0.0vol%s02 
I2.5voI%02 
77.5VOI%N2. 

The question is answered in the same manner it was for the feed gas with 5 vol% 

SO2. Table 8.24 shows the results of the calculations. 
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T SO2 SO3 O2 N2 //. 
Stream (K) (kg*) (kg*) (kg*) (kg*) (MJ*) 

Feed gas 400.0 285.8 0.0 178.5 968.4 -1185.7 
1'* pass inlet 693.0 285,8 0.0 178.5 968.4 -767.3 
1^ pass outlet 897.4 85.8 249.9 128.5 968.4 -767.3 
2"'' pass inlet 698.0 85.8 249.9 128.5 968.4 -1068.0 
2"''pass outlet 771.6 14.6 339.0 110.7 968.4 -1068.0 
2"^ pass inlet 703.0 14.6 339.0 110.7 968.4 -1170.4 
3^'' pass outlet 713.6 4.4 351.7 108.2 968.4 -1170.4 
Absorption inlet 480.0 4.4 351.7 108.2 968.4 -1508.9 

*per 1000 Nm'* of acid plant feed gas 

Table 8.24 Masses and enthalpies of gas streams in the Figure 8.19 acid plant with a 
feed gas composition of 10 vol% SO2, 12.5 vol% O2 and 77.5 vol% N2. 

The required enthalpy transfer of each heat exchanger is shown in Table 8.25. 

Heat Exchanger 
(A^requiredl 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 15.3 (Eq. 8.58) 
1-2 HX 300.7 (Eq. 8.54) 
2-3 HX 102.4 (Eq. 8.55) 

SO3 Cooler HX 323.3 (Eq. 8.60) 

Table 8.25 Summary of heat exchanger enthalpy transfer requirements for a 400 K feed 
gas containing; 10 vol% SO2, 12.5 vol% O2 and 77.5 vol% N2. 

8.7.10 Maximum heat exchanger enthalpy transfer requirements for varying feed gas 
compositions 

The heat exchanger requirements for three different feed gas compositions have 

now been calculated. The results are summarized in Table 8.26 below. 
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5 vol% SO2 in 8 vol% SO2 in 10 vol% SO2 in 
feed gas feed gas feed gas 

Heat Exchanger 
lA/Zreauiredl* |A^reauiredl* |A//reauiredl* 

ColdHX 204.7 88.3 15.3 
1-2 HX 178.2 257.4 300.7 
2-3 HX 22.4 67.3 102.4 

SO3 Cooler HX 108.7 237.7 323.3 
*MJ/1000 Nm'* of acid plant feed gas 

Table 8.26 Summary of required enthalpy transfers for each heat exchanger at various 
feed gas SOj concentrations. The O2 SO2 ratio is constant at 1.25. The 
remainder of the gas is N2. The feed gas temperature is 400 K and the 
specified catalyst bed and absorption inlet temperatures are 693 K, 698 K, 
703 K and 480 K. 

The following conclusions are drawn from Table 8.26. 

1) as feed gas SO2 concentration increases the enthalpy transfer requirements 

of the 1-2 HX, 2-3 HX and SO3 Cooler HX increase, but; 

2) the enthalpy transfer requirement of the Cold HX decreases. 

The acid plant heat exchangers must be sized to transfer the maximum required 

enthalpy (lA^maximumD- The feed gas SO2 concentration from the metallurgical process 

is expected to vary between 5 vol% SO2 and 10 vol% SO2. Therefore, the maximum 

required enthalpy transfer for each of the heat exchangers is, from Table 8.26; 
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Heat Exchanger 
1 A/Zuiaxiniunil 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 204.7 
1-2 HX 300.7 
2-3 HX 102.4 

SO3 Cooler HX 323.3 

Table 8.27 Maximum enthalpy transfer requirements for the Figure 8.19 heat exchangers 
when feed gas SO2 concentrations are expected to range between 3 vol% and 
10 vol%. The 02;S02 ratio is a constant 1.2S and the balance of the feed gas 
isN2. 

8 .7.11 Heat exchanger enthalpy transfer requirements 

The enthalpy transfer requirements for each of the single absorption plant heat 

exchangers is calculated at 1 vol% SO2 intervals between 5 vol% SO2 and 10 vol% SO2. 

The results are shown in Figure S.26. 

Figure 8.26 clearly shows that the enthalpy transfer requirements for the 1-2 HX, 

2-3 HX and SO3 Cooler HX all increase with increasing feed gas SO2 concentration while 

the Cold HX decreases. 
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Figure 8.26 Required enthalpy transfer for each of the single absorption acid plant heat 
exchangers. The feed gas temperature and absorption tower inlet gas 
temperatures are constant at 400 K and 480 K, respectively. The feed gas 
02:S02 ratio is constant at 1.25. The first, second and third pass inlet 
temperatures are specified to be 693 K, 698 K and 703 K. Equilibrium 
conversion and adiabatic conditions are assumed. 

1^1-2 HXl |A/f2-3 HXl both must increase with increasing feed gas SO2 

concentration because the first and second pass outlet gases must be cooled from a higher 

temperature to an unchanged next catalyst bed inlet temperature. lA^Cold HXl "i^st be 

less because the sum of \^\.2 HXl> 1^2-3 HXl I^Cold HXl is about the same and 

\^\-l HXl |A/y2.3 HXl have both increased. |A^S03 Cooler HXl niust increase 

because the sum of lA^Cold HXl and |A//^S03 Cooler HXl is increased while |A/fcold HXl 

has decreased. 
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8.7.12 Determining heat exchanger enthalpy transfer requirements for fluctuating feed 
gas flow rates 

The following question is asked; 

What are the heat exchanger enthalpy tranter requirements |A//requiredl MJ/min) 

when the volume flow rate of acid plant feed gas is 3000 Nm^/min? The feed gas enters 

at 400 K with the following composition: 

Assume equilibrium conversion in the catalyst beds. 

The question is answered by: 

1) determining |A//requiredl ^ plant feed gas for 

each of the heat exchangers; 

2) multiplying |A//requiredl in MJ per 1000 Nm^ of acid plant feed gas by the 

volumetric flow rate of feed gas, (Nm^/min) -5-1000. 

S.OvolVoSOi 
lO.OvolYoOi 
82.0VOI%N2; 

and the following specified temperatures: 

l"pass inlet 
2" pass inlet 
3"^ pass inlet 

693 K 
698 K 
703 K 
480 K. Absorption tower inlet 
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The required enthalpy transfer for each of the four heat exchangers was 

previously calculated for this feed gas in Table 8.13. Recall: 

Heat Exchanger 
l^^requiredl 

MJ/1000 Nm^ of acid plant feed gas 
1-2 HX 257.4 
2-3 HX 67.4 

ColdHX 88.3 
SO3 Cooler HX 237.7 

Table 8.13 Required enthalpy transfer for each of the single absorption acid plant heat 
exchangers. The absolute values for the enthalpy transferred in each heat 
exchanger are shown. 

The required enthalpy transfer (|A^requiredl) for each heat exchanger at a feed gas 

flow rate of 3000 NmVmin is: 

CoIdHX: 88.3 MJ per 1000 Nm' .3000^.1000 = 2649.^ 
of acid plant feed gas min min 

257.4 MJ per 1000 Nm^ Nm^ -,-,0 ^ MJ 
1-2 HX: ^ x3000 1000 = 772.2 

of acid plant feed gas min min 

67 4MJDerl000Nm^ Nm^ MJ 2-3 HX: o/.tivxj pci ^3oooi-!^-1000 = 202.2^; 
of acid plant feed gas min min 

SO3 CoolerHX: 23'-7MIperlOOONm= xsoooi!?! .1000 = 713,1.^ 
of acid plant feed gas min min 

as summarized in Table 8.28. These are the answers to the page 225 question. 
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Heat Exchanger 
I'^requiredl 

MJ/min 
ColdHX 264.9 
1-2 HX 772.2 
2-3 HX 202.2 

SO3 Cooler HX 713.1 

Table 8.28 Required enthalpy transfer for each heat exchanger with a 400 K feed gas 
and a volume flow rate of 3000 NmVmin. 

Acid plant feed gas volume varies as changes in the smelting and converting 

processes occur. The next question illustrates what happens to |A//requiredl when the feed 

gas volume flow rate decreases. 

What are the heat exchanger enthalpy transfer requirements |A//requiredl 0^ MJ/min) 

when the volume flow rate of acid plant feed gas is 2500 Nm^/min? The specified 

temperatures and compositions are identical to those in the previous question. 

The question is answered exactly as the previous question using a feed gas flow 

rate of 2500 Nm^/min instead of 3000 Nm^/min. The answer to this and the previous 

question are shown in Table 8.29. 
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Heat Exchanger 

Feed gas; 
3000 NmVmin 

lA^requiredl 

MJ/min 

Feed gas: 
2500 NmVmin 

l^^requiredl 

MJ/min 
ColdHX 264.9 220.8 
1-2 HX 772.2 643.5 
2-3 HX 202.2 168.5 

SO3 Cooler HX 713.1 594.3 

Table 8.29 |A//requiredl (in MJ/min) for each heat exchanger with a 400 K feed gas at 
flow rates of 2500 Nm^/min and 3000 Nm^/min. 

Table 8.29 shows that a decrease in the feed gas volume flow rate, at constant 

composition and temperature, always causes |A^requiredl> MJ/min, to decrease for each 

heat exchanger. 

The results of this calculation show that the maximum required enthalpy transfer 

(lA/Zmavimiiml in MJ/min) for each heat exchanger will always occur at the maximum 

feed gas volume flow rate (at constant temperature and composition). Therefore, the heat 

exchangers must be sized to handle the maximum feed gas volume flow rate at any 

specified feed gas temperature and composition. 

The next section examines sizing the heat exchangers, i.e. determining 

|A^maxiinuml» MJ/min, for varying feed gas flow rate, temperature and composition. 
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8.7,13 Determining |A/fniaximuml varying feed gas flow rates, temperatures and 
compositions 

The heat exchangers must be sized to handle the maximum enthalpy transfer 

requirement lAi/mavimnml in MJ/min. The following question is asked. 

The smelting and converting process is expected to supply the acid plant with a feed gas 

that varies in temperature, composition andflaw rate as follows: 

Temperature: 

Composition: 

390 K. 

5.0 vol%S02 

6.25voI%02 

88.75 vol%M 2J 

Maximum flow rate: 3500 Nm^/min 

410 K 

lO.OvolVoSO, 

12.5vol%02 

^77.5voI%N2 J 

3500 Nm^/min 

What is lA/^maximuml MJ/min for each heat exchanger when the specified catalyst bed 

and absorption tower inlet temperatures are: 

I' pass inlet 
2" pass inlet 
3'''̂  pass inlet 
Absorption tower inlet 

693 K 
698 K 
703 K 
480 K. 

Assume equilibrium conversion in the catalyst beds. 

The question is answered by determining |A^requiredl MJ/min) for each of the 

heat exchangers at the specified feed gas conditions, i.e.; 
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1) 390 K, 5 vol% SO2, 6.25 vol% O2. 88.75 vol% N2 and 3500 NmVmin; 

2) 410 K, 10 vol% SO2, 12.5 vol% O2, 77.5 vol% N2 and 3500 NmVmin. 

Table 8.30 shows the results of the calculations. 

390 K 410K 
3500 NmVmin 3500 NmVmin 

5 voI% SO2 10 vol% SO2 
Heat Exchanger l^^requiredl jA/frequiredl l^^maximuml 

MJ/min MJ/min MJ/min 
ColdHX 763.6 4.8 763.6 
1-2 HX 623.5 1052.3 1052.3 
2-3 HX 78.2 358.4 358.4 

SO3 Cooler HX 333.4 1180.0 1180.0 

Table 8.30 |A//requiredl (in MJ/min) for each heat exchanger at specified feed gas inlet 

compositions, temperatures and flow rates. |A//niaximuml is also shown for 
each heat exchanger. 

Table 8.30 shows that: 

1) lAZ/mavimiiml for the 1-2 HX, 2-3 HX and SO3 Cooler HX occurs at the 

maximum feed gas temperature and SO2 concentration, and; 

2) lA/fmaximuml for the Cold HX occurs at the minimum feed gas 

temperature and 862 concentration. 

3) lA^maximuml always occurs at the maximum expected flow rate. 
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When the feed gas flow rate decreases from, for example, 3000 Nm^/min to 2500 

Nm^/min no heat exchanger bypassing is required even though the enthalpy transfer 

requirement decreases. This is based on the infinite heat exchanger assumption (Section 

8.7.1), as follows. 

If the mass flow rate of both gases decreases equally in both directions, the heat 

transfer in the infinite heat exchanger decreases, but the temperatures of the outlet gases 

remain the same. Also, if the mass flow of the gases is zero, the heat transfer is zero. 

Therefore, as the mass flow rate of feed gas into the acid plant decreases (constant 

composition and temperature) no additional bypass is required to decrease the heat 

exchanger heat transfer to its required value. 

8.8 CHAPTER SUMMARY 

A mathematical model of a three-pass single absorption acid plant has been 

constructed. Equations were developed and matrix calculations were used to determine; 

(a) equilibrium SO2 conversion for each of the three catalyst beds; 

(b) adiabatic heat-up and cool down paths; 

(c) the equilibrium intercepts of the three catalyst beds; 

(d) the mass of acid required for the absorption tower and the temperature of 

its outlet acid; 
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(e) the effect of fluctuating catalyst bed inlet temperatures on equilibrium SO2 

conversion; 

(f) the enthalpy transfer requirements for each of the acid plant's four heat 

exchangers; 

(g) design requirement and bypass requirement for each heat exchanger with 

fluctuating feed gas temperature, composition and flow rate; 

(h) tail gas SO2 concentration and acid production rate. 

The calculations showed that catalyst bed inlet temperatures must be properly 

controlled to ensure the maximum SO2 conversion. It was shown that this is readily 

accomplished by opening and closing heat exchanger bypasses. The heat exchanger 

bypasses that must be opened and those that must be closed were determined. 

A brief evaluation was performed to determine the most cost efficient method to 

reduce tail gas SO2 emissions for the modeled single absorption acid plant. The use of 

cesium promoted (low initiation temperature) catalyst was found to provide the greatest 

reduction in tail gas SO2 concentration for the minimum amount of plant downtime and 

capital cost. 
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DOUBLE ABSORPTION ACID PLANT MATHEMATICAL DESCRIPTION 

This chapter develops a mathematical model of a four-pass double absorption acid 

plant. Figure 9.1 shows a flow sheet of the modeled plant. 

Feed gas 

Tail gas to 
atmosphere 

1^ catalyst bed 

3"^ catalyst bed 

2"" catalyst bed 

4"^ catalyst bed 
Intenmediate 
Absorption 

Tower 

Final 
Absorption 

Tower 

Figure 9.1 Flow sheet of a four-pass double absorption acid plant. The intermediate 
absorption tower is located between the second and third catalyst beds, i.e. the 
plant is 2:2. Heat exchangers have been omitted for clarity. 

The mathematical model has four parts; 
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(a) mathematical description of equilibrium conversion in the catalyst beds; 

(b) mathematical description of the SO2 SO3 conversion - temperature heat-

up paths; 

(c) mathematical description of intermediate and final SO3 absorption; 

(d) mathematical description of the gas-to-gas heat exchangers. 

9 1 CONVERSION EQUILIBRIUM AFTER SO, ABSORPTION 

Equation 5.20 is used to determine the equilibrium conversion of SO2 to SO3 in 

the first and second pass catalyst beds of the modeled double absorption acid plant. 

Recall; 

AT^ + B + Rln 
"S03 

E-nso3 

-11/2 
l--n SO3 

(PT) •in T + C = 0 (5.20) 

F--n SO3 

A new equilibrium equation is derived for the third and fourth catalyst beds, 

equation accounts for any SO3 not absorbed in the intermediate absorption tower, 

equation is: 

The 

The 
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where: 

KE = 
n SO3 

E'+G-n S03 

E' 

F' 

G 

IltoUl ~ 

ntoui-E'-F'-G = 

PT 

"S03 ~ 

1 1 
-11/2 

^ total ^ 2 ^ " 2 

^ , 1 ^ 1  
F  +  -G- - NCQ-

2 2 

(PT)""' (9.1). 

mols SO2 in third pass inlet gas 

mols O2 in third pass inlet gas 

mols SO3 in third pass inlet gas 

total mols of third pass inlet gas 

mols N2 in third pass inlet gas 

total pressure at equilibrium in atmospheres 

equilibrium mols of SO3 after the third and fourth 

passes 

The equilibrium equation used for the first and second catalyst beds is based on 

one mol of feed gas. The equilibrium equation used for the third and fourth catalyst beds 

is based on the total mols of gas (ntotai) entering the third catalyst bed after intermediate 

absorption. Therefore, ntotai depends on (i) the amount of SO2 conversion in the first and 

second catalyst beds and on (ii) the efilciency of SO3 absorption in the intermediate 

absorption tower. 

9.1.1 Derivation of Equation 9.1 

Equations 5.4 through 5.7 show the relationship between the partial pressure of 

each gas component, its mole fraction and the total system pressure. Recall; 
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Psoj=Xso:fT Pt (5.1); 
•^802 •'"'^503 +"02 +"N2 

n O 
P o 2  = X o 2 P T  =  '  P T  ( 5 . 5 ) ;  

ns02 +'^S03 +^^02 ''•'^N2 

n 
P N 2 = X N 2 P T =  : :  ^  :  P T (56); 

*^502 +"S03 +"02 +"N2 

Pso, =X S 03P T =  — :  P T  (5.7). 
I^S02 •'""SO3 +"02 +'^N2 

The mols of each component after oxidation in the third catalyst bed are; 

Sulfur balance; E' + G = ngoj + "503, or: 

1^502 "^ •'•^"'^503 (9 2); 

Oxygen balance; 2E' + 2F + 3G = 2nso2 + ^^02 + ^njoj 

Substituting Equation 9.2; 

2E' + 2F' + 3G = 2(E' + G-nsQ,) + 2no2 + 3nso3 7 0''" 

2E' + 2F' + 3G = 2E' + 2G + 2no2 + n503 > or* 

2F + G = nso3 +2no2,or; 

c. 1 
*^02 ''"2 2'^^°^ 

(9.3); 
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(9.4); 

The mo Is of SO3 in the gas after oxidation are: 

Osoj - nso3 (5,11). 

The total mols of gas after oxidation is therefore: 

"soz +"so3 +"02 +"n2 = (E'+G-nso3) + (F' + ̂ G-^nso3) + (nso3) + (ntoui -E'-F-G) 

1 
2 2 ^^^^3 ^ 

(9.5). 

Equation 9.1 is obtained by substituting Equations 5.4 through 5.7, Equations 9.2 

through 9.5 and Equation 5.11 into Equation 5.2 giving: 

Kp = 

n S03 

total - G - _ n 
2 2 SO3 

• f j  

E'+G-n S03 

' ^ t o u i  ^ 2 2  

PT 

1 1 
F ' + 2 ^- 2 " S ° 3  

"total +-G--n 

N1/2 

2 2 SO3 

(PT) 
1/2 

(9.6); 

or: 
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KE = 'S03 Motal + - G - - n  

E'+G-nso3 
F+jO-inso,  

1/2 

SO3 

(Pt) •1/2 (9.1). 

9.1.2 Equilibrium constant and temperature relationship 

Equation 9.2 is substituted into Equation 5.18 to give the relationship between 

temperature and equilibrium. Thus: 

AT^+(B + RlnKE)T + C = 0 (5.19); 

and; 

AT' + B + Rln 
n  S03 

E'+G-n SO3 

' ^ t o t a l  ^ 2 2  

F+-G--nso,  
2 2 

nl/2 

(Pt) •1/2 T + C = 0 (9.7). 

The constants A, B and C are the same as given in Section 5.2. They are; 

A 

B 

C 

= -1.804X 10-^ MJ kg-mol*^ 

= 9.639 X 10-^ MJ kg-mor^ K"' 

= -99.53 MJ kg-mol'^ 
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9.1.3 Calculations of E', F', G and ntotai 

Determination of E', F', G and ntotai requires the following to be known: 

1) mols of SO2 (E), O2 (F) and the total mols of gas entering the acid plant in 

the feed gas; 

2) total percent SO2 conversion after the second catalyst bed; 

3) intermediate absorption tower SO3 removal efficiency. 

The mols of SO2 entering the third pass (E') is determined by subtracting the 

mols of SO2 converted in the first and second passes from the mols of SO2 entering the 

first pass, i.e.; 

E' = E- total%S02 converted after 2"'' pass 

100 
•E (9.8). 

The mols of O2 entering the third pass ( F') is determined by subtracting the mols 

of O2 consumed in the first and second passes from the mols of O2 entering the first pass. 

For each mol of SO2 converted, 0.5 mols of O2 are consumed. The equation is written; 

F = F total %S02 converted after 2 pass 

Too 
E-0.5 (9.9). 
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The total mols of SO3 entering the third pass (G) depends on the intermediate 

absorption tower SOj removal efficiency. The equation is: 

f total %S02 converted ^ 
nd , 

G = after the 2 pass 

ioo 

%S03 removed in intermediate ^ 

absorption tower 

ioo 

(9.10). 

9.1.4 Definition of percent SO2 conversion after intermediate absorption 

The equation for percent SO2 conversion in the catalyst beds following 

intermediate absorption is the same equation used for the catalyst beds prior to 

intermediate absorption. Recall; 

%S02 conversion = • lOO (5.22), 
E 

where njoj are mols of SO2 in the gas at any point in the SO2 SO3 converter. 

The third and fourth pass equilibrium curve depends on the total percent SO2 

conversion in the first and second passes and on the SO3 removal efficiency of the 

intermediate absorption tower. The curve is described in the following sections. 
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9.1.5 Double absorption equilibrium curve 

Figure 9.2 shows the equilibrium curve for the first and second passes for a feed 

gas with the following composition: 10 vol% SO2, 11 vol% O2 and 79 vol% Nj. 

100 
93.3% SO2 
conversion 

E = 0.10 mols SO; 
F = 0.11 mols O2 
PT = 1.2 atm 

90 -

80 -
c o 
2 O > 
c 

70 • 

o  ® 0 -

" 50 -
O 

40 -c  0> u W 30 -0) 
a. 

20 • 

10 -

600 700 800 900 1000 1100 1200 1300 1400 1500 

Temperature (K) 

Figure 9.2 Equilibrium conversion of SO2 versus temperature in the first and second 
passes. The equilibrium curve is for a feed gas with the initial composition; 
10 vol% SO2, 11 vol% O2, balance N2. The equilibrium pressure (PT) is 1.2 
atmospheres. The heat-up paths and intercepts are for first and second pass 
inlet temperatures of 693 K and 710 K, respectively. 

The percent SO2 conversion in the second pass is 93.3% (Figure 9.2). The 

intermediate absorption tower removes 99.95% of the SO3 exiting the second pass 

catalyst bed. The values for E',F', G and ntoui are calculated knowing: E = 0.10, 

F = 0.11 and 1 mol of feed gas enters the acid plant. Therefore, 
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total "/oSOj convered after 2"'' pass 

ioo 
E' = E- = 0 .10-

V 

93.3% Q 

100 

= 6.7x10'^ mols: 

total %S0; converted after 2"^ pass 

ioo 
F = F- E 0 . 5  = 0.11 -

93.3% 
0.1-i  

2J V 100 

= 6.3x10'^ mols: 

G = 

''total%S02 converted 

after the 2"** pass 

ioo 

%S03 removed in intermediate ^ 

absorption tower 
1-

100 

f 93.3% . 99.95%^ 

I, 100 
•0.1 1 - -

100 J 

= 4.7x10"^ mols: 

n N 2 =  1  - E - F =  1  - 0 . 1  - 0 . 1 1  

= 0.79 mols: 

ntoui= E' + F + G+ nN2 = 6.7x10-^+ 6.3x10-''+ 4.7x10-'+ 0.79 1-2 v5 

= 0.86 mols. 
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The values of A, B, C, E', F', G, NTOTAI and PT are entered into Equation 9.1 to 

determine the percent SO2 conversion-temperature curve for the third and fourth pass 

catalyst beds. Figure 9.3 shows this equilibrium curve along with the equilibrium curve 

for the first and second catalyst beds. 

100 

90 -

80 -
c 
0 

70 -
a> > 
c 60 -
0 

CN 50 -
0 

50 -
(/> 

40 -40 -

0 
0) 30 -
Q. 

20 -

10 -

0 -

Pre-absorption 

E = 
F = 

PT 

Post-absorption 
(99.95% absorption of SO3) 

2nd pass outlet SO2 
conversion = 93.3% 

600 

0.10 mois SO2 
0.11 mols O2 

= 1.2 atm 

1  < 1 1 1 1  J  1  
700 800 900 1000 1100 1200 1300 1400 1500 

Temperature (K) 

Figure 9.3 Pre and post absorption equilibrium lines are shown on the graph. The feed 
gas entering the first pass contains: 10 vol% SO2, 11 vol% O2, balance N2. 
Percent SO2 conversion after the second pass is 93.3%. 99.95% of the SO3 
exiting the second pass is absorbed in the intermediate absorption tower. 

9.2 FIRST AND SECOND PASS EOUILmRIUM INTERCEPTS 

This section begins an analysis of the modeled double absorption acid plant. The 

objective is to determine the equilibrium conversions for the first through fourth passes 
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given a specified feed gas composition, temperature and volume. The temperatures, 

masses and enthalpies of all gas and acid components are calculated. These are then used 

in Section 9.6 to determine heat exchanger enthalpy transfer requirements. 

The first question is: 

What is the equilibrium percent SO2 conversion and outlet temperature of the first and 

second pass catalyst beds given the following specifications: 

Feed gas volume: 1000 Nm^ 
Feed gas temperature: 400 K 
Feed gas composition: 10 vol% SO2, 11 vol% O2, 79 vol% N2 
First pass inlet temperature: 693 K 
Second pass inlet temperature: 710 K 
Assume adiabatic conditions 

The question is answered by determining the SO2 -> SO3 conversion - temperature 

heat up paths and equilibrium intercepts for the first and second catalyst beds. They are 

determined exactly as they were for the single absorption acid plant. The answers to the 

question are shown in Table 9.1 and Figure 9.4. 
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Equilibrium Equilibrium 
Catalyst bed %S02 SO2 conversion 

conversion temperature (K) 

First pass 68.9 894.7 

Second pass 93.3 781.6 

Table 9.1 Equilibrium SO2 conversions and temperatures for the first and second passes 
in the double absorption acid plant. 

100 
E = 0.10 mols SO; 
F = 0.11 mols O2 
PT = 1.2 atm 
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Figure 9.4 First and second pass heat-up paths and equilibrium intercepts. The first pass 
equilibrium intercept occurs at 894.7 K and 68.9% SO2 conversion. The 
second pass equilibrium intercept occurs at 781.6 K and 93.3% SO2 
conversion. 
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Table 9.2 shows the temperatures, masses and enthalpies of the gas streams in the 

first and second catalyst beds. 

T SO2 SO3 O2 N2 Hr 
Stream (K) (kg) (kg) (kg) (kg) (MJ) 

Feed gas 400.0 285.8 0.0 157.0 987.2 -1185.7 
I'" pass inlet 693.0 285.8 0.0 157.0 987.2 -767.7 
I'" pass outlet 894.7 88.7 246.3 107.8 987.2 -767.7 
2"*^ pass inlet 710.0 88.7 246.3 107.8 987.2 -1046.2 
2"'' pass outlet 781.6 19.3 333.1 90.5 987.2 -1046.2 

Table 9.2 Summary of temperatures, masses and enthalpies for the first and second 
passes. All masses (kg) and enthalpies (MJ) are per 1000 Nm^ of acid plant 
feed gas. 

The gas exiting the second pass catalyst bed is cooled in a heat exchanger and 

enters the intermediate absorption tower for SO3 removal. It then enters the third and 

fourth passes for further SO2 conversion. 

9 3 THIRD AND FOURTH PASS EQUILIBRIUM INTERCEPTS 

The second question is: 

What is the equilibrium percent SO2 conversion and outlet temperature of the third and 

fourth passes given the following specifications? 

Third and fourth pass inlet temperatures: 703 K; 
99.95% SO3 absorption efficiency in the intermediate absorption tower; 
All of the intermediate absorption tower outlet gas enters the third pass; 
Assume adiabatic conditions. 
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The question is answered by determining the equilibrium intercepts for the third 

and fourth passes using Equations 9.7 through 9.10 with (i) 93.3% SO2 conversion after 

the second pass and (ii) 99.95% SO3 intermediate absorption. The answer to the question 

is shown in Table 9.3. 

Equilibrium Equilibrium 
Catalyst bed %S02 SO2 conversion 

conversion temperature (K) 

Third pass 99.85 727.2 

Fourth pass 99.91 703.2 

Table 9.3 Third and fourth pass equilibrium SO2 conversions and temperatures. The 
equilibrium intercept is determined using Equations 9.7 through 9.10. 

The heat-up paths and the equilibrium curve for the third and fourth passes are shown in 

Figure 9.5. 
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Figure 9.5 Third and fourth pass heat-up paths and equilibrium intercepts. The third pass 
equilibrium intercept occurs at 727.2 K and 99.85% SO2 conversion. The 
fourth pass equilibrium intercept occurs at 703.2 K and 99.91% SO2 
conversion. 

Figure 9.6 shows the top of Figjure 9.5 (enlarged). 
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Figure 9.6 Enlarged Figure 9.5 showing third and fourth pass adiabatic heat-up paths and 
equilibrium intercepts. The third pass equilibrium intercept occurs at 727.2 K 
and 99.85% SO2 conversion. The fourth pass equilibrium intercept occurs at 
703.2 K and 99.91% 802 conversion. 

Table 9.4 shows the temperatures, masses and enthalpies of the feed gas through 

the fourth pass outlet gas. The intermediate absorption tower inlet and outlet enthalpies 

are calculated exactly as shown in Section 8.6.2. 
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Stream T SO2 SO3 O2 N2 //. 
(K) (kg) (kg) (kg) (kg) (MJ) 

Feed gas 400.0 285.8 0.0 157.0 987.2 -1185.7 
1®* pass inlet 693.0 285.8 0.0 157.0 987.2 -767.7 

pass outlet 894.7 88.7 246.3 107.8 987.2 -767.7 
2"'' pass inlet 710.0 88.7 246.3 107.8 987.2 -1046.2 
2"*^ pass outlet 781.6 19.3 333.1 90.5 987.2 -1046.2 
lAT* inlet 500.0 19.3 333,1 90.5 987.2 -1454.7 
lAT outlet 350.0 19.3 0.17 90.5 987.2 -32.4 
3"* pass inlet 703.0 19.3 0.17 90.5 987.2 376.1 
3''^ pass outlet 727.2 0.43 23.7 85.8 987.2 376.1 
4"* pass inlet 703.0 0.43 23.7 85.8 987.2 347.1 
4"* pass outlet 703.2 0.25 23.9 85.7 987.2 347.1 

•IAT = Intermediate absorption tower 

Table 9.4 Summary of temperatures, masses and enthalpies for the feed gas, four pass 
inlet and outlet gases and the intermediate absorption tower gases. The feed 
gas entering the first pass contains 10 voI% SO2, 11 vol% O2 and 79 vol% N2. 
AJI masses (kg) and enthalpies (MJ) are per 1000 Nm^ of acid plant feed gas. 

The gas exiting the fourth pass is cooled by heat exchanger(s) and enters the final 

absorption tower for SO3 removal. The next two sections provide mass and enthalpy 

balance calculations for the intermediate and final SO3 absorption towers. 

9 4 INTERMEDIATE SO^ ABSORPTION 

The third question of this chapter is; 

What mass of acid (H2SO4 + H^O) (per 1000 Nm  ̂ of acid plant feed gas) must be 

supplied to the intermediate SO3 absorption tower to absorb the Table 9.2 second pass 

outlet gas? The inlet acid concentration is 98.5 mass% H2SO4 -1.5 mass% H2O and the 

outlet acid concentration must be 99.1 mass% H2SO4 -0.9 mass% H2O? 
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The absorption efficiency is assumed to be 99.95% (i.e. 99.95% of the SO3 

contained in the inlet gas is absorbed into the acid). 

This question is answered by entering the second pass outlet gas masses and the 

specified inlet and outlet acid concentrations (%H2S04) into the Table 8.9 matrix. The 

second pass outlet gas masses are (Table 9.2): 

SO2: 19.3 kg 
SO3: 333.1 kg 
O2; 90.5 kg 
N2; 987.2 kg. 

Table 9.5 shows the matrix used to answer the question. 

Solution of the matrix gives: 
kg 

mass SO2 in: 19.3 
mass SO3 in: 333.1 
mass O2 in: 90.5 
mass N2 in; 987.2 
mass H2SO4 in: 12791.0 
mass H2O in: 194.8 

mass inlet acid = 12986 

mass SO2 out: 19.3 
mass SO3 out: 0.17 
mass O2 out: 90.5 
mass N2 out: 987.2 
mass H2SO4 out: 13198.8 
mass H2O out: 119.9 

mass outlet acid = =13319 

(1.5% H2O) 

(0.9% H2O) 



Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass 
Numerical SO2 SO3 O2 N2 H2O H2SO4 SO2 SO3 O2 N2 H2O H2SO4 

Balance Term in in in in in in out out out out out out 
Sulfur 0 -0.50 -0.40 -0.33 0.50 0.40 0.33 
Oxygen 0 -0.50 -0.60 -1 -0.89 -0.65 0.50 0.60 1 0.89 0.65 
Nitrogen 0 -1 1 

Hydrogen 0 -0.11 -0.02 0.11 0.02 
S02in 19.3 1 

SO3 in 333.1 1 
O2 in 90.5 1 
N2 in 987.2 1 
H2SO4 inlet 
composition 0 98.5 -1.5 
H2SO4 outlet 
composition 0 99.1 -0.9 
SO3 out 0 -0.0005 1 
SO2 out 0 -1 1 

Table 9.S Intermediate absorption tower mass balance matrix The equations in this matrix were developed in Section 8.S All 
non-specified terms in the matrix are zero. 

Lfl K) 
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Therefore, the mass of acid (H2SO4 + H2O) that must be supplied to the 

absorption tower to is 12,986 kg per 1000 Nm^ of acid plant feed gas. This is the answer 

to the question. 

Outlet acid temperature control for both the intermediate and final absorption 

towers is important to minimize excessive corrosion of the acid circulation system 

(Section 7.9.1). The mass of acid entering the intermediate absorption tower at its given 

concentration (%H2S04) can be entered into another matrix containing an enthalpy 

balance to determine the outlet acid temperature. The following question is asked: 

What is the temperature of the intermediate absorption tower outlet acid with the 

following specified temperatures? 

This question is answered by entering the second pass outlet gas mass (Table 9.2), 

the inlet acid mass (12,986 kg) and the enthalpy terms into a matrix. The intermediate 

absorption tower outlet acid enthalpy is determined from the matrix. Outlet acid 

temperature is then determined from this enthalpy. Table 9.6 shows the matrix. 

Inlet gas temperature: 
Outlet gas temperature: 
Inlet acid temperature: 

500 k 
250 k 
350 k? 

Assume adiabatic conditions. 



Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass Outlet 
Numerical SO2 SO3 O2 N2 H2O H2SO4 SO2 SO3 O2 N2 H2O H2SO4 acid C C R  

Balance Term in in in in in in out out out out out out enthalpy Loss 

Sulfur 0 -0.50 -0.40 -0.33 0.50 0.40 0.33 
Oxygen 0 -0.50 -0.60 -1 -0.89 -0.65 0.50 0.60 1 0.89 065 
Nitrogen 0 -1 1 
Hydrogen 0 -0.11 -0.02 0.11 0.02 
SO2 in 19.3 1 
SO3 in 333,1 1 
N2 in 987.2 1 
O2 in 90.5 1 
H2SO4 in 12791.0 1 
H2O in 194.8 1 
SO2 out 0 -1 1 
SO3 out 0 -0.0005 1 
C C R *  0 1 
Enthalpy 0 4.49 4.79 -0.19 -0.21 15.65 8.25 -4.60 -4.91 0.047 0.054 1 1 

*C.C.R. = Conductive, convective and radiative heat losses 

Table 9.6 Intermediate absorption tower mass and enthalpy matrix used to determine the outlet acid enthalpy. The equations 
for this matrix were developed in Section 8.5 All non-specified terms in the matrix are zero. 

ts) 
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The results of the matrix calculation are; 

mass SO2 
mass SO3 
mass O2 
mass N2 
mass H2SO4 
mass H2O 

kg 

n: 19.3 
n; 333.1 
n: 90.5 
n: 987.2 
n: 12791.0 
n; 194.8 (1.5% H2O) 

mass SO2 out: 19.3 
mass SO3 out: 0.17 
mass O2 out: 90.5 
mass N2 out: 987.2 
mass H2SO4 out: 13198.8 
mass H2O out: 119.9 

MJ 

outlet acid enthalpy: -109947.2 
conductive, convective and radiative heat losses: 0.0 

The temperature of the intermediate absorption tower outlet acid is determined 

from the outlet acid enthalpy in the exact same manner shown in Section 8.5.15. The 

answer to the question is: 

outlet acid enthalpy = -109947.2 = 119.9 kg (H20) (-17.115 + 0.0042 x Toutlet acid) 

+ 13198.8 kg(H2S04) {(-8.819 + 0.0017 x Tgutletacid 

+ -0.0186 X (0.9% H2O in outlet acid)} 
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solving for Toutlet acid-

^outlet acid - 377 K. 

The intermediate absorption tower outlet acid temperature is 377 K, which is the answer 

to the question. 

The fourth and fifth questions of this chapter are: 

What mass of acid (H2SO4 ^ H2O) (per 1000 Nm^ of acid plant feed gas) must be 

supplied to the final SO 3 absorption tower to absorb the Table 9.4 fourth pass outlet gas? 

The inlet acid concentration is 98.5 mass% H2SO4 -1.5 mass% H2O and the outlet acid 

concentration must be 98.6 mass% H2SO4 -1-4 mass% H2O? 

What is final absorption tower outlet acid temperature given: 

9.5 FINAL SO. ABSORPTION 

Inlet gas temperature: 
Outlet gas temperature: 
Inlet acid temperature: 

500 K 
350 K 
350 K? 

Assume adiabatic conditions. 

The absorption efficiency is assumed to be 99.95% (i.e. 99.95% of the SO3 

contained in the inlet gas is absorbed into the acid). 



257 

Both questions are answered in the exact same manner as they were for the 

intermediate absorption tower (Section 9.4). 

Notice that the outlet acid concentration specification has been changed fi-om 

99.1% to 98.6% H2SO4. The outlet acid concentration must be adjusted to ensure the 

outlet acid temperature is cool enough to minimize corrosion of the acid circulation 

system. If the outlet acid concentration were specified to be 99.1% H2SO4, the required 

acid mass would be small (-930 kg/1000 Nm^ of acid plant feed gas) and the outlet acid 

temperature would be too warm (-470 K). 

Table 9.4 provides the fourth pass outlet gas masses. These are entered into the 

Table 9.5 matrix to determine the masses of acid entering and exiting the fmal absorption 

tower. The "H2SO4 outlet composition" must be modified to reflect the 98.6% H2SO4 

fmal absorption outlet acid concentration. In place of 99.1% H2SO4 intermediate 

absorption outlet acid in Table 9.5, the equation for the 98.6% H2SO4 composition 

becomes; 

0 = -1.4 mass H2SO4 out + 98.6 mass H2O out (9.11). 

The masses of gas and acid entering and exiting the final absorption tower are; 



258 

kg 

mass SO2 in; 0.25 
mass SO3 in: 23.9 
mass O2 in: 85.7 
mass N2 in: 987.2 
mass H2SO4 in: 5632.2 
mass H2O in: 85.8 

mass inlet acid = 5718 

(1.5% H2O) 

mass SO2 out: 0.25 
mass SO3 out: 0.01 
mass O2 out: 85.7 
mass N2 out: 987.2 
mass H2SO4 out: 5661.5 
mass H2O out: 80.4 

mass outlet acid = 5742. 

The mass of acid (H2SO4 + H2O) that must be supplied to the final absorption 

tower is 5,718 kg per 1000 Nm^ of acid plant feed gas. This is the answer to the fourth 

question. 

The masses of acid and gas are entered into the Table 9.6 matrix to determine the 

outlet acid temperature. The outlet acid enthalpy and temperature are -47,733 MJ per 

1000 Nm^ of acid plant feed gas and 370 K, respectively. This is the answer to the fifth 

question. 
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9 6 DOUBLE ABSORPTION HEAT EXCHANGERS 

The modeled double absorption acid plant has seven gas-to-gas heat exchangers. 

They are the Cold HX (A & B), 1-2 HX, 2-3 HX (A & B), 3-4 HX and Tail Gas Re-

heater (TGR) HX. The flow sheet of the modeled plant is shown in Figure 9.7. Each 

heat exchanger performs a specific duty as follows; 

(a) Cold HX ( A  & B): heat a portion of the acid plant feed gas and cool a 

portion of the fourth pass exit gas before it enters the flnal absorption 

tower; 

(b) 1-2 HX: heats the Cold HX (A & B) outlet gas and the 3-4 HX outlet gas 

to the first pass inlet temperature and cools the first pass outlet gas to the 

second pass inlet temperature; 

(c) 2-3 HX CA & B): cool the second pass outlet gas to the intermediate 

absorption tower inlet temperature and heat the intermediate absorption 

tower outlet gas to the third pass inlet temperature; 

(d) 3-4 HX. cools the third pass outlet gas to the fourth pass inlet temperature 

and heats a portion of the feed gas; 

(e) Tail Gas Re-heater HX: cools a portion of the fourth pass outlet gas 

entering the final absorption tower and heats the final absorption tower 

outlet gas to the tail gas temperature. 
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Figure 9.7 Flow sheet of the modeled double absorption acid plant. Heat exchanger bypasses have been omitted for clarity. 
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The modeled double absorption acid plant has two Cold heat exchangers 

(Cold HX A, Cold HX B) and two 2-3 heat exchangers (2-3 HX A, 2-3 HX B), 

Figure 9.7. The flow sheet is simplified by combining (i) the two Cold heat exchangers 

into one Cold HX. and (ii) the two 2-3 heat exchangers into one 2-3 HX. Figure 9.8 

shows the simplified double absorption acid plant flow sheet with one heat exchanger for 

the Cold HX and one heat exchanger for the 2-3 HX. 

The following question is asked: 

What amount of enthalpy must be tran^erred in each of Figure 9.8 's heat exchangers 

when the feed gas is 400 K and the following gas temperatures must be obtained for 

efficient operation of the acid plant? 

I" pass inlet 
2 pass inlet 

693 K 
710 K 
350 K 
703 K 
703 K 
350 K 
500 K 

Intermediate absorption outlet 
3 '̂' pass inlet 
4"'pass inlet 
Final absorption outlet 
Tail gas 

The feed gas composition is 10 vol% SO2, II vol% O2 and 79 vol% N2. Assume 

(a) equilibrium SO2 conversion and adiabatic conditions and (b) 99.95% SO3 absorption 

in the intermediate and final absorption towers. 



Cold HX bypass 1-2 HX bypass 

Feed gas 

Cold HX 1-2 HX 
2 pass 

1®' pass 

Final 
Absorption 

Tower 

Tail 
Gas 

Re-heater 
HX 

Tall gas to atmosphere 

Intennediate 
Absorption 

Tower 
2-3 HX Intennediate absorption 

tower bypass 

2-3 HX bypass 
3' pass 

3-4 HX bypass 

3-4 HX 

4'" pass 

1 

Figure 9.8 Simplified double absorption acid plant flow sheet. Bypasses are shown as dashed lines. 
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The question is answered in the exact same manner as in Section 8.7, Table 9.7 

shows the temperatures, masses and enthalpies of the gas streams in the double 

absorption plant. 

T SO2 SO3 O2 Nz 
Stream (K) (kg) (kg) (kg) (kg) (MJ) 

Feed gas 400.0 285.8 0.0 157.0 987,2 -1185.7 
l'^ pass inlet 693.0 285.8 0.0 157.0 987.2 -767.7 
I'* pass outlet 894.7 88.7 246.3 107.8 987.2 -767.7 

pass inlet 710.0 88.7 246.3 107.8 987.2 -1046.2 
2"'' pass outlet 781.6 19.3 333.1 90.5 987.2 -1046.2 
lAT* outlet 350.0 19.3 0.17 90.5 987.2 -32.4 
3i"^ pass inlet 703.0 19.3 0.17 90.5 987.2 376.1 
3"* pass outlet 727.2 0.43 23.7 85.8 987.2 376.1 
4"* pass inlet 703.0 0,43 23.7 85.8 987.2 347.1 
4"* pass outlet 703.2 0.25 23.9 85.7 987.2 347.1 
FAT** outlet 350,0 0,25 0.01 85.7 987.2 55.6 
Tail gas 500.0 0.25 0.01 85,7 987.2 223.1 

•IAT = Intemiediate absorption tower 
••FAT = Final absorption tower 

Table 9.7 Summary of the temperatures, masses and enthalpies in the double absorption 
plant. The feed gas, first through fourth pass inlet and intermediate and final 
outlet gas temperatures are specified. Catalyst bed outlet temperatures and 
conversions are calculated fi'om their input temperatures and composition, 
assuming equilibrium is attained. Intermediate and final absorption gas inlet 
temperatures (not shown here) are calculated in Sections 9.6.6 and 9.6.9. All 
masses and enthalpies are per 1000 Nm^ of acid plant feed gas. 

Recall fi-om Section 8.7.4 that for a gas being heated, the enthalpy transfer in a 

heat exchanger is given by the equation; 

IAHhxI = 
gas being heated gas being heated 

(8.52); 
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where: |A//HXI is the magnitude of the heat being transferred from the gas being cooled 

to the gas being heated in MJ/1000 Nm^ of feed gas. The equation for a gas being cooled 

is: 

|A//HXI = - ^outofHX ^g53y 
gas being cooled gas being cooled 

Both of these equations will now be applied to determine the enthalpy transfer 

requirements for the double absorption heat exchangers. 

9.6.1 1-2 HX heat transfer duty calculation 

The 1-2 HX cools the first pass outlet gas to the second pass inlet temperature, so 

Equation 8.53 applies. The heat transfer duty of the 1-2 HX is calculated from 

^Ist pass outlet •^Znd pass inlet equation: 

lA/f 1-2 HXl ~ ^ 1st pass outlet " ̂ 2nd pass inlet (8-54). 

From Table 9.7: 

^Ist pass outlet 
(into 1-2 HX) 

^2nd pass inlet 
(out of 1-2 HX) 

so that: 

|A/^1-2 HXl = -767.7- (-1046.2) = 278.5 MJ/1000 Nm^ of acid plant feed eas. 

= -767.7 MJ/lOOONm^ 

=-1046.2 MJ/lOOONm^ 
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9.6.2 3-4 HX heat transfer duty calculation 

The 3-4 HX cools the third pass outlet gas to the fourth pass inlet temperature, so 

Equation 8.53 applies. The 3-4 HX heat transfer duty is calculated from pass outlet 

and ^4th pass inlet equation: 

1^^3-4 HXl ~ ^3rd pass outlet " ^4th pass inlet (^- ^2). 

From Table 9.7: 

^3rd pass outlet ~ 376.1 MJ/lOOONm 
(into 3-4 HX) 

^4th pass inlet = 347.1 MJ/lOOONm^ 
(out of 3-4 HX) 

so that: 

IA//3.4 Hxl = 376.1 - (347.1) = 29.0 MJ/IQOO Nm^ of acid plant feed eas. 

9.6.3 Cold HX heat transfer duty calculation 

The acid plant feed gas is heated to its first pass inlet temperature in the Cold HX, 

3-4 HX and the 1-2 HX, so that Equation 8.52 applies. Recall from Section 8.7.4 that for 

multiple heat exchangers Equation 8.52 is modified to: 

A// HX: ~ ^ 1st pass inlet" ^acid plant feed gas (8.56). 
j=i 
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The equation for the enthalpy transfer in the Cold HX is written: 

I'^^Cold HXl 1^^3-4 HXl1^^ 1-2 HXl ~ ^Ist pass inlet" ^acid plant feed gas 

(9.13). 

or: 

|A//CoId HXl = •^Ist pass inlet" -^acid plant feed gas " 1^/^3-4 HXl " 1-2 HXl 

(9.14). 

The values for the terms (per 1000 Nm^ of acid plant feed gas) are: 

^Ist pass inlet = -767.7 MJ (Table 9.7) 

'^acid plant feed gas ~ -1185.7 MJ (Table 9.7) 

IAH3.4 Hxl ~ 29.0 MJ (Section 9.6.2) 

l^l-2HXl = 278.5 MJ (Section9.6.1); 

so that; 

lA//Cold HXl = -767.7 - (-1185.7) - 29.0 - 278.5 

= 110.5 MJ/1000 Nm^ of acid plant feed gas. 

9.6.4 2-3 HX heat transfer duty calculation 

The 2-3 HX heats the intennediate absorption tower outlet gas to the third pass 

inlet temperature, so Equation 8.52 applies. The 2-3 HX heat transfer duty is calculated 

from -^^LAT outlet •^3rd pass inlet equation. 
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1^^2-3 HXl ~ ^3rd pass inlet " ^lAT outlet 15). 

From Table 9.7: 

^lAT outlet = -32.4 MJ/1 OOONm^ 
(into 2-3 HX) 

^3r<i pass inlet ~ 376.1 MJ/lOOONm ; 
(out of 2-3 HX) 

SO that; 

|A^2-3 HxI ~ 376.1 - (-32.4) = 408.5 MJ/1000 Nm^ of acid plant feed gas. 

9.6.5 Intermediate absorption tower inlet gas enthalpy and temperature 

The intermediate absorption tower inlet gas temperature was specified in Section 

9.4 as being 500 K. It will now be calculated (rather than specified) based on the 

enthalpy exiting the second pass (/^2nd pass outlet) and the previously calculated enthalpy 

transfer in the 2-3 HX (A/f2-3 HX)- The equation is, from Equation 8.53: 

^lAT inlet ~ ^2nd pass outlet " 1^^2-3 HXl (9 16); 
(out of 2-3 HX) 

where: 

^2nd pass outlet ~ -1046.2 MJ/1000 Nm^ of acid plant feed gas 

(Table 9.7); 
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|A^2-3 HXI ~ 408.5 MJ/1000 Nm^ of acid plant feed gas 

(Section 9.6.4); 

so that; 

^lAT inlet ~ -1046.2 - 408.5 = -1454.7 MJ/lOOONm^ of acid plant feed gas. 
(out of 2-3 HX) 

The temperature that corresponds to this enthalpy and the second pass outlet gas 

composition is 502.1 K (Appendix E). 

9.6.6 Tail Gas Re-heater HX required heat transfer duty 

The Tail Gas Re-heater HX heats the final absorption tower outlet gas to the 

specified tail gas temperature and cools a portion of the fourth pass exit gas before it 

enters the final absorption tower. The amount of enthalpy transferred in the Tail Gas Re-

heater HX controls the tail gas temperature. The equation for the required enthalpy 

transfer in the Tail Gas Re-heater HX is, from Equation 8.52; 

|A//TGR HXi = -^Taii gas " •^FAT outlet 

From Table 9.7; 

(9.17). 
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^Tail gas = 223.1 MJ/lOOONm^ 
(outofTGRHX) 

A^FAT outlet = 55.6 MJ/lOOONm^ 
(into TGR HX) 

so that; 

I^^TGR HXl ~ 223.1 - 55.6 = 167.5 MJ/1000 Nm^ of acid plant feed gas. 

9.6.7 Final absorption tower inlet gas enthalpy and temperature 

The final absorption tower inlet gas enthalpy is calculated from the enthalpy 

exiting the fourth pass (//4th pass outlet) previously calculated enthalpy transfer in 

the Cold HX (|A//coId HXl) Tail Gas Re-heater HX (|A^tGR HxD- The equation for 

the final absorption tower inlet gas enthalpy is, from Equation 8.56; 

^FAT inlet = ^4th pass outlet - IA/^Coid hxl " |A//tGR hxl (9 18); 
(out of Cold hx and TGR hx) 

where: 

^4th pass outlet = 347.1 MJ/1000 Nm^ acid plant feed gas (Table 9.7); 

I^Cold HXl = 110-5 MJ/1000 Nm^ acid plant feed gas (Section 9.6.3); 

I^^TGR HXI ~ 167.5 MJ/1000 Nm^ acid plant feed gas (Section 9.6,6). 

Therefore: 
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//pAT inlet ~ 347.1 - 110.5 - 167.5 = 69.1 MJ/1000 Nm^ of acid plant feed gas: 

The temperature that corresponds to this enthalpy at the final absorption tower inlet gas 

composition is 465.7 K (Appendix E). 

9.6.8 Heat exchanger enthalpy transfer summary 

The required enthalpy transfers for the double absorption acid plant heat 

exchangers are summarized in Table 9.8. They provide the answer to the question posed 

at the beginning of Section 9.6. 

Heat Exchanger 
|A//requiredl 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 110.5 (Equation 9.14) 
1-2 HX 278.5 (Equation 8.54) 
2-3 HX 408.5 (Equation 9.15) 
3-4 HX 29.0 (Equation 9.12) 

Tail Gas Re-heater HX 167.5 (Equation 9.17) 

Table 9.8 Required enthalpy transfer for the double absorption acid plant heat 
exchangers. The feed gas enters at 400 K and contains: 10 vol% SO2, 11 vol% 
O2 and 79 vol% N2. The inlet temperatures for the first through fourth catalyst 
beds are 693 K, 710 K, 703 K and 703 K, respectively. The intermediate and 
final absorption tower outlet gas temperatures are both 350 K. The tail gas 
temperature is 500 K. The SO3 absorption efficiency is 99.95%. 

The enthalpies of ten Figure 9.8 gas streams have yet to be determined. They are: 



271 

Feed gas to 3-4 HX; 
Feed gas to Cold HX; 
Cold HX outlet to 1-2 HX; 
3-4 HX inlet; 
3-4 HX outlet to 1-2 HX; 
1-2 HX inlet; 
4''' pass outlet to Tail Gas Re-heater HX; 
4'^' pass outlet to Cold HX; 
Tail Gas Re-heater HX outlet to final absorption tower inlet; 
Cold HX outlet to final absorption tower inlet. 

9.6.9 Gas stream enthalpy equations 

The unknown gas stream enthalpy equations are determined in the exact same 

manner as they were for the single absorption plant (Section 8.6). The equations for the 

double absorption plant heat exchangers and gas stream enthalpies are shown below 

where; lAT = Intermediate Absorption Tower, FAT = Final Absorption Tower and 

TGR = Tail Gas Re-heater. 

1^^ 1 -2 HXl ^I St pass outlet" ̂ 2nd pass inlet (8.54), 

HXl ~ ^3rd pass outlet" ^4th pass inlet (9.12); 

lA^Cold HXl = 1st pass inlet - -^^Feed gas " HXl " 1-2 HXl (9.14); 

1^^2-3 HXl ~ ^3rd pass inlet " ̂ lAT outlet (9.15); 

I^TGR HXL = ''^Tail gas " -^FAT outlet (9.17); 

^lAT inlet ~ •^2nd pass outlet " 1^^2-3 HXl (9.16); 

^FAT inlet = pass outlet" I^Cold HXL - |A//TGR HXI (9.18); 

_ % Cold HX bypass 
"Feed gas to 3-4 HX ""Feed gas (9.19); 
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^3-4 HX bypass ~ 
% 3 - 4 HX bypass 

ioo 
^Feed gas to 3-4 HX 

^3-4 HX inlet ~ ^Feed gas to 3-4 HX " -^3-4 HX bypass 

^3-4 HX outlet = ^^3-4 HX inlet + 1^/^3-4 HXL 

^Cold HX outlet = ^Feed gas " •'^Feed gas to 3-4 HX + L-^Cold HXL 

^1-2 HX inlet = ^Cold HX ouUet + ^3-4 HX bypass + •^^3-4 HX ouUet 

(9.20); 

(9.21); 

(9.22); 

(9.23); 

(9.24); 

^4th pass outlet to Cold HX ~ 
% of 4th pass outlet to Cold HX^ 

100 
^4th pass outlet (9-25); 

^4th pass outlet to TGR HX ~ 
% of 4th pass outlet to TGR HX 

ioo 
j •//4th pass outlet (9-26); 

^Cold HX to FAT = •^4th pass to Cold HX " |A//CoId HXL (9 27); 

^TGR HX to FAT = •^^4th pass to TGR HX - |A//TGR HXI (9 28); 

^FAT inlet = -^TGR HX to FAT inlet + •^Cold HX to FAT inlet (9 29); 

^Tail gas = •^^FAT outlet to TGR HX + |A//tGR HXI (9.30). 
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9.7 DOUBLE ABSORPTION HEAT EXCHANGER BYPASSING 

The single absorption acid plant mathematical description demonstrated the 

effects that fluctuations in feed gas temperature, composition and flow rate have on acid 

plant temperatures, SO2 conversion efficiencies, gas stream compositions and heat 

exchanger enthalpy transfer requirements. This section provides a similar analysis for the 

double absorption acid plant. 

The objectives of the section are to: 

1) determine the effects that fluctuations in feed gas temperature, 

composition and flow rate have on the double absorption acid plant; 

2) determine the maximum enthalpy transfer requirements for all heat 

exchangers; 

3) show how the Cold HX and 3-4 HX bypasses work together to control 

acid plant temperatures; 

4) determine the enthalpy transfer requirements for each heat exchanger for 

any specified feed gas composition, flow rate and temperature. 

Objective three is interesting because it was not part of the single absorption 

analysis. 
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9.7.1 Heat exchanger conductive, convective and radiative heat loss specification 

The conductive, convective and radiative heat losses from the heat exchanger 

shells and the catalyst beds are still assumed to be zero. A heat exchanger's and catalyst 

bed's outlet enthalpy is, therefore, equal to its inlet enthalpy. An analysis of actual 

conductive, convective and radiative heat losses is presented in Section 10.2. 

9.7.2 Effect of feed gas temperature fluctuation on double absorption temperatures 

The following question is asked; 

The temperature of a double absorption, constant composition, feed gas increases from 

400 K to 410 K. What effect does this have on catalyst bed and absorption inlet gas 

temperatures assuming constant heat exchanger enthalpy transfers (Table 9.8) and the 

following: 

Feed gas composition: 

10 vol% SO2 
11 vol% O2 
79 volVo N2 

Intermediate and final absorption gas 
outlet temperatures: 350 K 
Intermediate and final absorption tower 
SO3 removal efficiency: 99.95% 
Assume equilibrium conversions. 

The equations used to calculate catalyst bed inlet enthalpies are; 
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Hi St pass inlet ~ ^acid plant feed gas + |A//Coid HXl + IA//3.4 HXl + |A//1-2 HXl 

(9.31); 

^2nd pass inlet ~ ^Ist pass outlet" 1^^ 1-2 HXl (9 32); 

^3rd pass inlet ~ ^Intermediate absorption outlet 1^^2-3 HXl (9 33); 

^4th pass inlet ~ ^3rd pass outlet" 1^^3-4 HXl (9 34). 

Equations 9.31 through 9.34 are used to determine the catalyst bed inlet 

temperatures for the 410 K feed gas. The equations shown in Section 9.6.9 are used to 

determine the gas stream enthalpies. The question is answered by determining the 

following in the order shown; 

^ H a c i d  p l a n t  f e e d  g a s  ( A p p e n d i x  D )  

2) ^Ist pass inlet (Equation 9.31) 

1st pass inlet from pass inlet feed gas composition 

'^) T 1st pass equilibrium outlet the equilibrium calculation in Appendix B 

^2nd pass inlet (Equation 9.32) 

6) T2nd pass inlet from Hind pass inlet and the first pass outlet gas composition 

7) T2nd pass equilibrium outlet froi" the equilibrium calculation in Appendix B 

S) ^Intermediate absorption tower inlet (Equation 9.16) 

9) ^Intermediate absorption tower inlet from //intermediate absorption tower inlet 

and the second pass outlet gas composition 
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10) ^Intermediate absorption outlet from its composition and specified 

temperature 

11) ^3rd pass inlet (Equation 9.33) 

12) T3rci pass inlet from H-ir^ pass inlet ^^d intermediate absorption outlet gas 

composition 

13) T3rd pass equilibrium oudet from the equilibrium calculation in Appendix B 

14) ^4th pass inlet (Equation 9.34) 

15) T4th pass inlet from //4th pass inlet the third pass outlet gas composition 

16) T4th pass equilibrium oudet from the equilibrium calculation in Appendix B 

17) ./i/Final absorption tower inlet (Equation 9.18) 

18) Tpiuaj absorption tower inlet from //pinal absorption tower inlet fourth 

pass outlet gas composition; 

19) ^Final absorption tower oudet from its composition and specified 

temperature 

20) //xaii gas (Equation 9.30) 

21) Tfail gas fro"! ^Tail gas the final absorption tower outlet gas 

composition. 

The answer to the question is shown in Table 9.9. 
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Stream Units Feed gas at 410 K Feed gas at 400 K Difference 

Feed gas K 410.0 400.0 +10.0 
1" pass inlet K 702.4 693.0 +9.4 
1" pass outlet K 899.6 894.7 +4.9 
2"** pass inlet K 715.0 710.0 +5.0 
2^ pass outlet K 788.4 781.6 +6.8 
lAT* inlet K 509.3 502.1 +7.2 
lAT outlet K 350.0 350.0 0.0 
lAT outlet acid K 377.1 376.8 +0.3 
3"* pass inlet K 702.3 703.0 -0.7 
3"^ pass outlet K 729.4 727.2 +2.2 
4"* pass inlet K 705.3 703.0 +2.3 
4"' pass outlet K 705.6 703.2 +2.4 
FAT** inlet K 468.7 465.7 +3.0 
FAT outlet K 350.0 350.0 0.0 
FAT outlet acid K 366.7 365.9 +0.8 
Tail gas K 500.0 500.0 0.0 
1 A//Cold HX| MJ 110.5 110.5 0.0 

\ ah l -2  HX| MJ 278.5 278.5 0.0 

lA^r2-3 HX] MJ 408.5 408.5 0.0 

IA//3-4HXI MJ 29.0 29.0 0.0 

lA^TGRHXI MJ 167.5 167.5 0.0 
Tail gas SO2 ppm 121.5 102.0 +19.5 

•lAT = Intermediate absorption tower 
•*FAT = Final absorption tower 

Table 9.9 Summary of acid plant temperatures and heat exchanger enthalpy transfers for 
feed gas at 400 K and at 410 K. The feed gas composition is constant at 10 
vol% SO2, 11 vol% O2 and 79 vol% Nj. All enthalpy values are per 1000 Nm^ 
of acid plant feed gas. The intermediate and final absorption tower outlet acid 
temperatures are calculated in the exact same manner as they were in Sections 
9.4 and 9.5. 

The results of the calculations show that when the feed gas temperature increases 

from 400 K to 410 K the inlet temperatures of the first, second and fourth catalyst beds 

all increase. The intermediate and final absorption tower inlet gas temperatures also 

increase. The equilibrium tail gas SO2 concentration increases by 20 ppm. 
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Unexpectedly, the third pass inlet temperature is cooler with 410 K feed gas than 

with 400 K feed gas. This is because: 

(a) the first and second pass inlet temperatures are higher with 410 K 

feed gas; 

(b) consequently, SOi-^SOs conversion is less complete with 410 K 

feed gas; 

(c) the mass of intermediate absorption tower outlet gas is greater with 410 K 

feed gas because it contains more unconverted SO2 and O2; 

(d) this larger mass of gas is heated with the same |A/f2-3 HXl in the 410 K 

and 400 K cases, so its temperature increases slightly less (from the same 

350 K starting point). 

9.7.3 Decreasing the tail gas SO2 concentration by bringing the double absorption acid 
plant temperatures back to their specified values 

The following question is asked; 

What is the enthalpy tranter requirement for each heat exchanger that will reduce the 

tail gas SO2 concentration back to 102 ppm (Table 9.9) when the feed gas enters the 

double absorption plant at 410 K? 
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The question is answered by determining the enthalpy transfer requirements of the 

heat exchangers for a 410 K feed gas with the page 261 specified catalyst bed inlet and 

absorption tower outlet temperatures. Equations 8.54, 9.12, 9.14, 9.15 and 9.17 are used 

to determine the heat exchanger enthalpy transfer requirements. Table 9.10 compares the 

heat exchanger enthalpy transfer requirements for a 400 K and a 410 K feed gas under 

these conditions. 

Heat Exchanger 

Feed gas at 
400 K 

MJ/1000 Nm^ of acid 
plant feed gas 

Feed gas at 
410 K 

MJ/1000 Nm^ of acid 
plant feed gas 

Difference 

I^Cold HXl 110.5 96.6 -13.9 

i^l-2 HXl 278.5 278.5 0 

1-^2-3 HXl 408.5 408.5 0 

1^3-4 HXl 29.0 29.0 0 

I^TGR HXl 167.5 167,5 0 

Table 9.10 Heat exchanger enthalpy transfer requirements for a 400 K and a 410 K acid 
plant feed gas. The feed gas contains 10 vol% SO2, 11 vol% O2 and 79 vol% 
N2. The Cold HX enthalpy transfer requirement decreases by 13.9 MJ. The 
extra enthalpy in the 410 K feed gas is taken out in the final absorption tower 
outlet acid, which gets hotter. 

Table 9.10 shows that decreasing the enthalpy transfer in the Cold HX by 

13 .9 MJ/1000 Nm^ of acid plant feed gas will bring the acid plant temperatures back to 

their specified values. This is accomplished by increasing the amount of Cold HX bypass 

until the required reduced enthalpy transfer is obtained. All the other heat exchanger 

enthalpy transfer requirements remain unchanged. 
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Increasing the amount of Cold HX bypass increases the volume of feed gas that is 

sent towards the 3-4 HX (Figure 9.8). But, the 3-4 HX enthalpy transfer requirement is 

identical for both the 400 K and 410 K feed gases. Therefore, the 3-4 HX bypass must be 

opened to maintain the same flow through, and thus the same enthalpy transfer in, the 

3-4 HX. 

This section has shown how the Cold HX and 3-4 HX bypasses are used to 

control acid plant temperatures in the face of fluctuating acid plant feed gas temperatures. 

The next sections determine enthalpy transfer requirements for the heat exchangers with 

fluctuating feed gas SO2 concentrations. 

Smelting and converting supply the double absorption acid plant with fluctuating 

feed gas compositions. The heat exchanger enthalpy transfer requirements are calculated 

in the following sections for feed gases containing 5 vol%, 10 vol% and 12 \q\% SO2 at 

400 K and with an O2:SO2 ratio of 1.1:1. 

9.7.4 Heat exchanger enthalpy transfer requirements for a 5 vol% SO2 feed gas 

The following question is asked; 

How much enthalpy must be transferred in each of the Figure 9.8 heat exchangers for a 

400 K feed gas with the following composition: 

5.0VOI%S02 
5.5 vol% O2 
89.5voI%N2; 

and the following temperatures: 
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l" pass inlet: 
2 pass inlet: 
3'''̂  pass inlet: 
4''̂  pass inlet: 

693 K 
710 K 
703 K 
703 K 
350 K 
350 K 
500 K 

Intermediate absorption gas outlet: 
Final absorption gas outlet: 
Tail gas: 

Assume equilibrium conversion in the catalyst beds. 

The question is answered by: 

1) determining the equilibrium intercept composition and temperature for 

each catalyst bed, starting with its specified inlet temperature and 

specified or calculated input gas composition; 

2) determining the enthalpy of the gas streams from their specified or 

calculated temperatures and specified or calculated gas compositions; 

3) calculating the required enthalpy transfer for each heat exchanger from the 

differences in these gas stream enthalpies. 

The results of the calculations are summarized in Table 9.11. 
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T SO2 SO3 O2 N2 
Stream (K) (kg) (kg) (kg) (kg) (MJ) 

Feed gas 400.0 142.9 0.0 78.5 1118.4 -527,1 
1^ pass inlet 693.0 142.9 0.0 78.5 1118.4 -122.0 
1" pass outlet 819.9 24.0 148.6 48.8 1118.4 -122.0 
2"'' pass inlet 710.0 24.0 148.6 48.8 1118.4 -280.9 
2"'' pass outlet 730.4 5.0 172.3 44.1 1118.4 -280.9 
I AT* inlet 416.0 5.0 172.3 44.1 1118.4 -718.8 
lAT outlet 350.0 5.0 0.1 44.1 1118.4 38.5 
3^'' pass inlet 703.0 5.0 0.1 44.1 1118.4 476.5 
3^'' pass outlet 708.9 O i l  6.2 42.9 1118.4 476.5 
4'*' pass inlet 703.0 0.11 6.2 42.9 1118.4 469.0 
4"* pass outlet 703.0 0.09 6.2 42.9 1118.4 469.0 
FAT** inlet 364.6 0.09 6.2 42.9 1118.4 48.4 
FAT outlet 350.0 0.09 0.0 42.9 1118.4 61.4 
Tail gas 500.0 0.09 0.0 42.9 1118.4 243.2 

•I AT = Intermediate absoiption tower 
••FAT = Final absorption tower 

Table 9.11 Masses and enthalpies of gas streams in the Figure 9.8 acid plant with a feed 
gas composition of 5 vol% SO2, 5.5 vol% O2 and 89.5 vol% N2. The masses 
and Hx are in kg and MJ per 1000 Nm^ of acid plant feed gas. 

Equations 8.54, 9.12, 9.14, 9.15 and 9.17 are used with Table 9.11 to determine 

heat exchanger enthalpy transfer requirements. Table 9.12 shows the required enthalpy 

transfer of each heat exchanger, which is the answer to the question. 

Heat Exchanger 
lA//requiredl 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 238.7 
1-2 HX 158.9 
2-3 HX 438.0 
3-4 HX 7.5 

Tail Gas Re-heater HX 181.8 

Table 9.12 Required enthalpy transfer for the double absorption heat exchangers with a 
400 K feed gas containing; 5 vol% SOa, 5.5 vol% O2 and 89.5 vol% N2. 
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9.7.5 Heat exchanger enthalpy transfer requirements for a 12 vol% SO2 feed gas 

The Section 9.7.4 question is asked again, this time with the following feed gas 

specification; 

12.0 vol% SO2 
13.2 vol% O2 
74.8VOI%N2. 

The question is answered in the same manner as for the 5 voI% SO2 feed gas. Tables 

9.13 and 9.14 show the answers. 

T SO2 SO3 O2 N2 
Stream (K) (kg) (kg) (kg) (kg) ( M I )  

Feed gas 400.0 342.9 0.0 188.4 934.7 -1449.2 
1^ pass inlet 693.0 342.9 0.0 188.4 934.7 -1026.0 
1^ pass outlet 916.0 121.6 276.6 133.2 934.7 -1026.0 
2"'̂  pass inlet 710.0 121.6 276.6 133,2 934.7 -1341.5 
2"'̂  pass outlet 802.7 30.3 390.7 110.4 934.7 -1341.5 
I AT* inlet 535.1 30.3 390.7 110.4 934.7 -1740.2 
lAT outlet 350.0 30.3 0.2 110.4 934.7 -85.2 

pass inlet 703.0 30.3 0.2 110.4 934.7 313.4 
3^'' pass outlet 741.7 0.8 37.0 103.0 934.7 313.4 
4''' pass inlet 703.0 0.8 37.0 103.0 934.7 268.0 
4*'^ pass outlet 703.6 0.4 37.6 102.9 934.7 268.0 
FAT»* inlet 508.4 0.4 37.6 102.9 934.7 44.0 
FAT outlet 350.0 0.4 0.0 102.9 934.7 53.1 
Tail gas 500.0 0.4 0.0 102.9 934.7 214.9 

•lAT = Intennediate absorption tower 
••FAT = Final absorption tower 

Table 9.13 Masses and enthalpies of gas streams in the Figure 9.8 acid plant with a feed 
gas composition of 12 vol% SO2, 13.2 vol% O2 and 74.8 vol% N2. The 
masses and fft are kg and MJ per 1000 Nm^ of acid plant feed gas. 

Table 9.14 shows the required enthalpy transfer of each heat exchanger. 
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Heat Exchanger 
l^^requiredi 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 62.2 
1-2 HX 315.5 
2-3 HX 398.6 
3-4 HX 45.4 

Tail Gas Re-heater HX 161.8 

Table 9.14 Required enthalpy transfer for the double absorption heat exchangers with a 
400 K feed gas containing; 12 vol% SO2, 13.2 vol% O2 and 74.8 vol% N2. 

It will be noticed that the intermediate absorption tower inlet gas temperature in 

Table 9.13, i.e.: 

Intermediate absorption tower inlet gas temperature = 535.1 K 

is hotter than the industrial specification of 520 K in Section 6.4. 

So, if a 12 vol% SO2 gas is expected to be encountered by the acid plant the 

intermediate absorption tower inlet gases must be cooled. This could be accomplished 

by; 

(a) adding an SO3 Cooler HX to cool the intermediate absorption tower inlet 

(b) using low-initiation temperature cesium promoted catalyst in the first pass 

to lower its outlet temperature. 
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9.7.6 Maximum heat exchanger enthalpy transfer requirements 

The enthalpy transfer requirements for the Figure 9.8 heat exchangers have been 

calculated for three different feed gas compositions. They are shown in Table 9.15. 

5% SO2 in 10% SO2 in 12% SO2 in 
feed gas feed gas feed gas 

Heat Exchanger lA^requiredl lA/^requiredi lA/^requiredl 
(MJ*) (mj*)  (MJ*) 

ColdHX 238.7 110.5 62.2 
1-2 HX 158.9 278.5 315.5 
2-3 HX 438.0 408.6 398.6 
3-4 HX 7.5 29.0 45.4 

Tail Gas Re-heater HX 181.8 167.5 161.8 
*per 1000 Nm'' of acid plant feed gas 

Table 9.15 Summary of required heat exchanger enthalpy transfers with varying feed gas 
SO2 concentrations. The 02:S02 ratio in the feed gas is constant at 1.1;1. 
The remainder of the gas is N2. The feed gas temperature is 400 K and the 
specified catalyst bed inlet temperatures are 693 K, 710 K, 703 K and 703 K. 
The intermediate and final absorption tower outlet gas temperatures are both 
350 K and the tail gas temperature is 500 K. 

The following conclusions are drawn from Table 9.15. As feed gas SO2 concentration 

increases; 

1) the enthalpy transfer requirements of the 1-2 HX and the 3-4 HX increase, 

but; 

2) the enthalpy transfer requirements of the Cold HX, 2-3 HX and the Tail 

Gas Re-heater HX decrease. 



The acid plant heat exchangers must be sized to transfer the maximum required 

enthalpy (lA/Zmaximuml) for the range of expected feed gas SO2 concentrations. Table 

9.16 shows the required maximum enthalpy transfers for the heat exchangers. 

Heat Exchangers 
l^^maximuml 

MJ/1000 Nm^ of acid plant feed gas 
ColdHX 238.7 
1-2 HX 315.5 
2-3 HX 438.0 
3-4 HX 45.4 

Tail Gas Re-heater HX 181.8 

Table 9.16 Maximum required enthalpy transfers for the Figure 9.8 heat exchangers. The 
feed gas ranges from 5 vol% SO2 to 12 vol% SO2. The 02:S02 ratio is 
constant at 1.1. The remainder of the feed gas is N2. Each value in this table 
is the maximum value in Table 9.15. Lesser requirements can be met by 
bypassing the heat exchangers as described in Section 8.7. 

9.7.7 Heat exchanger enthalpy transfer requirement summary 

The required enthalpy transfer of the Cold, 1-2, 2-3, 3-4 and Tail Gas Re-heater 

heat exchangers has been calculated at 1 vol% SO2 intervals between 5 vol% and 

12 vol% SO2 in the feed gas. Figure 9.10 shows the results. 
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Figure 9.10 Required enthalpy transfer for each double absorption plant heat exchanger. 
3-4 HX and 1-2 HX requirements are seen to increase with increasing vol% 
SO2 in the feed gas while the Cold HX, TGR HX and the 2-3 HX are seen to 
decrease. Opening bypasses decreases enthalpy transfer - closing bypasses, 
the opposite. An increase in SO2 concentration would, therefore, require 
closing the 1-2 HX and 3-4 HX bypass valves and opening the 2-3 HX, Cold 
HX, and TGR HX bypass valves. A decreasing SO2 concentration would 
require the opposite. 

9.7.8 Heat exchanger enthalpy transfer requirements for fluctuating feed gas flow rates 

The following question is asked; 

What are the heat exchanger enthalpy tranter requirements in MJ/min when the volume 

flaw rate of acid plant feed gas is 3000 Nm^/min? The feed gas temperature and 

composition are: 400 K and 10 vol% SOz 11 vol % O2 and 79 vol % N2. 
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gas specification are (from Table 9.15 in 

Cold HX= 110.5 
1-2 HX =278.5 
2-3 HX =408.6 
3-4 HX = 29.0 
TGRHX= 167.5. 

The enthalpy transfer requirement for each heat exchanger in MJ/min is calculated by 

multiplying |A/^requiredl i'l MJ/1000 Nm^ by the volumetric flow rate in Nm^/min. 

For example, |A^requiredl for the Cold HX is: 

cold HX: ' ^ PerlOOONm' ^ 3^00i!!!!! . ,000 = 331 5^^ 
of acid plant feed gas min min 

The answer to the question is shown in Table 9.17: 

Heat Exchangers 
|A/frequiredi 

MJ/min 
CoIdHX 331.5 
1-2 HX 835.5 
2-3 HX 1225.5 
3-4 HX 87.0 

Tail Gas Re-heater HX 502.5 

Table 9.17 Heat exchanger enthalpy transfer requirements for 3000 Nm^/min of feed gas 
at 400 K with the following composition: 10 voI% SO2, 11 voi% O2, 79 vol% 
N2. 
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9.7.9 Determining lA/Zmaximuml for fluctuating feed gas flow rates, temperatures and 
compositions 

The double absorption acid plant heat exchangers must be sized to transfer the 

maximum amount of enthalpy they will encounter. The following question is asked; 

The metallurgical process is expected to supply the double absorption acid plant with a 

feed gas that varies in temperature and composition as follows: 

What is |A//iiiaximuinl MJ/min for each of the heat exchangers when the specified 

catalyst bed inlet and absorption tower outlet temperatures are: 

Temperature: 390 K 410 K 

' 5.0 volYo SO2\ (12.0 vol% SO.' 

Composition: 5.5vol%02 - 13.2vol%02 

^89.5voI%N2 J \74.8VOI%N2 , 

Flow rate: 3,500 Nm^/min - 3,500 Nm^/min 

I" pass inlet: 
2 pass inlet: 
3"  ̂pass inlet: 
4"^ pass inlet: 

693 K 
710 K 
703 K 
703 K 
350 K 
350 K 
500 K 

Intermediate absorption gas outlet: 
Final absorption gas outlet: 
Tail gas: 

Assume 99.95% SO3 absorption efficiency, equilibrium conversion in the catalyst beds. 
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The question is answered by determining |A^requiredl MJ/min) for each heat 

exchanger at each specified feed gas condition: 

1) 390 K, 5%S02, 5.5% 02,89.5% N2 and 3500 NmVmin 

2) 410 K, 12% SO2. 13.2% O2, 74.8% N2 and 3500 NmVmin 

Table 9.18 shows the results of the calculations. 

390 K 410 K 
3500 NmVmin 3500 NmVmin 

Heat Exchanger 5 vol% SO2 12VO1%S02 

|A//requiredl |Ai7requiredl |A//rnaTtimiiml 
MJ/min MJ/min MJ/min 

ColdHX 882.4 168.7 882.4 
1-2 HX 556.0 1104.3 1104.3 
2-3 HX 1533.0 1395.0 1533.0 
3-4 HX 26.3 158.9 158.9 

Tail Gas Re-heater 636.5 566.1 636.5 

Table'9.18 |A//requiredl MJ/min for each heat exchanger at specified feed gas inlet 

compositions, temperatures and flow rates. |A^maximumi is also shown for 
each heat exchanger. 

Table 9.18 shows that: 

1) lA^maximuml for ^^e 1-2 HX and 3-4 HX occurs at the maximum feed gas 

temperature and SO2 concentration, and; 

2) lAtfrnavimiiml for thc Cold HX, 2-3 HX and Tail Gas Re-heater HX occurs at 

the minimum feed gas temperature and SO2 concentration. 
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9.8 PRODUCT ACID GENERATED AND DILUTION WATER REQUIRED 

The total amount of acid produced by the double absorption acid plant is the sum 

of the acid produced in the intermediate and final absorption towers. Likewise, the 

dilution water requirement is the sum of the water required in the intermediate and final 

absorption systems. 

The calculations for product acid generated and dilution water required are 

identical to those used with single absorption. Equations 8.45 through 8.48 are applied. 

Table 9.19 shows the values calculated for the intermediate and final absorption 

towers. The product acid is specified to be 98% H2SO4. 

Intermediate Final 
Item absorption tower absorption tower Total 

(kg*) (kg*) (kg*) 
Mass H2SO4 in 12791.0 5632.2 18423.2 
Mass H2SO4 out 13198.8 5661.5 18860.3 
Difference 407.8 29.3 437.1 
98% H2SO4 product 416.1 29.9 446.0 
H2O to product (Equation 8.47) 4.6 0.2 4.8 
H2O to recycle (Equation 8.48) 78.6 5.8 84.4 
Total H2O requirement 83.2 6.0 89.2 
*per 1000 Nor' of add plant feed gas 

Table 9.19 Summary of intermediate and final product acid and dilution water masses. 
The product acid is specified to be 98% H2SO4. The total mass of 98% 
H2SO4 produced per 1000 Nm^ of acid plant feed gas is 446.0 kg. The total 
H2O dilution requirement per 1000 Nm^ of acid plant feed gas is 89.2 kg. 
The feed gas contains: 10 vol% SO2, 11 vol% O2 and 79 vol% N2. 
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9.9 DOUBLE ABSORPTION TAIL GAS SO; CONCENTRATION 

The double absorption tail gas SO2 concentration is calculated from the final 

absorption tower outlet gas masses. The calculation is similar to that shown in Section 

8.4.2. The volume of each tail gas component is determined and the following equation 

is applied; 

The tail gas masses are, per 1000 Nm^ of 10 vol% SO2, 11 vol% O2 and 79 vol% N2 acid 

plant feed gas from Section 9.5; 

Tail gas SO2 (ppm) = 
Tail gas SO 2 volume (Nm ̂ ) 1x10® total parts 

Total tail gas volume (Nm ̂ ) million to tal parts 

(8.22); 

502 
503 

O2 
N2 

0.25 kg 
0.01 kg 
85.7 kg 

987.2 kg 

Converting these masses to Nm^ produces; 

502 
503 

O2 
N2 

Total 

8.8x10-^ Nm^ 
2.8x10*^ Nm^ 

60.0 Nm^ 
790.0 Nm' 
850.0 Nm^ 

,3 

8.8x10"^ Nm^ 1x10® total parts 
X 

850.0 Nm million total parts 
= 103.5 ppm. 

The tail gas SO2 concentration for the double absorption acid plant is 103 .5 ppm. 
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9 10 CHAPTER SUMMARY 

This chapter developed the mathematical model for a double absorption acid 

plant. A mathematical description of equilibrium conversion in the catalyst beds was 

provided. The equilibrium equation derived in Chapter 5 was modified to include SO3 

present in the third pass inlet gas after intermediate absorption. Mathematical 

descriptions of the S02->S03 conversion - temperature heat-up paths, intermediate and 

final SO3 absorption and gas-to-gas heat exchange were shown. 
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Chapter 10 

MODEL PREDICTIONS - PLANT DATA COMPARISONS 

This chapter uses data from an operating double absorption metallurgical sulfuric 

acid plant. The acid plant captures offgases generated by an INCO flash furnace and two 

Peirce-Smith converters. 

The objectives of this chapter are to: 

1) compare design conditions for the acid plant to predicted values &om the 

double absorption acid plant mathematical model; 

2) determine conductive, convective and radiative heat losses for the 

operating double absorption acid plant; 

3) insert plant data into the double absorption acid plant model and compare 

prediaed 802 conversion outcomes; 

4) compare design absorption temperature specifications and mathematical 

model predictions to actual plant data; 

5) compare model predicted heat exchanger sizes with actual heat exchanger 

sizes. 
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10 1 SMELTER ACID PLANT DESIGN CONDITIONS AND MODEL PREDICTIONS 

The smelter acid plant was installed in 1974. It originally processed only Peirce-

Smith converter ofFgas. The INCO flash furnace was installed in 1984. The acid plant 

was upgraded at that time to process Peirce-Smith converter offgas and INCO flash 

fiamace ofFgas. The 1984 design parameters are shown in Table 10.1. 

Item Units Value 
Feed gas SO2 (maximum) vol% 11.58 
Feed gas O2 (maximum) vol% 12.76 
Feed gas N2 vol% 75.66 
Feed gas flow rate (dry basis maximum) NmVmin 3036.4 
Feed gas temperature (maximum) K 391.0 
1^ pass inlet /1®* pass outlet 
2"'' pass inlet / 2" pass outlet 

K 693.0/902.0 1^ pass inlet /1®* pass outlet 
2"'' pass inlet / 2" pass outlet K 711.0/792.0 
I AT* gas inlet /1 AT gas outlet K 525.0/355.0 
lAT acid inlet / lAT acid outlet K 355.0/385.0 
3"* pass inlet / 3"* pass outlet K 703.0/752.0 
4"* pass inlet / 4"* pass outlet K 703.0/709.0 
fat" gas inlet / FAT gas outlet K 517.0/355.0 
FAT acid inlet / FAT acid outlet K 355.0/381.0 
Tail gas temperature K 501.3 i 
I AT inlet acid / FAT inlet acid % H2SO4 98.5/98.5 
I AT outlet acid / FAT outlet acid % H2SO4 99.09/98.70 
lAT inlet acid / FAT inlet acid kg/min H2SO4 (98.5%) 43,099/ 18,525 
Acid production (as 100% H2SO4) tonnes/day 2210.0 
SO3 absorption efficiency % 100.0 
Tail gas S02 concentration ppm 560.0 
|A//CoIdHX| MJ/min 242.1 

lA// 1-2 HX| MJ/min 900.7 

lA/f2-3 HX| MJ/min 1222.4 

1A//3-4HXI MJ/min 175.7 

\MJ Tail Gas Re-heater HX| MJ/min 485.8 
*IAT = Intermediate absorption tower 

•*FAT = Final absorption tower 

Table 10.1 Smelter acid plant design parameters for processing INCO flash furnace and 
Peirce-Smith converter ofFgas. 
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The following question is asked: 

How do mathematical model predictions for the following compare to the smelter's acid 

plant design data shown in Table 10.1? 

(a) catalyst bed SO2 conversion efficiencies and tail gas SO2 concentrations; 

(b) intermediate and final absorption tower acid requirements: 

(c) intermediate and final absorption tower inlet gas and outlet acid 

temperatures; 

(d) heat transfer requirements for each heat exchanger. 

The question is answered by entering the following Table 10.1 data into the 

double absorption acid plant mathematical model; 

(a) feed gas composition; 

(b) feed gas flow rate; 

(c) feed gas temperature; 

(d) catalyst bed inlet and outlet temperatures; 

(e) intermediate and final absorption tower outlet gas temperatures; 

(f) intermediate and final absorption tower inlet acid concentrations and 

temperatures; 

(g) tail gas temperature. 
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The mathematical model calculates the following; 

(a) catalyst bed SO2 conversion efficiencies and tail gas SO2 concentration; 

(b) Intermediate and final absorption tower inlet acid requirements; 

(c) intermediate and final absorption tower inlet gas temperatures; 

(d) intermediate and final absorption tower outlet acid temperatures; 

(e) heat transfer requirements for each heat exchanger. 

The results are then compared to the smelter's Table 10.1 acid plant design data. 

The answers to the page 297 question are given in Sections 10.1.1 to 10.1.4. 

10.1.1 Catalyst bed SO2 conversion efficiencies, question (a) 

The Table 10.1 design catalyst bed inlet and outlet temperatures were entered into 

the mathematical model. Percent SO2 conversions in each catalyst bed and the tail gas 

SO2 concentration were calculated. The results are shown in Table 10.2. 

% SO2 % SO2 % SO2 % SO2 
conversion conversion conversion conversion Tail gas SO2 

Condition after after after after (ppm) 
l"* pass 2°^ pass 3"^ pass 4'*' pass 

(ppm) 

Design 63.0 87.0 98.2 99.6 560.0 
Model 62.4 86.4 97.9 99.3 966.2 

% Difference -1.0 -0.7 -0.3 -0.3 +72.5 

Table 10.2 Comparison between design and model calculated catalyst bed SO2 
conversions and tail gas SO2 concentration. The comparison shows that a 
small error in percent SO2 conversion leads to a large error in tail gas SO2 
concentration. 
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The largest difference between model and design conditions for SO2 conversion is 

in the first pass. Increasing the specified first pass outlet temperature will increase SO2 

conversion and decrease tail gas SO2 concentration. An iterative solution was used to 

determine the first pass outlet temperature that would give the design tail gas SO2 

concentration value of 560 ppm. Table 10.3 shows the results of this calculation. 

Condition 

% SO2 
conversion 

after 
1"* pass 

% SO2 
conversion 

after 
2"^ pass 

% SO2 
conversion 

after 
3"" pass 

% SO2 
conversion 

after 
4*** pass 

Tail gas SO2 
(ppm) 

Design 63.0 87.0 98.2 99.6 560.0 
Model (adjusted) 62.7 86.7 98.2 99.6 560.0 

% Difference -0.5 -0.3 0.0 0.0 0.0 

Table 10.3 Effect of raising first pass outlet gas temperature from 902 K to 903 K. The 
change is seen to equalize design and model predicted tail gas SO2 
concentration. 

The remaining calculations of the chapter use the adjusted first pass outlet 

temperature of 903 K. 

10.1.2 Intermediate and final absorption tower acid requirements, question (b) 

The double absorption model predicts the inlet acid mass required for the 

intermediate and final absorption towers based on specified inlet and outlet acid 

concentrations (%H2S04). The results of the calculations are shown in Table 10.4. 
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lAT* acid FAT** acid Specified Calculated 
Inlet mass Inlet mass lAT/FAT lAT/FAT 

Condition flow rate flow rate Inlet acid Outlet acid 
98.5% H2SO4 98.5% H2SO4 concentration concentration 

(kg/min) (kg/min) (%H2S04) (%H2S04) 
Design 43099 18525 98.5/98.5 99.09/98.70 

Model-predicted 43208 19296 98.5/98.5 99.09/98.70 
% Difference +0.3 +4.0 0.0/0.0 0.0/0.0 
•lAT = Intermediate absorption tower 

••FAT = Final absorption tower 

Table 10.4 Required acid mass flow rates for the intermediate absorption tower (lAT) 
and final absorption tower (FAT). Model predicted final absorption tower 
inlet acid flow rate is seen to be slightly larger than design flow rate. 

The outlet acid concentrations for both the intermediate and final absorption 

towers are now adjusted to match the design inlet acid quantities. The result is shown in 

Table 10.5. 

Specified Calculated 
lAT* acid FAT** acid lAT / FAT lAT / FAT 

Condition Inlet mass Inlet mass Inlet acid Outlet acid 
98.5% H2SO4 98.5% H2SO4 concentration concentration 

(kg/min) (kg/min) (%H2S04) (%H2S04) 
Design 43099 18525 98.5/98.5 99.09/98.70 

Model - predicted 
(adjusted) 43099 18525 98.5/98.5 99.091 /98.708 

% Difference 0 0 0 / 0  0.001 / 0.008 
*IAT = Intermediate absorption tower 

••FAT = Final absorption tower 

Table lO.S Design and model-predicted (adjusted) inlet acid flow rates and H2SO4 
concentrations. The difference between the specified outlet acid 
concentration and the adjusted outlet H2SO4 concentration is minimal. 
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The calculations show that only minor adjustments need to be made to the 

intermediate and final absorption tower outlet acid concentrations for the model-predicted 

inlet acid flow rates to meet the design values. The difference between the calculated and 

design values may be simply due to rounding. The remaining calculations for the 

intermediate and final absorption towers use the adjusted outlet acid concentrations. 

10.1.3 Intermediate and final absorption tower inlet gas and outlet acid temperatures, 
questions (c) & (d) 

The inlet gas and outlet acid temperatures of the intermediate and final absorption 

towers are calculated and compared to the design values shown in Table 10.1. The 

results are shown in Table 10.6. 

lAT* inlet gas lAT outlet acid FAT** inlet eas FAT outlet acid 
Condition temperature temperature temperature temperature 

(K) (K) (K) (K) 
Design 525.0 385.0 517.0 381.0 

Model-predicted 521.5 381.7 501.6 376.5 
% Difference -0.7 -0.9 -3.0 -1.2 

•IAT = Intermediate absorption tower 
••FAT = Final absoiption tower 

Table 10.6 Model versus design values for intermediate and final absorption tower inlet 
gas and outlet acid temperatures. The Table 10.5 inlet acid flow rates have 
been used for this calculation. 

Slight differences are expected in the temperature calculations due to differences 

in the thermodynamic data used for the design and model calculations. 
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10.1.4 Heat exchanger enthalpy transfer, question (e) 

The double absorption acid plant mathematical model predicts the maximum 

enthalpy transfer requirements of each acid plant heat exchanger, Table 10.7. They have 

been determined for the specified feed gas compositions, flow rates and temperatures 

shown in Table 10,1 with the new first pass outlet temperature (903 K) from Table 10.3. 

Condition 
|A//Cold HXl 

(MJ/min) 
1^1-2 HXl 
(MJ/min) 

1^2-3 HXl 
(MJ/min) 

IA//3-4 HXl 
(MJ/min) 

|A//tgr hxI 
(MJ/min) 

Design (Table 10.1) 242.1 900.7 1222.4 175.7 485.8 
Model-predicted 252.9 888.9 1216.5 178.0 483.3 

% Difference +4.5 -1.3 -0.5 +1.3 -0.5 

Table 10.7 Model-predicted versus design heat exchanger enthalpy transfers. The 
largest difference between model and design is for the Cold HX. The model 
predictions are based on the Table 10.1 specifications and the Table 10.3 first 
pass outlet temperature. 

Table 10.7 shows that the largest difference between model-predicted and actual 

heat transfer duty occurs in the Cold HX. The Cold HX may have been designed for a 

higher feed gas temperature. When the feed gas temperature is increased from 391 K to 

393 K the model-predicted and actual enthalpy transfer requirements for all heat 

exchangers are within 1.5%. 

10.1.5 Comparison between specified and equilibrium catalyst bed outlet temperatures 

The catalyst manufacturer typically provides the catalyst bed outlet temperatures 

shown in Table 10.1. These temperatures are a function of the catalyst properties and the 

amount of catalyst loaded into each bed. A comparison of the specified catalyst bed 

outlet temperatures and the equilibrium outlet temperatures is shown in Table 10.8. 
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Design and model-predicted SO2 conversions and tail gas SO2 concentrations are also 

compared. 

Catalyst bed Design Equilibrium 

Inlet temperature (K) 693 693 
First pass Outlet temperature (K) 902 912 

Total %S02 conversion 62.7 65.4 
Inlet temperature (K) 711 711 

Second pass Outlet temperature (K) 792 799 
Total %S02 conversion 86.7 91.6 
Inlet temperature (K) 703 703 

Third pass Outlet temperature (K) 752 739 
Total %S02 conversion 98.2 99.8 
Inlet temperature (K) 703 703 

Fourth pass Outlet temperature (K) 709 704 
Total %S02 conversion 99.6 99.9 

Tail gas SO2 concentration (ppm) 560 

i 

141 

Table 10.8 Comparison between design and model-predicted equilibrium catalyst bed 
conditions. The equilibrium calculations give higher SO2 conversions and 
lower tail gas SOz concentrations. 

This section has shown that the double absorption acid plant mathematical model 

accurately predicts conversion, absorption and heat exchange design process conditions 

for the smelter acid plant. The next sections utilize plant-operating data to further verify 

the mathematical model. 
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10.2 CONDUCTIVE. CONVECTIVE AND RADIATIVE HEAT LOSSES 

The objective of this section is to use plant data to determine the conductive, 

convective and radiative heat losses from the catalyst beds, heat exchangers and 

absorption towers. 

10.2.1 Catalyst bed conductive, convective and radiative heat losses 

The following question is asked: 

What is the rate of conduction, convection and radiation heat loss from the acid plant 

catalyst beds, in MJ/min? 

The question is answered by analyzing plant data during a smelter outage. 

Normal smelter outages for preventative maintenace typically occur three to four 

times a year. The operating procedure for the acid plant during these short duration 

(5 - 20 hr) smelter outages is; 

1) the catalyst beds are heated to their maximum temperature limit before the 

smelter is shut down; 

2) the acid plant blowers are stopped soon after the flash furnace and 

converters stop providing SOi-bearing ofTgas to the acid plant; 
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3) a damper, located in the tail gas duct to the stack, is closed to prevent draft 

through the acid plant which would carry heat out of the catalyst beds; 

4) catalyst bed temperatures are monitored - if they get too cold, the natural 

gas fired pre-heater is turned on before the flash furnace and converters 

are returned to operation. 

Operating data from four smelter outages have been used to determine 

conductive, convective and radiative heat loss from the catalyst beds. The losses were 

calculated by; 

1) determining the bulk density for catalyst and silica rock in the beds; 

2) calculating the total heat capacity of the beds from their masses and 

tabulated thermodynamic data; 

3) determining conductive, convective and radiative heat loss by the 

equation; 

conductive, convective and radiative heat losses = ^ m • C, 
AT(K) 

p 

where; 

Atime (minutes) 

(10.1); 

m = mass of catalyst and rock in kg; 
Cp = average heat capacity of the catalyst bed in MJ/kg 

(assumed constant); 
AT = temperature difference from time 1 at the beginning of the 

outage to time 2 at the end of the outage in K; 
Atime = outage duration, minutes (tj - ti). 
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The catalyst manufacturer provided the bulk density of the catalyst. The silica 

rock bulk density was determined by weighing a known volume. The experimental data 

for the silica rock is provided in Appendix F. The bulk density of each material is shown 

in Table 10.9. 

Material 
Bulk density 

(kg/liter) 

Catalyst (10 mm rings) 
Silica rock 

0.49 
1.5 

Table 10.9 Bulk densities for catalyst and rock. The catalyst bulk density was obtained 
from the manufacturer and the silica rock density was obtained 
experimentally. 

The catalyst heat capacity was determined by (i) estimating an assay based on 

composition ranges given in the manufacturer's material safety data sheet and (ii) 

applying heat capacities for the individual components from thermodynamic tables. The 

composition ranges for the catalyst and the estimated average composition is shown in 

Table 10.10. 

Component 
Composition ranges 

(weight %) 
Estimated composition 

(weight %) 
V2O5 5 - 1 0  7.5 

K2SO4 10-30 20.0 
Na2S04 3 - 7  5.0 

Si02 55-70 67.5 

Table 10.10 Catalyst components, composition ranges and estimated average 
composition. The composition ranges are from the manufacturer's material 
safety data sheets. 
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Cp Estimated 
Component GFW MJ/kg-K (weight %) 

V2O5 181.88 9.52x10'^ 7.5 
K2SO4 174.26 1.06x10-^ 20.0 
Na2S04 142.04 1.27x10"^ 5.0 

Si02 (quartz) 60.09 1.14x10-^ 67.5 

Table 10.11 Catalyst heat capacity calculation. Heat capacities are from Barin [5.1]. 
They are assumed to be constant at their 700 K values. Cp per kg of catalyst 
is calculated using Equation 10.1. 

The equation used to determine the catalyst heat capacity is; 

Cp (catalyst) = 

isl 

The rock is assumed to be 100% Si02 (quartz). The heat capacity of SiOj at 

700 K is 1.14x10-^ MJ/kg-K. 

An example conductive, convective and radiative heat loss calculation is shown in 

Table 10.12. The conductive, convective and radiative heat losses are calculated from the 

inlet and outlet temperatures of each catalyst bed. The average catalyst bed heat loss 

shown in the example is 3.5 MJ/min (Table 10.12). 

The example calculation shown in Table 10.12 is repeated for each of the four 

data sets, which represent four different outages each lasting at least 200 minutes. The 

results are summarized in Table 10.13, which provides the answer to the question. 



Outage duration (min): 400 
Catalyst bulk density (kg/0; 0.49 

Rock bulk density (kg/fy. 1.5 
Cp*catalyst (700K) (MJ/kg-K): 1.12x10-' 
Cp rock (700 K) (MJ/kg-K): 1.14xl0-' 

I'' pass 2"^ pass 3'^ pass 4*'' pass 
Catalyst volume (0 76,000 88,000 70,000 85,000 

Rock volume (/) 8,500 12,000 6,000 3,000 

Catalyst mass (kg) 37,240 43,120 34,300 41,650 
Rock mass (kg) 12,750 18,000 9,000 4,500 

1"^ inlet 1®* outlet 2™" inlet 2™* outlet 3'" inlet 3^" outlet 4"* inlet 4"* outlet Average 
Temperature at time t = 0 759.1 870.1 735.3 739.2 716.8 717.9 718.4 711.9 
Temperature at time t = 400 min 724.9 826.9 720.6 725.1 675.7 695.4 694.0 701.1 
AT 34.2 43.1 14.7 14.2 41.1 22.5 24.4 10.9 
C.C.R.** heat loss catalyst (MJ) 1426.1 1799.0 711.4 684.1 1579.8 865.3 1137.4 506.8 
C.C.R. heat loss rock (MJ) 497.0 626.9 302.3 290.7 421.9 231.1 125.1 55.7 
Total C.C.R. heat loss (MJ) 1923.1 2425.9 1013.7 974.8 2001.7 1096.4 1262.5 562.5 
Total C.C.R. heat loss (MJ/min) 4.8 6.1 2.5 2.4 5.0 2.7 3.2 1.4 3.5 

•Cp = heat capacity 
••C.C.R. = conductive, convective and radiative heat loss = m • Cp • AT 

Table 10.12 Catalyst bed conductive, convective and radiative heat loss calculation example. 

, Total C.C.R heat loss during outage(MJ)^ 
C.C.R. heat loss / mm = ; —-

^ Total time of the outage (minutes) ^ 

The average rate of heat loss from the catalyst beds is 3 .5 MJ/min 
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ist 1^ 2nd 2"" ^rd 4<h 41. 

Data set inlet outlet inlet outlet inlet outlet inlet outlet Average 
1 3.8 6.0 4.0 4.4 2.3 2.9 1.8 5.9 3.9 
2 4.9 5.2 2.8 3.4 2.1 1.9 1.7 3.0 3.1 
3 4.8 6.1 2.5 2.4 5.0 2.7 3.2 1.4 3.5 
4 5.4 5.0 2.5 4.3 2.4 2.4 1.1 7.1 3.8 

Average 4.7 5.6 2.9 3.7 3.0 2.5 1.9 4.4 3.6 

Table 10.13 Summary of conductive, convective and radiative heat loss calculations for 
each catalyst bed inlet and outlet. Calculation of Data set 3 heat losses is 
shown in Table 10.12. The overall heat loss average is 3 .6 MJ/min. 

The measured conductive, convective and radiative heat loss rate is now 

compared to the enthalpies of the gases (Table 10.14) flowing through the acid plant 

catalyst beds. The results are shown in Table 10.15. 

T SO2 SO3 O2 N2 Enthalpy 
Gas stream CK) (kg/min) (kg/min) (kg/min) (kg/min) (MJ/min) 
Feed gas 391.0 1004.9 0.0 553.1 2870.8 -4270.4 
I'' pass inlet 693.0 1004.9 0.0 553.1 2870.8 -2950.7 

pass outlet 903.0 375.0 787.3 395.8 2870.8 -2950.7 
2^ pass inlet 711.0 375.0 787.3 395.8 2870.8 -3839.6 
2"*^ pass outlet 792.0 133.7 1088.8 335.5 2870.8 -3839.6 
lAT* inlet 521.5 133.7 1088.8 335.5 2870.8 -5056.1 
lAT outlet 355.0 133.7 0.0 335.5 2870.8 -428.7 
3"* pass inlet 703.0 133.7 0.0 335.5 2870.8 787.8 
3"^ pass outlet 752.0 18.1 144.4 306.7 2870.8 787.8 
4"* pass inlet 703.0 18.1 144.4 306.7 2870.8 609.9 
4'*' pass outlet 709.0 4.0 162.0 303.1 2870.8 609.9 
FAT** inlet 501.6 4.0 162.0 303.1 2870.8 -126.3 
FAT outlet 355.0 4.0 0.0 303.1 2870.8 165.6 
Tail gas 501.3 4.0 0.0 303.1 2870.8 648.9 

*IAT = Intennediate absorption tower 
••FAT = Final absorption tower 

Table 10.14 Summary of acid plant temperatures, masses and enthalpies. The feed gas 
conditions and cat^yst bed temperatures are specified in Table 10.1. 
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Experimental Gas enthalpy 
Catalyst bed C.C.R. loss flow C.C.R. loss as a % of 

MJ/min MJ/min gas enthalpy flow 
1^ pass 5.2 -2950.7 0.17 

pass 3.3 -3839.6 0.09 
pass 2.7 787.8 0.34 

4"* pass 3.2 609.9 0.52 
Average 3.6 - 0.28 

Table 10.15 Experimental conductive, convective and radiative heat losses compared to 
calculated catalyst bed enthalpy flows. Conductive, convective and 
radiative heat loss is seen to be very small compared to gas enthalpy flow. 

Conductive, convective and radiative heat losses are shown to represent, on 

average, 0.28% of the total enthalpy in the catalyst beds. Therefore, the assumption that 

conductive, convective and radiative heat losses are zero does not introduce significant 

error in the model predictions. All calculations in this dissertation assume zero 

conductive, convective and radiative heat losses. 

10.2.2 Conductive, convective and radiative heat losses from heat exchangers and 
absorption towers 

Conductive, convective and radiative losses from the gas-to-gas heat exchangers 

are, like the catalyst bed heat losses, assumed to be zero. The shells of these heat 

exchangers are insulated in the same manner as the shell of each catalyst bed. Therefore, 

the conductive, convective and radiative heat losses from the shell of the heat exchanger 

are of similar magnitude to those from the catalyst beds. 

Likewise, the conductive, convective and radiative heat losses from the absorption 

towers are also assumed to be zero. The two reasons for this assumption are that (i) the 

absorption towers are brick lined and (ii) the inlet acid enthalpy is very large. The acid 
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mass and enthalpies flowing in the intermediate and fmal absorption towers are shown ia 

Table 10.16. They are much greater than those in the catalyst beds. Table 10.14. 

Acid mass flows Acid enthalpy flows* 
Intermediate absorption tower (kg/min) (MJ/min) 

H2SO4 42453 -349697 
H2O 646 -10103 
Total 43099 -359800 

Final absorption tower 
H2SO4 18247 -150308 
H2O 278 -4343 
Total 18525 -154651 

*Inlet acid temperature = 355 iC 

Table 10.16 Summary of inlet acid mass and enthalpy flows in the intermediate and final 
absorption towers. Conductive, convective and radiative heat losses are 
expected to be, based on catalyst bed C.C.R. losses, much less than 1% of 
the acid enthalpy flows. 

10.2.3 Conductive, convective and radiative heat loss summary 

The conductive, convective and radiative heat losses from the catalyst beds are 

experimentally proven small compared to the gas stream enthalpies. The conductive, 

convective and radiative heat losses from the gas-to-gas heat exchangers are expected to 

be even smaller than in the catalyst beds because; 

(a) the heat exchangers are insulated in a similar manner as the catalyst beds; 

(b) their surface areas are smaller than the catalyst beds. 
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The enthalpy of the acid flowing through the absorption towers is much larger 

than the enthalpy in the gas streams. Therefore, the assumption of negligible conductive, 

convective and radiative heat losses in the absorption towers appears quite safe. 

10.3 ACED PLANT PRESSURE-MODEL VERSUS MEASURED 

The mathematical model assumes an acid plant pressure of 1.2 atmospheres. This 

value is used in all calculations for equilibrium conversion. It assumes that the pressure 

drop across each catalyst bed is small compared to the total pressure. The following 

question is asked; 

What are the measured static pressure and pressure drops across the catalyst beds in the 

acid plant and how do they compare to the 1.2 atmosphere pressure assumption? 

The question is answered by analyzing acid plant pressure survey data. 

10.3.1 Acid plant pressure survey data 

Acid plant pressure surveys are performed regularly to determine the pressure 

drop (loss) across absorption towers, catalyst beds and heat exchangers. The procedure 

involves measuring the static pressure at the inlet and outlet of each catalyst bed and heat 

exchanger. The pressure drop is equal to the difference between the static inlet and outlet 

pressures. The results of an acid plant pressure survey are shown in Table 10.17. 
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P gauge Ptotai AP 

Stream (atm) (atm) (atm) 
Blower outlet 0.48 1.29 -

1^ pass inlet 0.42 1.23 -

1^ pass outlet 0.40 1.21 0.02 
2"*^ pass inlet 0.34 1.15 -

2"^ pass outlet 0.31 1.12 0,03 
3^'' pass inlet 0.16 0.97 -

3^"^ pass outlet 0.15 0.96 0.01 
4''' pass inlet 0.11 0.92 -

4"' pass outlet 0.10 0.91 0.01 

Table 10.17 Summary of static pressure measurements recorded in the acid plant during 
a pressure survey. The pressure drop for each catalyst bed is shown in the 
far right column. The total pressure (Ptotai) is equal to the sum of the gauge 
pressure and the ambient atmospheric pressure (in this case 0.81 
atmospheres because the smelter is located at -1,830 m above sea level). 

Table 10.17 shows that the total pressure is close to the assumed value of 1.2 

atmospheres'. The pressure drop across each catalyst bed is small (1-2%) compared to 

the total pressure. The next section shows how catalyst bed and absorption tower pressure 

drop varies over time. 

10.3 .2 Catalyst bed and absorption tower pressure surveys 

An historical pressure drop data set for the modeled acid plant's first pass catalyst 

bed is shown in Figure 10.1. 

* The mathematicai model predicts a 0.015% decrease in overall SO2 conversion with measured pressures. 
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Figure 10.1 First pass catalyst bed pressure drop. The dashed lines show when the 
catalyst was replaced or scalp/screened. The scalp/screen reduces the 
pressure drop, but not to the point of a complete replacement. 

Scalping and screening of catalyst involves removing the top layer of catalyst, 

screening it and returning it to the catalyst bed with firesh catalyst to make up for 

screening losses. The depth of the dust layer determines the depth of the scalp. 

Figure 10.1 shows that over a period of time the pressure drop for the catalyst bed 

increases. Replacement of the catalyst is seen to reduce the pressure drop by -- 0.04 

atmospheres. Scalping and screening, on the other hand, is less effective, reducing 

pressure drop by only about 0.02 atmospheres. 

When the pressure drop, or resistance to flow, increases in the acid plant catalyst 

beds, the flow into the acid plant may decrease depending upon the discharge pressure 

rating of the blowers. This is because; 
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(a) the pressure on the outlet side of the blower increases as the pressure drop 

in the acid plant increases; 

(b) the pressure on the inlet side of the blower also increases; 

(c) pressure in the smelter increases causing more SO2 leaks into the 

secondary gas collection system (Section 11.4.2) and less flow to the 

blower (everything else constant). 

Increases in pressure drop in the absorption towers may also contribute to 

decreased acid plant feed gas flows. The historical trend for the intermediate and final 

absorption towers is shown in Figure 10.2. 
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Figure 10.2 Historical pressure drop data for the packing in the intermediate and final 
SO3 absorption towers. The dashed line represents replacement of the 
packing in each tower. 
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Intennediate absorption tower 

Final absorption tower 



316 

The pressure drop shown in Figure 10.2 is for the packing. A separate pressure 

drop measurement is recorded for the mist eliminators located directly above the acid 

distributor. Their combined pressure drop is about 0.08 atmospheres. 

10 4 TAIL GAS SO, CONCENTRATION-MODEL VERSUS MEASURED 

The objective of this section is to predict tail gas SO2 concentration from the 

mathematical model and compare it to the measured tail gas SO2 concentration. The 

following question is asked; 

How well does the mathematical model predict tail gas SO2 concentration for fluctuating 

feed gas conditions assuming equilibrium catalyst bed conversions? 

The question is answered by collecting the following acid plant data and entering 

it into the mathematical model; 

1) SO2 and O2 concentration of the feed gas in voI%; 

2) catalyst bed inlet temperatures in K. 

The model calculates the equilibrium SO2 conversion for each catalyst bed and 

the equivalent tail gas SO2 concentration. The tail gas SO2 concentration is then 

compared to the measured acid plant tail gas SO2 concentration. 
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10.4.1 Acid plant data acquisition 

The acid plant feed gas SO2 concentration is measured with a DuPont Model 400 

Split Beam Photometric Analyzer. Feed gas O2 concentration is measured with a 

Teledyne Analytical Instruments Series 326B Oxygen Analyzer. Tail gas SO2 

concentration is measured with an Ametek Model 4000 Photometric Analyzer. The feed 

gas flow is measured with an annubar located in the discharge duct of the blowers. 

Temperatures are measured using both'T' and "K" type thermocouples. 

The smelter uses a distributed control system (DCS) to control the INCO flash 

furnace and acid plant. Data is recorded and stored by the DCS in an Oracle database at 

30 second intervals. Data is queried from this database using Microsoft Access 97. The 

file is then converted from Access 97 to Excel 97. 

For this research, a Visual Basic for Applications program was written in Excel 

97 to systematically enter the feed gas flow rate, feed gas composition and catalyst bed 

inlet temperature data into the mathematical model (Appendix G). Percent SO2 

conversion, equilibrium SO2 conversion and equilibrium temperature were then 

calculated for each catalyst bed. A sample of the data used for the calculations is shown 

in Table 10.18. 
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2"" in 2"" out 3'''in 3^'' out 4*^ in 4'^out 
Tail gas 

Feed gas SO2 O2 1" in 1"^ out 2"" in 2"" out 3'''in 3^'' out 4*^ in 4'^out SO2 
NmVmin vol% vol% K K K K K K K K ppm* 
2485.8 8.2 17.4 730.8 894.2 753.7 766.9 685.2 698.1 703.5 707.7 310.0 
2351.4 7.8 18.1 730.9 894.1 753.4 766.5 685.1 697.9 703.4 707.5 294.3 
2258.2 6.9 18.9 731.2 893.9 753.0 766.2 685.2 697.7 703.2 707.2 279.9 
2215.8 6.8 18.8 731.6 893.6 752.4 765.7 685.1 697.4 702.9 707.0 264.5 
2200.2 7.0 18.5 732.0 893.3 752.0 765.4 685.2 697.1 702.7 706.8 251.4 
2170.1 7.1 18.9 732.4 893.0 751.5 765.2 685.4 696.8 702.4 706.5 241.6 
2147.5 7.1 18.9 732.8 892.7 751.4 764.7 685.3 696.5 702.3 706.2 238.8 
2396.9 7.4 18.8 733.3 892.5 751.1 764.3 685.4 696.1 702.1 706.0 233.4 
2535.9 7.4 18.7 733.7 892.2 750.8 764.1 685.4 695.9 701.8 705.6 229.9 
2558.3 7.6 18.7 734.1 891.9 750.6 763.8 685.6 695.6 701.7 705.3 227.4 

•Measured 

Table 10.18 Example of measured data obtained from the smelter distributed control 
system. The data are obtained at 30-second intervals. The data shown in 
this table represent 4.S minutes of acid plant operation. 

10.4.2 Equilibrium calculation resuhs 

The feed gas composition and each catalyst bed inlet temperature were entered 

into the mathematical model. The equilibrium SO2 conversion for each catalyst bed and 

the tail gas SO2 concentration was calculated. A sample of the calculation results is 

shown in Table 10.19. 
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%Equilibrium 
conversion 

after 1" pass 

%Equilibrium 
conversion 

after 2"** pass 

%Equilibrium 
conversion 

after 3"* pass 

%Equilibrium 
conversion 

after 4"* pass 

Equilibrium 
tail gas SO2 

ppm 

Measured 
tail gas SO2 

ppm 
63.19 85.39 99.61 99.85 190.8 479.1 
62.95 85.22 99.60 99.85 195.8 467.6 
63.00 85.30 99.60 99.85 193.7 459.9 
63.04 85.35 99.60 99.85 193.1 453.5 
63.31 85.57 99.62 99.85 187.1 446.9 
63.45 85.70 99.63 99.85 184.2 441.5 
63.53 85.77 99.63 99.85 182.7 433.5 
63.60 85.83 99.64 99.86 181.3 429.1 
63.46 85.78 99.63 99.85 183.4 424.2 
63.69 85.94 99.64 99.86 179.6 419.3 

Table 10.19 Sample of equilibrium SO2 conversion calculation results. Equilibrium tail 
gas SO2 concentration is appreciably less than measured tail gas SO2 
concentration. 

Figure 10.3 shows the calculated equilibrium tail gas SO2 concentration and the 

measured tail gas SO2 concentration together as a function of time. The calculated 

equilibrium SO2 concentration is, as expected, lower than the measured SO2 

concentration. 

The model is shown to predict changes in tail gas SO2 concentration just before 

they occur. This could be due to the time lag in the acid plant's tail gas SO2 

concentration analyzer. 
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Figure 10.3 Sample of equilibrium tail gas SO2 concentrations and measured SO2 
concentrations as a function of time. As expected, the equilibrium 
conditions give lower tail gas SO2 concentrations and higher SO2 
conversions than the measured conditions. Note, however, that the model-
predicted changes in SO2 concentration occur slightly ahead of the measured 
changes. They might be useful as part of a feed forward control strategy. 

10.5 SOj ABSORPTION TOWER TEMPERATURES-MODEL VERSUS MEASURED 

The absorption tower outlet gas temperature is assumed in Chapter 8 to be 

identical to the absorption tower inlet acid temperature. This is also the case for the 

double absorption acid plant model. Also, the model predicts that outlet acid temperature 

is increased by (a) increased inlet temperature and (b) increased inlet acid 

temperature. This section examines these assumptions and predictions by asking the 

question; 
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How do the following specifications and mathematical model predictions compare to 

measured plant data? 

(a) the absorption tower outlet ^as temperature is equal to the absorption 

tower inlet acid temperature: 

(b) when the absorption tower inlet ^as temperature increases the outlet acid 

temperature increases; 

(c) when the absorption tower inlet acid temperature increases, the outlet 

acid temperature increases. 

The question is answered by analyzing plant data for the intermediate and final 

absorption towers. 

Figures 10.4 and 10.6 show measured intermediate and final absorption tower 

inlet acid and outlet gas temperatures. Figures 10.5 and 10.7 show measured 

intermediate and final absorption tower outlet acid and inlet gas temperatures. All of the 

graphs are for the same 600-minute time period. The graphs show that; 

(a) outlet gas temperature is always nearly equal to the acid inlet temperature 

(Figure 10.4); 

(b) outlet acid temperature is always less than the inlet gas temperature 

(Figure 10.5); 

(c) in all cases the temperatures track each other. 
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Figure 10.4 Intermediate absorption tower inlet acid and outlet gas temperatures. 
Absorption tower outlet gas temperature and inlet acid temperature are seen 
to be nearly identical. 
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Figure 10.5 Intermediate absorption tower outlet acid and inlet gas temperatures. The 
outlet acid temperature is always lower than the inlet gas temperature, but 
the two temperatures track each other. 
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Figure 10.6 Final absorption tower inlet acid and outlet gas temperatures. 
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Figure 10.7 Final absorption tower outlet acid and inlet gas temperatures. 
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The graphs of the acid plant data confirm the following specifications and 

nnathematical model predictions; 

(a) the SO3 absorption tower outlet gas temperature is nearly equal to the 

absorption tower inlet acid temperatures (especially in the intermediate 

absorption tower (Figure 10.4)); 

(b) when absorption tower inlet gas temperature increases outlet acid 

temperature increases (Figures 10.5 and 10.7). 

10.6 HEAT EXCHANGER ENTHALPY TRANSFER-MODEL VERSUS MEASURED 

The objective of this section is to verify mathematical model predictions for heat 

exchanger enthalpy transfer when the feed gas composition, flow rate and temperature 

fluctuate. The following questions are asked; 

How do the acid plant heat exchanger enthalpy tranters fluctuate with time? 

How well does the mathematical model predict the magnitude of enthalpy tranter 

assuming equilibrium SO2 conversions and equilibrium catalyst bed outlet temperatures? 

These questions are answered by entering the following plant data into the 

mathematical model, which then calculates the enthalpy transfer rate of each heat 

exchanger at the moment the data were gathered; 
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(a) feed gas flow rate, temperature and composition; 

(b) catalyst bed inlet temperatures; 

(c) intermediate and final absorption tower outlet gas temperatures; 

(d) tail gas temperature. 

A Visual Basic for Applications program was written in Excel 97 to systematically enter 

the plant data and calculate the enthalpy transfer rate for each heat exchanger. A sample 

of the calculation results is shown in Table 10.20. 

CoIdHX 1-2 HX 2-3 HX 3-4 HX TGRHX 
%S02 %S02 %S02 %S02 Heat Heat Heat Heat Heat 
conv. conv. conv. conv. transfer transfer transfer transfer transfer 
after after after after rate rate rate rate rate 

pass 2'^ pass 3"* pass 4"* pass (MJ/min) (MJ/min) (MJ/min) (MJ/min) (MJ/min) 
67.85 90.94 99.86 99.88 611.6 868.6 1373.0 32.3 228.3 
67.70 90.80 99.86 99.88 615.5 874.4 1380.4 34.6 229.0 
67.57 90.68 99.85 99.88 617.4 876.3 1384.2 37.3 228.5 
67.83 90.77 99.86 99.88 622.7 865.4 1378.3 35.1 226.6 
67.98 90.80 99.86 99.88 630.8 859.4 1378.8 34.4 226.4 
68.09 90.80 99.86 99.88 634.6 850.6 1373.6 33.7 224.5 
68.01 90.71 99.86 99.88 639.3 853.8 1380.3 36.0 224.7 
67.41 90.31 99.85 99.88 626.6 859.0 1376.3 44.6 223.1 
67.18 90.13 99.84 99.88 626.3 863.8 1381.3 48.8 223.1 
67.23 90.11 99.84 99.88 626.0 853.5 1370.5 48.6 220.5 

Table 10.20 Equilibrium SO2 conversions and heat exchanger enthalpy transfers 
calculated from plant data. Each row represents 30 seconds of plant 
operation. The data used in the calculation are described in a, b, c and d 
above. 
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Figure 10.8 siiows how the enthalpy transfers of the heat exchangers fluctuate 

with time. It provides the answers to the Section 10,6 questions. 

Changes in the feed gas flow rate, temperature and composition all cause enthalpy 

transfer rates to fluctuate. The opening and closing of heat exchanger bypasses also 

cause fluctuations. 

Time (min) 

Figure 10.8 Calculated heat exchanger enthalpy transfers from measured catalyst bed 
inlet temperatures, tail gas temperature, intermediate and final absorption 
tower outlet gas temperatures and feed gas composition, flow rate and 
temperature. Enthalpy transfer fluctuations are caused by variations in feed 
gas temperature, composition and flow. Also, opening and closing heat 
exchanger bypasses cause fluctuations. The 3-4 HX is not shown because it 
is currently not in operation. 

Recall from Table 10.9 the maximum design enthalpy transfers for the heat 

exchangers are: 
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Cold HX: 677.6 MJ/min; 
1-2 HX; 900.7 MJ/min; 
2-3 HX; 1222.4 MJ/min; 
TGRHX; 485.8 MJ/min. 

It is evident from Figure 10.8 that the mathematical model is able to predict the 

magnitude of the heat exchanger enthalpy transfers using plant data. The calculated 

enthalpy transfers from the plant data fluctuate around these predicted enthalpy transfer 

values. Some of the calculated enthalpy transfers are greater than the design maximum 

values. This is likely caused by inaccurate catalyst bed temperature measurements. 

10.7 CHAPTER SLfMMARY 

This chapter has; 

(a) shown that the double absorption acid plant mathematical model 

accurately predicts industrial acid plant design parameters (e.g. %S02 

conversion, absorption acid requirements, heat exchanger sizes); 

(b) determined conductive, convective plus radiative heat losses from 

industrial data and shown them to be small compared to the enthalpies of 

the gases and acids flowing through the acid plant; 

(c) showed by means of an industrial acid plant pressure survey that the 

model's Pj = 1-2 atmosphere pressure assumption is appropriate and that 
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pressure drops across catalyst beds are small as compared to the total 

catalyst bed pressure; 

(d) determined that plant SO3 absorption tower temperatures and flow rates 

are comparable to the model-predicted values; 

(a) accurately predicted design heat exchanger enthalpy transfer values and 

demonstrated how enthalpy transfer rates vary with time. 
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DOUBLE ABSORPTION ACID PLANT CONTROL STRATEGIES 

The objectives of this chapter are to: 

(a) describe how each of the heat exchanger bypasses affects acid plant 

temperatures; 

(b) provide an analysis of the following three control strategies: 

i) design; 

ii) first pass outlet temperature control; 

iii) first pass inlet temperature control; 

(c) compare and contrast control strategies ii) and iii) using plant data; 

(d) show that the overall acid plant objective must be to maximize total SO2 

capture from the INCO flash fiimace and Peirce-Smith converters while at 

the same time achieving EPA mandated acid plant tail gas SO2 

concentration standards. 

11.1 TEMPERATURE CONTROL USING HEAT EXCHANGER BYPASSES 

The next six sections describe how each of the heat exchanger bypasses affects 

acid plant gas stream temperatures. Knowing which gas stream temperatures are affected 
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when various bypasses are opened is critical to understanding the control strategies 

described in future sections. For each bypass it is assumed that all other variables are 

constant. These variables include feed gas flow rate, feed gas temperature, feed gas 

composition and the bypass settings of all the other heat exchangers. Figure 11.1 (page 

331) shows the acid plant flow sheet. 

11.1.1 1-2 HX bypass 

When the 1-2 HX bypass valve is opened, less enthalpy is transferred from the hot 

first pass outlet gas to the cool Cold HX and 3-4 HX outlet gases. This causes; 

(a) the flrst pass inlet temperature to decrease; 

(b) the second pass inlet temperature to increase. 

11.1.2 2-3 HX bypass 

Opening the 2-3 HX bypass valve decreases the enthalpy transfer from the hot 

second pass outlet gas to the cold intermediate absorption tower outlet gas. This causes; 

(a) the intermediate absorption tower inlet gas temperature to increase; 

(b) the third pass inlet temperature to decrease. 
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Figure 11.1 Double absorption acid plant flow sheet showing heat exchanger bypasses and their respective valves. 
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11.1.3 3-4 HX bypass 

Opening the 3-4 HX bypass valve causes less enthalpy to be transferred from the 

warm third pass outlet gas to the cold Cold HX bypass gas. This causes; 

(a) the first pass inlet temperature to decrease; 

(b) the 1-2 HX inlet temperature to decrease; 

(c) the fourth pass inlet temperature to increase. 

11.1.4 Intermediate absorption tower bypass 

Opening the intermediate absorption tower bypass valve causes. 

(a) the intermediate absorption tower inlet pas and outlet acid temperatures to 

decrease; 

(b) the third pass inlet temperature to increase; 

(c) SO2 conversion in the third and fourth passes to decrease causing tail gas 

SO2 concentration to increase because; 

i) the third pass inlet temperature increases; 

ii) the third pass inlet SO3 concentration increases. 

(d) the final absorption tower inlet gas and outlet acid temperature to increase. 
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The acid plant data in Figure 11.2 confirm the increases in the third and fourth 

pass inlet temperatures when the intermediate absorption tower bypass is opened. The 

increase in tail gas SO2 concentration is also confirmed. 
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Figure 11.2 The effect of opening the intermediate absorption tower bypass valve on the 
third and fourth pass inlet temperatures. In time period "A" the bypass 
valve is opened for three minutes. The fourth pass inlet temperature 
increases because the third pass outlet temperature increases. The tail gas 
SO2 concentration rises due to the increased third and fourth pass inlet 
temperatures and the presence of unabsorbed SO3 entering the third pass. 

Figure 11.3 confirms that the intermediate absorption tower inlet gas temperature 

decreases and the final absorption tower inlet gas temperature increases when the 

intermediate absorption tower bypass valve is opened. 
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Figure 11.3 Measured intermediate and final absorption tower inlet gas temperatures. 
The intermediate absorption tower bypass valve is open in time period "A" 
for three minutes. The intermediate and final absorption tower inlet gas 
temperatures are seen to decrease and increase, respectively, when the 
intermediate absorption tower bypass valve is opened. This graph is for the 
same t ime period as  Figure 11.2.  

Figure 11.4 shows the decrease in intermediate absorption tower outlet acid 

temperature and the increase in the final absorption tower outlet acid temperature when 

the intermediate absorption tower bypass is opened. 
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Figure 11.4 Measured intermediate and final absorption tower outlet acid temperatures. 
The intermediate absorption tower bypass valve is open in time period "A" 
for three minutes. The intermediate and final absorption tower outlet acid 
temperatures are seen to decrease and increase, respectively, when the 
intermediate absorption tower bypass valve is opened. This graph is for the 
same time period as Figure 11.2. The delay in the final absorption tower 
outlet acid temperature increase is due to the delay in the temperature rise of 
the fourth pass outlet. 

The measured data verifies the predicted gas temperature changes for opening the 

intermediate absorption tower bypass valve. 

A leaking 2-3 HX would give similar results to having an open intermediate 

absorption tower bypass valve. The second pass outlet gas is at a higher pressure than the 

intermediate absorption tower outlet gas. Thus, in a leaking 2-3 HX, the hot SOa-laden 

second pass outlet gas would mix with the cold intermediate absorption tower outlet gas 

flowing into the third pass. 

lAT outlet acid 

FAT outlet acid 
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11.1.5 Cold HX bypass 

When the Cold HX bypass valve is opened less enthalpy is transferred from the 

hot fourth pass outlet gas to the cold acid plant feed gas. This causes; 

(a) the temperature of the gas entering the 1-2 HX to decrease; 

(b) the first pass inlet temperature to decrease; 

(c) the Cold HX to final absorption tower inlet gas temperature to increase; 

(d) the fourth pass inlet temperature to decrease. 

11.1.6 Fourth pass  outlet  gas spl i t  between the Cold HX and Tail  Gas Re-heater HX 

Two valves are used to control the split of the fourth pass outlet gas to the 

Cold HX and the Tail Gas Re-heater HX. They are the Cold HX outlet valve and the Tail 

Gas Re-heater HX outlet valve. 

When the Cold HX outlet valve is opened and the Tail Gas Re-heater HX outlet 

valve is closed, all of the fourth pass outlet gas flows through the Cold HX. This causes; 

(a) the Cold HX outlet to 1-2 HX inlet gas temperature to increase; 

(b) the Cold HX outlet to final absorption tower inlet gas temperature to 

increase; 

(c) the tail gas temperature to decrease. 
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When the Tail Gas Re-heater HX valve is opened and the Cold HX outlet 

valve is closed, all the fourth pass outlet gas flows through the Tail Gas Re-heater 

HX. This causes: 

(a) the Cold HX outlet to 1-2 HX inlet gas temperature to decrease; 

(b) the Tail Gas Re-heater HX outlet to final absorption tower inlet gas 

temperature to increase; 

(c) the tail gas temperature to increase. 

Figure 11.5 shows the increase in the tail gas temperature and the Tail Gas Re-

heater HX outlet to final absorption tower inlet temperature when the Tail Gas Re-heater 

HX outlet valve is opened. 
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Figure 11.5 Tail gas and Tail Gas Re-heater HX outlet to final absorption tower inlet 
temperatures in response to opening the Tail Gas Re-heater HX outlet valve 
(bottom line). Both temperatures increase when the valve is opened. The 
Cold HX outlet valve is 100% open during this period. 

11.1.7 Summary 

The past six sections have shown how each of the acid plant bypass valves is used 

to control catalyst bed and absorption tower inlet gas temperatures. The next section 

provides three different control strategies that use these bypass valves to control acid 

plant temperatures, hence tail gas SO2 concentration. 
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11.2 ACID PLANT CONTROL STRATEGIES 

The objective of this section is to describe the following control strategies: 

(a) design; 

(b) first pass outlet temperature control; 

(c) first pass inlet temperature control. 

Control strategies (b) and (c) have been evaluated using plant data. The results 

are discussed in Sections 11.3.1 and 11.3.2. They are compared in Section 11.3.3. Each 

control strategy uses heat exchanger bypass valves to control acid plant temperatures, 

hence tail gas SO2 concentration. 

11.2.1 Design control  strategy 

The design acid plant control strategy for each pass inlet temperature is: 

(a) First pass 

The first pass inlet temperature is controlled by the Cold HX bypass valve, Cold 

HX outlet valve and the Tail Gas Re-heater HX outlet valve. When the measured value 

of the first pass inlet temperature rises above its setpoint; 
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i) the Cold HX bypass valve opens; 

ii) the Tail Gas Re-heater HX bypass valve opens; 

iii) the Cold HX outlet bypass valve closes. 

(b) Second pass 

The second pass inlet temperature is controlled by the 1-2 HX bypass valve. 

When the measured value of the second pass inlet temperature rises above its setpoint, 

the 1-2 HX bypass valve closes allowing more cool gas to pass through the 1-2 HX. 

(c) Third pass 

The third pass inlet temperature is controlled by the 2-3 HX bypass valve and the 

intermediate absorption tower bypass valve. When the measured value of the third pass 

inlet temperature rises above its setpoint the 2-3 HX bypass valve opens. When the 

measured value of the third pass inlet temperature drops below its setpoint the 

intermediate absorption tower bypass valve opens and the 2-3 HX bypass valve closes. 

(d) Fourth pass 

The fourth pass inlet temperature is controlled by the 3-4 HX bypass valve. 

When the measured value of the fourth pass inlet temperature rises above its setpoint the 

3-4 HX bypass valve closes. 
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11.2.2 First  pass  outlet temperature control strategy 

The objective of this control strategy is to maintain a constant first pass outlet 

temperature. This strategy was developed to ensure that the third pass reached its 

specified inlet temperature with low feed gas SO2 concentrations. The strategy is as 

follows. 

(a) First pass 

The first pass outlet temperature is controlled by the Cold HX bypass valve, 

1-2 HX bypass valve and Tail Gas Re-heater HX outlet valve. The Cold HX outlet valve 

is set 100% open all the time. The minimum valve position of the Tail Gas Re-heater HX 

outlet valve is set at 20% open to prevent the tail gas temperature from dropping below 

the acid dew point. When the measured value of the first pass outlet temperature rises 

above its setpoint: 

i) the Cold HX bypass valve opens; 

ii) the 1-2 HX bypass valve opens; 

iii) the Tail Gas Re-heater HX bypass valve opens. 

(b) Second pass 

The second pass inlet and outlet temperatures fluctuate with changes in the first 

pass outlet temperature. Second pass inlet temperature is not directly controlled. 
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(c) Third pass 

The 2-3 HX bypass valve and the intermediate absorption tower bypass valve are 

closed. The third pass inlet temperature is not directly controlled. 

(d) Fourth pass 

The 3-4 HX is completely fouled and not in service. The fourth pass inlet 

temperature fluctuates with the third pass outlet temperature. No significant cooling 

occurs between the third pass outlet and fourth pass inlet. 

11.2.3 First  pass  inlet temperature control strategy 

The objective of this strategy is to maintain constant first and second pass inlet 

temperatures. The strategy entails the following. 

(a) First pass 

The first pass inlet temperature is controlled by the Cold HX bypass valve and the 

Tail Gas Re-heater HX valve. The Cold HX outlet valve remains 100% open all the time. 

The minimum valve position for the Tail Gas Re-heater HX valve is set to 30% open to 

prevent the temperature of the tail gas from dropping below the acid dew point. When 

the measured value of the first pass inlet temperature rises above its setpoint; 

i) the Cold HX bypass valve opens; 

ii) the Tail Gas Re-heater HX valve opens. 
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(b) Second pass 

The 1-2 HX bypass valve controls the second pass inlet temperature. When the 

measured value of the second pass inlet temperature drops below its setpoint the 1-2 HX 

bypass valve opens. 

However, if the first pass outlet temperature drops below 883 K and the feed gas 

SO2 strength drops below 8 vol% SO2, the 1-2 HX bypass valve closes. This is included 

to prevent the temperature of the first, third and fourth passes from dropping below their 

catalyst initiation temperatures. 

(c) Third and fourth pass inlet temperatures 

The third and fourth pass inlet temperatures are controlled in exactly the same 

manner as they are in the first pass outlet temperature control strategy. 

11 3 COMPARISON OF ACID PLANT CONTROL STRATEGIES 

The objective of this section is to use plant data to compare the relative efficacy 

of the: 

(a) first pass outlet temperature control strategy; 

(b) first pass inlet temperature control strategy. 
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The first part of this section shows how each strategy uses heat exchanger 

bypasses to control acid plant temperatures. Heat exchanger bypass valve positions and 

temperatures are shown. The second part of this section compares the efficacies of the 

two strategies. 

11.3 .1  Plant  data -  first  pass  outlet temperature control strategy 

The first pass outlet temperature control strategy uses the Cold HX bypass valve, 

Tail Gas Re-heater HX outlet valve and the 1-2 HX bypass valves to control the first pass 

outlet temperature. Figure 11.6 shows a sample of first pass outlet temperature and 

bypass valve positions for this strategy. 
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Figure 11.6 Measured first pass outlet temperature and setpoint trend. The Cold HX 
bypass, 1-2 HX bypass and Tail Gas Re-heater HX outlet valve all open 
when the measured first pass outlet temperature rises above its setpoint. The 
minimum Tail Gas Re-heater HX outlet valve position is set to 20% open to 
ensure the tail gas temperature does not drop below its acid dew point. 

The temperatures of the other catalyst beds fluctuate with changes in the first pass 

outlet temperature. These are shown in Figures 11.7 and 11.8 for the same time period as 

Figure 11.6.  
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Figure 11.7 First and second pass inlet and outlet temperatures for the same time period 
as shown in Figure 11.6. The second pass inlet and outlet temperatures are 
seen to fluctuate with the first pass outlet temperature. 
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Figure 11.8 Third and fourth pass inlet and outlet temperatures for the same time period 
as shown in Figure 11.6. The fourth pass inlet and outlet temperatures are 
seen to trend closely to the third pass inlet and outlet temperatures. 

11.3.2 Plant  data -  f irst  pass  inlet temperature control strategy 

The first pass inlet temperature is controlled using the Cold HX bypass valve and 

the Tail Gas Re-heater HX outlet valves. Both open when the measured first pass inlet 

temperature rises above its setpoint. The 1-2 HX bypass valve is used to control the 

second pass inlet temperature. Figure 11.9 shows (i) the first pass inlet temperature and 

setpoint and (ii) the Cold HX bypass valve and Tail Gas Re-heater HX outlet valve 

positions. 
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Figure 11.9 First pass inlet temperature, setpoint and valve positions for the Cold HX 
bypass and the Tail Gas Re-heater HX outlet valves. The Cold HX bypass 
and the Tail Gas Re-heater HX outlet valves are seen cycling to maintain the 
first pass inlet temperature setpoint. The Tail Gas Re-heater HX outlet 
valve is set to a minimum value of 30% open. 

Figure 11.10 shows the second pass inlet temperature and setpoint. The 1-2 HX 

bypass valve is used to control this temperature. 
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Figure 11.10 Second pass inlet temperature, setpoint temperature and 1-2 HX bypass 
valve position. The 1-2 HX bypass valve opens to cause the second pass 
inlet temperature to rise. The vertical lines for the 1-2 HX valve position 
indicate conditions where the first pass outlet temperature was less than 
883 K and the feed gas composition was less than 8 vol% SO2. The 
1-2 HX bypass valve closes completely when these conditions occur. The 
t ime period is  the same as  in Figure 11.9.  

The first through fourth pass inlet and outlet temperatures are shown in Figures 

11.11 and 11.12 for the same t ime period as  shown in Figure 11.9.  
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Figure 11.11 First and second pass inlet and outlet temperatures for the same time period 
as in Figure 11.9. Good setpoint control of the first pass inlet temperature 
is evident by the horizontal line between 200 and 350 minutes. 
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Figure 11.12 Third and fourth pass inlet and outlet temperatures for the same time period 
as in Figures 11.9, 11.10 and 11.11. The third and fourth pass inlet and 
outlet temperatures are seen to track each other. 

11.3.3 Comparison of  acid plant  control  strategy data 

This section compares the efficacy of two control strategies using plant data. The 

two strategies are; 

(a) first pass outlet temperature control; 

(b) first pass inlet temperature control. 

Plant data were obtained for an eight-hour period in which the acid plant operated 

using each control strategy. Table 11.1 compares averages and standard deviations of the 
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two data sets. Table 11.1 shows that using the first pass inlet temperature control 

strategy: 

(a) reduced tail gas SO2 concentration with a higher feed gas SO2 

concentration, i.e. more SO2 conversion was obtained; 

(b) lowered the average inlet and outlet temperatures of all passes; 

(c) reduced the standard deviation of the first pass inlet temperature; 

(d) reduced the standard deviation of the fourth pass inlet and outlet 

temperatures; 

(e) increased the standard deviation of the second and third pass inlet and 

outlet temperatures. 

Standard deviation was used as a measure of the ability of the heat exchanger 

bypasses to control acid plant pass temperatures. Fluctuations in feed gas SO2 

concentration cause deviat ions in the pass  inlet  and outlet  temperatures.  Figures 11.13 

through 11.16 show measured first and second pass temperature trends with measured 

feed gas SO2 concentration for each control strategy. They clearly illustrate that catalyst 

pass temperature fluctuations are a result of fluctuations in feed gas SO2 concentration. 



Feed Feed Feed 1" 1" 2nd 2nd 3rd ^id 4'h 4"' 
Averages gas gas gas Tail gas pass pass pass pass pass pass pass pass 

flow SO2 O2 SO2 inlet outlet inlet outlet inlet outlet inlet outlet 
(Nm^/min) vol% vol% (ppni) (K) (K) (K) (K) (K) (K) (K) (K) 

First pass outlet 
control strategy 2827.2 10.3 16.1 477.9 713.2 895.3 748.9 769.2 689.1 706.8 7095 712.2 
First pass inlet 
control strategy 2719.5 11.0 15.8 465.5 707.9 893.2 745.6 765.8 688.2 705.8 708.6 711.6 

Percent change -3.8 +6.7 -1.8 -2.6 -0.7 -0.2 -0.4 -0.4 -0.1 -0.1 -0.1 -0.1 

Feed Feed Feed 1" 1" 2«A 2nd 3'" 4U. 4U. 
Standard deviations gas gas gas Tail gas pass pass pass pass pass pass pass pass 

flow SO2 O2 SO2 inlet outlet inlet outlet inlet outlet inlet outlet 
(NmVmin) vol% vol% (ppm) (K) (K) (K) (K) (K) (K) (K) (K) 

First pass outlet 
control strategy 228.9 1.8 1.4 176.5 9.7 9.9 8.8 10.7 5.2 8.8 7.3 7.2 
First pass inlet 
control strategy 362.4 1.3 1.5 175.5 7.5 10.7 13.3 14.0 6.3 9.1 6.8 6.5 

Percent change +58.3 -27.8 +7.1 -0.6 -22.7 +8.1 +51.1 +30.8 +21.2 +3.4 -6.8 -9.7 

Table 11.1 Comparison of averages and standard deviations for acid plant control strategy comparison. The first pass inlet 
control strategy is seen to; 

(a) decrease the average inlet and outlet temperatures of all catalyst beds; 
(b) decrease the average acid plant tail gas SO2 concentration. 

U) 
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Figures 11.13 and 11.14 show that when the first pass outlet temperature is 

controlled, the first and second pass inlet and outlet temperatures fluctuate with the feed 

gas SO2 concentration. As the feed gas SO2 concentration increases: 

(a) the first pass outlet temperature increases; 

(b) the first pass inlet temperature decreases due to the opening of heat 

exchanger bypasses to control the rising first pass outlet temperature; 

(c) the second pass inlet and outlet temperatures increase. 

1 pass outlet 
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Figure 11.13 First pass inlet and outlet temperatures and feed gas SO2 concentration. 
The acid plant is under first pass outlet temperature control. The break in 
the SO2 concentration trend at ~1S0 minutes is due to calibration of the 
instrument. As feed gas SO2 concentration increases, the first pass outlet 
temperature increases. The first pass inlet temperature is seen to decrease 
when feed gas SO2 concentration increases due to the opening of heat 
exchanger bypasses by the distributed control system. 
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Figure 11.14 Second pass inlet and outlet temperatures and feed gas SO2 concentration. 
The acid plant is under first pass outlet temperature control. The break in 
the SO2 concentration trend at ~150 minutes is due to calibration of the 
instrument. Second pass inlet and outlet temperatures increase with 
increasing feed gas SO2 concentrations and vice-versa. 

Figures 11.15 and 11.16 show that when the first pass inlet temperature is 

controlled, the first pass outlet and second pass inlet and outlet temperatures fluctuate 

with the feed gas SO2 concentration. As the feed gas SO2 concentration increases: 

(a) the first pass outlet temperature increases; 

(b) the second pass inlet and outlet temperatures increase. 
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Figure 11.15 Feed gas SO2 concentration and first pass inlet and outlet temperatures. 
The acid plant is under first pass inlet temperature control. As feed gas 
SO2 concentration increases, the first pass outlet temperature increases. 
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Figure 11.16 Second pass inlet and outlet temperatures and feed gas SO2 concentration. 
The acid plant is under first pass inlet temperature control. As feed gas 
SO2 concentration increases, the second pass inlet and outlet temperatures 
increase. 

This section has shown that first pass inlet temperature control strategy provides 

more SO2 conversion by decreasing the inlet temperature of all the catalyst beds. Its only 

disadvantage is that it slightly increases the temperature standard deviations in the second 

and third passes. 

The next section suggests the use of feed gas SO2 concentration as a feed forward 

parameter to optimize SO2 conversion in the first pass, hence the entire acid plant. 
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11.3 .4 Recommended feed forward control strategy to maximize first pass SO2 
conversion 

An important objective of any acid plant control strategy is to minimize pass inlet 

and outlet temperature deviations. It allows the catalyst beds to be operated near their 

initiation temperature (without falling below it) and it minimizes thermal cycling of the 

ductwork, heat exchangers and catalyst beds. 

Catalyst bed temperature deviation is mainly caused by, as seen in Figures 11.13 

to 11.16, fluctuations in feed gas SO2 concentration. 

The first pass inlet and outlet temperature control strategies now operate in 

feedback mode. A pass inlet or outlet temperature is measured and compared to an 

operator-adjusted setpoint. A signal is then sent to the bypass valve or valves to open or 

close to achieve the temperature setpoint. Neither strategy directly accounts for 

fluctuations in feed gas SO2 concentration. 

When feed gas SO2 concentration increases, the first pass inlet temperature should 

be lowered to provide more SO2 conversion. This should result in a nearly constant first 

pass outlet temperature. This, in turn, will minimize temperature deviations in the second, 

third and fourth passes. 

The objective of the feed forward strategy is to maintain a constant first pass 

outlet temperature. This will cause the temperatures of all of the other catalyst beds to 

remain constant. Only the first pass inlet temperature standard deviation will increase. 

Figure 11.17 shows measured first pass inlet and outlet temperatures as fiinctions 

of feed gas SO2 concentration under first pass outlet temperature control. 



359 

950 

900 

g 850 

2 800 
S. 

® 750 

700 

650 

1^' pass outlet 

• /  J t o V  

V/,« 

1 pass inlet 

5 6 7 8 9 10 11 12 13 14 

Volume %S02 in feed gas 

Figure 11.17 First pass inlet and outlet temperatures as a function of feed gas SO2 
concentration using the first pass outlet temperature control strategy. The 
first pass inlet temperature is seen to decrease slightly with higher feed gas 
SO2 concentrations. This figure is for the same time firame used in Figure 
11.13. 

Figure 11.18 shows the first pass inlet and outlet temperatures as functions of the 

feed gas SO2 concentration with first pass inlet temperature control. The figure shows 

that the variation in the first pass inlet temperature is small and that it is almost 

independent of fluctuating feed gas SO2 concentration. 
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Figure 11.18  First pass inlet and outlet temperatures as a function of feed gas SO2 
concentration using the first pass inlet temperature control strategy. 
Variation in the first pass inlet temperature with feed gas SO2 concentration 
is seen to be small. This figure is for the same time frame used in Figure 
11.15. 

The suggested control strategy to optimize SO2 conversion in the first pass entails 

using the first pass inlet temperature control strategy (Section 11.2.3) along with the 

following. 

The first pass inlet temperature setpoint is calculated using an equation of the 

form: 

Tpirst pass inlet setpoint ~ A + B Vol% SO2 in feed gas (11.1). 

The constants A and B in the equation could be determined by analysis of past 

plant operating data. Minimum and maximum first pass inlet temperatures at 
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corresponding feed gas SO2 concentrations have been selected for this example based on 

observation of acid plant operator practices. They are then used to determine constants A 

and B in Equation 11.1. Table 11.2 shows selected minimum and maximum first pass 

inlet temperatures at corresponding feed gas SO2 concentrations. 

Item 
Minimum first pass 
inlet temperature 

Maximum first pass 
inlet temperature 

First pass inlet temperature 

Volume %S02 in feed gas 

693 K 

12 vol% SO2 

720 K 

5 vol% SO2 

Table 11.2 Selected minimum and maximum first pass inlet temperatures at specified 
feed gas SO2 concentrations. They are selected to give constant first pass 
outlet temperatures. 

The calculated A and B constants are; 

A = 739.2 K 

B = -3.8 K Vol% SOz"' 

Equation 11.1 becomes; 

"^First pass inlet setpoint ~ 739.2 + -3.8 ^ Vol% SO2 in feed gas (11.2). 

When this equation is included in the control strategy, the first pass inlet 

temperature setpoint is automatically determined instead of being adjusted by the 
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operator. The setpoint is a minimum at the maximum feed gas SO2 concentration and 

vice-versa. This control strategy will ensure that: 

(a) the maximum amount of SO2 conversion is occurring in the first pass; 

(b) the first pass outlet temperature is constant at the temperatures required to 

keep subsequent passes at their optimum operating temperatures. 

1 1 4  O V E R A L L  S M E L T E R  Q F F G A S  P R O C E S S  C O N T R O L  O B J E C T I V E S  

11.4.1 EPA SO2 limits 

EPA regulations state that the maximum six hour average acid plant tail gas SO2 

concentration must not exceed 650 ppm by volume. They also state that the maximum 

SO2 emission limit for the main stack is 13,911 tonnes/yr or 1,588 kg/hr. The main stack 

receives the acid plant tail gas and gases fi-om the smelter's secondary ofFgas collection 

systems. 

11 .4.2 Smelter secondary SO2 collection 

Fugitive SO2 emissions are captured by the secondary offgas collection systems 

and sent to the smelter stack. These systems are located at the flash furnace and at each 

Peirce-Smith converter. They capture SO2 emissions not collected by the primary offgas 

collection system. Figure II. 19 shows a flow sheet of the SO2 collection systems for the 

modeled smelter. 
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Figure 11,19 Flow sheet of primary and secondary offgas collection systems for the modeled smelter. The primary offgas 
collection system is shown by solid lines. The secondary offgas collection system is shown by dashed lines. 
Dilution air enters the acid plant feed gas in the Peirce-Smith converter primary offgas cleaning and drying 
system. 
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11.4.3 Acid plant SO2 emission control objectives 

The metallurgical sulfuric acid plant must; 

(a) meet the six hour average tail gas SO2 concentration (650 ppm) limit; 

(b) minimize stack SO2 emissions (kg/hr) by maximizing primary (acid plant) 

SO2 capture from flash furnace and Peirce-Smith converter ofFgases. 

Objective (b) guarantees that the fiscal year stack SO2 emissions requirement will 

be met. It might be described as a "money in the bank" strategy. If the smelter uses up 

the stack SO2 emission credit before the end of the current fiscal year it must suspend 

operations until the start of the new fiscal year. 

11.4.4 Minimization of smelter stack emissions 

Smelter SO2 emissions captured by the secondary ofFgas collection systems are 

minimized by; 

(a) ensuring that all primary offgas collection equipment is clean, maintained 

and utilized; 

(b) maximizing primary offgas flow into the sulfuric acid plant; 

(c) minimizing the amount of dilution air brought into the acid plant feed gas. 
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11.4.5 Minimization of acid plant tail gas SO2 concentration 

Acid plant tail gas SO2 concentration (ppm) is minimized by: 

(a) maximizing SO2 conversion by operating the catalyst beds at their 

minimum acceptable inlet temperatures; 

(b) controlling feed gas SO2 concentration using dilution air. 

11.4.6 Stack SO2 emissions (kg/hr) and tail gas SO2 concentration (ppm) relationship 

The acid plant must maximize primary offgas SO2 capture from the flash furnace 

and Peirce-Smith converters while meeting the six hour tail gas SO2 concentration limit. 

When the feed gas SO2 concentration exceeds the design maximum limit (11.6 vol% SO2 

for the modeled plant), the dilution air valve must be opened to dilute the feed gas. 

Operating the acid plant with a feed gas higher in SO2 concentration than design for an 

extended period of time will (without dilution air) resuh in a violation of the six hour tail 

gas SO2 concentration limit. 

However, directing dilution air into the acid plant feed gas decreases the draft 

available to draw converter offgas into the primary offgas colleaion system. This 

decreases converter offgas capture and sends more converter SO2 to the stack. This 

typically results in an increase in stack SO2 emissions. 

The best strategy is, therefore, to minimize dilution air input while achieving the 

required 650 ppm tail gas SO2 concentration requirement. This can be accomplished by 
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operating the catalyst passes at their minimum acceptable input operating temperatures, 

perhaps using the control strategy described in Section 11.3.4, 

11.5 CHAPTER SUMMARY 

This chapter showed how heat exchanger bypasses are used to control pass inlet 

and outlet temperatures. Two control strategies were evaluated using plant data. They 

were: 

(a) first pass outlet temperature control; 

(b) first pass inlet temperature control. 

Controlling the first pass inlet temperature results in lower catalyst bed temperatures and 

higher SO2 conversions. 

Fluctuations in feed gas SO2 concentration have been shown to cause fluctuations 

in catalyst pass inlet and outlet temperatures. Currently, heat exchanger bypasses take 

these SO2 fluctuations into account by feedback control based on measured catalyst pass 

inlet or outlet temperatures. This may be described as 'control after the fact'. 

It is suggested that a better control strategy would be feed forward control based 

on measured incoming acid plant feed gas SO2 concentration. An equation has been 

developed for this purpose. Basically, as feed gas SO2 concentration increases, the first 

pass inlet setpoint temperature would be decreased (automatically by the DCS) to give a 
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constant first pass outlet temperature. In turn, this would give constant (optimum) 

catalyst pass outlet temperatures throughout the plant. 

The SO2 emission control objectives of the metallurgical sulfuric acid plant were 

shown to be: 

(a) meeting the 650 ppm six hour tail gas SO2 concentration limit; 

(b) minimizing stack SO2 emissions (kg/hr) by maximizing primary capture of 

flash furnace and Peirce-Smith converter ofFgases. 

These objectives are met by optimizing SO2 conversion in the passes. This allows 

the acid plant to process feed gases containing higher SO2 concentrations, which 

minimizes dilution air requirements and hence minimizes stack SO2 emissions. 
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Chapter 12 

DESIGN CHANGES FOR INCREASED FEED GAS FLOW RATES 
AND SO2 STRENGTHS 

The objective of this chapter is to evaluate the additional requirements for an 

existing acid plant to accommodate increased feed gas flow rates and SO2 strengths. The 

modeled acid plant is the basis of this example. 

12.1 CURRENT DESIGN CONDITIONS 

The current design conditions for the modeled acid plant are shown in Table 12.1. 

The design and equilibrium SO2 conversions for the four passes are shown in Table 10.8. 

The equilibrium heat exchanger enthalpy transfer requirements were calculated for the 

Table 12.1 conditions. They are shown in Table 12.2 along with the equilibrium SO2 

conversions from Table 10.8. The equilibrium heat exchanger enthalpy transfers were 

calculated using the equations shown in Seaion 9.6.9. 
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Item Units Value 

Feed gas SO2 (maximum) vol% 11.58 
Feed gas O2 (maximum) vol% 12.76 
Feed gas N2 vol% 75.66 
Feed gas flow rate (dry basis maximum) NmVmin 3036.4 
Feed gas temperature (maximum) K 391.0 
1"* inlet /1"^ outlet K 693.0/902.0 
2"'' inlet / 2"'' outlet K 711.0/792.0 
I AT* gas inlet / lAT gas outlet K 525.0/355.0 
lAT acid inlet / lAT acid outlet K 355.0/385.0 
3"* inlet / 3"* outlet K 703.0/752.0 
4"* inlet / 4"' outlet K 703.0/709.0 
FAT** gas inlet / FAT gas outlet K 517.0/355.0 
FAT acid inlet / FAT acid outlet K 355.0/381.0 
Tail gas temperature K 501.3 
I AT inlet acid / FAT inlet acid % H2SO4 98.5 /98.5 
lAT outlet acid / FAT outlet acid % H2SO4 99.09/98.70 
I AT inlet acid / FAT inlet acid kg/min H2SO4 (98.5%) 43,099/ 18,525 
Acid production (as 100% H2SO4) tonnes/day 2210.0 
SO3 absorption efficiency mass% 100.0 
Tail gas SO2 concentration ppm 560.0 
|A//Cold HXl MJ/min 242.1 
\ah 1-2 HX| MJ/min 900.7 

\ah2-2 HX| MJ/min 1222.4 

\ah 3-4 HX| MJ/min 175.7 

\ah Tail Gas Re-heater HX| MJ/min 485.8 
*IAT = Intermediate absoiption tower 

••FAT = Final absorption tower 

Table 12.1 Smelter acid plant design conditions for processing INCO flash furnace and 
Peirce-Smith converter offgas. This table is the same as Table 10.1. The 
catalyst manufacturer provided the non-equilibrium catalyst bed outlet 
temperatures. 
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Item Design Equilibrium 

First Inlet temperature (K) 693.0 693.0 
Pass Outlet temperature (K) 902.0 911.9 

% SO2 conversion 62.7 65.4 
Second Inlet temperature (K) 711.0 711.0 

Pass Outlet temperature (K) 792.0 799.0 
% SO2 conversion 86.7 91.5 

Third Inlet temperature (K) 703.0 703.0 
Pass Outlet temperature (K) 752.0 738.6 

% SO2 conversion 98.2 99.8 
Fourth Inlet temperature (K) 703.0 703.0 
Pass Outlet temperature (K) 709.0 703.5 

% SO2 conversion 99.6 99.9 
|A//Cold HX|(MJ/min) 242.1 261.2 

Heat lAff 1-2 HX| (MJ/min) 900.7 931.1 
Exchangers |A^2-3 HX| (MJ/min) 1222.4 1199.9 

IA//3-4HXI (MJ/min) 175.7 127.4 
lAH Tail Gas Re-heater HX| (MJ/min) 485.8 482.9 
Feed gas temperature (K) 391.0 391.0 
Tail gas temperature (K) 501.3 501.3 
lAT/FAT inlet gas temperature (K) 525.0/517.0 532.8/490.7 
lAT/FAT outlet gas temperature (K) 355.0/355.0 355.0/355.0 
LAT/FAT inlet acid temperature (K) 355.0/355.0 355.0/355.0 
LAT/FAT outlet acid temperature (K) 385.0/381.0 383.2/373.0 
SO3 absorption efficiency 100.0 99.95 
Tail gas SO2 concentration (ppm) 560.0 141.0 1 

Table 12.2 Comparison between design and equilibrium catalyst bed conditions. 
Equilibrium results in higher SO2 conversions and lower tail gas SO2 
concentrations. Equilibrium and installed heat exchanger enthalpy transfers 
are also shown. The feed gas flow rate, composition and temperature are 
identical to those shown in Table 12.1. 
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12.2 FUTURE DESIGN CONDITIONS 

The following question is asked: 

What happens to tail gas SO2 concentration, intermediate and final absorption tower inlet 

gas temperatures; intermediate and final absorption tower outlet acid temperatures and 

heat exchanger enthalpy tranter requirements when the modeled acid plant processes 

the following feed gas? 

Assume equilibrium SO2 conversions, adiabatic conditions, and the following 

temperatures and acid inputs: 

Temperature: 391 K 
12 vol% 
12 vol% 
76 vol% 

SO2: 

O2: 
N2: 
Flow rate: 3398 Nm^/min 

I" pass inlet: 
2" pass inlet: 
3"'̂  pass inlet: 
4"^ pass inlet: 
Intermediate absorption acid inlet: 
Final absorption acid inlet: 
Intermediate absorption gas outlet: 
Final absorption gas outlet: 
Tail gas: 
lAT inlet acid mass: 
FA T inlet acid mass: 

693 K 
711 K 
703 K 
703 K 
355 K 
355 K 
355 K 
355 K 
501K 
43,099 kg/min at 98.5 mass% H2SO4 

18,525 kg/min at 98.5 mass% H2S04-
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The question is answered by inserting the feed gas and catalyst bed temperature 

specifications into the mathematical model. The results are compared in Table 12.3 to 

the equilibrium conditions shown in Table 12.2. 

Feed gas with Feed gas with 
Stream Units 11.6VO1%S02 12.0 vol% SO2 Difference 

Feed gas SO2 vol% 11.6 12.0 +0.4 
Feed gas O2 vol% 12.8 12.0 -0.8 
Feed gas N2 vol% 75.6 76.0 +0.4 
Feed gas flow rate NmVmin 3036 3398 +362.0 
Feed gas K 391.0 391.0 0 
l"" pass inlet K 693.0 693.0 0 
1" pass outlet K 911.9 913.6 +1.7 
2"^ pass inlet K 711.0 711.0 0 
2"^ pass outlet K 799.0 803.5 +4.5 
lAT* inlet gas K 532.8 539.2 +6.4 
lAT outlet gas / inlet acid K 355.0/355.0 355.0/355.0 0 / 0  
lAT outlet acid K 383.2 387.4 +4.2 
3"* pass inlet K 703.0 703.0 0 
3"* pass outlet K 738.6 745.0 +6.4 
4"* pass inlet K 703.0 703.0 0 
4'^' pass outlet K 703.5 703.8 +0.3 
FAT** inlet gas K 490.7 500.2 +9.5 
FAT outlet gas / inlet acid K 355.0/355.0 355.0/355.0 0 
FAT outlet acid K 373.0 377.0 +4.0 
Tail gas K 501.3 501.3 0 
lA/fCold HXl MJ/min 261.2 258.6 -2.6 

\ah 1-2 HXl MJ/min 931.1 1053.6 +122.5 

|A^2-3 HX| MJ/min 1199.9 1337.9 +138.0 

|A//3-4HX| MJ/min 127.4 167.6 +40.2 

\ah Tail Gas Re-heater HX| MJ/min 482.9 536.0 +53.1 
Tail gas SO2 ppm 141 182 +41.0 

*IAT = Intennediate absoiption tower 
••FAT = Final absorption tower 

Table 12.3 Equilibrium conditions for the modeled double absorption acid plant with 
two different feed gas specifications. The equilibrium pass outlet 
temperatures, absorption tower inlet gas temperatures and absorption tower 
outlet acid temperatures all increase with high flow rate and high feed gas 
SO2 strength. 
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When the acid plant treats a larger volumetric flow rate of feed gas containing 

more SO2 and less O2 the mathematical model predicts: 

(a) tail gas SO2 concentrations increase; 

(b) equilibrium pass outlet temperatures increase; 

(c) intermediate and final absorption tower inlet gas temperatures increase, 

(d) intermediate and final absorption tower outlet acid temperatures increase; 

(e) enthalpy transfer requirements fiar the 1-2 HX, 2-3 HX, 3-4 HX and Tail 

Gas Re-heater HX increase; 

(f) enthalpy transfer requirements for the Cold HX decrease. 

This is the answer to the Section 12.2 question. The results show that the existing acid 

plant cannot treat the specified feed gas without increasing its tail gas SO2 concentration, 

absorption tower inlet gas temperatures and absorption tower outlet acid temperatures. 

Therefore, the following question is asked: 

The acid plant must treat the following specified feed gas: 

Temperature: 391K 
12 vol% 
12 volVo 
76 vol% 

SO2: 
O2: 
Ni: 
Flow rate: 3398 Nm^/min 

What design changes must be made to the modeled acid plant to ensure that: 
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faj equilibrium tail gas SO 2 concentrations are 141 ppm or less; 

(b) intermediate and final absorption tower inlet gas temperatures are 533 K, 

and 491 K, respectively; 

(c) intermediate andfinal absorption tower outlet acid temperatures are 

383 Kand 373 K, respectively. 

Assume equilibrium SO2 conversions, adiabatic conditions and that the acid plant must 

remain a two-pass - intermediate absorption - two-pass acid plant (2:2). 

The next four sections provide the answer to this question. 

12.3 LOWERING TAIL GAS SO; CONCENTRATION WITH CESIUM CATALYST 

The use of cesium promoted catalyst provides more SO2 conversion by allowing 

the catalyst beds to be operated at lower inlet temperatures (Section 8.4.3). Three 

options are considered, they are: 

(a) cesium promoted catalyst in the first pass; 

(b) cesium promoted catalyst in the first and fourth pass; 

(c) cesium promoted catalyst in the fourth pass. 
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12.4 CESIUM CATALYST IN THE FIRST PASS 

The first calculation considers installing cesium promoted catalyst in the first 

pass. The first pass inlet temperature is set to 650 K. The results are shown in Table 

12.4. 

Feed gas with Feed gas with 
Item Units 11.6 vol% SO2 12.0 vol% SO2 Difference 

Feed gas SO2 vol% 11.6 12.0 +0.4 
Feed gas O2 vol% 12.8 12.0 -0.8 
Feed gas N2 vol% 75.6 76.0 +0.4 
Feed gas flow rate Nm^/min 3036 3398 +362.0 
I'" pass inlet K 693.0 650.0 -43.0 
l" pass outlet K 911.9 893.3 -18.6 
2"^ pass inlet K 711.0 711.0 0 
2"'' pass outlet K 799.0 789.5 -9.5 
3"* pass inlet K 703.0 703.0 0 
3"* pass outlet K 738.6 736.7 -1.9 
4"' pass inlet K 703.0 703.0 0 
4"' pass outlet K 703.5 703.5 0 
Tail gas SO2 ppm 141.0 142.8 +1.8 

Table 12.4 Current acid plant design conditions and future acid plant design conditions 
using cesium promoted catalyst in the first bed. The first pass inlet 
temperature is specified to be 650 K. This gives more SOj conversion in the 
first pass and allows a higher volumetric flow rate feed gas with a higher SO2 
concentration to be treated. 

Table 12.4 shows that the use of cesium promoted catalyst in the first pass does 

not quite achieve the desired 141 ppm tail gas SO2 concentration. The next calculation 

shows the effect of cesium promoted catalyst in the first and fourth catalyst beds. 
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12.5 CESIUM CATALYST IN FIRST AND FOURTH PASSES 

This calculation considers the installation of cesium catalyst in the first and fourth 

passes. It specifies, therefore, that the first and fourth pass inlet temperatures are 650 K. 

The results are shown in Table 12.5. 

Item Units 
Feed gas with 
11.6 vol% SO2 

Feed gas with 
12.0 vol% SO2 Difference 

Feed gas SO2 vol% 11.6 12.0 +0.4 
Feed gas O2 vol% 12.8 12.0 -0.8 
Feed gas N2 vol% 75.6 76.0 +0.4 
Feed gas flow rate Nm^/min 3036 3398 +362.0 
1®* pass inlet K 693.0 650.0 -43.0 
1®* pass outlet K 911.9 893.3 -18.6 
2"'' pass inlet K 711.0 711.0 0 
2"^ pass outlet K 799.0 789.5 -9.5 
3"* pass inlet K 703.0 703.0 0 
3^'' pass outlet K 738.6 736.7 -1.9 
4''' pass inlet K 703.0 650.0 -53.0 
4'^' pass outlet K 703.5 650.8 -52.7 
Tail gas SO2 ppm 141.0 36.8 -104.2 

Table 12.5 Current acid plant design conditions and future acid plant design conditions 
with cesium promoted catalyst in the first and fourth catalyst beds. The use 
of cesium promoted catalyst in the first and fourth passes provides a 
significant reduction in tail gas SO2 concentration while treating a higher 
fiow rate feed gas with more SO2. 

Table 12.5 shows that the use of cesium promoted catalyst in the first and fourth 

catalyst beds easily achieves the 141 ppm tail gas SO2 concentration limit. 

Future calculations in this section will be based on the following pass inlet 

temperature specification; 
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1^ pass inlet: 650 K 
2"''pass inlet: 711 K 
3'^'' pass inlet: 703 K 
4"* pass inlet: 650 K. 

Cesium promoted catalyst installed in the first and fourth passes will achieve the 

desired 141 ppm tail gas SO2 concentration limit. The next section examines the heat 

exchanger requirements for this option. 

12.5.1 Required heat exchanger modifications 

The existing heat exchangers must transfer the required enthalpy for future design 

conditions, i.e. 12 vol% SO2 in the feed gas. The heat exchangers may require 

modifications. The answer to the following question determines what modifications will 

be required. The question is: 

What are the entluxlpy tranter requirements for each heat exchanger given the following 

feed gas and catalyst bed inlet temperature specifications? 

SO2: 

O2: 
N2: 
Flow rate: 

12 vol% 
12 vol% 
76 vol% 
2398 Nm^/min 

1'̂  pass inlet: 
T pass inlet: 
3'̂ '̂  pass inlet: 
4"' pass inlet: 

I'̂ pasi. 
ind 

650 K 
711 K 
703 K 
650 K. 

Assume equilibrium SO2 conversions and adiabatic conditions. 
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The question is answered by substituting the appropriate values into the heat 

exchanger enthalpy transfer equations shown in Section 9.6.9. The answer to the 

question is shown in Table 12.6 along with the enthalpy transfer requirements for the 

11.6 vol% SO2 feed gas from Table 12.2. 

Heat Exchanger 

Feed gas; 
3036 NmVmin 
11.6VO1%S02 
12.8 vol% O2 

(MJ/min) 

Feed gas; 
3398 NmVmin 
12.0 vol% SO2 
12.0 vol% O2 

(MJ/min) 
|A//Cold HX| 261.2 -24.6 

\^H 1-2 HX| 931.1 946.1 
\^H2•3 HX| 1199.9 1329.9 
|A/f3-4HX| 127.4 342.0 

IA//TGRHXI 482.9 535.8 

Table 12.6 Heat exchanger enthalpy transfer requirements for the feed gas containing 
11.6 vol% SO2 (3036 Nm^/min) and 12.0 vol% SO2 (3398 NmVmin). 
Cesium promoted catalyst is used in the first and fourth passes for the feed 
gas containing 12.0 vol% SO2. The specified first and fourth pass inlet 
temperatures in this case are 650 K. 

The Cold HX enthalpy transfer requirement for the 12 vol% SO2 feed gas is 

negative. The enthalpy transfer requirement of the 3-4 HX significantly increases as a 

result of using cesium promoted catalyst in the fourth catalyst bed. This causes a 

negative Cold HX enthalpy transfer requirement. 

A solution to this problem is to replace the 3-4 HX with an SO3 Cooler HX. With 

this scenario air is used to cool the third pass outlet gas to the fourth pass inlet 

temperature and the 3-4 HX is eliminated (Figure 12.1). The feed gas is heated to 
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Figure 12 1 Modified double absorption acid plant flow sheet The 3-4 HX has been replaced with an SO3 Cooler HX to 
provide a fourth pass inlet temperature of 650 K U) 

-J vo 
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the first pass inlet temperature in the Cold HX and 1-2 HX instead of the Cold HX, 

1-2 HX and 3-4 HX. The Cold HX enthalpy transfer equation (9.14) becomes; 

I^Cold HXl = 1st pass inlet" •^Feed gas " |A//i.2 HXl (12.1). 

The second question is: 

What are the heat exchanger enthalpy tranter requirements when an SO3 Cooler HX is 

used in place of the 3-4 HX? 

The answer to this question is shown in Table 12.7. 

Heat Exchanger 

Feed gas: 
3036 NmVmin 
11.6vol% SO2 
12.8 vol% O2 

(MJ/min) 

Feed gas: 
3398 NmVmin 
12.0 vol% SO2 
12.0 vol% O2 

(MJ/min) 

lA/fCold HX| 261.2 317.4 

\ah 1-2 HX| 931.1 946.1 

\ah2-3 HX| 1199.9 1329.9 

|A/^3-4HX| 127.4 0 

lA/^SOa Cooler HX| 0 342.0 

|A^ Tail Gas Re-heater HX| 482.9 535.8 

Table 12.7 Heat exchanger enthalpy transfer requirements for feed gases containing 
11.6 vol% SO2 (3036 NmVmin) and 12.0 vol% SO2 (3398 NmVmin). 
Cesium promoted catalyst is used in the first and fourth passes and the 3-4 
HX is replaced by an SO3 Cooler HX for the feed gas containing 12.0 vol% 
SO2. 
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The 3-4 HX must be replaced with an SO3 Cooler HX to ensure the specified 

catalyst bed inlet temperatures are achieved with the 12 vol% SO2 feed gas. The enthalpy 

transfer requirements of the Cold HX increase under the specified feed gas conditions. 

The maximum enthalpy transfer of the Cold HX (Table 9 .15) occurs at the minimum feed 

gas SO2 concentration. Bypass is used to achieve the required enthalpy transfer at the 

maximum feed gas SO2 concentration. The Cold HX bypass duct does not need to be 

enlarged because the future required enthalpy transfer (317 MJ/min) is greater than the 

present design enthalpy transfer (261 MJ/min), i.e. future Cold HX bypass requirements 

are less than the present design requirements. 

The 1-2 HX, 2-3 HX and Tail Gas Re-heater HX enthalpy transfer requirements 

all increase. Significant modifications to the 1-2 HX are not required because its heat 

transfer requirement increased by less than 2%. Modifications or replacement of the 

2-3 HX and the Tail Gas Re-heater HX are required. 

12.5 .2 Intermediate and final absorption tower inlet gas temperatures 

The following question is asked; 

What are the intermediate and final absorption tower inlet gas temperatures given the 

following feed gas, catalyst bed inlet temperature arui heat exchanger enthalpy transfer 

specifications? 

SO2: 

O2: 
N2: 

12 vol% 
12 vol% 
76 volVo 

Flaw rate: 3398 Nm^/min 
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I" pass inlet: 
2" pass inlet: 

pass inlet: 
4"' pass inlet: 
\AHColdHX\: 
\^H 1-2 HX\ : 
\AH2-3HX\: 
\AHSOs Cooler HX\ : 
\AHTGRHX\: 

650 K 
711 K 
703 K 
650 K 
217.4 MJ/min 
946.1 MJ/min 
1229.9 MJ/min 
242.0 MJ/min 
525.8 MJ/min. 

Assume equilibrium SO2 conversions and adiabatic conditions. 

The question is answered by substituting the specified catalyst bed inlet 

temperatures, feed gas conditions and heat exchanger enthalpy transfers into the 

mathematical model. The intermediate and final absorption tower inlet gas enthalpies are 

determined using Equations 9.16 and 9.18. The temperatures are then determined from 

the enthalpies and gas compositions using the procedure shown in Appendix E. The 

answer to the question is shown in Table 12.8. 

Feed gas; Feed gas; 
3036 NmVmin 3398 Nm^/min 

Gas Stream 11.6voi% SO2 12.0 vol% SO2 
12.8 vol% O2 12.0 vol% O2 

(K) CK) 

Intermediate absorption tower inlet gas 532.8 526.0 

Final absorption tower inlet gas 490.7 428.1 

Table 12.8 Intermediate and final absorption tower inlet gas temperatures for a feed gas 
with 11.6 vol% SO2 and a feed gas with 12.0 vol% SO2. 
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The calculations show that the new intermediate absorption tower inlet gas 

temperature is below the previous design value. This indicates that the calculated 2-3 HX 

enthalpy transfer requirement is sufficient. 

The final absorption tower inlet gas temperature is below the acid dew point for 

the gas (-444.3 K (Appendix A)). Its temperature must be increased to prevent excessive 

corrosion to the final absorption tower inlet gas duct. This can be achieved by decreasing 

the enthalpy transfer of the Tail Gas Re-heater HX. 

The enthalpy transfer requirement of the Tail Gas Re-heater HX increases from 

482.9 MJ/min to 535.8 MJ/min with the fiature feed gas conditions (Table 12.7). If the 

Tail Gas Re-heater HX enthalpy transfer capability is not changed when the 12 vol% SO2 

feed gas is treated (i.e. \dJI Tail Gas Re-heater HX| = 482.9 MJ/min), the tail gas and 

final absorption tower inlet gas temperatures become 487.0 K and 442.2 K, respectively. 

This final absorption tower inlet gas temperature is not above the acid dew point for the 

gas. 

A further reduction in the enthalpy transfer of the Tail Gas Re-heater HX is 

required. When |A^ Tail Gas Re-heater HX| is lowered from 482.9 MJ/min to 

450.0 MJ/min the final absorption tower inlet gas temperature increases from 442.2 K to 

451.0 K and the tail gas temperature decreases from 487.0 K to 478.1 K. This decrease 

in enthalpy transfer could be accomplished by plugging some of the tubes in the Tail Gas 

Re-heater HX. A 450.0 MJ/min enthalpy transfer for the Tail Gas Re-heater HX will be 

used for fliture calculations in this section. 
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12.5.3 Intermediate and final absorption tower outlet acid temperatures 

The first question to be answered is: 

What are the intermediate and final absorption tower outlet acid temperatures given the 

following feed gas, intermediate and final absorption tower inlet acid masses, catalyst 

bed inlet temperatures and heat exchanger enthalpy tranter specifications? 

SO2: 

O2: 
N2: 
Flow rate: 
I" pass inlet: 
2" pass inlet: 
3 '̂' pass inlet: 

pass inlet: 
\bMColdW<\. 
\bdi 1-2 HX\-. 
\bM2-3HX\. 
\t^S03CoolerHX\. 
\hHTGRHX\. 
I AT inlet gas: 
FAT inlet gas: 
I A T inlet acid mass: 
FA T inlet acid mass: 

12 vol% 
12 \ol% 
76 \ol% 
3398Nm^/min 
650 K 
711K 
703 K 
650 K 
317.4 MJ/min 
946.1 MJ/min 
1329.9 MJ/min 
342.0 MJ/min 
450.0 MJ/min 
526.0 K 
451.0 K 
43,099 kg/min at 98.5 massYo H2SO4 
18,525 kg/min at 98.5 mass% H2S04-

Assume equilibrium SO2 conversions and adiabatic conditions. 

The question is answered by substituting the specified feed gas, catalyst bed inlet 

temperatures and absorption tower inlet gas temperatures into the mathematical model. 

The Table 9.6 matrix and Section 8.5.15 equations are used to determine the outlet acid 

temperatures. The results are shown in Table 12.9. 



385 

Feed gas; Feed gas; 
3036 NmVmin 3398 Nm^/min 

Acid Stream 11.6vol% SO2 12.0 vol% SO2 
12.8 vol% O2 12.0 vol% O2 

(K) (K) 

Intermediate absorption tower outlet acid 383.2 387.0 

Final absorption tower outlet acid 373.0 370.2 

Table 12.9 Intermediate and final absorption tower outlet acid temperatures for a feed 
gas with 11.6 vol% SO2 and a feed gas with 12.0 vol% SO2. 

The final absorption tower outlet acid temperature is acceptable. The 

intermediate absorption tower outlet acid temperature must be decreased to prevent 

excessive corrosion to the acid circulation system (Section 7.9.1). Two possible design 

changes that will decrease the intermediate absorption tower outlet acid temperature are. 

(a) cool the intermediate absorption tower inlet gas with an SO3 Cooler HX; 

(b) increase the mass of acid flowing through the intermediate absorption 

tower. 

These issues will be discussed in terms of the following questions. The first three 

are; 
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(a) How much enthalpy must be removed from the intermediate absorption 

tower inlet gas by an SO3 Cooler HX to reduce the outlet acid temperature 

from 387.0 K to 283.2 K? 

(b) What is the new intermediate absorption tower inlet gas temperature after 

this enthalpy is removed by the SO3 Cooler HX? 

(c) What is the acid dew point of the intermediate absorption tower inlet gas 

given the following composition? 

SO2' I- 0 vol% 
SO3: 11.7 vol% 
O2 ' 6.8 vol% 
N2: 80.4 vol% 
H2O: 0.006 vol% 

(a) Required enthalpy transfer of intermediate absorption tower inlet gas SO3 Cooler HX 

The first question is answered by iteration. An amount of enthalpy is subtracted 

from the intermediate absorption tower inlet gas until the outlet acid temperature 

decreases to its specified 383.2 K. The answer to the first question is 295 MJ/min. 

(b) Intermediate absorption tower inlet gas temperature after SO3 Cooler HX 

The intermediate absorption tower inlet gas enthalpy decreased from 

-5979.8 MJ/min to -6274.8 MJ/min. The temperatiire of the gas decreases from 526.0 K 

to 465 .5 K. This is the answer to the second question. 
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(c) Intermediate absorption tower inlet gas acid dew point after cooling 

The third question is answered using Appendix A and the specified intermediate 

absorption tower inlet gas composition. The acid dew point is calculated to be 468.4 K. 

This is above the calculated intermediate absorption tower inlet gas temperature (part 

(B)). 

Operating the SO3 Cooler HX below the acid dew point for the gas will likely 

result in acid mist formation in the heat exchanger and duct entering the intermediate 

absorption tower. Therefore, a fourth question is asked: 

How much more 98.5% H2SO4 acid must be circulated through the intermediate 

absorption tower to decrease the outlet acid temperature from 287.0 K to 383.2 K 

assuming the inlet gas temperature is 526 K? 

The question is answered by using the "Goal Seek" function in Excel. The mass 

of acid is changed until the outlet acid temperature decreases to its specified value. The 

total mass of acid must be increased from 43,099 kg/min to 49,059 kg/min to lower the 

outlet acid temperature from 387 K to 383 K. Thus, 5,960 kg/min more acid must be 

circulated through the intermediate absorption tower, which is the answer to the question. 

Increasing the mass of acid flowing through the intermediate absorption tower 

increases the enthalpy transfer requirements of the acid coolers and the water-cooling 

tower. An extra 295 MJ/min must be removed from the circulating acid to keep the 
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outlet acid temperature at its specified 383.2 K. This could be accomplished by adding 

another acid cooler. Additional cooling tower capacity may also be necessary. 

The next alternative considers balancing the outlet acid cooling duty between the 

intermediate absorption tower inlet gas SO3 Cooler HX and the mass of acid flowing 

through the intermediate absorption tower. A fourth question is asked; 

What is the enthalpy transfer requirement for the intermediate absorption tower inlet gas 

SO3 Cooler HX and the mass of acid required to give an outlet acid temperature of 

383.2 K when the intermediate absorption tower inlet gas is cooled to 470 K? 

The question is answered by combining the techniques used in the previous 

questions. First, the intermediate absorption tower inlet gas is cooled to 470 K using the 

SO3 Cooler HX. Next the acid mass is increased to lower the outlet acid temperature 

from 387 K to 383.2 K. The results are shown in Table 12.10. 

LAT inlet 
lAT outlet acid mass Heat transfer lAT inlet 

Options acid temp 98.5% H2SO4 SO3 Cooler HX gas temp 
(K) (kg/min) (MJ/min) (K) 

No change 387.0 43099 526.0 
Add SO3 Cooler HX only 383.2 43099 295 465.5 
Increase acid mass only 383.2 49058 - 526.0 
Add SO3 Cooler HX and 
increase acid mass 383.2 43530 273 470.0 

Table 12.10 Comparison between design changes for lowering the intermediate 
absorption tower outlet acid temperature. 
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The last option is the most favorable because; 

(a) the intermediate absorption tower inlet gas is kept well above its acid dew 

point; 

(b) only a 1% increase in the acid mass flowing through the intermediate 

absorption tower is required. 

12.5 .4 Summary of required changes with cesium catalyst in first and fourth passes 

The following changes are required for the modeled acid plant to process 

3398 Nm^/min of a feed gas containing 12 vol% SO2 and 12 vol% O2 using cesium 

promoted catalyst in the first and fourth catalyst beds. 

(a) the 3-4 HX must be replaced by an SO3 Cooler HX; 

(b) an additional SO3 Cooler HX (273 MJ/min) must be installed to cool the 

intermediate absorption tower inlet gas to 470 K; 

(c) the size of the 2-3 HX must be increased; 

(d) the size of the Tail Gas Re-heater HX must be decreased; 

(e) the mass of acid flowing through the intermediate absorption tower must 

be increased by 1%. 

The modified double absorption acid plant flow sheet is shown in Figure 12.2. 
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Figure 12.2 Modified double absorption acid plant flow sheet. The 3-4 HX has been replaced by an SO3 Cooler HX. An 
additional SO3 Cooler HX is used to cool the intermediate absorption tower inlet gas. 
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The next option considers installing cesium promoted catalyst in the fourth pass 

only. 

12.6 CESIUM CATALYST IN THE FOURTH PASS 

This calculation considers the installation of cesium catalyst in the fourth pass 

only. It specifies, therefore, that the fourth pass inlet temperature is 650 K. The resuhs 

are shown in Table 12.11. 

Feed gas with Feed gas with 
Item Units 11.6VO1%S02 12.0 vol% SO2 Difference 

Feed gas SO2 vol% 11.6 12.0 +0.4 

Feed gas O2 vol% 12.8 12.0 -0.8 
Feed gas N2 vol% 75.6 76.0 +0.4 
Feed gas flow rate Nm^/min 3036 3398 +362 
1"* pass inlet K 693.0 693.0 0 
1" pass outlet K 911.9 913.6 +1.7 

2"*̂  pass inlet K 711.0 711.0 0 
2"̂  pass outlet K 799.0 803.5 +4.5 
3"* pass inlet K 703.0 703.0 0 
3"̂  pass outlet K 738.6 745.0 +6.4 

4'*' pass inlet K 703.0 650.0 -53.0 
4*** pass outlet K 703.5 651.3 -52.2 
Tail gas SO2 ppm 141.0 47.0 -94.0 

Table 12.11 Current acid plant design conditions and future acid plant design conditions 
with cesium promoted catalyst in the fourth catalyst bed. The use of cesium 
promoted catalyst in the fourth pass provides a significant reduction in tail 
gas SO2 concentration while treating a higher flow rate feed gas with more 
SO2. 

The calculation shows that using cesium promoted catalyst in the fourth pass 

provides the required tail gas SO2 concentration. The following calculations are 
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completed to determine the necessary design changes to operate the acid plant with 

cesium catalyst in the fourth bed. They are: 

(a) heat exchanger enthalpy transfer requirements; 

(b) intermediate and final absorption tower inlet gas temperatures; 

(c) intermediate and final absorption tower outlet acid temperatures. 

12.6.1 Heat exchanger modifications 

Heat exchanger enthalpy transfer requirements were calculated with the following 

specification; 

Equilibrium SO2 conversions and adiabatic conditions were assumed. The resuks 

SO2: 
O2: 
Nj; 
Flow rate: 3398 NmVmin 

12 vol% 
12 vol% 
76 vol% 

I'" pass inlet: 
2"*' pass inlet: 
3"^ pass inlet: 
4*'* pass inlet: 

693 K 
711 K 
703 K 
650 K 

are shown in Table 12.12. 
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Heat Exchanger 

Feed gas; 
3036 NmVmin 
11,6 vol% SO2 
12.8 vol% O2 

(MJ/min) 

Feed gas; 
3398 NmVmin 
12.0 vol% SO2 
12.0 vol% O2 

(MJ/min) 

lA/fCold HX| 261.2 48.9 

|A// 1-2 HX| 931.1 1053.6 
[A//2-3 HX| 1199.9 1337.9 

IA//3-4HXI 127.4 377.2 

lA/fTGRHXI 482.9 535.8 

Table 12.12 Heat exchanger enthalpy transfer requirements for the feed gas containing 
11.6 vol% SO2 (3036 NmVmin) and 12.0 vol% SO2 (3398 NmVmin). 
Cesium promoted catalyst is used in the fourth pass for the feed gas 
containing 12.0 vol% SO2. 

Table 12.12 shows that the following changes are required for the acid plant to 

treat 3398 NmVmin of 12 vol% SO2 feed gas: 

(a) the amount of Cold HX bypass increases because the Cold HX required 

enthalpy transfer is less (requiring a larger Cold HX bypass duct); 

(b) the sizes of the 1-2 HX, 2-3 HX, 3-4 HX, and Tail Gas Re-heater HX must 

all be increased. 

12.6.2 Intermediate and final absorption tower inlet gas temperatures 

The following specification is used to determine the intermediate and final 

absorption tower inlet gas temperatures. They are calculated in exactly the same manner 

as in Section 12.5.2. 
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S02: 12vol% 
02: 12 vol% 
N2: 76 vol% 
Flow rate: 3398 Nm^/min 
1" pass inlet: 693 K 
2"** pass inlet: 711 K 
3"* pass inlet; 703 K 
4"* pass inlet: 650 K 
lA/fCold HX|: 48.9 MJ/min 
IA//1-2 HX|: 1053.6 MJ/min 
IA//2-3 HX|: 1337.9 MJ/min 
|A/f3-4HX|: 377.2 MJ/min 
|A//TGRHX|: 535.8 MJ/min. 

Equilibrium SO2 conversions and adiabatic conditions are assumed. The results 

are shown in Table 12.13. 

Feed gas: Feed gas: 
3036 Nm^/min 3398 NmVmin 

Gas Stream 11.6VO1%S02 12.0 vol% SO2 
12.8 vol% O2 12.0 vol% O2 

CK) CK) 

Intermediate absorption tower inlet gas 532.8 539.2 

Final absorption tower inlet gas 490.7 500.6 

Table 12.13 Intermediate and final absorption tower inlet gas temperatures for a feed gas 
with 11.6 vol% SO2 and a feed gas with 12.0 voI% SO2. Cesium catalyst is 
used in the fourth pass for the feed gas containing 12.0 vol% SO2. 

The temperatures of the intermediate and final absorption tower inlet gases are 

warmer when the acid plant treats the higher vol% SO2 feed gas. This avoids any acid 
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dewpoint problems, but contributes to increased outlet acid temperatures as shown in the 

next section. 

12.6.3 Intermediate and final absorption tower outlet acid temperatures 

The third calculation determines the intermediate and final absorption tower outlet 

acid temperatures. They are determined given the following specification: 

SO2: 
O2: 
Nz: 
Flow rate: 

12 vol% 
I2vol% 
76 vol% 
3398 Nm^/min 

1®* pass inlet: 
2"'' pass inlet: 
3^'* pass inlet: 
4"* pass inlet: 
lA/fCold HX|; 
IAN 1-2 HX|: 
|Ai/2-3 HX]: 

48.9 MJ/min 
1053.6 MJ/min 
1337.4 MJ/min 
377.2 MJ/min 
535.8 MJ/min 

693 K 
711 K 
703 K 
650 K 

lA/f SO3 Cooler HXj: 
iA/^TGRHX|: 
lAT inlet gas: 
FAT inlet gas: 

539.4 K 
500.6 K 

I AT inlet acid mass: 
FAT inlet acid mass: 

43,099 kg/min at 98.5 mass% H2SO4 
18,525 kg/min at 98.5 mass% H2SO4. 

Equilibrium conversions and adiabatic conditions were assumed. The results are 

shown in Table 12.14. 
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Feed gas: Feed gas: 
3036 NmVmin 3398 NmVmin 

Acid Stream 11.6 vol% SO2 12.0 vol% SO2 
12.8 vol% O2 12.0 vol% O2 

(K) (K) 

Intermediate absorption tower outlet acid 383.2 387.4 

Final absorption tower outlet acid 373.0 377.1 

Table 12.14 Intermediate and final absorption tower outlet acid temperatures for a feed 
gas containing II.6 vol% SO2 and a feed gas containing 12.0 vol% SO2. 

Both the intermediate and final absorption tower outlet acid temperatures are too 

warm. They must be cooled to their previous design value so that changes in the acid 

circulation and cooling system will not be required. 

Cooling the intermediate absorption tower inlet gas in an SO3 Cooler HX cools 

the intermediate absorption tower outlet acid. The required enthalpy transfer of the SO3 

Cooler HX is 325 MJ/min. The intermediate absorption tower inlet gas temperature is 

cooled to 472.6 K, above its acid dew point of 468.2 K. 

Increasing the heat transfer in the Tail Gas Re-heater HX lowers the final 

absorption tower inlet gas temperature and increases the tail gas temperature. An 

iterative solution was used to determine that a total of 670 MJ/min must be transferred in 

the Tail Gas Re-heater HX to ensure the final absorption tower outlet acid remains at 

373 K. The final absorption tower inlet gas temperature decreases to 465.3 K, which is 

above its acid dew point of 446.5 K. 
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12.6.4 Summary of modifications with cesium promoted catalyst in the fourth pass 

The following modifications are required for the modeled acid plant to treat 

3398 Nm^/min of 12 vol% SO2 feed gas using cesium promoted catalyst in the fourth 

catalyst bed; 

(a) the size of the 1-2 HX, 2-3 HX, 3-4 HX, and Tail Gas Re-heater HX must 

be increased; 

(b) an SO3 Cooler HX (325 MJ/min) must be added to the inlet of the 

intermediate absorption tower to cool the gas to 473 K; 

(c) the Cold HX bypass duct must be enlarged. 

12.7 CHAPTER SUMMARY 

This chapter has shown how the double absorption mathematical model can be 

used to predict acid plant design changes for increased feed gas volume flow rates and 

SO2 concentrations. Three scenarios were examined for treating 3398 Nm^/min of feed 

gas containing 12 vol% SO2, 12 vol% O2 and 76 vol% N2. The scenarios considered 

installing cesium promoted catalyst in; 

(a) the first pass; 

(b) the first and fourth passes; 

(c) the fourth pass. 
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Option (a) does not provide the meet required tail gas SO2 concentration of 

141 ppm. Options (b) and (c) both meet the tail gas SO2 concentration limit. Option (b) 

is preferred over option (c) because; 

(i) the 1-2 HX and the Tail Gas Re-heater HX do not need to be replaced; 

(ii) the required SO3 Cooler HX in option (b) is 16% smaller than the one 

required in option (c); 

(iii) it provides a lower tail gas SO: concentration. 
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CONCLUSIONS 

(1) Copper smelters produce SO2 in their smelting and converting furnaces. The 

sulfur originates in the copper-bearing sulfide mineral feed to the smeher. 

(2) The SO2 arises from the oxidation of sulfur-bearing copper concentrates. It must 

be captured for the copper smelter to carryout its core business of copper making. 

Governments around the world closely regulate SO2 emissions. 

(3) Non-ferrous smelter by-product sulfiiric acid accounts for only about 15% of the 

sulfuric acid produced in the United States. Other sulfur sources are recovered 

elemental from natural gas and petroleum processing and Frasch sulfur. 

(4) In the southwestem United States and several other parts of the world, copper ore 

leaching uses sulfuric acid as a lixiviant. Smehers provide low cost by-product 

sulfuric acid for these operations. 

(5) Sulfuric acid manufacture is accomplished by; 

(a) cleaning and drying the smelter ofTgas; 

(b) catalytically oxidizing its SO2 to SO3 with O2 (in the smelter offgas or from 

dilution air) by the reaction: SO2 + 1/2 O2 o SO3; 

(c) absorbing the SO3 into 98.5% H2S04-1.5% H2O sulfuric acid. 

(6) The process is autothermal, but considerable power (10-20 MW) is required to 

move S02 gases and H2SO4 liquids through the plant. 

(7) There are two basic types of sulfuric acid plant: 
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(a) single absorption where the gases pass through 1 to 4 catalyst beds before SO3 

absorption in a single absorption tower; 

(b) double absorption where SO2 is converted to SO3 in 2 to 3 catalyst beds before 

entry into an intermediate SO3 absorption tower. This is followed by further 

SO2 conversion in 1 to 2 catalyst beds then SO3 absorption in a second 

absorption tower. 

(8) Single absorption acid plants typically capture 98.5% of their feed gas SO2. 

(9) Double absorption acid plants typically capture greater than 99.7% of their feed 

gas SO2. Their enhanced SO2 capture is due to the removal of SO3 from the acid 

plant gas by intermediate SO3 absorption which, in turn, allows the SO2 

conversion reaction to proceed again towards completion. 

13 1 SO. CONVERSION 

(10) SO2 oxidation by O2 to form SO3 is an exothermic reaction. The reaction is slow 

without a catalyst. It tends more to completion at low temperatures than at high. 

Increases in total pressure, mol fraction O2 and decreases in mol fraction SO3 

enhance SO2 conversion to SO3. 

(11) Industrially the SO2 conversion reaction is catalyzed by a mo hen vanadium 

pentoxide - potassium pyrosulfate solution dispersed on a silica substrate. 



(12) The initiation temperature of non-cesium promoted vanadium pentoxide catalyst 

is -693 K. Below this temperature the reaction rate decreases, decreasing SO2 

conversion efficiency. 

(13) Cesium promoted catalysts become active at lower temperatures (-650 K). 

(14) The upper temperature limit for most vanadium pentoxide based catalysts is about 

920 K above which thermal deactivation of the catalyst begins. 

(15) Feed gas enters the acid plant at approximately 400 K. It passes through several 

heat exchangers that heat the gas to the catalyst initiation temperature. It then 

enters a catalyst bed where its SO2 is converted to SO3 by the reaction 

SO2 + 1/2 O2 <=> SO3. The exothermic reaction heats up the gas. 

(16) S02->S03 conversion proceeds nearly to equilibrium in the catalyst bed, all the 

while heating the feed gas. 

(17) SO2 conversion is pushed further by (i) cooling the first catalyst pass outlet gas to 

the catalyst initiation temperature and (ii) passing it through a second catalyst bed. 

Three or four catalyst beds are used to bring unconverted SO2 emissions down to 

acceptable levels. 99+ %S02 conversion is usually achieved. The cooling is 

accomplished by a series of heat exchangers. 

(18) The resulting SO3 is absorbed into 98.5% H2S04-l.5% H2O sulfuric acid 

(absorption conclusions resume in Section 13 .2). 

(19) The SO2 to SO3 conversion process is well described by its (i) equilibrium 

limitation and (ii) gas heat-up conditions. Simple mass and heat balances have 
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been used for the latter. The predicted results are in good agreement with those 

observed in an industrial double absorption acid plant. 

(20) The equilibrium calculations and mass and heat balance calculations of this 

dissertation assume 1.2 atmospheres pressure in the catalyst beds and negligible 

conductive, convective and radiative heat loss from the S02->S03 converters, 

heat exchangers and absorption towers. The validity of these assumptions has 

been confirmed by measuring pressures and heat losses in a double absorption 

acid plant. 

13 2 SO. ABSORPTION 

(21) The absorption of SO3 into sulfuric acid can be accurately modeled using simple 

mass and heat balances. The main model objectives have been to (i) determine 

the required mass of acid for efficient SO3 absorption and (ii) the outlet acid 

temperature and H2SO4 strength for fluctuating feed gas temperature, composition 

and flow rate. 

(22) It is not possible to manufacture sulfuric acid by absorbing sulfur trioxide directly 

into water. Sulfiir trioxide reacts with water vapor to form sulfuric acid vapor. 

This sulfuric acid vapor condenses as a mist of fine, sub-micron, droplets, which 

are practically impossible to coalesce. 

(23) The vapor pressure of water over 98.5% H2S04-1.5% H2O is extremely low 

(-2x10*^ atmospheres at 353 K), avoiding this water vapor problem. 
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13 3 HEAT EXCHANGE 

(24) Heating of the feed gas and cooling of the catalyst bed outlet gases is 

accomplished by gas-to-gas heat exchangers. In general, the heat exchangers 

transfer heat from the hot catalyst exit gases to the cool acid plant feed gas. 

(25) The feed gas to the acid plant fluctuates in SOj strength, volumetric flow rate, and 

temperature. This is mainly caused by the batch nature of Peirce-Smith 

converters. 

(26) The acid plant maintains high SO2 conversions during these fluctuations by 

adjusting the temperatures at which the feed gas enters the catalyst passes. High 

SO2 strength feed gases require lower catalyst bed inlet temperatures and vice-

versa. The required inlet temperatures are obtained by adjusting the amount of 

cold gas being bypassed around the heat exchangers. 

(27) Bypassing of gas around a heat exchanger decreases the rate of heat transfer in the 

heat exchanger. This, in turn, causes (i) the exit temperature of the combined gas-

being-heated and bypassed gas to decrease and (ii) the exit temperature of the gas-

being-cooled to increase. The ways in which each heat exchanger bypass affects 

acid plant temperatures have been predicted and tabulated. 

(28) The heat exchange requirements for a specific feed gas composition, temperature 

and flow rate are readily calculated by simple mass and heat balances. This has 

been done for (i) a three pass single absorption acid plant and for (ii) an existing 

four pass double absorption acid plant. 
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(29) The model calculated heat exchanger requirements for the existing four-pass 

double absorption acid plant are very close to those used by the acid plant's 

designers. 

13.4 CONTROL AND OPTIMIZATION 

(30) SO2 is emitted from the smelter system in (i) the acid plant tail gases and (ii) 

gases collected in secondary offgas collection hoods around the smelter. The 

secondary gases and the acid plant tail gases are vented to the atmosphere through 

the smelter's main chimney stack. 

(31) The smelter associated with the double absorption acid plant in this dissertation is 

government regulated to (i) 650 ppm SO2 (6 hour average) in the acid plant tail 

gas and (ii) a yearly limit on the total mass of SO2 emitted from the smelter's 

main chimney stack. Its SO2 control strategy is to meet the 650 ppm SO2 limit 

while minimizing SO2 emissions from the stack. 

(32) The key to this control strategy is to maximize primary flash fiimace and 

converter offgas collection (into the acid plant) while achieving the mandated acid 

plant tail gas 650 ppm SO2 concentration. It is achieved by (i) keeping the 

primary offgas collection system in good order and by (ii) maximizing SO2 

conversion in the catalyst beds. 

(33) The double absorption acid plant modeled in this dissertation currently operates 

under feedback control based on observed catalyst bed inlet and outlet 



405 

temperatures. This may be described as 'after the fact' control. Feed forward 

control based on incoming acid plant feed gas SO2 strength should be more 

effective. The dissertation suggests an equation by which this might be done. 

(34) The strength of the sulfuric acid entering the absorption tower(s) must be 

controlled to 98.5% H2S04-1.5% H2O using dilution water. The feed gas drying 

process provides another source of dilution water. The temperature of the outlet 

acid from the absorption tower must be controlled to less than -388 K to 

minimize corrosion in the acid circulation and cooling system. 
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FUTURE WORK 

Future research will explore the following items; 

(a) Development of a method to determine the optimum amount of catalyst 

that should be installed in each bed; 

(b) Development of a way to calculate non-equilibrium SO2 conversions in 

each catalyst bed given a specified catalyst loading; 

(c) Determination of the relationship between catalyst loading in each catalyst 

bed and its pressure drop; 

(d) Determination of actual heat exchanger bypass effects, i.e. the relationship 

between the decrease in flow through the heat exchanger when the bypass 

is open and the decrease in its heat transfer; 

(e) Determination of absorption tower design parameters including optimum 

gas and acid velocities and optimum packing height and pressure drop; 

( f )  Calculation of heat exchanger design parameters and overall heat transfer 

coefficients; 

(g) Development of a way to determine heat exchanger design parameters 

(length, diameter, tube characteristics) with model-calculated heat 

exchanger heat transfer rate requirements; 
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Construction of the necessary control loops in the modeled smelter's 

distributed control system to evaluate the effectiveness of the proposed 

feed forward control strategy. 
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ACID PLANT OPERATING PRACTICES 

The objective of this chapter is provide a list of operating practices that should 

lead to increased acid plant availability. 

(1) Offgas cleaning and drying systems must be well maintained to minimize 

the amount of particulate and acid mist entering the acid plant. 

(2) All gas leaks in primary offgas collection equipment must immediately be 

repaired to minimize the amount of air infiltration into the acid plant feed 

gas. This ensures maximum primary offgas collection efficiency and 

minimizes secondary gas collection and main stack SO2 emissions. 

(3) Gas leaks from the acid plant converter, ductwork or heat exchangers must 

be repaired immediately to minimize ground level SO2 and SO3 emissions. 

(4) All gas-to-gas heat exchangers and blower(s) should be drained of any 

weak acid carryover from the drying and absorption towers at least daily 

(to minimize corrosion). 

(5) All gas-to-gas heat exchangers should be inspected and cleaned at least bi-

annually. Any leaking tubes must be plugged. 

(6) Proper catalyst loading in each catalyst bed should be utilized to ensure 

optimum SO2 conversion. 



(7) Catalyst should be sampled and checked for activity when screening. 

Also, catalyst should be analyzed for impurities such as As, F, CI, etc. as a 

measure of possible poisoning. Catalyst manufacturers provide these 

services usually at no charge. 

(8) Multiple, properly located, thermocouples should be used to measure 

catalyst bed inlet and outlet temperatures. 

(9) Daily "stick tests" should be taken in the outlet gas duct of the drying and 

absorbing towers to check the efficiency of mist eliminators. 

(10) Frequent (at least monthly) pressure surveys should be conducted for all 

acid plant equipment both upstream and downstream of the blowers. 

(11) Dew point measurements of the drying tower outlet gas should be 

obtained on a monthly basis to ensure optimum drying tower efficiency. 

(12) Cooling tower water chemistry (hardness, % solids, free CI", etc.) and pH 

must be properly controlled to minimize fouling of the acid coolers. 

Fouling of acid coolers decreases their heat transfer causing hotter acid 

temperatures and higher corrosion rates in the acid circulation system. 

(13) Water pressure in the acid coolers should always be less than the acid 

pressure to ensure quick leak detection. 

(14) Tubes in the acid coolers should be plugged as soon as leaking tubes are 

detected. The acid cooler should be replaced as soon as possible. 



(15) Frequent checks of the instrumentation used to measure acid strength 

(%H2S04) should be made to provide optimum absorbing and product 

acids. This also ensures minimum acid circulation system corrosion. 

(16) Drying tower and absorption tower acid turbidity should be measured at 

least once every eight hours to ensure optimum product acid quality and 

gas cleaning efficiency. 

(17) The pressure drop and water temperatures for each acid cooler should be 

checked (either manually from a gauge or preferably by the distributed 

control system) as a method to measure and predict acid cooler fouling. 

(18) All anodic protection used for acid coolers and piping must always be in 

working order to minimize corrosion in the acid circulation system. 

(19) Oleum (>100% H2SO4) should never be generated in the acid circulation 

system. Excessive corrosion and SO3 emissions will occur if oleum is 

circulated through the absorption towers. H2SO4 concentration should 

always be controlled to prevent the possibility of oleum formation. 

(20) All instrumentation should be checked and calibrated at least monthly. 

(21) All gas-to-gas heat exchanger bypass valves and acid cooler bypass valves 

should be maintained in perfect operating condition to ensure optimum 

catalyst bed and acid temperature control. 
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APPENDICES 

APPENDIX A 

ABSORPTION INLET GAS ACID DEW POINT CALCULATION 

The acid dew point is a minimum temperature limit for gases flowing through the 

acid plant. When the temperature of a gas drops below its acid dew point, acid mist 

precipitates - corroding gas ductwork and gas-to-gas heat exchangers. The following 

question is asked to illustrate calculation of the acid dew point of a gas flowing through 

the acid plant. 

What is the acid dew point of the absorption tower inlet gas with the following 

composition at a pressure of 1.2 atm? 

SO 2: 0.1 vol% 
SO3: 8.2 vol% 
O2: 6.3 vol% 
N2: 85.4 vol% 
H2O: 0.006 vol% 

Pure liquid H2SO4 forms from the reaction: 

SO3 (g) + H2O (g) o H2SO4 (0 
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The question is answered by: 

1) determining the partial pressures of SO3 and H2O in the gas; 

2) inserting their values into the equilibrium expression; 

3) calculating the temperature at which pure liquid H2SO4 will be present in 

the gas, which is the pure H2SO4 dew point; 

4) determining the activity of pure liquid water at the calculated pure H2SO4 

dew point - if the activity is small the acid mist is virtually pure H2SO4. 

The equilibrium expression for the formation of pure H2SO4 W SO3 (g) and 

H2O (g) is: 

where: 

K e  =  ( A i ) ;  
^S03 ^H20 

Ps03 = partial pressure of SO3 in the gas in atmospheres; 

Ph20 ~ partial pressure of H2O in the gas in atmospheres; 

^H2S04(O ~ activity of pure liquid H2SO4 in the gas; 

KE = equilibrium constant. 

KE is related to temperature by the equations: 
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A G ^ = - R T l n K E  

where AG^ is the standard free energy change for the reaction: 

S03(g) + H20(g) 0H2SO4W 

at temperature T. 

The values for AG^ are from published data [5.1] for the free energies of 

formation of SO3, H2O and H2S04(^. They are shown in Table A. 1 and are related to 

temperature by; 

AGJ = A + B X T, 

or; 

A + B X T = - RTlnK ^; 

or; 

A + (B + RlnKE)T = 0; 

and; 

T = (A.2), 
B + RlnKg 
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S03(g) H2O (g) H2SO4 (0 SO3 (g) + H2O (g)« H2SO4 w 
Temperature AG°FT AG°FT AG" ft AG°T 

(K) MJ/kg-mol MJ/kg-mol MJ/kg-mol MJ/kg-mol 
298.15 -371.017 -228.620 -689.889 -90.252 

300 -370.864 -228.538 -689.119 -89.717 
400 -362.240 -223.951 -647.930 -61.739 
500 -352.675 -219.113 -607,218 -35.430 
600 -342.658 -214.081 -567.448 -10.709 

Table A. 1 SO3 (g), H2O (g), and H2SO4 (0 free energy data from Barin [5.1]; and 

calculated AG°T for the reaction SO3 (g) + H2O (g) o H2SO4 (/}. AG°T is 

calculated by: AG^ = AGf^(H2S04(i)) "(^Gf^(so3(g))+^Gf^(H20(g)))• 

The values of the constants A and B In the equation: AG°T = A + B^T are: 

A =-168.72 MJkg-mol"' 

B = 0.265 MJ kg-mor' K"V 

Al l Mole fraction and gas partial pressures 

The partial pressures of the gas components are: 

Pso3 ~ ^so3 • PT 

PH20~ Xh20"PT 

where: X = mole fraction of the gas component 

PT = total pressure of the system in atmospheres 
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The mole fraction (X) of gas component (i) is: 

voiume% (i) 

100% 

The total pressure of the system is specified to be 1.2 atm. 

p = ^2vo\% ^ 2 atml = 0.098 atm: 
100% 

JQQO/^ 
0.006 vol% 

>< (1.2 atm) = 7.2 xlO"^ atm. 

A1.2 Acid dew point calculation 

The H2SO4 dew point temperature is defined as the temperature at which pure 

liquid H2SO4 (aH2SO4(0~ condenses fi'om the gas. Ke at which this occurs is 

calculated by entering aH2so4(o ~ ^ ^^e partial pressures of H2O and SO3 into 

Equation A.1, i.e.; 

(A.1); 

0.098 (7.2 xlO"') 
= 1.4xl0^ 
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The acid dew point is found by solving for T, thus in Equation A.2, i.e.; 

B + RlnKg 
T = -^ " (A.2); 

from which: 

T = :16872 —=464 K. 
0.265 + (8.314 -r 1000) ln(1.4 x 10^) 

The temperature at which pure liquid H2SO4 will form in the absorption tower inlet gas, 

i.e. the acid dew point, is 464 K. This is the answer to the question. 

The activity of pure liquid water at 464 K is determined using the following 

expression: 

^"20 f .  TX 
^HjOCO (at 464 K) (A.3); 

P H2O 

where: ^HJOCO ~ activity of pure liquid H2O at 464 K; 

Ph20 = partial pressure of H2O in the gas at 464 K in atmospheres; 

P° H20 = vapor pressure of pure H2O at 464 K in atmospheres. 

The partial pressure of H2O in the gas was previously calculated to be 6.0 xlO*^ 

atm. The water vapor pressure (P°H20 ) at 464 K is determined from Perry's Chemical 

Engineers' Handbook [A. 1]. The values are plotted in Figure A. 1. 
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Figure A. 1 Water vapor pressure as a function of temperature. The data were obtained 
from Perry's Chemical Engineers' Handbook [A. 1]. 

The water vapor pressure at 464 K is calculated using the third order polynomial 

equation shown in Figure A. 1. The equation is; 

P°H20 (atm) = 9.16x 10-^ T^ - 1.03X 10"^ T^ + 3.901 T - 499.06. 

P''H20 at 464 K is 12.8 atm. Therefore, the activity of pure liquid HjO at 464 K is; from 

Equation A. 3: 

Ph20 _7.2x10"^ atm _ ^ ^ 

12-8atm 

The activity of pure liquid water at 464 K is small (5.6* 10"^), thus the acid that 

condenses at the acid dew point is virtually pure H2SO4. 
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APPENDIX B 

EQUILIBRIUM CURVE - ADIABATIC HEAT-UP PATH 

INTERCEPT CALCULATION 

This calculation is used to determine the intercept of an adiabatic heat-up path and 

the equilibrium curve. An equilibrium intercept for the first pass adiabatic heat-up path 

in the single absorption model will now be calculated. 

The feed gas has following composition and pressure: 

8 vol% SO2 
10 vol% O2 
82 vol% N2 
PT = 1.2 atm. 

The first pass inlet temperature is specified to be 693 K. 

The calculation steps are: 

1) estimate the first pass equilibrium intercept temperature (TouUet); in this 

case: 853 K; 

2) determine E and F from the specified feed gas composition; 

3) determine the %S02 conversion given the feed gas composition and 

specified inlet temperature and estimated outlet temperatures using the 

matrix solution shown in Section 8.2.12; 
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4) calculate nso3 from the given inlet feed gas composition and %S02 

5 )  

6) 

1 )  

conversion in the outlet gas matrix; 

determine Q from the calculated values for E, F and ngojand the 

expression: 

Q = -^ 
E-n  S03 

l - - n  SO3 

F - -n  S03 

1/2 

(PT)'"'; 

determine KE using the following equilibrium expression with the 

estimated first pass outlet temperature; 

KE=e ' ^ ;  

adjust the estimated first pass outlet temperature until Q is the same as KE 

at this temperature (this can be done using "Goal Seek" in Excel 97). 

The %S02 conversion in the first pass with the specified outlet temperature of 

853 K is 67.2% (Section 8.2.12). E, F and ngoj are determined from; 

g _ vo[% SOj in feed gas 

100% 

P _ vol% O2 in feed gas 

100% 

•^503 ~ 
vol% SO2 in feed gas %S02 conversion 

100% 100% 

(A.4); 

(A.5); 

(A.6). 
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For this example: 

P ^ vol%SO,infeedga5 , ^ ^ 

100% 100% -

_ vol%02 in feedgas 10% ... , ^ F = ? — = = 0.10 mols O, 
100% 100% -

vol%SO, infeedgas %S02 conversion 8% 67.2 nc^_ = = = = 0.054 mols SOi 
100% 100% 100% 100% -

Q is determined from: 

Q = 'S03 

E -n  S03 

^ l / 2  
l - -n  S03 

(PT) 
-1/2 

F- -n  S03 

Substituting values for E, F and njoj 

Q = 0.054 

0.08-0.054 

1-^(0.054) 

0.1-^(0.054) 

t1/2 

(1.2)-"^ = 6.92: 

KE is determined from: 

-AG^ 

where: 

AGT = AT^+BT + C. 
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Substituting values A, B, C, R and the estimated first pass outlet temperature: 

A= -l.804xl0-^MJkg-mor'K-^ 

B = 9.639X 10-^ MJ kg-mor'K-' 

C= -99.53 MJkg-mor'. 

Kg =exp-
-1.804 X 10-^(853)^ -f 9.639 x 10'^(853) -99.53 

(8.314-^1000)(853) 
=13.82. 

"Goal Seek" solves the problem by finding the catalyst bed exit temperature at 

which the heat-up path calculation and the equilibrium calculation give the same KE i.e. 

Q = KE. For this example, the equilibrium intercept occurs at 871.6 K and 75.2% SO2 

conversion (Q= KE = 10.28). 

A program was written in Microsoft Excel Visual Basic for Applications 

[A.2 - A.3] that determines equilibrium intercepts for each catalyst bed. The program 

sequences the input of data and calculations in the Excel 97 spreadsheet. The program is 

shown on the following page along with the Excel 97 spreadsheet and matrix used for the 

calculations. 
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10 Sub EquilibriumQ 
20a  =  4  
30c  =  5  
40d  =  9  
50 g = 43 
60 h = 36 
70 rowu = 43 
80 colu = 21 
90 Do 
lOO Cells(10, 1) = Cells(a + n, 22) 
110 Cells(8, 9) = (Cells(a + n, 22) + 0.1) 
120 Cells(54, 11) = (Cells(rovvu + y, colu)) 
130 Range("E13 :E17").Value = Range(Cells(c + X, 26), Cells(d + X, 26)).Value 
140 Range("K9") GoalSeek Goal;=0, ChangingCell:=Range("I8") 
150 Range(Cells(c + X, 27), Cells(d + X, 27)).Value = Range("E46:E50"). Value 
160 Cells(h + y, 21) = Cells(8, 9) 
170 Cells(h + y, 22) = Cells(41, 9) 
180 y = y + 1 
190 n = n + 2 
200 X = X + 8 
210 Loop Until y = 3 
220 End Sub 



* • -e - " H • •- • - t " N 0 HOmiSI  T 1  U V 1 w 1 Tamparahra 3 lOGO Nm) Fm4 gat compoaibon 
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f 00 %S03 1034 7 l«N3 S»CDftd IrM 6040 I 00 %C03 00 hsCOS OUMT C9»lbnum T OUOM 7100 M)4 1 530 *N2 6710 K 6716 K Thud kM 7030 t IfMT 00 ai1af»oa OutM 704 0 06 46 10 603 K Abaorpbon IrM 4600 11 hteM Irvwl Erthaipy Hm Erthalpy Abaorpbon IrM 
12 kfl MMo Ui MMg 
11 502 3240 -4 35 -003 7 S03 -4 20 Crtfialpv Edjatwn Cmstarit (Mi/ha) TMlQat S03 14 S09 00 •4 83 00 S03 •4 44 S03 006E-06 636E-04 -4 64 

TMlQat S03 
IS 03 1434 030 SSI 03 0 57 S03 1 3aE-07 6 72E-04 •516 
11 N3 1034 7 0 43 430S N3 0 63 03 0 67E-Oe 666E-04 •0 27 S03 abaorpbon OOK % 17 C03 00 •6 54 00 C03 -6 34 N3 1 OOE-07 062E-04 •0 30 

S03 abaorpbon 
1» •5091 C03 1 6eE-07 6 43E-04 -031 23 
24 Ma»» Mats Mats Miti Mata Matt Mata Matt Matt MaM CCR 
2$ Nunwncal S03 S03 03 N3 C03 S03 S03 03 N3 C03 HMI 
3t Batoncc Tarm m •n m m m oul mi out oul CHi LOM 
71 SdM 0 •05 -04 0 0 0 OS 04 0 0 0 0 
2t Oiysm 0 •OS •00 •1 0 0 OS 06 1 0 0 0 
n MIrogsn 0 0 0 0 •1 0 0 0 0 1 0 0 
» C«rb6ndMa»d« 0 0 0 0 0 -1 0 0 0 0 1 0 
SI SOSmiMd 2350 1 0 0 0 0 0 0 0 0 0 0 
92 S09inlM4 0 0 y 0 0 0 0 0 0 0 0 0 
99 02into«d 1435 0 0 1 0 0 0 0 0 0 0 0 
94 N2inlMd 1024 7 0 0 0 1 0 0 0 0 0 0 0 E^takbnum 9S cosmiMd 0 0 0 0 0 1 0 0 0 0 0 0 Tamp %Com 91 CCR 0 0 0 0 0 0 0 0 0 0 0 1 Fir« 6716 75 3 97 Erttam, 0 4U 403 •0 30 •0 43 es4 •4 30 -4 44 0 57 063 •6M 1 SMxnd 7460 063 U Thrd 706 3 065 40 S02 Conwttd 
41 S02 2340 75 2 « I m 5 1 9 bad 42 SOS 00 Bad atm 
49 03 1436 1«l 13 44 N2 1024 7 2nd 13 
45 C03 00 3rd 13 44 S02 sea 
47 S03 314 7 A •looe-oe 
41 03 006 B 8e4E-03 
41 N3 1034 7 C •MS3 M C03 00 
51 CCA 00 A'H (B«RMrT C 
52 •16e-oe 1 3E4)1 •0»S3 
54 PT 1 2 
55 Tafm 1 3 03 
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57 lUq 10 26 O 10 26 
51 !«, 6716 
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APPENDIX C 

HEAT EXCHANGER HEAT TRANSFER CALCULATION SUMMARY 

The use of cesium promoted catalyst in the single absorption acid plant allows the 

catalyst pass inlet temperatures to be operated at 650 K instead of 700 K. This gives 

greater S02->S03 conversion, but it changes the acid plant's heat exchangers enthalpy 

transfer requirements. 

The enthalpy transfer requirements for each of the single absorption acid plant 

heat exchangers were calculated with the following conditions; 

1) no cesium promoted catalyst in any of the passes, i.e. 700 K first, second 

and third pass inlet temperatures; 

2) cesium promoted catalyst in all of the passes, i.e. 650 K first, second and 

third pass inlet temperatures; 

3) cesium promoted catalyst only in the third pass, i.e. 700 K first and second 

pass inlet temperatures and a 650 K third pass inlet temperature; 

4) the feed gas and absorption tower inlet gas temperatures are constant at 

400 K and 480 K, respectively. 

The total pressure was 1.2 atm, adiabatic conditions were assumed and 

equilibrium SO2 conversions were calculated. Table A.2 shows the calculation results. 
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Heat Exchanger 
700 K inlet 
temperatures 

MJ» 

650 K inlet 
temperatures 

MJ* 

700 K/650 K inlet 
temperatures 

MJ* 
|A//Cold HXl 85.0 2.0 12.4 

|A// 1-2 HX| 260.7 288.4 260.7 

\AH 2-3 HX| 77.6 60.6 150.2 

\AH SO3 Cooler HX| 237.9 241.8 241.5 
*per 1000 Nm^ of acid plant feed gas 

Table A.2 Summary of heat exchanger heat transfer duties for the single absorption 
illustrative problem. The feed gas contains; 8 vol% SO2, 10 vol% O2 and 82 
vol% N2. Equilibrium SO2 conversions and adiabatic conditions are 
assumed. 

The calculation shows that when cesium promoted catalyst is used in all of the passes: 

(a) Cold HX and 2-3 HX enthalpy transfer requirements decrease; 

(b) 1-2 HX and SO3 Cooler HX enthalpy transfer requirements increase. 

If cesium promoted catalyst is used only in the third pass; 

(a) Cold HX enthalpy transfer requirement decreases; 

(b) 2-3 HX and SO3 Cooler HX enthalpy transfer requirements increase; 

(c) 1-2 fix enthalpy transfer requirement remains the same. 
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APPENDIX D 

ENTHALPY CONTENT OF MULTI-COMPONENT GAS STREAMS 

The feed gas enthalpy calculation (per 1000 Nm^ of acid plant feed gas) is shown 

in Table A.3. All other gas stream enthalpies are calculated in the same manner. 

Gas Temperature mj (H^^MW)j  

(K) kg MJ/kg MJ 

SO2 400 228.6 -4.565 -1043.7 
O2 400 142.8 0.095 13,6 
N2 400 1024.7 0.105 107.9 

Total acid plant feed gas enthalpy (//t) = -922.2 MJ/1000 Nm^ 
acid plant feed gas 

Table A.3 Acid plant feed gas enthalpy calculation. The enthalpy of each component is 

determined by the equation: //j = mj x (H^ -5- MW) j. The enthalpies are then 

summed to give the total enthalpy of the gas stream. The feed gas 
composition is 8 vol% SO2, 10 vol% O2, balance N2. The masses and total 
enthalpy are per 1000 Nm^ of acid plant feed gas. 
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APPENDIX E 

DETERMINING THE TEMPERATURE OF A GAS STREAM 
FROM ITS ENTHALPY AND COMPOSITION 

Two methods can be used to determine the temperature of a gas stream from its 

enthalpy and composition. They are: 

1) multiplying standard enthalpy equations of the form: 

Hy -5- MW (in MJ/kg) = AT^ + BT + C by the mass (in kg) of the 

component, summing the A, B and C terms, and solving for T using the 

quadratic equation, or; 

2) using Excel 97's "Goal Seek" function to seek the temperature which 

corresponds to a given enthalpy. 

The first method, which uses the quadratic equation, will now be presented. 

The temperature of the second pass inlet will be calculated. Its enthalpy is -684.3 

MJ. Its composition is: 

SO2: 56.8kg 
SO3: 214.7 kg 

O2: 99.8 kg 
N2: 1024.7 kg. 
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Table A.4 shows the constants A, B and C for enthalpy Hj MW (in MJ/kg). 

Component A B C 

(H^-MW)S02  9.98 xio"'^ 6.38 xio'"* -4.836 

(H^-HMW)S03  1.30 xio'^ 6.72 xio"^ -5.161 

(H^-MW)02  9.67 xio"^ 8.86 xio""^ -0.275 

(H^  - ; -MW)N2 1.00 xio'^ 9.62 xio""^ -0.295. 

Table A.4 Constants for determining the enthalpy of SO2, SO3, O2 and N2. Equations 
are of the form: AT^ + BT + C. 

The constants A, B and C are multiplied by the mass of each gas component, for 

example, SO2: 

Mass(kg) Enthalpy equation (Hj -5- MW) (MJ/kg) 

56.8 kg (H^ - MW) = 9.98X 10"^ T^ + 6.38x T - 4.84; 

Each term in the SO2 enthalpy equation is multiplied by the mass of SO2; 

56.8 kg X 9.98X10'®T^ = 5.67 x 10"^ T^ 
56.8kg x 6.38x10-^T = 3.62xI0-^T 
56.8 kg x^.84 = -274.9; 

S02 = 5.67x10"^ T^ +3.62 X10*^T-274.9 

The calculations are repeated for the remaining components. The results are 

shown in Table A.5. 
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Component A B C 

SO2 5.67x10-^ 3.62x10'' -274.69 

Hj SO3 2.78x10-' 1.44x10'' -1108.32 

Hj O2 9.65x10-^ 8.85x10'^ -27.44 

N2 1.02x10-^ 9.86x10-' -302.69 

Sum 1.46x10"* 1.25 -1713.14 

Table A. 5 Modified enthalpy terms used to calculate the temperature of the Cold HX to 
absorption tower inlet gas stream. 

The sum of the modified A, B and C terms is shown in the previous table. The 

resulting equation: 

//TfTotai) (MJ/kg) = 1.46 X10"^ T^ + 1.25 T - 1713.14 

is set equal to the enthalpy of the gas stream; 

-766.55 MJ= 1.46 xlQ-^T^ + 1.25 T - 1713.14 

Simplifying the equation produces: 

0= 1.46x10"^ T^+ 1.25 T-946.59 

The terms a = 1.46x 10"^, b = 1.25 and c = -946.59 are substituted into the 

-b + Vb^ -4ac 
quadratic equation: 

2a 
to solve for temperature, thus: 
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T = -1.25 + 1.25)2 - 4( 1.46 X 10"'^ )(-946.59)' 

2(1.46x10-'*) 

T = 698 K. 

The second "Goal Seek" method involves constructing the Excel 97 table shown 

in Table A.6. 

T = 698 K Mass Ht 
Component MJ/kg kg MJ 

SO2 -4.34 56.8 -246.6 
SO3 -4.62 214.7 -994.0 
O2 0.39 99.8 39.0 
N2 0.42 1024.7 435.1 

Total -766.5 

Table A.6 Excel 97 spreadsheet table used to determine the temperature of a gas stream 

from its enthalpy and composition. The values for Hy MW are calculated 

from the constants shown in Table A.4. 

The enthalpy terms ^ MW in MJ/kg are calculated with the Table A.4 

constants and a specified temperature (698 K for this example). The solution procedure 

is: 

(1) 

(2) 

calculate the total enthalpy of the gas stream for any temperature; 

adjust the temperature using "Goal Seek" until the calculated total 

enthalpy is equal to the known enthalpy value. 
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APPENDIX F 

The bulk density of silica rock installed in each of the modeled double absorption 

acid plant catalyst beds was measured. New silica rock was used for the measurements. 

The procedure for determining bulk density is; 

(a) fill a container of known volume (2.83 liters) with silica rock; 

(b) weigh the sample. 

This procedure was repeated for three samples. The results are shown in Table A.7. 

Weight Volume Bulk density 
Item (kg) (0 (kg/^) 

Sample #1 4.09 2.83 1,45 
Sample #2 4.08 2.83 1.44 
Sample #3 4.15 2.83 1.47 
Average 4.11 2.83 1.45 

Table A. 7 Experimental bulk density measurements for silica rock located in the 
catalyst beds in the modeled double absorption acid plant. 
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APPENDIX G 

The following Excel Visual Basic for Applications program (DataEntryO) enters 

plant data into the mathematical model to determine equilibrium SO2 conversions. The 

macro also calculates heat exchanger enthalpy transfer requirements. The equilibrium 

SO2 conversions and heat exchanger enthalpy transfers are calculated using two other 

programs. They are (i) Equilibrium and (ii) HX. Each of these programs sequences data 

entry and calculations in the Excel 97 spreadsheet. 

10 Sub DataEntryO 
20 Range("BT4:CC2000").ClearContents 
30a  =  4  
40n  =  0  
50 rowbc = 4 
60 colbc = 55 
70 rowbd = 4 
80 colbd = 56 
90 rowbe = 4 
100 colbe = 57 
110 rowbp = 4 
120 colbp = 68 
130 rowbq = 4 
140 colbq = 69 
150 rowbt = 4 
160 colbt = 72 
170 rowbx = 4 
180 colbx = 76 
190 rowcc = 4 
200 colcc = 81 
210 Do 
220 Range("A2") = Cells(rowbc + n, colbc) 
230 Range("A4") = Cells(rowbd + n, colbd) 
240 Range("A6") = Cells(rowbe + n, colbe) 
250 Range(Cells(a + n, 58), Cells(a + n, 67)).Copy 
260 Range("V3").PasteSpecial Paste:=xlVdues, Operation:=xlNone, SkipBlanks:= 

False, Transpose;=True 
270 Range("V14") = Cells(rowbp + n, colbp) 
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SubDataEntryO - continued 

280 Range("V16") = Ceils(rowbq + n, colbq) 
290 Call EquilibriumO 
300 CallHXO 
310 Range("W28:W31").Copy 
320 Cells(rowbt + n, colbt).PasteSpecial Paste:=xlValues, Operation:=xlNone, 

SkipBlanks:= _False, Transpose:=True 
330 Range("AD56;AD60").Copy 
340 Cells(rowbx + n, colbx).PasteSpecial Paste:=xlValues, Operation:=xlNone, 

SldpBlaiiks:= _False, Transpose:=True 
350 Cells(rowcc + n, colcc) = Range("V18") 
360 n = n + 1 
370 Loop Until n = Range("AL2") 
380 End Sub 

The Equilibrium program shown below calculates the equilibrium SO2 

conversions for each of the four catalyst passes in the modeled double absorption acid 

plant. 

10 Sub EquilibriumO 
20a  =  4  
30c  =  5  
40 d = 9 
50 g = 44 
60 h = 36 
70X =  0  
8 0 n  =  0  
90 Do 
100 CeUs(10, 1) = Cells(a + n, 22) 
110 CeUs(8, 9) = (Ceils(a + n, 22). Value + 1) 
120 Range("E13 :E17").Value = Range(Cells(c + X, 26), Cells(d + X, 26)). Value 
130 Range("K9").GoalSeek Goal:=0, ChangingCell:=BLange("I8") 
140 Range(Cells(c + X, 27), Cells(d + X, 27)).Value = Range("E46:E50").Value 
150 Cells(h + Y, 21) = Cells(8, 9) 
160 Cells(h + Y, 22) = Cells(41, 9) 
170 Y = Y+1 
180 n = n + 2 
190 X = X-t-8 
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SubEquilibriumQ - continued 

200 Loop Until Y = 2 
210 Do 
220 Cells(10, 1) = Cells(a + n, 22) 
230 Cells(8, 9) = (Cells(a + n, 22) + 0.001) 
240 Range("E13:E17").Value = Range(Cells(c + X, 26), Cells(d + X, 26)).Value 
250 Elange("L9").GoalSeek Goal;=0, ChangingCell:=Range("I8") 
260 Range(Cells(c + X, 27), Cells(d + X, 27)). Value = Range("E46:E50"). Value 
270 Cells(h + Y, 21) = Cells(8, 12) 
280 Cells(h + Y, 22) = Cells(41, 9) 
290 Y = Y + I 
300 n = n + 2 
310 X = X+8 
320 Loop Until Y = 4 
330 End Sub 

The HX program shown below calculates the required enthalpy transfer of each 

heat exchanger by determining the enthalpy content of each gas stream. 

10 Sub HXQ 
20 Rowv = 3 
30 Colv = 22 
40 Rowaa = 56 
50 Colaa = 27 
60a  =  5  
70c  =  9  
80 d = 26 
90n  =  0  
100 X = 0 
110 Y = 0 

'Feed gas enthalpy 
120 Cells(45, 29) = Cells(Rowv + Y, Colv) 
130 Range("AB47:AB51").Value = Range("Z5:Z9").Value 
140 Cells(Rowaa + n, Colaa) = Cells(52, 29) 

'First and second passes 
150 n = 1 
160 Y = 1 
170 Do 
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SubHXQ - continued 

180 Cells(45, 29) = Cells(Rowv + Y, Colv) 
190 Range("AB47:AB51"). Value = Range(Cells(a + X, d), Cells(c + X, d)). Value 
200 Cells(Rowaa + n, Colaa) = Cells(52, 29) 
210 n = n+l 
220 X = X + 8 
230 Y = Y + 2 
240 Loop Until n = 3 

'Intermediate Absorption Tower Outlet Gas Enthalpy 
250 Cells(45, 29) = Cells(12, 22) 
260 Range("AB47:AB51"). Value = Range("Z21:Z25"). Value 
270 Cells(Rowaa + n, Colaa) = Cells(52, 29) 
280 n = n + 1 

'Third and fourth passes 
290 Do 
300 Cells(45, 29) = Cells(Rowv + Y, Colv) 
310 RangeCAB47: AB51"). Value = Range(Cells(a + X, d), Cells(c + X, d)).Value 
320 Cells(Rowaa + n, Colaa) = Cells(52, 29) 
330 n = n+l 
340 X = X + 8 
350 Y = Y + 2 
360 Loop Until n = 6 

'Final Absorption Tower Outlet Gas Enthalpy 
370 Cells(45, 29) = Cells(14, 22) 
380 RangeC AB47;AB51"). Value = Range("Z36:Z40"). Value 
390 Cells(Rowaa + n, Colaa) = Cells(52, 29) 

'Tail Gas Enthalpy 
400 n = n + 1 
410 Cells(45. 29) = Cells(16, 22) 
420 Range("AB47:AB51"). Value = Range("Z36:Z40"). Value 
430 Ceils(Rowaa + n, Colaa) = Cells(52, 29) 
440 End Sub 
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APPENDIX H 

ADDITION OF CO2 TO MASS AND HEAT BALANCES 

CO2 is sometimes present in the acid plant feed gas as a result of the burning of 

fossil fuels in the flash furnace. It is included in the mass and heat balances for SO2 

conversion and SO3 absorption by adding a CO2 balance and a CO2 input term 

(Table A.8). 



Mass Mass Mass Mass Mass Mass Mass Mass Mass Mass 
Numerical SO2 SO3 O2 N2 CO2 SO2 SO3 O2 N2 CO2 C.C.R. 

Balance Term in in in in in out out out out out Loss 
Sulfur 0 -0.5 -0.4 0.5 0.4 
Oxygen 0 -0.5 -0.6 -1 0.5 0.6 1 
Nitrogen 0 -1 1 
Caibon dioxide 0 -1 1 
SO2 in feed 228.6 1 
SO3 in feed 0.0 1 
O2 in feed 142.8 1 
N2 in feed 999.7 1 
CO2 in feed 39,3 1 
C.C.R. 0 1 
Enthalpy 0 4.35 4.63 -0.39 -0.42 8.54 -4.22 -4.49 0.55 0.60 -8.36 1 

Table A. 8 Matrix used for determining SO2 conversions in the catalyst passes. CO2 has been included. The feed gas volume 
is 1000 Nm' and it contains 8 vol% SO2, 10 vol% O2, 2 vol% CO2 and 80 vol% N2. All non-specified terms in the 
matrix are zero. 
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