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12 

The use of ultrafiltration (UF) to treat pulp mill effluents is limited by fouling 

of membrane surfaces and pores. In prior studies with pulp mill effluents, no efforts 

were made to relate the molecular-size distribution of the solute molecules to the 

membrane fouling mechanisms. This dissertation presents a novel protocol for 

obtaining certain essential size distribution parameters, such as, the average 

molecular weight average molecular number (iV^,) and heterogeneity index (HI) 

to describe complex industrial wastewaters including the extraction(E)-stage 

effluent. This novel molecular sizing protocol was verified using challenge solutions 

containing solutes of known molecular weight. In these tests, the measured M '̂s 

were within ±5% of the expected M '̂s. 

A comprehensive model to describe the UF membrane productivity during 

the treatment of E-stage effluent was developed. This model accounts for 

variations in membrane, feed water and operational variables. The feed water 

variables that were incorporated into the model include the molecular size 

distribution, viscosity and concentration. Also, included in the model are the 

operational variables such as trans-membrane pressure and cross-flow velocity. 

This permeate productivity model predicted the fluxes for the E- and oxygenated E-

stage (EJ effluents within an error of 9%. 

The UF membrane fouling by E-stage effluent was quantified employing 
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fouling potential factors. An increase in the molecular weight cut-off (MWCO) of the 

membranes resulted in increased irreversible fouling possibly by increased pore 

plugging. Lower irreversible fouling was observed for pulp mill effluents with high 

Mvy's. The role of surfactants in reducing the membrane fouling was also discussed. 

The ratio of of feed wastewater to the MWCO of the membrane, denoted 

by A, effectively represents the ratio of the average diameter of the solute molecule 

to the nominal diameter of the pore. Membrane rejection for E-stage effluent was 

found to be a strong function of A. Bench scale testing was employed to relate 

membrane fouling potentials to A. Also, the measured apparent diffusion (D) and 

mass transfer (k) coefficients for the E- and E^-stage effluents across the 

membranes were found to confirm to D - and k ~ D°®®. 
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Pulp production from wood requires the use of large amounts (20,000 

gallons/air-dried metric ton (admt)) of fresh water that eventually will be discharged 

to the environment as wastewaters. These wastewaters contain a wide array of 

aliphatic and aromatic molecules, since the produced pulp corresponds to only 

about 40-45% of the original weight of the wood. A significant portion of toxicity, 

color and chlorinated organics in the total wastewater discharged by a pulp mill 

comes from the extraction-stage (E-stage) bleaching process which constitutes only 

5 to 10% of the total discharge volume. The E-stage effluents are alkaline, pH ^ 

10.5, and contain a large portion of organics as bio-recalcitrant macromolecules. 

New regulations are forcing the pulp and paper industry to reduce their 

consumption of fresh water. Process waters cannot be recycled, due to build-up of 

non-process elements that can ultimately affect the paper quality. Among the 

various treatment technologies that are being investigated for developing closed-

loop process water-circuits, ultrafiltration (UF) has emerged as one of the leading 

processes for treating the E-stage effluents. 

The modeling of UF systems must include in the analysis the loss of 

permeate productivity due to fouling. Membrane fouling is a complex phenomenon 

that involves both solute-solute and solute-membrane interactions. Ultrafiltration 

membrane fouling is broadly classified into two categories; reversible and 
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irreversible. Reversible fouling occurs due to concentration of materials at the 

membrane rejection surface, however they can be effectively removed by 

appropriate cleaning protocols. Irreversible fouling is caused by chemisorption and 

pore plugging mechanisms. !n this study, the various mechanisms of membrane 

fouling were quantified. 

The E-stage bleaching effluents are comprised of a complex mixture of salts, 

suspended solids and organic molecules. In the E-stage effluents, certain inorganic 

salts, such as the NaCI, NajCOj and l̂ SQ, are present at concentrations in excess 

of 100 mg/L While more than 100 organic compounds have been identified, much 

of the organic material in the E-stage effluents is still undefined. Some of the most 

commonly found organics in the E-stage effluents include lignins, chlorolignins, 

tannins, terpenes, cellulose, resin and fatty acids (Kringstad and Lindstrom, 1984; 

Leunberger et al., 1985; Jokela and Mirja, 1992; Sierka, 1995). The organics in the 

E-stage effluents are also known to form micellar aggregates (Jokela and Mirja, 

1992). Attempts were made to understand the mechanisms of membrane fouling 

by E-stage effluents using pure solutions containing model solutes such as lignins 

and chlorolignins (Lindstrom et al., 1988; Zaidi et al., 1991; Bhattacharjee and 

Bhattacharya, 1993; Ramamurthy et al., 1995). These synthetic solutions 

containing only model solutes did not fully mimic the behavior of the chemically-

complex, real E-stage effluents (Ramamurthy et al., 1995; Dal-Cin et al., 1996). 

The research described in this paper represents an effort to model the 
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fouling of UF membranes by chemically-complex industrial effluents. The specific 

objectives of this research were to: 

• Maximize the pemieate productivity in UF systems for the treatment of the 

E-stage effluent. 

• Elucidate and quantify the mechanisms responsible for reversible and 

irreversible fouling of UF membranes. 

• Develop a comprehensive, semi-empirical model to describe permeate flux. 

This model should account for membrane, feed water and operational 

variables. 

• Evaluate the role of surfactants for minimizing UF membrane fouling. 

Examine the membrane performance In the treatment of E-stage effluent 

spiked with surfactants at concentrations in excess of critical micellar 

concentration (CMC). Also, study the effect of pre-coating the UF 

membranes with ionic surfactants. 

• Determine the optimum membrane cleaning protocol. 

• Estimate mass transfer and diffusion coefficients across the membranes for 

dissolved constituents of the E-stage effluent. 

This paper illustrates the use of molecular-size analysis to optimize the UF 

membrane performance in terms of both rejection and fouling. Characterization of 

size distribution of dissolved organics in the E-stage effluents aids in developing a 
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fundamental understanding of the complex interactions that occur at the membrane-

water interface. Incorporating molecular-size analysis into the membrane design 

can result in the creation of efficient membrane treatment facilities. In this research, 

the author proposes and illustrates the use of a novel, expedient and relatively 

inexpensive technique for detemiining the mean molecular weight and number of 

chemically-complex pulp mill effluents 

The author also proposes a semi-empirical model for predicting the permeate 

flux. This flux model can account for variations in the feed wastewater and 

membrane operational characteristics. The wastewater variables that were 

incorporated in the permeate flux equation include solute concentration, viscosity 

and molecular size distribution. The flux equation also accounts for variations in 

membrane operational variables such as trans-membrane pressure and cross-flow 

velocity. The experimental results for the validation of permeate flux model were 

also discussed. 

Several methods for reducing membrane fouling have been studied by the 

earlier researchers. Most of the methods that were previously studied involved with 

turbulence promotion at the membrane surface (Porter, 1972; Brock, 1983; Porter, 

1990; Cartwright, 1995). Cross-flow or tangential filtration is one of the most widely 

used techniques for reducing the membrane fouling. In this process, the membrane 

module is constructed so that the feed solution flows tangentially over the 

membrane while the permeate flows in a perpendicular direction through the 
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membrane. Enhanced reduction in membrane fouling was observed when turbulent 

promoters, such as spacers, were employed in the cross-flow devices. 

This study investigated the role of surfactants in mitigation of the membrane 

fouling in spacer-equipped cross-flow filtration devices. When surfactants were 

added to the wastewaters at concentrations above their CMC and Krafft 

temperatures, they self-aggregate to fonn micelles (Lindman and Wennerstrom, 

1979). These micelles can solubilize dissolved organics leading to enhanced 

rejections and reduced fouling. This study investigated the effect of micellar 

enhanced ultrafiltration (MEUF) on the various mechanisms of membrane fouling. 

Surfactants can be employed for in-situ chemical cleaning of the membranes. 

Surfactants contain both hydrophilic (polar) and lipophilic (non-polar) groups in a 

single molecule and the balance of the size and strength of these two opposing 

groups is referred to as hydrophile-lipophile balance (HLB). Based on HLB, 

surfactants are broadly classified into two classes, viz, the hydrophobic (HLB < 9) 

and the hydrophilic (HLB >11). Hydrophilic surfactants tend to solubilize the 

hydrophobic solutes into water. Hydrophobic solutes foul membranes by 

associating with the hydrophobic membrane surface through weak inter-molecular 

forces. By employing hydrophilic surfactants, the hydrophobic solutes that are 

chemically adsorbed to the hydrophobic membrane surface can be solubilized. In 

this research, several commercially-available surfactants, of varying HLB ratios, 

have been investigated for their membrane cleaning ability. In addition to the 
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surfactants, the ability of other chemical agents to restore permeate flux was also 

quantified. 

Surfactants can also be employed to reduce the membrane-solute 

interactions by chemically modifying the membrane surface. Neutrally-charged 

membranes coated with ionic surfactants can be made to behave like charged 

membranes. This research has examined the advantages and disadvantages of 

coating uncharged membranes with ionic surfactants in order to reduce fouling. 

The apparent diffusion of a solute across a membrane is a strong function 

of its molecular size. In this study, the apparent diffusivities of selected solutes 

(e.g.; polyethylene glycol) and dissolved organics in pulp mill wastewaters were 

determined employing a newly derived technique. Additionally, mass transfer 

coefficients and boundary layer thicknesses were determined for the selected, 

single solute solutions and the pulp mill effluents. 
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5.1 Membranes - Classification and Historical Background 

Membrane filtration may be defined as the separation of two or more 

components from a fluid stream. In conventional usage, membrane filtration 

referred to the separation of solid, immiscible particles from liquid or gaseous 

streams (Cheryan, 1986). Currently, the definition of membrane filtration has been 

extended to include the separation of dissolved solutes in liquid streams and 

separation of gaseous mixtures (Humphrey, 1995; Koros, 1995). The primary role 

of a membrane is to act as a selective barrier. Membranes either permit passage 

or reject certain components of a mixture. Hence, in membrane filtration, either the 

permeating stream or the reject stream become enriched with one or more 

components. 

Membranes are broadly classified into 4 groups, namely, microliters, 

ultrafilters, nanofllters and reverse osmosis (RO). Figure 5.1 illustrates the 

spectrum of commercially-available membranes and their nominal pore sizes. In 

its ideal definition, an RO membrane rejects all components other than the solvent 

(e.g.: water) itself, while ultrafiltration (UF) membranes reject only macromolecules 

or particles larger than about 0.001-0.02 pm. Microfiitration (MF) and nanofiltration 

(NF) processes are designed to reject particles in the "micron" (0.10 pm to 10 pm) 
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and "nano" (0.001 to 0.01 fjm) range, respectively. The distinction between the 

various membrane processes is somewhat arbitrary and has evolved with usage 

and convention. 

In 1906, Bechhold produced cellulosic polymer (collodion) membranes with 

pore sizes less than 0.01 pm and referred to them as UF membranes (Porter, 

1990). Because of their low hydraulic permeability, these UF membranes remained 

little more than a laboratory curiosity. The development of an anisotropic RO 

membrane in 1959, paved the way for the first anisotropic UF membrane in 1963 

(Cheryan, 1986). The introduction of non-cellulosic, anisotropic UF membranes by 

Sourirajan and Loeb helped in overcoming the permeability limitations of cellulosic 

UF membranes (Cheryan, 1986). The prominent feature of these anisotropic UF 

membranes is the thin skin surface (0.1 - 0.5 pm thick) supported on a porous sub

structure (100 - 200 pm thick) (Cheryan, 1986; Davis, 1987; Mallevialle et al., 1996; 

Amicon Inc., 1997). The thin skin permits high hydraulic pemrieability while the 

more open sub-structure provides good mechanical support to the membrane. The 

commercially-available UF membranes typically have pore sizes in the range from 

10 to 1,000 angstroms (A) and are capable of retaining species in the molecular 

weight range of 1,000 to 500,000 Daltons (D) (Zeman and Zydney, 1996). 

Ultrafiltration membranes are rated either by pore size or by molecular 

weight cut-off (MWCO). The pore size rating refers to the diameter of the largest 

particle/molecule that the membrane will pass. The membrane pore size ratings are 
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determined by several methods that include bubble point technique and scanning 

electron microscopy (Cheryan,, 1986). The MWCO of a membrane is determined 

from the rejection coefficients for pure solutions containing spherical molecules of 

known molecular weight (Zeman and Zydney, 1996; Amicon Inc., 1997). The 

MWCO refers to the molecular weight of a globular solute that is 90% retained by 

the membrane. Apart from the size of the solute molecule, the membrane rejection 

is also a function of the molecular shape, electrical charge, pH, co-ion, ionic 

strength, concentration and presence of other retained molecules (Cheryan, 1986; 

Amicon Inc., 1997). 

This research primarily focuses on the performance of UF membranes. 

There are several commercial methods that are used for making UF membranes, 

including, phase inversion, upper critical temperature phase separation, stretching 

and nuclear track etching (Cheryan, 1986; Grant, 1988; Winston Ho and Sirkar, 

1992; Zeman and Zydney, 1996; Osmonics-Poretics Co., 1997). Among these 

methods, phase inversion is the most versatile procedure for membrane 

manufacture. In the phase inversion process, a solution of casting polymer is 

caused to invert into a polymer gel in a system of two inter-dispersed liquid phases 

(Cheryan, 1986; Grant, 1988). Phase inversion is achieved by evaporation of 

solvent from the polymer solution or by immersion of the cast film into a bath of non-

solvent or by a combination of the two (Cheryan, 1986; Grant, 1988; Zeman and 

Zydney, 1996). 



24 

UF membranes are manufactured using several polymers that include 

cellulose acetate, cellulose ester, polyamide, polycarbonate, polypropylene, 

polysulfone, polvinylchloride, polyvinylidene fluoride and polytetrafluorethylene 

(Llyod and Meluch, 1985; Zeman and Zydney, 1996). There are more than 120 

different polymers, co-polymers and blends, reported in the literature, that have 

been investigated for use as membranes (Llyod and Meluch, 1985; Zeman and 

Zydney, 1996). Composite and co-polymer membranes, containing more than one 

polymer in the skin layer, are also available for commercial use. Some UF 

membranes exhibit a net positive or negative surface charge based on the 

functional groups of the polymer used. For example, polysulfone membranes 

possess a net negative charge that is derived from the sulfonyl end groups. 

Typically, membrane surface charge is characterized by zeta or streaming potential 

measurements (Pontie et al., 1997; Nystrom and Zhu, 1997). 

5.2 Pulp Mill Effluents - Environmental Impact 

The demand for paper has been increasing continuously since its first 

introduction in the early 19*^ century. Wrapping paper, paper sacks and corrugated 

board boxes are extensively used as packaging materials. The annual global 

production of paper and paper-based products is expected to exceed 310 million 

air-dried-metric-tons (admt) by the year 2000 A. D. (Myreen, 1994). Pulp 
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production from wood requires the use of large amounts of fresh water that 

eventually will be discharged to the environment as wastewaters. The development 

in pulp and paper technology with an emphasis on conservative use of water 

enabled the mills to reduce their average, overall consumption of fresh water from 

64,000 gal/admt in 1960s to 20,000 gal/admt in 1990s (Edde, 1994). 

The paper mill effluents contain high concentrations of organic material since 

the produced pulp corresponds to only about 40-45% of the original weight of the 

wood (Leuenberger et al., 1985). More than 100 organic compounds have been 

identified in pulp mill effluents (Leuenberger et al., 1985; Jonsson, 1989). Some 

of the most commonly found organics in the pulp mill effluents include lignins, 

chlorolignins, cellulose, hemicellulose, terpenes, resins, fatty acids, lignosulfonic 

acids, phenols, guaiacols, vanillins, catechols and chlorinated hydrocarbons 

(Kringstad and Lindstrom, 1984; Leuenberger et al., 1985; Jokela and Mirja, 1992; 

Sierka, 1995). An important phenomenon that effects membrane perfomnance is 

the formation of micelles by the organic solutes of pulp and paper mill effluents 

(Jokela and Mirja, 1992). At organic concentrations greater than the critical micellar 

concentration (CMC), approximately 50-100 dissolved organic molecules self-

aggregate to form different geometric configurations known as micelles (Dunn, 

1985; Kandori and Schechter, 1990; Atkins, 1994). The critical micellar 

concentration (CMC) for pulp mill effluents was estimated to be between 350-850 

mg-dissolved organic carbon (DOC)/L (Jokela and Mirja, 1992). 
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Pulp can be produced from wood by several pulping processes which include 

Sulfite Process, Kraft or Sulfate Process, Thermo Mechanical Process (TMP) and 

Chemo Thermo Mechanical Process (CTMP) (Dahlquist, 1992). Pulping refers to 

any process that reduces wood to a fibrous mass by breaking the structural bonds 

that hold the wood fibers together. The main objective of pulping is to disintegrate 

the lignin and other materials which act as a glue to hold the wood fibers together. 

The Sulfite pulping process is no longer in use due to environmental problems 

created by large-scale sulfur-dioxide emissions. The Kraft process has emerged 

as the select method of pulp production since it can practically use all wood specie 

as raw material and also has lesser environmental impact (Myreen, 1994). 

In the Kraft process, wood chips are initially digested together with NaOH 

and Na2S at elevated temperatures. The digested fibers are then separated from 

the so-called black-liquor, washed and bleached by a sequence of steps (Dahlquist, 

1992). Bleaching is achieved through a continuous sequence of process stages 

using different chemicals and conditions in each stage with washing between 

stages (Smook, 1997). Schematic of debarking, pulping and bleaching operations 

in a typical Kraft pulp mill are shown in Figure 5.2 (Kringstad and Lindstrom, 1984; 

Sierka, 1995). 

The commonly applied bleaching treatments in a Kraft pulp mill, along with 

their shorthand designations are given below (Smook, 1997): 

Chlorination (C) - Reaction with elemental chlorine in acidic medium 
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Figure 5.2. Debarking, Pulping and Bleaching 
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Extraction (E) - Dissolution of reaction products with NaOH 

Chlorine Dioxide (D) - Reaction with CIO2 in acidic medium 

Oxygen (0) - Reaction with molecular oxygen in alkaline medium 

Hypochlorite (H) - Reaction with hypochlorite in alkaline medium 

Peroxide (P) - Reaction with peroxide in alkaline medium 

Ozone (Z) - Reaction with ozone in acidic medium 

Bleaching by elemental chlorine was found to produce persistent chloro-organic 

compounds that are toxic to marine and other living organisms (Leach, 1976; 

Bjorseth et al., 1979; Landner et al., 1979; Owens et al., 1994). Some of the 

chlorinated organic compounds in pulping and bleaching wastewaters are also 

known to be mutagenic and even carcinogenic (Priha and Talka, 1986; Jokela et 

al., 1993; Owens et a!., 1994). Modem pulp mills have replaced chlorine by 

alternative bleaching agents including chlorine dioxide, hydrogen peroxide, 

molecular oxygen and ozone (Dahlquist, 1992; Rounsaville and Rice, 1997). 

5.3 UF Treatment of E-Stage Effluents 

Environmental protection philosophies with respect to the pulp mill effluents 

have changed from a virtual "non-concern" in the 1960s to the "solution to the 

pollution is dilution" approach of the 1970s, the "end-of-pipe" treatment of the 1980s 

on to the "zero-impact mill technology" of the 1990s (Foike, 1996). New regulations 
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and guidelines coupled with a strong consumer demand for environmentally friendly 

products are forcing the pulp and paper industry to make significant changes to the 

bleaching processes as well as the effluent management systems to virtually 

eliminate the generation and discharge of toxic contaminants. The challenge for 

the industry is to develop and implement innovative approaches for achieving the 

virtual elimination of toxic contaminants at an affordable cost. 

In recent years, the pulp and paper industry has been exploring the option 

of recycling process waters to accomplish their goal of creating a zero-impact mill. 

The process waters cannot be recycled without treatment, due to build-up of non-

process elements (e.g. fibers, salts and chromophoric organics) that can react with 

the bleaching agents and ultimately affect the paper quality. Ultrafiltration treatment 

has emerged as a viable alternative to remove pollutants of concern in recyle 

process waters (Edde, 1994; Foike, 1996). The distinct chemical nature of the 

various bleach effluents, such as the C- and E-stage wastewaters with pHs of -2.0 

and ~11.0 respectively, require individual treatment systems for each water stream 

(Jonsson and Petersson, 1988; Zaidi et al., 1992). 

A significant portion of toxicity, color and chlorinated organics in the total 

wastewater discharged by a Kraft mill comes from the E-stage bleaching process 

(Fremont and Kelper, 1980; Zaidi et al., 1992; Afonso et al., 1992; Biermann, 1996). 

Yet, the effluent from the E-stage makes up only 5% to 10% of the total discharge 

volume of the pulp mill wastewater (Zaidi et al., 1991). This was recognized by the 
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early researchers of the 1980s and since then research efforts focused on 

segregation and treatment of the E-stage effluent (Dorica, 1986; Jonsson, 1987). 

The alkaline, pH^IO.5, E-stage effluent was found to contain a large fraction 

(-50%) of organics in the macromolecular (>1,000 D) range which makes it even 

more amenable to UF treatment (Rosa and De Pinho, 1991; Sierka and Folster, 

1995). Also, the UF treatment of E-stage effluent can remove the bio-recalcitrant 

macromolecules making it suitable for discharge either to the natural environment 

or to a biological treatment system (Afonso and De Pinho., 1995). 

initial bench-scale studies on E-stage effluent treatment, using UF 

membranes of MWCOs ranging from 1,200 D to 10,000 D, showed reductions in 

chemical oxygen demand (COD), color and total organic chlorine (TOCI) that 

ranged from 45-85%, 67-92% and 56-90%, respectively, at a volume reduction 

factor (VRF) of 5.0 (Jonsson, 1987). The VRF is defined as the ratio of the initial 

feed water volume to the instantaneous concentrate volume. Pilot-scale studies on 

the E-stage effluent treatment using UF membranes of 6,000 D MWCO reported an 

average COD and color removal of 60% and 80%, respectively (Dorica, 1986). 

In the pulp and paper industry, full-scale UF processes have been 

successfully employed for purposes such as the concentration of spent liquor, de-

resination and treatment of bleaching effluents (Nuortila-Jokinen et al., 1995). The 

use of UF processes to treat the E-stage effluents for color and organic removal has 

been demonstrated in full-scale installations at Sanyo and Taio Paper Companies 



31 

in Japan and MoDo-Husum in Sweden (Wannstrom and Uhlin, 1991; Zaidi et al., 

1992). These full-scale treatment plants employed UF membranes with MWCOs 

that ranged from 6,000 D to 25,000 D. The COD, color and TOCI removals at the 

above-mentioned, large-scale UF treatment plants varied firom 40-80%, 80-95% and 

50-85%, respectively, at VRFs between 10 and 20 (Wannstrom and Uhlin, 1991; 

Zaidi etal., 1992). Currently, at these full-scale installations, the permeate is sent 

to secondary biological treatment systems while the concentrate is combined with 

the black liquor in the heat and chemical recovery circuit. 

Membrane filtration has not gained a widespread acceptance in the pulp and 

paper industry in spite of its large potential for many different applications. One of 

the main reasons for this is the lack of knowledge regarding membrane fouling. 

Fouling, a major limiting step in the use of pressure-driven UF processes, produces 

a decline of permeate flux with the time of operation. In the short-term perspective, 

fouling decreases the effective membrane productivity and increases the downtime 

for cleaning. In the long-term perspective, fouling reduces the operative life span 

of the membrane. 

Fouling is a complex phenomenon that involves both solute-solute and 

solute-membrane interactions. Membrane fouling is broadly classified into two 

categories; the reversible and the irreversible. Reversible fouling occurs due to the 

concentration of the materials at the membrane rejection surface that can be 

removed by appropriate cleaning protocols. Irreversible fouling occurs primarily by 
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chemisorption and pore plugging. The solutes with molecular size less than the 

membrane pore size often foul the membrane by plugging its pores. The solutes 

with molecular size greater than the pore size of the membrane that are retained 

in the concentrate stream may foul the membrane by adsorbing to its surface. 

Attempts were made to understand the mechanisms of membrane fouling by 

pulp mill effluents using synthetic solutions containing model solutes such as 

lignins, chlorolignins, cellulose, hemi-cellulose, catechols, guaiacols, dextrans and 

resin acids (Lindstrom et al., 1988; Zaidi et al., 1991; Bhattacharjee and 

Bhattacharya, 1993; Ramamurthy et al., 1995). Lignin is an amorphous polymer 

composed of phenyl propane units linked together in three dimensions (Figure 5.3). 

Cellulose consists of carbohydrates and polysaccharides. The chemical makeup 

of cellulose is (CeHioOfe^, where n is the number of repeating units (Figure 5.4 (a)). 

Hemi-cellulose is a polymer of different sugars that include glucose, mannose, 

galactose, xylose and arabinose (Figure 5.4 (b)). The structures of other 

extractives that are commonly seen in pulp mill effluents are shown in Figure 5.5. 

The simulated solutions may not fully mimic the behavior of the chemically-complex 

real effluents. To some extent this has been the experience of the researchers 

employing actual bleach plant effluents in their studies (Ramamurthy et al., 1995; 

Dal-Cin etal., 1996). 

Several researchers studied the effects of operational variables, such as, pH, 

temperature, flow rate, trans-membrane pressure, VRF, MWCO and pre-treatments 
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Figure 5.4. (a) Primary Structure of Ceiiulose 
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on the UF membrane performance for bleach plant effluents (Fremont and Kelper, 

1980; Jonsson, 1987; Jonsson, 1988; Lindstrometa!., 1988; Slerka etal., 1996, 

Nuortila-Jokinen and Nystrom, 1996). To date, no membrane flux or rejection 

model incorporating the above-mentioned variables has been developed. 

In the UF (MWCO = 10,000 D) treatment of CTMP effluents, concentration 

polarization was found to be the predominant mechanism of fouling (Ramamurthy 

et al., 1995). The effect of membrane chemistry and MWCO on the relative 

contributions of fouling mechanisms by pulp mill effluents have also been studied 

(Dal-Cin et a!., 1996). In experiments with the real effluents, no efforts were made 

to relate the molecular-size distribution of the organic molecules to the fouling 

mechanisms. Characterization of size distribution of dissolved organics in a 

chemically-complex wastewater, such as the E-stage effluent, aids in developing 

a fundamental understanding of the interactions that occur at the membrane-water 

interface. 
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6. MATHEMATICAL MODELING OF MEMBRANE PROCESSING 

6.1 Solute Size Characterization 

Molecular size characterization of contaminants in wastewater aids in the 

design of efficient membrane treatment facilities. The size distribution of the 

dissolved organics can be determined either as a continuous distribution using gel 

permeation chromatography (GPC), or as a discrete distribution using UF 

membranes (Amy et al., 1987; Logan and Jiang, 1990; Kilduff and Weber, 1992). 

In GPC analysis, there must be no chemical interaction among the column packing, 

the eluent or the organic components. It is difficult to find a gel type that would be 

chemically inert to multi-component wastewaters such as the pulp mill effluents. 

Also, for GPC technique, it is necessary to concentrate the organics in the samples 

by rota-evaporation, freeze-drying or by resin adsorption-desorption (Sachdev et 

al., 1976; Hart, 1980; Van Steenderen and Malherbe., 1982; Amy et al., 1987). 

These types of concentration procedures can alter the sizes of the dissolved 

organics and distort the size distribution. 

The discrete size distribution analysis by UF membranes has both pros and 

cons. Fractionating macromolecular solutions using UF membranes is a relatively 

inexpensive, reagent-free, non-destructive and simple technique. An additional 

advantage of the UF technique is its ability to process comparatively large volumes 
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of sample (Logan and Jiang, 1990). The transport of organics through an UF 

membrane is influenced by a variety of physicochemical factors including pH, ionic 

strength, concentration and molecular shape. 

It is expected that solution pH may influence macromolecular configuration, 

depending on the pK, values of functional groups present on the macromolecule 

(KildufF and Weber, 1992). An increase in the feed solution ionic strength causes 

macromolecules to coil, reducing their size in solution and hence their retention on 

a given membrane (Kilduff and Weber, 1992). In concentrated solutions, the 

incipient gel precipitation can act like a dynamic secondary membrane and may 

alter the rejection behavior of the primary membrane (Porter, 1972). Minimizing the 

thickness of the boundary layer adjacent to the membrane surface by rigorous 

mixing of the feed solution was found to reduce the effect of concentration 

polarization (Porter, 1972; Brock, 1983). The accuracy of membrane MWCO 

specifications depend primarily on how closely the molecules comprising a solution 

to be fractionated resemble the molecules that were used in calibrating the 

membrane (Tragardh, 1985; Leypoldt, 1987; Schocketal., 1989). 

The size distribution of macromolecules in solution can also be determined 

using other sophisticated techniques such as field flow fractionation (FFF) and 

mass spectrometry (MS) (Kirkland et al., 1992; Vincenti and Pelizzetti, 1992; Dey 

et a!., 1995). Due to some inherent drawbacks, the FFF and MS techniques can not 

be used for obtaining the molecular size distributions of pulp mill effluents (Kirkland 
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etal., 1992; Deyetal., 1995). 

In this study, the discrete organic size distributions in wastewaters were 

obtained by processing the samples through an array of Amicon UF membranes of 

varying MWCOs. The weighted-average molecular weight and number, M,, and Mp, 

respectively, were detennined from the discrete size fractions using the expressions 

given below; 

M. = £ (f, , ID,) (1) 

M„ = £ (n,. m.) (2) 

where, 

f( = mass-fraction of organics in size range 'i' 

n; = number-fraction of organics in size range 'i' 

m, = mean molar mass of size range 'i'. 

Heterogeneity index (HI), a ratio of to Mn. indicates the spread in the 

molecular size distribution. A perfectly mono-disperse solution would have a HI = 

1.00 (Young and Lovell, 1995). 

The mean molar volume (V,,, cc/mole) and the average volume (V,^, cc) of 

the solute molecule can be determined from using the density (p) of the water 

as shown below; 
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where is the Avagadro Number. Assuming the compounds to be of spherical 

shape, an average solute diameter (d^) can be obtained using the expression 

V = — 
ayg ^ 

ov 

(4) 

given below: 

6 * V .  
avg > 

avg (5) 

6.2 Solute Size to Pore Size 

In this report, the ratio of the mean molecular weight of the feedwater to the 

MWCO of the membrane is denoted by A as shown below: 

^ = — (6) 
MWCO 

A effectively represents the ratio of the diameter of the solute molecule to the 

diameter of the pore. It should noted that is a weighted-average molecular 

weight of the dissolved organics while MWCO is the membrane cut-off at 90% 

solute retention. 
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6.3 Membrane Recovery 

Batch membrane experiments can be performed either in recycle mode or 

in recovery mode. In the recycle mode, the permeate and concentrate streams are 

returned to the feed reservoir. Whereas in the recovery mode, the permeate is 

collected in a separate reservoir while the concentrate is returned to the feed 

reservoir. The membrane recovery is usually expressed as a percent and is 

defined as shown below; 

'Recovery =  ̂ joo ,7, 
{initial feed volume) ^ ' 

6.4 Permeate Flux 

The volumetric rate of flow of penmeate through a membrane is referred to 

as permeate flux. The permeate productivity or flux is expressed in terms of unit 

membrane area and is defined as given below; 

Permeate Flux = {permeate volume recovered) 
{membrane area) {time for recovery) 
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6.5 Mass Balance 

Solute mass balances can be obtained for membrane experiments that are 

performed in recovery mode. Listed below are the mass balance equations for 

batch and continuous mode membrane operations; 

Batch Mode: V, C, = Vp Cp + V, C, (9) 

Continuous Mode: Q,C, = QpCp+ 0,0^ (10) 

where, the Vs, Q's and C's represent the volumes, flow rates and concentrations, 

respectively. The subscripts f, p and r denote the feed, permeate and retentate 

streams, respectively. 

6.6 Instantaneous Membrane Rejection 

Rejection relates to the solute quantity that permeates or is retained by a 

membrane. Solute rejection by a membrane is quantified in terms of the reduction 

in the feed concentration across the membrane. At any point in the filtration 

process, the observed or apparent rejection. R^, of a membrane is defined as: 
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where, 

Cp = instantaneous solute concentration in the permeate 

Cf = instantaneous solute concentration in the feed or reject bulk. 

The concentration of the solute will be higher near the membrane surface 

compared to the bulk of the liquid. Hence, to calculate the actual rejection, R,, the 

concentration of the rejected component at the membrane surface, Cg, should be 

used as shown below; 

Since Cg can be estimated using a technique described in Sections 6.12 and 6.13. 

6.7 Average Membrane Rejection 

In a batch membrane operation, the concentrations of feed (Cf) and pemneate 

(Cp) vary with recovery. The average rejection, R,vg. of a membrane can be 

obtained from a mass balance analysis around the pressurized UF cell. At any 
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-dM = -d(V.Cf) = -Cp.dV (13) 

d(V.C,) = V.dC, + Cf.dV = Cp.dV (14) 

-V.dCf^ C^(l - %dV (15) 

where, M is the mass of solute in the feed and V is the sample volume processed. 

Substituting 

1 1 - (16) 

gives: 

-V.dC,= C,.R,^.dV (17) 

Separating the variables and integrating from initial feed conditions to the final feed 

conditions yields an expression for as shown below; 
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R 

In (-2) 
C 

= 
avg y 

In (-^) 
V 

(18) 

where, 

Cff = final solute concentration in the retentate/concentrate sample 

Cfy = initial solute concentration in the feed sample 

V,o = initial feed volume 

\/„ = final retentate/concentrate volume. 

6.8 Critical Pressure 

The solvent flux across a membrane is directly proportional to the applied 

driving force and inversely proportional to the hydraulic resistance encountered. 

In a pressure-driven UF operation, the solvent and solute are forced onto the 

membrane surface, resulting in an accumulation of the rejected solute. This 

phenomenon which is referred to as concentration polarization, can eventually lead 

to the formation of a gel layer or secondary membrane. The water flux, J,^, through 

a membrane can be expressed as: 
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{net driving force) _ (AP-AII) 
{total resistance) (^„*Rg) 

(19) 

where, 

AP is the trans-membrane or operating pressure drop 

An is the osmotic pressure drop 

is the hydraulic resistance of the membrane 

Rg is the hydraulic resistance of the gel layer. 

The osmotic pressure drop across the membrane is given as; 

Since negligible salt rejection occurs in an UP process, 

(20) 

'macromotocuto 'nwcromolacule 'salt/pemiMte 

(22) 

The osmotic pressure of many macromolecuiar solutions can be represented by a 

virial expansion: 



nmicfomoleeule = 8,0 + 626^ + BsC^ 
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(23) 

where, Bj and B, are the osmotic virial coefficients and C is the concentration 

of the macromolecular solution. The coefficient B^ describes the so-called Van't 

Hoff's limiting law for the osmotic pressure, which is applicable at very dilute 

solutions. Bi can be expressed in temns of solute molecular weight as, 

- JT, (2") 

where R is universal gas constant, T is the absolute temperature and is the 

solute molecular weight. The second virial coefficient, B2, represents the type and 

degree of interactions among solute macromolecules through a MacMillan-Mayer 

type macro-ion pair potential (Markets, 1993). Positive and negative values of Bj 

represent a net repulsive and net attractive interactions, respectively (Markets, 

1993). 

Prior studies on 1% (by weight) macromolecular solutions found the osmotic 

pressures to be less than 1 psi (Goldsmith, 1971; Vilkeretal., 1981; Nabetani et al., 

1990; Da Costa et al., 1994; Zeman and Zydney, 1996; Amicon Co., 1997). Hence, 

for dilute macromolecular solutions, the equation for flux can be simplified to; 

J.. = -r (25) 
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A typical flux versus trans-membrane pressure relation for UF processes is shown 

in Figure 6.1. When the membrane system is operated below the critical pressure, 

the flux to pressure relationship is a straight line since the process is membrane 

controlled (R,„» Rg). At operating pressures greater than the critical pressure, the 

permeate flux reaches a plateau and may actually decrease with an increase in 

pressure. At pressures greater than the critical pressure, the thickness and density 

of the gel layer increase to an extent where the Rg is significantly greater than R„. 

Thus, critical pressure is defined as the operating pressure at which the pressure-

controlled permeate flux becomes pressure-independent. The permeate flux that 

is independent of the operating pressure is often referred to as the 'limiting flux*. 

6.9 Modified Series Resistance Model 

The resistance to solvent transport from fouling could be attributed to several 

mechanisms, as illustrated in Figure 6.2 (Van Den Berg and Smolders, 1990; 

Nabetani et al., 1990). The series resistance (SR) model accurately portrays the 

fouling of UF membranes in the linear flux-pressure region (Nakatsuka and 

Michaels, 1992; Belfort et al., 1993). The SR model represents the flux decline due 

to various fouling mechanisms as serial resistances and has the general form 

(Jonsson, 1993; Pouliot et al., 1994; Dal Cin etal., 1996); 
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where R„ is intrinsic membrane resistance and £ R, is the net resistance from 

membrane fouling. The above equation can be modified as shown below by 

assigning a resistance term for each of the major fouling mechanisms; 

I - AP 

m Q p cp 

where, R,, Rp and R^p represent resistances due to adsorption, pore plugging and 

concentration polarization, respectively. 

The serial resistances due to each fouling mechanism can be calculated 

from the flux loss under different operating conditions. The following fluxes were 

experimentally measured; 

• Jj the initial pure water flux for a virgin membrane, 

• J, the pure water flux for a membrane that has been fouled by static adsorption, 

• Jw the steady-state wastewater flux and 

• J, the final pure water flux for the membrane that has been fouled and chemically-

cleaned. 

Adsorptive fouling accounts for the difference between J, and J,. The flux 

loss between J, and J, can be attributed to pore plugging. The difference between 
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J,^ and J, represents the loss in permeate productivity due to concentration 

polarization effects. The membrane resistance (R„) can be determined from the 

initial pure water permeability (J,) using the following equation; 

R - ^ ~ ^ (28) 

The resistance due to adsorptive fouling (R,) can be determined from the ratio of 

J, and J,; 

I  ̂ tn o 

z - '''' 

The above equation can be rearranged to estimate R,: 

= (J - (30) 

The remaining resistances, Rp and R^p, can be calculated sequentially in a similar 

manner using the resistance terms determined in the previous step as shown 

below: 
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= (y - 1)^-" - ^0 (31) 

cp  ̂ T ' m a p 
•'w 

(32) 

The relative resistance of each component can be expressed as a function of the 

total resistance (Rf); 

where, R, = R„ + R, + Rp + R^p. 

The adsorptive resistance term, R,, is based on the pure water permeation 

rate, J„ after contacting the membrane with the feed wastewater in the absence of 

trans-membrane pressure. The contribution of R, may be under-estimated by this 

static procedure since the adsorption is evaluated at the bulk concentration. The 

(33) 

(34) 
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higher concentration at the membrane surface due to concentration polarization 

may lead to a greater adsorption. Sorption at the membrane surface or pore 

entrance may prevent further adsorption within the membrane (Brink et al., 1993). 

There is also potential for more adsorption during permeation when the foulants 

have access to the internal pore structure. In these situations, the resistance due 

to pore plugging would be over-estimated as it would include some additional 

resistance due to intra-pore adsorption. Also, the measurement of J, could be in 

error due to possible desorption of foulants from the membrane surface upon 

contact with the pure water. To overcome the above-discussed shortcomings, a 

single resistance parameter, R,p, will be used in place of Ra and Rp to denote the 

combined membrane fouling by adsorption and pore plugging mechanisms. The 

modified series resistance equation for permeate flux is of the form: 

, . ^ 
tn ap cp 

wherein, 

= (4 - l)^m (36) 
V 

Since J, is measured after chemical cleaning, Rap represents irreversible 
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membrane fouling by chemisorption and pore plugging. All the permeate fluxes (J,, 

J, and 4w) have to be measured under similar operational conditions such as cross-

flow velocity and trans-membrane pressure. In the development of the resistance 

equations the permeate and the pure water viscosities are assumed to be equal. 

In most membrane applications, the fouling mechanisms are somewhat inter

related (Laine et al., 1989). The SR model assumes the resistance terms to be 

independent of each other. This drawback of the SR model can be overcome by 

representing the resistances in terms of basic variables, such as, the molecular size 

and feed water concentration. Since the SR model cannot account for time 

variance of flux decline it is valid only under steady-state operating conditions. 

6.10 Membrane Fouling Potentials 

The inferences made based on the relative resistances can be misleading 

under certain conditions. The resistance terms could have dissimilar values even 

if the observed flux losses were equivalent for each fouling mechanism (Dal-Cin et 

a!., 1996). An alternative approach based on fouling potential can be used to 

estimate the relative contributions of the fouling mechanisms. The fouling 

potentials are obtained by taking a ratio of the flux decline for a given mechanism 

to the overall flux loss. The adsorptive-pore plugging (F.p) and concentration 

polarization (Rep) fouling potentials are defined as following: 



56 

J, - Jr F = -! L 
J. - J.. 

J r -  J  f - IL lil 
/ - J.. 

(37) 

(38) 

The relative fouling potentials, %F,p and %Fgp, can be defined as given below: 

0/oF^ = 2E = _! L • 100 f39) 
°P F + F J - J ^ ' ^ap ^cP •'w 

F  J ^ -  J  
0/^ = —SE— = J:—51 * 100 MO) 

F + F J - J ^ ^ap ^cP •'i •'w 

Also, F,p represents the irreversible membrane fouling while F^p signifies the 

reversible fouling. For a fixed set of membrane operating conditions, the fouling 

potentials can effectively quantify the various fouling mechanisms. 

6.11 Parameters Effecting Membrane Resistances 

The permeate flux modeling must account for variations in membrane, feed 

water and operational characteristics. Fouling is a function of membrane 
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characteristics such as MWCO and surface charge (Dal Cin et al., 1996; Hamza et 

al., 1997; Nabe et al., 1997; Rosa et al., 1997; Crozes et al., 1997). The 

wastewater variables that are known to influence the membrane fouling include 

solute concentration, pH and molecular size distribution (Mehdizadeh et al., 1989; 

Wiesner and Chellam, 1992; Crozes et al., 1993; Crozes et al., 1997; Oak et al., 

1997). The major operating parameters that can effect permeate productivity 

include trans-membrane pressure and cross-flow velocity (Van Den Berg and 

Smolders, 1992; Ramamurthy et al., 1995; Crozes etal., 1997). 

6.11.1 Membrane Resistance, R„ 

At a fixed operating pressure, the membrane resistance is a function of 

viscosity of the feed water. The viscosity of water is in turn a function of the 

temperature. Higher temperatures were found to yield higher fluxes in both the 

pressure-controlled and pressure-independent regions (Cheryan, 1986; 

Mehdizadeh et al., 1989). Activation energies for both flux and viscosity are similar 

in the region of 20-50 °C, about 3400 cal/mole (Cheryan, 1986). In practical terms, 

it will take a temperature rise of 30-45 °C to double the flux. This is based on the 

assumption that there are no other unusual effects occurring simultaneously. The 

temperature dependence of R^ can be modeled in terms of the feed water viscosity 

as shown below: 



58 

RJ = K * (yf (41) 

where, 

is the membrane resistance at any temperature't' 

V is the kinematic viscosity of the feed water at the operating temperature 

k„ and a, respectively, represent the coefficient and exponent of the 

membrane resistance correlation. 

6.11.2 Adsorption-Pore Plugging Resistance, R,p 

The resistance due to adsorption-pore plugging, R,p, is a function of the feed 

water bulk concentration, molecular size distribution and membrane MWCO. 

Generally, a higher bulk concentration results in enhanced fouling by adsorption 

and pore plugging mechanisms. On the contrary, the micelle phenomenon of pulp 

mill effluents can result in a smaller R,p value with increasing organic solute 

concentrations. The magnitude of R,p is a strong function of the relative size of the 

membrane pore and the size of the solute molecule. The ratio of mean molecular 

weight of the feedwater constituents to the MWCO of a membrane, denoted by A, 

can be used to represent the ratio of solute diameter to the diameter of pore. The 

non-linear behavior of R,p with respect to the bulk concentration (Cf) and A can be 

represented as given below; 
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Rap = Kp * (C>)'" * w (42) 

where, 

k,p is an experimentally determined coefficient 

A = (My, of feed water) / (MWCO of the membrane) 

'm' and 'n' are the arbitrary exponents of Cf and A, respectively. 

The magnitude of is also a function of other minor variables such as the 

feed water pH, ionic strength and the membrane surface charge. The solution pH 

and ionic strength can influence the size and shape of the macromolecules which 

will be accounted by the term of A. Since membranes of neutral charge are 

employed in this study, the effect of membrane surface charge can be neglected. 

6.11.3 Concentration Polarization Resistance, R^p 

The major factors that influence the concentration polarization resistance 

(Rep) include bulk concentration (C,), trans-membrane pressure (AP) and cross-flow 

velocity (U). Higher bulk concentration often results in a thicker and more compact 

boundary layer. Higher trans-membrane pressures can cause a greater permeation 

of solutes across the membrane and thereby result in lower R^p's. The effect of the 
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cross-flow velocity on R^p is strongly governed by the chemical constituents of the 

feed water. The dependence of R^p on the factors that are discussed above can be 

modeled using a semi-empirical equation as shown below; 

Kp = Kp (C/)" • W * W (43) 

where, 

kcp is the coefficient of R^p and 

p, q and r are the exponents of C,, AP and U, respectively. 

6.11.4 Comprehensive Modified SR Equation 

The most generalized equation for steady state water flux can be obtained 

by substituting Equations (41), (42) and (43) in Equation (35): 

J.. = ^P 
(44) 
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6.12 Gel Polarization Model 

The gel polarization (GP) or film theory model can accurately describe the 

flux behavior in pressure-independent, mass transfer-controlled region. The GP 

model is applicable at membrane operating pressures greater than the critical 

pressure. In this model, the dynamically formed gel layer or secondary membrane 

is assumed to provide the limiting resistance to the solvent transport. The 

phenomenon of gel polarization is schematically illustrated in Figure 6.3. 

During the course of filtration, solutes are conveyed by permeate flux to the 

membrane surface, and a portion of them permeate through the membrane. But the 

rest of the solutes that are rejected by the membrane diffuse back into the bulk 

solution. At steady state, the quantity of solutes conveyed to the membrane is 

equal to the sum of those that permeate through the membrane and those that 

diffuse back from the membrane surface. A mass balance on the solutes for a 

differential element in the gel layer will yield; 

/..C (45) 

where, 

J, is the solute flux through the membrane 

Jw is the solvent or water flux across the membrane 



Figure 6.3. Gel Polarization Model 
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C is the concentration of the solute 

D is the apparent solute diffusion coefficient 

dC/dx is the concentration gradient in the boundary layer. 

The dynamic gel layer is assumed to have a fixed gel concentration, Cg, 

which is free to vary in thickness and porosity. Hence, the boundary conditions at 

steady state after gel layer formation are; 

at X = 0; C = C, (46) 

at X = 6; C = Cg (47) 

where, C, is the concentration of the solute in the bulk and 6 is the thickness of the 

boundary layer. 

Solute flux through the membrane, J„ is given as; 

J ,  =  J , . C p  ( 4 8 )  

where Cp is the concentration of solute in the permeate. 

Integrating Equation (45) using the Equations (46) through (48) yields; 
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* ln(S—S) (49) 

where k is the mass transfer coefficient that is defined as; 

D 
6 

* = - (50) 

The value of 'k' is solute and equipment dependent. Equation (49) has two 

parameters, k and Cg, that are not measurable. If the membrane has a high 

rejection for the solute then the Cp term in Equation (49) can be neglected resulting 

in a simplified expression of the form: 

(51) 

6.13 Actual Membrane Rejection 

A number of qualitative relationships correlating the mass transfer coefficient 

to physical properties, flow channel dimensions and operating parameters exist in 

the literature (Goldsmith, 1971; Mathiasson and Sivik, 1980; Gekas et al., 1987; 

Gekas et al., 1988; Nabetani et al. 1990). Experimental correlations for the solute 

mass transfer coefficient are usually expressed in dimensionless form as; 
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Sh = p.iie' Sc\(-±y (52) 

where, 

L is the channel length 

Sh, Re and Sc are the Shenvood Number, Reynolds Number and Schmidt 

Number, respectively, and are defined as given below; 

k.d. 
Sh = (53) 

U.d, 
Re = (54) 

Sc = ^ 
D (55) 

where, 

dh is the hydraulic diameter 

V is the liquid kinematic viscosity. 



66 

The hydraulic diameter, d^, is defined as; 

^ - A r cross-sectional area available for flow^ 
wetted perimeter of the channel 

For slits of width 'w* and height 'h', 

J A h 
' IoTTA) (") 

Since w » h for thin channels, 

d, = 2 h (58) 

The parameters 3, a, b and c are functions of the specific system geometry 

and flow conditions. The cross-flow filtration device used in this study has a 

spacer-filled channel to simulate the hydraulics of a spiral-wound module. For this 

device, the values of 3, a, b and c are 0.664, 0.50, 0.33 and 0.50, respectively (Da 

Costa etal., 1994). Also, for a spacer-filled channel, the term d^/L in Equation (52) 

has to be replaced by dh/L, where L, is the spacer mesh size (Zeman and Zydney, 

1996). A square-mesh spacer of L, = 3 mm was employed in this study. 

Substituting the values for the coefficients and the Equations (53) through 

(55) in Equation (52) will yield the following expression for 'k'; 
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T/O.J /-) 0.66 

k = 0.664 ^ — /CQ^ 
T 0.5 0.17 

J • 

From Equations (49) and (59): 

J,, a k a U°= (60) 

Re-arranging the expressions for the observed (R^) and actual (R,) rejections 

(Equations (11) and (12)) will result in the following equation; 

Cj.-C ~ l-R^ 
J P £ 

Ra 

Combining Equations (49), (60) and (61) will result in 

1-^0 . 1-^a . ... J. 
In ^ = In i + ijf.^ C62) 

R R ^ fjO.5 

where i{j is a constant. 

At trans-membrane pressure greater than the critical pressure, steady state 

wastewater fluxes (JJ and observed rejections (R ];, need to be measured for 
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varying cross-flow velocities (U). Then the actual rejection, R,, can be determined 

by plotting ln{(1-Ro)/Ro} as a function of 

6.14 Estimation of Cg, k and D 

The gel organic concentration, Cg, can be determined using R, and Equation 

(12) as shown below; 

C. = A (63) 

Since one of the two unknowns in Equation (49) I.e. Cg is known, the mass transfer 

coefficient (k) can be determined from Equation (49) by substituting the value for 

Cg. Knowing 'k', the apparent solute diffusion coefficient (D) can be obtained by 

employing Equation (59). 

6.15 Relationship between and D 

Diffusion refers to the net transport of material within a single phase in the 

absence of mixing. Diffusion can result from concentration gradients, pressure 

gradients (pressure diffusion), temperature gradients (thermal diffusion) and 

external force fields (forced diffusion). Concentration gradient is the driving force 
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for solute diffusion in membrane filtration processes. The proportionality constant 

that relates the solute flux to the driving force is commonly referred to as diffusion 

coefficient or diffusivity. 

The classical Stokes-Einstein equation for binary diffusion coefficient of large 

spherical molecules in a dilute solution is written as shown below; 

kj kj 
o = (64) 

where, 

kg is the Boltzmann constant 

f is the frictional coefficient 

T is the absolute temperature 

\i is the solution dynamic viscosity 

rs is the solute Stokes radius 

For non-spherical solutes, Stokes radius is the radius of a sphere of 

equivalent diffusivity. Although the Stokes-Einstein relation was derived for a very 

special situation, many researchers have used the form as a starting point in 

developing correlations. One such equation that was developed for dilute protein 

solutions has the form shown below (Zeman and Zydney, 1996); 
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D = 8.34 »10-® 
1/3 (65) 

For dilute polymer solutions, the diffusivity was empirically related to the molecular 

weight by Equation (66) that is shown below (Bhattacharjee and Datta, 1996); 

D =  2 . 7 4  » 1 0 " ' ( 6 6 )  

Experimental data for the diffusion coefficients of different molecular weight 

dextrans were well correlated by the following equation (Granath, 1958): 

D = 7.667* 10"'(67) 

As shown in Equations (64) through (67), D - rg"^- 0.47752) similar 

relationships can be derived between the diffusion coefficient and the weighted-

average molecular weight of chemically-complex industrial wastewaters. 
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7.1 Pulp Mill Effluents 

The E-stage effluent used in this research was obtained from a Kraft pulp mill 

that employs CdEDiDj (Patrick and Ferguson, 1990) bleaching sequence. This 

Kraft mill is located in the eastern seaboard of the United States. Likewise, the bio-

pond influent and the bio-pond effluent that were employed in this study were 

obtained from another pulp and paper mill facility located in the same area. To 

remove the suspended solids, these wastewater samples was pre-filtered through 

0.35 ^m pleated polyester Harmsco cartridge filters. The pre-filtered samples were 

then stored at 4 °C until use. 

7.2 Challenge Solution 

The challenge solution consisted of chemicals employed by membrane 

manufacturers to determine the MWCO of their products. The challenge solution 

was prepared employing solutes (Table 7.1) that were commonly used to obtain the 

nominal MWCO of membranes (Zeman and Zydney, 1996; Amicon Incorporation, 

1997). Dextrans, being a chemically homogeneous solute series, were found to be 

more suitable for characterizing the membranes than proteins (Zeman and Zydney; 
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Table 7.1. Recipe for 600 mg-DOC/L Challenge Solution 

Challenger Molecular Concentration DOC 

Weight (mg/L) (mg/L) 

Dextrose 180 188 83.8 

Sucrose 342 179 79.1 

Vitamin B-12 1,356 134 53.7 

PEG-8000 8,000 137 81.8 

Dextran-9260 9,400 189 77.7 

Dextrin-2256 15,000 169 52.2 

Dextran-4133 40,000 189 78.2 

Dextran-1390 70,000 189 80.9 

Net DOC = 587.4 ±11.8 mg/L 

1996). In order to simulate the organic concentration of an E-stage effluent, the net 

DOC ofthe challenge solution was fixed at 600 mg/L The contents of a 600 mg-

DOC/L challenge solution are listed In Table 7.1. Also listed in Table 7.1 are the 

actual concentrations at which the ingredients were added to the solution, their 

individual DOC contributions and their molecular weights. In experiments 

conducted to study the effect of feed water concentration, the 600 mg-DOC/L 

challenge solution was diluted to yield 50 mg-DOC/L and 200 mg-DOC/L solutions 

using pure (Milli-Q) water. In this report, Milli-Q water is referred to as the pure 

water. Milli-Q water was obtained by processing distilled water through a series of 
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Millipore polishing units containing ion-exchange cartridges, an activated carbon 

filter and a 0.2 pm membrane filter (Millipore Inc., 1998). 

7.3 Cross-Flow Filtration Membranes 

The various membranes that were used in this study along with their physical 

and chemical properties and the designations that will be used to describe them 

in this report are listed in Table 7.2. Sections measuring 19 cm x 14 cm were cut 

from a large flat sheet of commercial UF membrane for use with the SEPA Cross-

Flow (CF) apparatus. The effective filtration area was 14.6 cm x 9.5 cm. An SEM 

picture of a virgin 10 k, UF membrane is shown in Figure 7.1. The 10 nm, uniformly 

distributed dark spots represent the pores of the UF membrane. 

7.4 Surfactant Properties 

The surfactants that were employed in this study are listed in Table 7.3. The 

molecular weight, CMC, HLB and charge of these surfactants are also summarized 

in Table 7.3. Solutions containing surfactant at twice the CMC concentration In 0.1 

M NaCI were used in the studies involving cleaning and coating of the membranes 

with the surface active agents. 
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Table 7.2. Properties and Designations of the Cross-Flow 

Membranes that were Employed in this Study 

Membrane 

Designation 

Description 

2.5 k An uncharged, thin film UF membrane of 2,500 D MWCO. It 

has a smooth, fouling resistant membrane surface. 

4k A neutrally charged, thin film UF membrane of 4,000 D MWCO. 

8 k (a) An uncharged, thin film UF membrane of 8,000 D MWCO. It 

also has a smooth, fouling resistant membrane surface. 

8k(b) A polysulfone-based, negatively charged UF membrane of 

8,000 D MWCO. 

10k A highly hydrophilic UF membrane of 10,000 D MWCO. The 

membrane does not exhibit any surface charge. 

200 k A neutrally charged microfiltration membrane of 200,000 D 

MWCO. This membrane has to be soaked in 0.1% methanol 

prior to use. 



Figure 7.1. 500,000 Times Magnified Scanning Electron Micrograph 

of a Virgin 10 k UF Membrane 
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Table 7.3. Significant Properties of the Surfactants that were 

Employed in this Study 

Surfactant Molecular 

Weight 

CMC 

(mg/L) 

HLB Charge 

Triton X-100 624 600 13.9 Non-ionic 

(polyoxyetheylene(9.5) 

tert-octylphenylate) 

Tween-80 1310 13 15.0 Non-ionic 

(polyoxyethylene(20) 

sorbitan monooleate) 

Brij-58 1124 87 16.0 Non-ionic 

(polyoxyethylene(20) 

cetyl ether) 

Dowfax 8390 643 140 n/a Anionic 

(hexadecyl diphenyl 

oxide disulfonate) 

Dowfax C10L 555 110 n/a Anionic 

(decyl diphenyl oxide 

disulfonate) 

Cetylpyridinium 340 306 n/a Cationic 

chloride (CPC) 

n/a - not available 
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7.5 Molecular Size Characterization Protocol 

The flowchart in Figure 7.2 depicts the protocol that was employed for 

obtaining the discrete molecular size distributions. The UF separations were 

accomplished using the Amicon 8200 Stirred Cell Units (Figure 7.3). This unit is 

capable of processing a maximum volume of 200 mL of fluid at an applied pressure 

not to exceed 517 kPa (75 psi). The molecular weight separations were performed 

using the asymmetric Amicon UF membranes of MWCOs ranging from 500 to 

100,000 D. The designations and MWCOs of the various Amicon UF membranes 

that were employed in this study are shown in Figure 7.2. The Amicon membranes 

that were used in this study had a diameter of 62 mm with an effective filtration area 

of 28.7 crn^. The YC05, YM1, YM3. YM10, YM30 and XM50 separations were 

performed under a nitrogen gas pressure of 413.7 kPa (60 psi) while the YM100 

filtration was accomplished under a pressure of 69 kPa (10 psi). 

Prior to the actual separations, the UF membranes were prepared according 

to the instructions given by the manufacturer. The preparation step required 

soaking of the membranes in pure water for 90 minutes. The pure water was 

replaced every 30 minutes in order to remove any membrane preservatives. The 

pre-treated UF membranes were then assembled in the Amicon Stirred Cell Units 

and flushed with ^30 mL of pure water. Prior to processing the wastewater, initial 

pure water fluxes were measured to ensure the integrity of the membranes. In the 



Figure 7.2. Molecular Size Characterization Protocol 
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Figure 7 J. General Schematic of Amicon Stirred Cell Unit 



actual characterization step, 100 mL of the wastewater sample was filtered until 50 

mL (50% recovery) of permeate was recovered. The feed sample was stirred using 

a magnetic stir plate to maintain a 1 inch vortex in the cell. The permeate and 

concentrate samples were collected and stored at 4 °C in glass scintillation vials for 

further analysis. 

7.6 Fouling Potential Protocol 

All the bench-scale membrane fouling studies were accomplished using an 

Osmonics SERA CF Membrane Cell apparatus. Schematic representation of the 

SEPA CF cell is shown in Figure 7.4. The SERA CF cell device was designed to 

simulate the fluid dynamics of a commercial spiral-wound element. The SEPA CF 

cell functions in a true cross-flow mode similar to a spiral-wound element. In the 

SEPA CF apparatus, a flat sheet of membrane was sandwiched between two 

spacers as shown in Figure 7.4. The feed wastewater samples were pumped under 

pressure through a 68-mil mesh spacer while the permeate was routed through a 

woven fabric permeate carrier. The feed mesh spacer that was employed in this 

study had a diamond-like pattern of 3 mm unit length and an effective hydraulic 

diameter (d^ = 2h) of 0.08 cm (Osmonics-Roretics Inc., 1997). Typically, thinner 

mesh spacers are employed in low fouling applications to increase the available 

membrane area (Bertelsen and Paulson, 1990; Levy and Earle, 1990). The feed 
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Figure 7.4. Schematic of Cross-Flow Filtration Apparatus 
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channel spacer promotes turbulence and reduces concentration polarization in the 

flow section (Cheryan 1986; Rudie et al., 1993). The feed samples were pumped 

using a Teel Rotary Vane Pump driven by a Dayton Variable Speed Motor. The 

effective membrane area of the SEPA CF cell is 138 cm  ̂(Osmonics-Poretics Inc., 

1997). 

All the membrane fouling experiments were performed in a batch mode, at 

a controlled temperature of 40 ± 1 °C and feed flow rate of 11.4 L/min (3.0 gpm). 

In the CqEDiDIz bleaching, E-stage effluent emerges at a temperature of 40 "C and 

hence, it was chosen as the operating temperature for bench-scale membrane 

testing. The experiments for evaluating the fouling potentials were conducted at 

operating pressures less than the critical pressure for the given membrane. The 

experimental sequence implemented for evaluating the J,, J, and parameters is 

shown in Figure 7.5. Prior to testing, the membrane was soaked in pure water for 

approximately 30 minutes. Initial pure water flux, J,, was measured on the pre-

soaked virgin membrane. Once the pure water was flushed from the SEPA CF 

system the feed wastewater was recirculated through it. In the recirculation or 

recycle mode, the permeate and the reject streams were simultaneously returned 

to the feed reservoir (Figure 7.6). Periodic permeate flux measurements were made 

on the recycling wastewater until it reached a steady state. For the membranes that 

were tested, it took approximately 2 hours to reach steady state. The steady state 

permeate productivity for the wastewater is recorded as In the next step, the 
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Figure 7.5. Test Sequence for Evaluating Jj, Jf and Jw 
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Figure 7.6. Cross-Flow Membrane Schematic 

In Recycle Mode of Operation 
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membrane was put on a 30 minute in-place cleaning cycle. During this cycle, the 

membrane was contacted with a cleaning solution at zero net applied trans

membrane pressure. After flushing the cleaning solution from the system, J,, the 

final pure water flux was measured. All fluxes were measured in triplicate to 

ascertain the experimental error. 

7.7 Analytics 

The dissolved organic carbon (DOC) content of the samples was measured 

using a Shimadzu TOC-5000 Analyzer. This TOC machine measures non-

purgeable organic carbon using an infrared detector. Since the TOC machine had 

a maximum recommended DOC concentration of 50 mg/L, the samples that were 

analyzed were diluted with pure water to meet this criteria. Duplicate 

measurements were made on each sample and the DOCs reported are the 

averages. 

The sample pH measurements were accomplished using an Orion 0-32 pH-

Millivolt Meter equipped with a one combination electrode. Prior to making the 

actual measurements, the pH probe was calibrated using standard buffer solutions. 

The total dissolved salts (TDS) were measured using a Myron L 532T1 TDS Meter. 

The membrane surfaces were examined using nature (Hitachi S2460 N) and 

field-emission (Hitachi S4500) scanning electron microscopes (SEM). Prior to the 



86 

SEM analysis, the membrane sample pieces were sputter coated with platinum until 

a reading of 2 milli-amperes was registered on the ammeter. 



8. RESULTS AND DISCUSSION 
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8.1 Molecular Size Characterization of Challenge Solutions 

Experiments for confimning the molecular size characterization protocol were 

performed employing the challenge solution described in Section 7.2. The solutes 

for the challenge solution were chosen from a well-defined system used in the 

industry for characterizing the membranes. The 600 mg-DOC/L challenge solution 

was diluted in 1 :4 v/v and 1; 12 v/v with pure water to result in challenge solutions 

of DOC'S 200 mg/L and 50 mg/L, respectively. These challenge solutions were 

then molecular size characterized employing the protocol described in the Section 

7.5. 

The theoretical of the challenge solution(s) was calculated to be 

18,850±377 g/mole (Table 8.1). The weighted-average molecular weight being an 

intrinsic variable of the solution is independent of the feed DOC concentration. 

Summarized in Table 8.2 are the mean molecular-weights that were 

experimentally determined for challenge solutions of DOC's 50 mg/L, 200 mg/L and 

600 mg/L. Also listed in Table 8.2 are the deviations of the measured M '̂s from the 

expected theoretical M .̂ For the 3 solutions tested, the measured M^ '̂s differed 

from the theoretical by 3-5% and this could be attributed to a combination of 

simple experimental error and possible hold-up of solute molecules in the 
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Table 8.1. Theoretical of Challenge Solution 

Challenger Molecular Weight DOC Fraction 

Dextrose 180 0.143 25.69 

Sucrose 342 0.135 46.07 

Vitamin B-12 1,356 0.091 124.05 

PEG 8000 8,000 0.139 1,113.55 

Dextran 9260 9,400 0.132 1,240.80 

Dextrin 2256 15,000 0.089 1,332.43 

Dextran 4133 40,000 0.133 5,324.62 

Dextran 1390 70,000 0.138 9,639.88 

Summation of the individual M '̂s = 18,850.38 

Theoretical Mv, = 18,850 ± 377 g/mole. 

Table 8.2. Measured M^ '̂s and their Deviations from 

Theoretical M  ̂for Challenge Solutions of Varying Feed DOC's 

Parameter 50 nng/L 200 mg/L 600 mjf/L 

Measured 18,239 18,007 18,173 

Theoretical 18,850 18,850 18,850 

% Deviation* 3.24 4.47 3.59 

*Note: % Deviation = (Theoretical M„ - Measured Mv»)/(Theoretical IVt) x 100 
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membrane pores. The Amicon UF membranes that were employed in this study 

have hold-up volumes that vary from 0.1 to 0.2 cm  ̂(Amicon Inc., 1997; Osmonics-

Poretics Inc., 1997). On tests with the YM series Amicon membranes and Bovine 

Albumin solution, a 1-3% adsorptive loss in concentration was observed (Amicon 

Inc., 1997). Adsorption of the dissolved solutes to membranes is a function of both 

the solution chemistry and the membrane material (Dal-Cin et al., 1995). This 

adsorptive loss is attributed to be the cause for consistently low readings that were 

registered on the measured M '̂s compared to the theoretical (Table 8.2). 

For the challenge solutions tested, the measured s were independent of 

the feed DOC concentration (Table 8.2). These results suggest the possible 

applicability of the molecular size protocol for characterizing dissolved organics In 

chemically-complex wastewaters. 

8.2 Membrane Rejection - Effect of Device Configuration 

Mass transfer characteristics of the device is one of the critical aspects of 

any module design. The intrinsic selectivity and flux characteristics of a membrane 

can only be obtained if the rate of solute mass transfer in the feed is sufficiently 

rapid to avoid the build-up of a highly concentrated boundary layer of retained 

solutes at the upstream surface of the membrane. In order to obtain high rates of 

mass transfer, it is necessary to have high tangential velocities and /or turbulence 
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in the immediate vicinity of the membrane. This is most easily achieved using the 

cross-flow geometry in which the feed flow is parallel to the membrane and 

perpendicular to the permeate flow. In dead-end devices, agitation is provided with 

a magnetic stirring bar placed as close as possible to the membrane surface. 

A series of experiments were performed to evaluate the effect, if any, of the 

filtration mode on the membrane rejection. The Amicon Stirred Cell devices operate 

in dead-end filtration mode under constant stirring by a rotating stirrer, where as, 

in the Osmonics apparatus, filtration is achieved in cross-flow mode. Commercially-

available membranes of MWCO's ranging from 2,500 D to 200,000 D were tested 

under identical experimental conditions employing the Amicon Stirred Cell devices 

and the Osmonics Cross-Flow Filtration apparatus. Challenge solution of 200 mg-

DOC/L was arbitrarily chosen as the feed water (Section 7.2). Approximately 50% 

of the initial batch volume was recovered as permeate. The initial batch volumes 

used for dead-end and cross-flow filtrations were 100 mL and 2,000 mL, 

respectively. 

Shown in Figures 8.1 and 8.2 are the data for instantaneous and average 

rejections of cross-flow and dead-end filtrations . The linearly-regressed relations 

between the dead-end and cross-flow membrane rejections are shown below; 

{% Dead-End Instantaneous Rejection} = 0.94 x {% Cross-Flow Instantaneous 

Rejection}; R  ̂= 0.97 (68) 
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Figure 8.1. Effect of Membrane Filtration Mode on the Instantaneous DOC Rejection 

for 200 mg/L Challenge Solution. The Cross-Flow and the Dead-End Filtrations were 

accomplished using the Osmonics and the Amicon Devices, respectively. 
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Figure 8.2 Effect of Membrane Filtration Mode on the Average DOC Rejection 

for 200 mg/L Challenge Solution. The Cross-Flow and the Dead-End Filtrations 

were accomplished using the Osmonics and the Amicon Devices, respectively. 
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{% Dead-End Average Rejection} = 0.94 x {% Cross-Flow Average Rejection} 

R2 = 0.96 (69) 

The high correlation coefficient (R^) values that were obtained for the relations 

shown in Equations (68) and (69) indicate a good agreement between the dead-end 

and cross-flow rejections. Although, the dead-end and cross-flow filtrations were 

performed under identical trans-membrane pressure conditions, the measured 

rejections deviated from the linearly-regressed rejection line (Figures 8.1 and 8.2). 

These small deviations are attributed to the differences in process times and 

boundary layer thicknesses for the two filtration devices. Between the two modes 

of filtration, the time to recover 50% of the feed as permeate varied because of the 

differences in the initial feed water volumes. The low (50%) recoveries that were 

achieved In this study resulted in identical trend between the instantaneous and 

average rejection data (Figures 8.1 and 8.2). The average rejections would deviate 

significantly from the instantaneous rejections at higher (  ̂80%) recoveries. For the 

wide MWCO range of membranes that were tested, the dead-end rejections were 

approximately equal to (0.94 times) the cross-flow rejections (Equations 68 and 69). 

The mode of filtration apparently doesn't significantly effect the membrane rejection. 

In prior studies too, the dead-end stin-ed cell devices were found to be useful in 

evaluating the rejection properties of membranes but were found to be inadequate 

for evaluating the engineering parameters of a membrane process (Gabler and 
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Messinger, 1986; Hildebrandt, 1991). Currently, bench-scale, cross-flow membrane 

devices (e.g.; Osmonics SEPA CF apparatus) are recommended for evaluating the 

rejection capabilities of membranes in the design of spiral wound filtration systems 

(EPA814-B-96-003, 1996). 

8.3 Critical Pressures 

To obtain the critical pressures, the various UF membranes that were used 

in this study were contacted with the E-stage effluent at varying trans-membrane 

pressures In total recycle mode. Steady state wastewater permeate fluxes were 

measured for each operating pressure. These experiments were performed 

employing the Osmonics SEPA CF cell at a feed water cross-flow rate of 11.4 L/min 

(3 gpm). Shown in Figure 8.3 are the typical curves for permeate flux versus trans

membrane pressure for E-stage effluent processing. The error bars plotted at ± two 

standard deviations represent the 95% confidence intervals (Milton, 1992). For the 

10 k and 2.5 k UF membranes, the transfomnation from the pressure-controlled 

permeate flux to the pressure-independent permeate flux occurred at 827.3 kPa 

(120 psi) and 689.4 kPa (100 psi), respectively (Figure 8.3). Listed in Table 8.3 are 

the critical pressures detemnined for each of the UF membranes used in this study. 

These critical pressures are within the range of the literature reported values for UF 

separation of dextrans and proteins (Jonsson, 1984; Opong and Zydney, 1991). 
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Figure 8.3. E-Stage Effluent Permeate Fluxes Plotted as a Function 

of Trans-Membrane Pressure for 10 k and 2.5 k UF Membranes 
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The inception of gel layer formation which leads to the pressure-independent or 

limiting flux is a function of solute concentration (Opong and Zydney, 1991). In 

concentrated solutions, the gel layer formation occurs at lower pressures resulting 

in lower critical pressures (Opong and Zydney, 1991; Zeman and Zydney, 1996). 

In case of the 200 k membrane, the pressure-independent permeate flux was not 

obtained possibly due to inadequate solute rejection for a gel layer fomiation to 

occur (Table 8.3). In studies involving the application of the modified SR model, the 

experiments were perfomned at an operating pressure of 414 kPa (60 psi) which is 

less than the critical pressures for the membranes that are listed in Table 8.3. 

Table 8.3. Membrane Critical Pressures 

Measured for E-Stage Effluent 

Membrane 
Designation 

Critical Pressure 
kPa (psi) 

2.5 k 689.4(100) 

4k 689.4(100) 

8 k (a) 689.4 (100) 

8k(b) 689.4 (100) 

10k 827.3(120) 

200 k Note 

Note: The permeate flux was found to be pressure-
dependent till the maximum recommended operating 

pressure of 827.3 kPa (120 psi). 
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8.4 Effect of Membrane MWCO 

For any given wastewater, the MWCO influences the mechanistic fouling of 

an UF membrane. The solutes with molecular size less than the membrane pore 

size can foul the membrane by plugging its pores while the solutes with molecular 

size greater than pore size of the membrane can foul the membrane by adsorbing 

to its surface. In prior studies on pulp mill effluents, pore plugging was found to be 

the predominant mechanism of fouling for open porous i.e. high MWCO membranes 

(Dal-Cin et al., 1995; Dal-Cin et al., 1996). In lower MWCO membranes, the flux 

performance was controlled by surface adsorption (Dal-Cin et al., 1995; Dal-Cin et 

al., 1996). 

A sample of E-stage effluent with a DOC, M,,, M  ̂and HI of 656 ± 13 mg/L, 

7,635 ± 153 g/mole, 561 ± 11 g/mole, 13.6 respectively, was processed through 

various uncharged membranes of MWCOs ranging from 2,500 D to 200,000 D. 

Plotted in Figure 8.4 are the reversible (F^p) and Irreversible (F,p) fouling potentials 

that were measured for these membranes as a function of K (M^MWCO). A 

decrease in \ with an increase in MWCO appears to result in a greater irreversible 

membrane fouling as shown by the F ,̂ data. In the higher MWCO membranes, the 

membrane pores are accessible to a larger fraction of solute molecules resulting 

in increased fouling by pore plugging and adsorption to the pores. In the lower 

MWCO membranes, increased solute rejections resulted in higher reversible fouling 
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by concentration polarization. 

In order to obtain the relationship between average rejection and A, a series 

of recovery experiments were perfomned employing UF membranes of varying 

MWCOs. These experiments were conducted in batch mode until 50% of the feed 

water was recovered as permeate. The feed flow rate was maintained at 11.4 Umin 

(3 gpm) while the trans-membrane pressure was set at 414 kPa (60 psi). Figure 8.5 

shows the non-linear relation between percent average rejection and A. For A s 1, 

the solute rejection appears to increase with increasing A. Employing UF 

membranes with A > 1 does not seem to appreciably enhance the E-stage effluent 

organic rejection (Figure 8.5). 

8.5 Effect of Feed Water Mean Molecular Weight 

Samples of E-stage effluent, bio-pond influent and bio-pond effluent were 

molecular size characterized employing the protocol discussed in Sections 6.1 and 

7.5. The measured M '̂s for the E-stage effluent and bio-pond influent were 

respectively, 7,635 ±153 g/mole and 7,837 ± 157 g/mole. The M„'s measured for 

the E-stage effluent and the bio-pond influent were 561 ± 11 g/mole and = 524 

± 11 g/mole, respectively. In prior studies on kraft lignins, the M^ '̂s and M '̂s were 

found to lie between 5,000-12,000 g/mole and 400-1,200 g/mole, respectively 

(Benko, 1964; Sarkanen et al., 1981). Benko (1964) determined the molecular 
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weight distribution cun/es for kraft lignins which were derived from varying sources 

of wood through continuous diffusivity measurements. On the other hand, 

Sarkanen et al. (1981) determined the M,, and values for lignins employing a 

combination of uitracentrifugation and gel pemneation chromatography. The M '̂s 

and Mn's measured for the E-stage effluent and the bio-pond influent using 

molecular size characterization protocol were found to be within the range of those 

reported for kraft lignins employing other techniques. 

Additional experiments were performed to ascertain the effect of feed water 

M„ on UF membrane fouling and rejection. Pulp mill wastewater samples of E-

stage effluent (M  ̂= 7,635 ± 153 g/mole, = 561 ± 11 g/mole, HI = 13.6), bio-pond 

influent (M  ̂= 7,837 ± 157 g/mole, Mp = 524 ±11 g/mole, HI = 15) and bio-pond 

effluent (M  ̂= 17,419 ± 348 g/mole, = 909 ± 18 g/mole, HI = 19.2) were 

processed through a 10,000 D UF membrane at an operating pressure of 414 kPa 

(60 psi) and feed water cross-flow rate of 11.4 L/min (3 gpm). In order to maintain 

an uniform DOC and TDS levels among the various feed samples, the E-stage 

effluent and the bio-pond influent were diluted by 1 : 7.5 v/v and 1 ; 3 v/v, 

respectively, using pure water. The DOC and TDS of the feed wastewaters were 

measured and found to be 80 ± 2 mg/L and 580 ± 12 mg/L. The TDS adjustment 

for the feed wastewaters was achieved using NaCi(,). The pH of the wastewater 

samples was adjusted to 7 using either strong acid (1 M, HCI) or strong base (1 M, 

NaOH). Shown in Figure 8.6 are the membrane fouling potentials plotted as a 
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function of A. A higher irreversible membrane fouling was observed for wastewaters 

with low and this is possibly due to increased pore plugging from the low 

molecular-sized solutes. 

Illustrated in Figure 8.7 is the average DOC rejection plotted as a function 

of A for the 3 wastewaters. A higher DOC membrane rejection was observed for the 

bio-pond effluent that had the highest among the wastewaters that were tested. 

As discussed earlier, the average membrane rejection is a strong function of A 

(Figure 8.7). 

8.6 Effect of Membrane Surface Charge 

Certain UF membranes exhibit a net positive or negative charge based on 

the charge of their polymeric functional groups. In this study, experiments were 

performed to test the effect of membrane surface charge on the wastewater 

permeate quality and fluxes. The performance of an uncharged UF membrane, 8 

k (a), is compared to a negatively charged 8 k (b) polysulfone membrane. Both the 

8 k (a) and 8 k (b) membranes are of 8,000 D MWCO. The isoelectric point for the 

sulfonated polysulfone 8 k (b) membrane was reported to be < 2.5 (Zeman and 

Zydney). Hence, at neutral or alkaline feed water pH, the 8 k (b) membrane will 

have a net negative charge. The membrane surface charge evaluation experiments 

were accomplished using initial feed batches of 4 L and were conducted until 50% 
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recovery was achieved. The recovery mode experiments were expected to 

simulate the conditions of a multi-staged filtration process. The feed flow rate was 

maintained at 11.4 L/min (3 gpm) while the trans-membrane pressure was fixed at 

414 kPa (60 psi). 

Shown in Figure 8.8 are the E-stage effluent permeate fluxes for the 8 k (a) 

and 8 k (b) membranes plotted as a function of percent recovery. Higher 

wastewater pemieate fluxes were observed for the negatively charged polysulfone 

membrane {8 k (b)} compared to the uncharged thin film UF membrane {8 k (a)}. 

Typically, the E-stage effluents are alkaline in nature with pHs  ̂10.5. Therefore, 

the negatively charged polysulfone membrane surface could have possibly repelled 

the predominantly anionic organics of the E-stage effluent resulting in a higher 

permeate production. The electro-static repulsion of the organic solutes by the 

charged membrane surface might have resulted in a thinner concentration 

polarization layer (Childress and Elimelech, 1996; Zeman and Zydney, 1996; Kim 

and Stevens, 1997). 

For both the 8 k (a) and the 8 k (b) membranes, a gradual decrease in the 

permeate flux with recovery was observed. For a batch mode operation, the 

concentration of the rejected specie in the feed reservoir increases with the 

recovery of permeate. This increase in the feed solute concentration is attributed 

to be the cause for the decline in permeate flux with recovery. 
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Summarized in Table 8.4 are the permeate quality parameters for the 8 k (a) 

(uncharged) and the 8 k (b) (charged) membranes. Approximately 62%, 56% and 

38% reduction in DOC, and Mp, respectively, were observed for the 8,000 D 

MWCO UF treatment of the E-stage effluent. Within experimental error, no 

significant difference was observed in the permeate quality for the two membranes. 

The data presented in Table 8.4 indicate that the membrane rejection for the 

organics of the E-stage effluent was independent of the surface charge. Sieving 

appears to be the predominant mechanism of organic rejection for the 8 k (a) and 

8 k (b) membranes. 

Table 8.4. Permeate Quality Parameters for E-Stage Effluent Processed 

Through the 8 k (a) and 8 k (b) Membranes 

Measured 
Parameter 

Uncharged 
8 k (a) 

Membrane 

Negatively Charged 
8k(b) 

Membrane 

Permeate DOC (mg/L) 242 ±5 261 ±5 

Permeate (g/mole) 3,389 ± 68 3,330 ±67 

Permeate (g/mole) 349 ±7 345 ±7 

Note: The feed DOC, and M„ are 656 ± 13 mg/L, 7,635 ±153 g/mole and 
561 ±11 g/mole, respectively. 



8.7 Effect of Feed Water Solute Concentration 

108 

As the solute concentration in the feed increases, its viscosity and density 

increase and its diffusivity decreases. Higher feed concentrations usually 

aggravate fouling (Cheryan, 1986). Unfortunately, there is very little data available 

in the literature on the effect of feed concentration on membrane fouling. Cheryan 

and Chiang (1984) observed very little flux decline at 3- and 5-fold concentrations 

of skim milk compared to the unconcentrated skim milk. Prior studies in batch 

processing of bleached pulp effluents reported a gradual decline in penneate flux 

with recovery (Bontrager, 1995; Toland, 1995; Foley 1998). In batch filtration, as 

the recovery progresses, the concentration of the rejected specie in the feed 

reservoir increases. A good estimate of fouling as a function of solute 

concentration is especially important in a multi-stage process where the feed is at 

a different concentration in each stage. 

A series of experiments were performed to study the effect of solute DOC 

concentration on the mechanistic fouling of the 10 k UF membranes. A sample of 

E-stage effluent was diluted with pure water in 1:2 and 1 :4 volume/volume (v/v) 

ratio. Listed in Table 8.5 are the serial resistances and fouling potentials measured 

for the E-stage and the diluted E-stage effluents. The adsorption-pore plugging 

fouling potentials that were recorded for the E-stage, 1 :2 diluted E-stage and 1 ; 

4 diluted E-stage effluents were 64.5%, 89.2% and 94.7%, respectively. The 

< 



Table 8.5. Serial Resistances and Fouling Potentials Measured for E-Stage and 

Diluted E-Stage Effluents Using a 10,000 D UF IMembrane 

Feed Water Sample Serial Resistances 

%Rm %Rap %Rcp 

Fouling Potentials 

%Fap %Fcp 

E-Stage Effluent 

1 : 2 Diluted E-Stage Effluent 

1 ; 4 Diluted E-Stage Effluent 

21.4 21.8 56.9 

25.0 50.9 24.1 

31.7 58.5 9.8 

64.5 35.5 

89.2 10.8 

94.7 5.3 

Note: Experimental en'or for serial resistances and fouling potentials was found to be less than 2%. 

0.1 M Sodium hydroxide solution was used as the cleaning agent. 
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increase in the irreversible fouling potential (F,p) with dilution is attributed to a 

probable increase in the low molecular sized organics from dissociation of micelles. 

An increase in the concentration of the low molecular sized organics might have 

resulted in increased irreversible fouling by pore pluggage. 

Pulp and paper mill effluents were suspected to contain organics in micellar 

configurations. Jokela and Mirja (1992) drew a comparison between leaching 

effluents and lignin carbohydrate complexes and estimated the CMC for pulp mill 

effluents to be between 350-850 mg-DOC/L. Micelles that contain an aggregation 

of 50-100 organic molecules disintegrate to individual molecules at concentrations 

below the CMC (Dunn et al., 1985; Gibbs et al., 1987; Kandori and Schechter, 

1990; Rouse et al., 1995; Markels et al., 1995(a); Markels et al.,1995(b)). A fraction 

of lignin carbohydrate complexes will exist as monomers even in pulp mill effluents 

that have organic concentrations greater than CMC (Jokela and Mirja, 1992). In 

other words, a pseudo-equilibrium exists between the monomers and micelles 

(Dunn et al., 1985; Gibbs et al., 1987; Kandori and Schechter, 1990; Rouse et al., 

1995; Markels et al., 1995(a); Markels et al., 1995(b)). 

Laboratory-scale experiments were performed to examine the possible 

presence of micelles in the E-stage effluent. Molecular size analysis was 

conducted on the E-stage and the 1 ; 4 v/v diluted E-stage effluents. Table 8.6 

summarizes the molecular size characterization data for the E-stage and 1 ; 4 v/v 

diluted E-stage effluents. Upon dilution, the mean molecular weight and number 
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decreased by approximately 40% and 29%, respectively. This substantial decrease 

in the weighted-average molecular weight and number indicate a possible 

dissociation of the micelles upon dilution. 

The %DOC change upon dilution as a function of molecular size is shown 

in Figure 8.9. The %DOC change is defined as given below: 

(1 ADilutedE-StageDOQ - (^UndilutedE-StageDOC) 
4 

^-StageDOC) 

4 (70) 

DOCChange = *10  
(UndilutedE-StageDOC) 

Table 8.6. Molecular Size Parameters for E-Stage and 

1 :4 v/v Diluted E-Stage Effluents 

Measured Parameter E-Stage 1 : 4 v/v Diluted E-Stage 

DOC (mg/L) 656 ±13 162 ±3 

M,, (g/mole) 7,635 ±153 4,581 ± 92 

Mn (g/mole) 561±11 398 ±8 

HI 13.61 11.51 

The DOC concentration shifted from high to low molecular sizes when the E-stage 

wastewater was diluted with pure water. Micelles that typically occur in the size 

range of 5,000 D to 50,000 D (Dunn et al., 1985; Ang and Abdul, 1994; Markets et 
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al., 1995(a); Markets et al., 1995(b)) probably dissociated to individual molecules 

leading to a shift in the size distribution (Figure 8.9). 

8.8 Effect of Feed Water pH 

The feed water pH is an important factor in membrane filtration process. 

Feed water pH affects the membrane fouling potential and also the characteristics 

of the membrane itself. Most commercial membranes have operational ranges for 

pH. Exceeding these ranges can result in membrane degradation or hydrolysis 

(Sourirajan and Matsuura, 1984). Also, the solution pH can alter the 

hydrophobic/hydrophilic properties of the membrane (Jonsson et al., 1988). 

Electrostatic interactions can arise between fixed charges and/or fixed 

dipoles. Essentially, most membranes and macrosolutes acquire a net surface 

charge in a solution due to the adsorption of specific ions from the aqueous solution 

and/or the ionization of specific chemical groups on their surface. As the solution 

pH is raised, the magnitude of negative charge increases due to an increase in 

ionization of acidic groups (e.g.: -COOH - COO") and/or the de-protonation of any 

basic groups (e.g.: -NH3* - -NH2). The reverse behavior is true in acidic solution. 

As the solution pH is lowered, most amphoteric species will eventually pass through 

a point at which they have no net charge and the pH at which this occurs is referred 

to as the isoelectric or pK, point. 
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The feed water solution pH may influence the macromolecular spatial 

geometry, depending on the pK. values of the chemical functional groups present 

on the macromolecules. The E-stage effluent whose ambient pH was 11.5 was 

adjusted to pHs of 7.0 and 3.5 using 3.0 N hydrochloric acid. The effect of the 

feedwater pH on the 10 k UF membrane performance was examined at a feed flow 

rate of 11.4 Umin and at an operating pressure of 414 kPa. 

Summarized in Table 8.7 are the 10 k UF membrane serial resistances and 

fouling potentials measured for the E-stage effluents of varying feed water pHs. 

The F,p's recorded were 64.5%, 80.3% and 47.6% for the E-stage feed waters of 

pHs 11.5, 7.0 and 3.5, respectively. Among the feed water pHs that were 

examined, the neutral pH E-stage effluent showed the highest adsorption-pore 

plugging resistance. The pK, values for E-stage effluents were reported to be 

approximately at 6.5 (pK,^) and 10.0 (pK^) (Jonsson and Petersson, 1988; 

Bontrager, 1995). Hence, in pH 7 (= pK,,) adjusted E-stage effluent, the organic 

anion concentration must be approximately equal to the cation concentration. 

These charged organic molecules could have preferentially adsorbed to the 

membrane surface and/or to the pores resulting in enhanced irreversible fouling of 

the membrane. 

The low in-eversible fouling potential observed in UF processing of pH 3.5 

adjusted E-stage effluent was attributed to the precipitation of chlorolignins. In prior 

studies with pure solutions, chlorolignins were found to coagulate and precipitate 



Table 8.7. 10 k UF Membrane Serial Resistances and Fouling Potentials 

Measured for E-Stage Effluents of Varying Feed Water pHs 

Feed Water pH Serial Resistances 

%Rm %Rap %Rcp 

Fouling Potentials 

%Fap %Fcp 

Ambient, pH = 11.6 

Neutral, pH = 7.0 

Acidic, pH = 3.5 

21.4 21.8 56.9 

27.0 38.2 34.8 

17.1 11.1 71.8 

64.5 35.5 

80.3 19.7 

47.6 52.4 

Note; Experimental error for serial resistances and fouling potentials was found to be less than 2%. 

0.1 M Sodium hydroxide solution was used as the cleaning agent. 
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out of the solution at low pHs (Lindstrom et al., 1988; Nystrom and Lindstrom, 

1988). E-stage effluents are known to contain high concentrations of chloroiignins 

(Kringstad and Lindstrom, 1984; Lindstrom et al., 1988; Jokela et al., 1993). Visual 

inspection of the membrane used in processing the pH 3.5 adjusted E-stage effluent 

revealed the presence of a thick, sticky layer on the membrane surface which was 

characteristic of chlorolignin precipitation (Lindstrom et al., 1988; Nystrom and 

Lindstrom, 1988; Toland, 1995). 

8.9 Effect of Feed Water Cross-Flow Rate 

The feed water cross-flow rate is known to be one of the major operational 

variables that effects the mechanistic fouling of an UF membrane. Agitation and 

mixing of the fluid near the membrane surface tend to shear off accumulated solute 

thereby reducing the thickness of the boundary layer (Porter, 1990; Van Den Berg 

and Smolders, 1992; Jonsson, 1993; Crozes et al., 1997). Higher cross-flow rates 

result in higher shear rates and hence reduce fouling by concentration polarization 

(Porter, 1990; Van Den Berg and Smolders, 1992; Jonsson, 1993; Crozes et a!., 

1997). To test this hypothesis, cross-flow filtration experiments were performed 

employing E-stage effluent and 10 k UF membranes. In these set of experiments, 

the trans-membrane pressure and the feed water temperature were controlled at 

414 kPa and 40 'C, respectively. Fouling potentials were measured by varying the 
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cross-flow rates from 2.9 L/min to 11.4 L/mln. Shown in Figure 8.10 are the percent 

Fep's plotted as a function of the feed water cross-flow rate. The concentration 

polarization fouling potential decreased gradually with increasing cross-flow rate. 

These results confirm the hypothesis that higher cross-flow rates induce higher 

shear rates and hence result in thinner concentration polarization layer. 

8.10 Effect of Trans-Membrane Pressure 

For E-stage effluent, the effect of trans-membrane pressure on membrane 

fouling was investigated by employing the 10 k UF membrane and SEPA CF device. 

The membrane operating pressures that were tested varied from 310 kPa (45 psi) 

to 827 kPa (120 psi). In these experiments, the feed water cross-flow rate and 

temperature were maintained at 11.4 L/min and 40 ®C, respectively. Plotted in 

Figure 8.11 are the adsorption-pore plugging fouling potentials as a function of the 

applied trans-membrane pressure. Higher trans-membrane pressures resulted in 

higher irreversible fouling by chemisorption and pore plugging. When trans

membrane pressure is in the pre-gel region, permeate flux increases as the 

operating pressure increases (Section 8.3). The higher operating pressures 

possibly forced a larger fraction of foulants into the membrane pores resulting in 

enhanced pore plugging. The results of Figure 8.11 are in good agreement with 

those reported in the literature (Hennia, 1982; Crozes et al., 1997). In ultrafiltration 
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Figure 8.10. Reversible Fouling Potential Plotted as a Function of 

Cross-Flow Rate for 10 k UF Membrane Treatment of E-Stage Effluent 
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Figure 8.11. Irreversible Fouling Potential Plotted as a Function of 

Operating Pressure for 10 k UF Membrane Treatment of E-Stage Effluent 
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processing of waters containing natural organic matter, an empirical relationship 

was found between irreversible fouling and trans-membrane pressure (Crozes et 

al, 1997). 

8.11 Modified Series Resistance Model 

As discussed in Section 6.11, the serial resistance terms are a function of 

feed water, membrane and operational characteristics. The wastewater variables 

that were found to influence the membrane serial resistances include molecular size 

distribution (Section 8.5), solute concentration (Section 8.7) and pH (Section 8.8) 

(Mehdizadeh et al., 1989; Wiesner and Chellam, 1992; Crozes et al., 1993; Crozes 

et al., 1997; Oak et al., 1997). The MWCO (Section 8.4) and surface charge 

(Section 8.6) were the membrane characteristics that were found to affect the serial 

resistances (Dal Cin et al., 1996; Hamza et al., 1997; Nabe et al., 1997; Rosa et al., 

1997; Crozes et al., 1997). The process operational variables that strongly 

influence the serial resistances include cross-flow velocity (Section 8.9) and trans

membrane pressure (Section 8.10) (Van Den Berg and Smolders, 1992; 

Ramamurthy et al., 1995; Crozes et a!., 1997). 

The feed water pH and the membrane surface charge were the only 

variables that were ignored in the development of the modified series resistance 

Equation (44). Since the alkaline (pH = 11.5) E-stage effluent had a high buffering 
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capacity, the pH alteration was found to be an uneconomical and impractical option. 

Hence, the effect of pH was not included in the permeate flux Equation (44). Since 

preliminary efforts for quantifying the membrane surface charge were met with little 

or no success, the membrane surface charge was not included as a variable in the 

permeate productivity Equation (44). In this study, to minimize the effect of 

membrane surface charge, the serial resistance model was developed employing 

uncharged UF membranes. Please refer to Section 6.11 for a more in-depth 

discussion on the functional dependence of the serial resistance terms. 

Extensive bench-scale testing was performed employing the E-stage effluent 

and the 10 k UF membranes to derive the various empirical coefficients of the serial 

resistance terms given in Equations (41) through (43). The serial resistances were 

experimentally determined by varying one operational parameter at a time while 

holding all others constant. The various coefficients and exponents of the serial 

resistances were determined by performing multiple-regression analysis employing 

a commercially-available, statistical software package (McCuen, 1992). The log-

linear relations and the coefficients of determination (R^) effecting the serial 

resistance terms are shown in Table 8.8. Typically, an value greater than 0.90, 

is considered to be a good correlation between the parameters under consideration. 

Inclusion of C, and A in Rgp and Cf, U and AP in R^p yielded the highest R^ values 

(Table 8.8). The selected functional expansions of the various serial resistance 

terms that were derived from the log-linear relations of Table 8.8 are shown below: 
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Table 8.8. Log-Linear Relations and Coefficients of Determination (R^) 

for the Various Factors Effecting the Serial Resistances 

Parameter Log-Linear Equation 

vin log (Rm) = log (68.6) + 0.89 log (v) 0.98 

C, alone in Rap log (Rap) = log (89.3)-0.28 log (C,) 0.92 

A alone in R^p log (Rap) = log (288.7) + 0.30 log (A) 0.58 

C, and A in Rgp log (Rap) = log (46.5) + 0.29 log (A) 
+ 0.10 log (Cf) 

0.97 

C, alone in Rep log (Rep) = log (2.2 x 10*^) + 1.70 log (0,) 0.88 

AP alone in R^p log (Rep) = log (5.1 x 10^) - 0.93 log (AP) 0.89 

U alone in R^ log (Rep) = log (9.6 X 10^)-0.10 log (U) 0.83 

C, and AP in Rep log (Rep) = log (1.78 x 10*^) + 1.59 log (C,) 
- 0.93 log (AP) 

0.94 

0, and U in Rep log (Rep) = log (1.84 X 10*^) + 1.68 log (C,) 
+ 0.25 log (U) 

0.91 

AP and U in Rep log (Rep) = log (2.35 x lO*'') - 0.83 log (AP) 
+ 0.34 log (U) 

0.67 

Of, U and AP in Rgp log (Rep) = log (7.3 X 10-2) + 1.61 log (C,) 
- 0.84 log (AP) + 0.38 log (U) 

0.97 

= 68.6 (v)''̂ ' (71) 

Rap = 46.5(C/^°(A)°-2' (72) 
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= 7.3xlO-2(Cp'®'(A/»)-°»^(C;)"8 (73) 

The appearance of the C,term in both Equations (72) and (73) was due to the inter-

dependency of the various mechanisms of membrane fouling as reported in earlier 

studies by Laine et al. (1989) and Dal Cin et al. (1996). UF processing of the E-

stage effluent, a solution containing solutes of varying molecular sizes, resulted in 

a negative exponent for the operating pressure term in the Rjp expansion. In the 

linear flux-pressure region, higher trans-membrane pressures could have caused 

a larger mass-fraction of the solutes to pass through the membrane resulting in a 

lower concentration polarization resistance. At trans-membrane pressures less 

than the critical pressure, increasing the cross-flow velocity registered a small 

increase in the R^p. At higher cross-flow velocities, a relatively higher mass of 

solutes were conveyed to the membrane surface compared to those back diffusing,, 

thereby resulting in a thicker concentration polarization layer and causing an 

increase in R^p. The final form of the semi-empirical equation for the steady state 

wastewater flux is shown below: 

J... = ^P 

68.6 (V)' 
,0.89 46.5 (C/ '° + 7.3x10"^ (C^)' ®' ^0.29 1.61 \0.38 

(74) 
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The parameters of Equation (74) were defined earlier in Section 6.11. Listed in 

Appendix B is the computer code for predicting the steady state E-stage permeate 

flux employing Equation (74). This computer program is capable of calculating the 

serial resistances and steady state pemneate fluxes for UF systems up to 3-stages. 

8.12 Validation of Modified Series Resistance Model 

To test the validity of the modified series resistance expression given in 

Equation (74), a set of experiments were performed employing various pulp mill 

wastewaters that included the E-stage, 1 : 2 v/v diluted E-stage and oxidative 

extraction (E^-stage) effluents. The 1 : 2 diluted E-stage was derived by mixing 1 

part of the E-stage effluent with 1 part of pure water. The Eo-stage effluent has 

chemical characteristics similar to the E-stage effluent (Angell H. J., 1993). In the 

Eo-stage process, the bleaching of pulp was achieved in an alkaline medium using 

high pressure oxygen. 

Summarized in Table 8.9 are the operational conditions for the flux model 

validation experiments. Also, listed in Table 8.9 are the estimated (using the 

program listed in Appendix B) and measured steady state wastewater fluxes. In all 

the tests, the estimated fluxes were within 3% in error of the measured fluxes. 

Employing the modified series resistance model shown in Appendix B, E-stage 

effluent permeate fluxes can be reasonably predicted for any given operational 
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condition. The operational variable based semi-empirical equation also appears 

to reasonably predict the steady state permeate flux for effluents, such as the Eo-

stage, that have chemical composition similar to the E-stage effluent. 

The results for sensitivity analysis of the permeate flux model are 

summarized in Table 8.10. For the parameter of interest, the sensitivity of Equation 

74 was determined by substituting a value equal to one in place of the actual value. 

The percent error indicates the deviation in the model estimated permeate flux from 

the measured flux (see Table 8.9). In Table 8.10, a larger percent error indicates 

a greater sensitivity of the permeate flux model for the parameter of Interest. From 

the analysis shown in Table 8.10, it can be inferred that the model is least sensitive 

to K, the ratio of M^WCO, followed by the cross-flow velocity (U). The fractional 

values of \ coupled with the small (0.29) exponent resulted in an overall lower 

impact by A on the permeate flux for the validation experiments that were studied. 

Due to the presence of a mesh spacer (Section 7.6), at the cross-flow velocities 

tested, the flow at the membrane-water interface was in turbulence regime. The 

turbulent flow apparently minimized the effect of the cross-flow velocity on the 

thickness and hence the resistance from the concentration polarization layer. Also, 

the permeate flux model was found to be extremely sensitive to the operating 

pressure (AP) and the feed DOC concentration (C,) in R^p term (Table 8.10). 
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Table 8.9. Permeate Flux Model Validation 

Experiments: Conditions and Results 

Parameter E-Stage 1 :2 diluted 

E-Stage 

Eo-Stage 

Feed DOC, C,, (mg/L) 656 ±13 328 ±7 571 ±11 

Feed M,,, (g/mole) 7,635 ±153 7,108 ±142 8,468 ±169 

Feed Temperature, T, ("C) 25 25 40 

Kinematic Viscosity, v, (cm^/min) 0.536 0.536 0.395 

Operating Pressure, AP, (psi) 55 55 55 

Cross-Flow Velocity, U, (gpm) 2.5 2.5 2.0 

Membrane MWCO, (D) 10,000 10,000 10,000 

K = M^/MWCO 0.764 0.711 0.847 

Estimated Steady State 

Wastewater Flux, (cm/min) 

0.225 0.353 0.271 

Measured Steady State 

Wastewater Flux, (cm/min) 

0.230 0.360 0.270 

% Error* -2.02 -1.94 0.37 

*Note: %Error = (Estimated Flux - Measured Flux)/(Measured Flux) x 100 
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Table 8.10. Parametric Sensitivity Analysis for the Permeate Flux Model 

Modifications to 
Equation (74) 

Modeled 
(cm/min) 

Measured 
(cm/min) 

% Error 
(Table 8.9) 

E-Stage Effluent 

Equation (74) as is 0.225 0.230 -2.02 

For V = 1 in term 0.269 0.230 16.83 

For C, = 1 in Rgp term 0.269 0.230 16.76 

For A = 1 in Rgp term 0.219 0.230 -4.63 

For Cf = 1 in Rjp term 0.452 0.230 96.57 

For AP = 1 in R^p term 0.015 0.230 -93.48 

For U = 1 in R^p term 0.264 0.230 14.93 

1 : 2 Diluted E-Stage Effluent 

Equation (74) as is 0.353 0.36 -1.94 

For V = 1 in R^, term 0.477 0.36 32.53 

For C, = 1 in Rgp term 0.452 0.36 25.63 

For A = 1 in Rap term 0.339 0.36 -5.97 

For Cf = 1 in R^p term 0.480 0.36 33.36 

For AP = 1 in R^p term 0.043 0.36 -88.03 

For U = 1 in R^p term 0.385 0.36 6.94 

Table 8.10 is continued on the next page. 
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Table 8.10 continued 

Modifications to Modeled Measured % Error 

Equation (74) (cm/min) (cm/min) (Table 8.9) 

E„-Stage Effluent 

Equation (74) as is 0.271 0.270 0.37 

For V = 1 in R„ term 0.317 0.270 17.38 

For C, = 1 in Rgp term 0.335 0.270 24.00 

For A = 1 in Rgp term 0.265 0.270 -1.92 

For Cf = 1 in R^p term 0.484 0.270 79.29 

For AP = 1 in R^p term 0.020 0.270 -92.51 

For U = 1 in R„ term 0.301 0.270 11.48 

In terms of sensitivity, the results shown in Table 8.10 correlate well with the 

values given in Table 8.8. Parameters with high values were expected to 

have a greater influence on the modeled permeate flux. For example, the R^ value 

for AP in R^p was found to be 0.94 (Table 8.8), hence, when the AP term was not 

considered in the permeate flux equation (Equation 74) a larger error (88.03% to 

93.48%) was observed. Similarly, for A in Rgp, the R^ value was 0.58, hence, 

ignoring A resulted in low deviations (1.92% to 5.97%) of the predicted fluxes from 

the measured fluxes. 
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The 10 k UF membranes that were fouled by the E-stage effluent were in-situ 

cleaned using various chemical formulations that are listed in Table 8.11. The 

cleaning cycle was performed after obtaining steady-state wastewater fluxes. The 

fouled 10 k UF membranes were brought in contact with the cleaning fluids at a flow 

rate of 11.4 i_/min (3 gpm) and no externally applied trans-membrane pressure. 

The duration of the cleaning cycle was fixed at 30 minutes. For the cleaning 

solutions that contained surfactants, the surface active agents were added at 2 

CMC concentration in 0.1 M sodium chloride in order to facilitate the formation of 

micelles. 

Summarized in Table 8.11 are the serial resistances and fouling potentials 

measured using different cleaning solutions. A comparison of the fouling potentials 

for membrane cleaning with pure water to 0.1 M sodium hydroxide solution 

indicates no significant benefit in employing the base solution. Plotted in Figure 

8.12 are the irreversible fouling potentials measured on membranes that were 

cleaned with pure water and non-ionic surfactants. Cleaning with Triton X-100 

recovered -78% of the permeate flux loss due to fouling. Among the non-ionic 

surfactants, Triton X-100 (HLB = 13.9) emerged as the best cleaning agent followed 

by Brij-58 (HLB = 16) and Tween-80 (HLB = 15). Since the surfactants with higher 

HLB ratios have greater potential to solubilize the hydrophobic organics (Griffin, 



Table 8.11. Results for Chemical Cleaning of a 10,000 D UF IVIembrane Fouled by E-Stage Effluent 

Cleaning Solution Serial Resistances Fouling Potentials 

%Rm %Rap %Rcp %Fap %Fcp 

Pure Water (Milli Q) 10.9 14.8 74.3 64.7 35.3 

0.1 M Sodium Hydroxide 21.4 21.8 56.9 64.2 35.8 

Triton X-100 at 2 CMC in 0.1 M NaCI 10.9 2.7 86.4 22.3 77.7 

Tween-80 at 2 CMC in 0.1 M NaCI 16.1 11.2 73.7 50.1 49.9 

Brij-58 at 2 CMC in 0.1 M NaCI 14.1 11.1 74.8 50.0 50.0 

Dowfax 8390 at 2 CMC in 0.1 M NaCI 23.4 13.1 63.5 47.0 53.0 

Dowfax C10L at 2 CMC In 0.1 M NaCI 15.7 33.0 51.3 80.4 19.6 

CPC at 2 CMC in 0.1 M NaCI 15.9 39.7 44.4 84.9 15.1 

Note; Experimental error for serial resistances and fouling potentials was found to be less than 2%. 
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Figure 8.12. Adsorption-Pore Plugging Fouling Potentials for 10 k UF 

Membranes Cleaned with Pure Water and Non-Ionic Surfactants 
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1949; Thalheimer and Rusch, 1970; Edwards et al., 1991), in membrane cleaning, 

non-ionic surfactants with high HLB ratios were found to out-perform those with the 

low HLB values (Chong et al., 1985; Bohner and Bradley, 1991; Munoz-Aguado et 

al., 1996). The HLB ratios of the non-ionic surfactants that were chosen for this 

study were approximately 1 unit apart (Table 7.3). Due to this proximity in the HLB 

values of the surfactants chosen, no correlation was found between the cleaning 

effectiveness and the HLB ratios. 

Depicted in Figure 8.13 are the adsorption-pore plugging fouling potentials 

recorded for membrane cleaning with pure water and ionic surfactants. Dowfax 

C10L and Dowfax 8390 are anionic surfactants while CPC is a cationic surfactant. 

Among the ionic surfactants, only Dowfax 8390 was found to clean the membrane 

better than the pure water. The adsorption-pore plugging fouling potentials that 

were recorded for membrane cleaning with CPC, Dowfax C10L and Dowfax 8390 

were 84.92%, 80.40% and 46.98%, respectively. The poor cleaning performance 

of the CPC and Dowfax C10L surfactants was probably due to their low 

solubilization capacities. Among all the chemical solutions that were examined, 

Triton X-100 and Dowfax 8390 were found to be the most effective cleaning fluids 

for membranes that were fouled by the E-stage effluent. 

Shown in Figure 8.14 are the scanning electron micrographs of the 10 k UF 

membrane surfaces examined using a Nature SEM at a tilt angle of 50°. Compared 

to Figure 8.14 (a), the micrograph of a virgin membrane, in Figure 8.14 (b), a large 
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Figure 8.13. Adsorption-Pore Plugging Fouling Potentials for 10 k UF 

Membranes Cleaned with Pure Water and Ionic Surfactants 



(a) 

(c) 

Figure 8.14. Scanning Electron Micrographs of 10 Ic UF Membranes at 

400 X Magnification for (a) Virgin Membrane (b) Membrane Fouled by 

E-Stage Effluent and Cleaned with Milli Q Water (c) Membrane Fouled 

by E-Stage Effluent and Cleaned with Triton X-100 
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fraction of the organic foulants (white specks) appear to be adsorbed to the 

membrane surface even after cleaning with pure water. Virtually no difference was 

observed in the scanning electron micrographs of Figures 8.14 (a) and 8.14 (c) 

Indicating the cleaning effectiveness of Triton X-100 solution. 

Figure 8.15 shows the 200,000 times magnified Field-Emission scanning 

electron micrographs of the virgin 10 k UF membrane and the UF membrane that 

was fouled and chemically cleaned with Triton X-100 solution. The dark spots of 

the scanning electron micrographs of Figure 8.15 represent the membrane pores. 

No significant alteration in the membrane pore size or distribution was observed 

upon cleaning with Triton X-100 solution (Figure 8.15). In other words, the UF 

membrane was not damaged by chemical cleaning with Triton X-100 surfactant. 

8.14 Membrane Pre-Coat with Ionic Surfactants 

Strategies for improvng permeate productivity involve either tailoring the 

membrane material to increase hydrophilicity and modify its surface charge (Nabe 

A. etal, 1997) or pre-coat the existing membrane (Bisio et al., 1980; Bauser et al., 

1982; Fane et al., 1985; Kim et al., 1988; Childress and Elimelech, 1996). 

Successful pre-coats reported in the literature include polymers, surfactants, 

enzymes and carbon (Bisio et al., 1980; Bauser et al., 1982; Fane et al., 1985; 

Childress and Elimelech, 1996). In prior studies with protein solutions, reduced 
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Figure 8.15. 200,000 Times Magnified Scanning Electron Micrographs of 

(a) Virgin 10,000 D UF Membrane (b) A 10,000 D UF Membrane Fouled 

by E-Stage Wastewater and Chemically Cleaned Using Triton X-100 
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fouling was observed for UF membranes that were pre-coated with polymers and 

surfactants (Fane et al., 1985; Kim et al., 1988). 

Solution chemistry has a marked effect on the surface charge characteristics 

of polymeric membranes (Zeman and Zydney, 1996). Successful alteration of the 

membrane surface charge by pre-coating with ionic surfactants was also reported 

in the literature (Childress and Elimelech, 1996; Kim and Stevens, 1997). The 

change in the membrane surface charge in the presence of surfactants was 

attributed to the formation of hemimicelles at the membrane-solution interface 

(Childress and Elimelech, 1996; Kim and Stevens, 1997). 

The 10 k UF membrane that was employed in this study does not exhibit any 

surface charge. The neutrally charged 10 k UF membranes were coated with ionic 

surfactants and made to behave as charged membranes. The membranes were 

pre-coated with surfactants employing solutions that contained 2 CMC of the 

surface active agent in 0.1 M NaCI, at flow rates of 11.4 L/min (3 gpm) and no 

applied trans-membrane pressure. In order to minimize the internal adsorption from 

monomers, the surfactant solutions were recycled at no externally applied pressure. 

The membranes were contacted with the surfactant solutions for approximately 30 

minutes. 

Shown in Figure 8.16 are the normalized E-stage permeate fluxes as a 

function of recycle time for control and surfactant pre-coated membranes. In order 

to overcome the spatial variations in penneate production for flat sheet membrane 
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samples, the wastewater flux was normalized with respect to the initial pure water 

flux as shown below: 

\r ; J . n . r-i Meosured Wostewater Permeate Flux Normalized Wastewater Permeate Flux = 
Initial Pure Water Flux 

(75) 

Enhanced permeate fluxes were observed for membranes that were coated 

with ionic surfactants (Figure 8.16). Pre-coating the 10 k UF membranes with 

anionic surfactants, including the Dowfax 8390 and the Dowfax C10L, imparted a 

net negative charge to the membrane surface. The negatively charged membranes 

possibly repelled the organic anions of the alkaline E-stage effluent resulting in 

higher permeate fluxes. These observations are in agreement with the higher 

fluxes observed for E-stage effluent that was processed using a negatively charged 

polysulfone membrane (Figure 8.8). Pre-coating the UF membrane with Dowfax 

8390 nearly doubled the E-stage permeate flux (Figure 8.16). This is ascribed to 

the higher charge density derived from the two sulfonate end groups of the Dowfax 

8390 surfactant. Pre-coating the UF membrane with CPC, a cationic surfactant, 

also enhanced the permeate production rate by a small fraction. The gradual 

decline in the permeate flux with recycle time is attributed to fouling of the 

membrane and also to possible depletion of the membrane surface charge due to 

loss of the pre-coat material. 
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Illustrated in Figure 8.17 is a typical scanning electron micrograph of a UF 

membrane that was coated with an ionic surfactant (Dowfax C10L). The 15,000 

times magnified scanning electron micrograph shows an uniform distribution of the 

Dowfax C10L surfactant on the UF membrane surface. 

Cross-flow membrane experiments were performed to evaluate the long term 

effect of surfactant pre-coating on the E-stage permeate flux. These experiments 

were conducted in recycle mode at a cross-flow velocity of 11.4 L/min (3 gpm) and 

a trans-membrane pressure of 414 kPa (60 psi). Figure 8.18 illustrates the 

normalized E-stage effluent permeate flux for control (no pre-coat) and anionic 

surfactant pre-coated 10 k UF membranes. Consistently higher permeate fluxes 

were registered for the UF membrane that was pre-coated with the Dowfax 8390 

surfactant. The beneficial effects of the surface charge alteration by surfactant pre-

coating on the E-stage effluent permeate flux gradually dissipates over the course 

of processing time (Figure 8.18). This is attributed to the gradual desorption of the 

Dowfax 8390 anionic surfactant. These results are in good agreement with the 

findings of the earlier researchers who reported higher rates of surfactant 

desorption from membranes surfaces that were operated under greater turbulence 

(Fane et al., 1985). 
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Micelle formation occurs when surfactants are added to aqueous solutions 

at concentrations above their CMC. Depending on the concentration of the 

surfactant added to the solution, micelles can occur in different geometric 

configurations which include spherical, ellipsoidal and cylidrical structures (Lindman 

and Wennerstrom, 1979). These micelles can solubilize organics in their structure 

(Dunn et al., 1985; Gibbs et al., 1987; Kandori and Schechter, 1990; Rouse et al., 

1995; Markels et al., 1995(a); Markets et al., 1995(b)). Enhanced membrane 

rejections achieved due to solubilization of dissolved organics in the micelles is 

referred to as MEUF (Dunn et al., 1985; Gibbs et al., 1987; Kandori and Schechter, 

1990; Rouse et al., 1995; Markels et al., 1995(a); Markels et al.,1995(b)). The 

surfactant molecules that do not participate in the micelle formation exist primarily 

as monomers or dimers (Dunn et al., 1985; Gibbs et al., 1987; Kandori and 

Schechter, 1990; Rouse et al., 1995; Markels et al., 1995(a); Markels et 

al., 1995(b)). The permeate from an MEUF process consists of unsolubilized solute 

of molecular size less than the membrane MWCO and the surfactant monomer 

(Dunn et al., 1985).. 

Cross-flow membrane experiments were performed to ascertain the 

possibility of enhancing the organic rejection of the UP membranes by inducing 

micelle formation. To achieve this goal, samples of E-stage wastewater were 
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spiked with 2 CMC of non-ionic, Brij-58 surfactant and processed through 10 k UF 

membranes. Bri]-58 was chosen as the test surfactant because of its high 

molecular weight (1,124 g/mole), low CMC (13 mg/L) and low Krafft temperature 

(-15 °C). In high molecular weight and low CMC surfactants, at concentrations 

above CMC, most of the surfactant exists as micelles with only a small fraction 

being monomeric (Dunn et al., 1985). The Brij-58 surfactant was added at 2 CMC 

concentration in order to ensure the formation of micelles. To have a nearly 

constant surfactant concentration in the system, only 15% of the initial feed water 

was recovered as permeate. The surfactant monomers/dimers in the samples were 

precipitated out by lowering their (samples) temperature to below the Krafft 

temperature (< 15 "C) and the supernatant was sampled for DOC analysis. 

Summarized in Table 8.12 are the UF permeate molecular size parameters 

for the E-stage effluent and the Brij-58 spiked E-stage effluent. The presence of 

Brij-58 micelles apparently increased the membrane DOC rejection by 15%. The 

UF permeate that was spiked with the surfactant recorded approximately 38% and 

13% lower mean molecular weight and number, respectively. The DOC 

distributions for the UF permeates of the E-stage effluent and the Brij-58 spiked E-

stage effluent are shown in Figures 8.19. A comparison of the two distributions 

indicate a significant deaease in the high molecular organic fraction for the MEUF 

permeate. In E-stage effluent, MEUF lead to solubilization of the high molecular 

weight organics by micellar structures leading to a decrease in the M^ and M^ 
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Table 8.12. Molecular Size Parameters for the E-Stage Effluent and 

the E-Stage Effluent Spiked with 2 CMC of Brij-58 

Measured 

Parameter 

UF Permeate of 

E-Stage Effluent 

UF Permeate of 

E-Stage Effluent Spiked 

with 2 CMC of Brij-58 

DOC (mg/L) 458 ±10 392 ±8 

(g/mole) 2,328 ± 47 1,452 ±29 

Mn (g/mole) 424 ±9 368 ±7 

HI 5.5 4.0 

values. Within a micelle, the organic compounds can dissolve at several different 

locations which include the hydrocarbon core, the palisade layer, the 

polyoxyethylene shell and the micelle surface. 

Cross-flow membrane experiments were performed to quantify the various 

fouling mechanisms both in the presence and absence of externally induced 

micelles. Listed in Table 8.13 are the serial resistances and fouling potentials for 

UF processing of the E-stage and the Brij-58 spiked E-stage effluent samples. 

Compared to the E-stage wastewater, a higher concentration polarization fouling 

(%Fep) was observed for the spiked E-stage sample. The Bri]-58 micelles that were 

retained on the feed side must have formed a thicker and a denser concentration 

polarization layer. Also, the Bri]-58 micelles could have solubilized some of the 

irreversible foulants. 
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Table 8.13. Serial Resistances and Fouling Potentials Recorded on a 

10,000 D UF Membrane for the E-Stage Effluent and the E-Stage 

Effluent Spiked with 2 CMC of Brij-58 

Test Parameter E-Stage Effluent E-Stage Effluent Spiked 

with 2 CMC of Brij-58 

%Rn, 21.4 ±0.4 14.3 ±0.3 

%Rap 21.6 ±0.4 10.8 ±0.2 

%Rcp 56.8 ± 1.1 74.9 ±1.5 

%F,p 64.5 ±1.3 50.0 ±1.0 

%F„ 35.5 ± 0.7 50.0 ±1.0 

Note; 0.1 M NaOH was employed as the cleaning agent. 

8.16 Detection of Micelles in Surfactant Solutions by Characterization 

Protocol 

In order to verify the applicability of the characterization protocol for 

detecting micelles, a series of experiments were performed employing surfactant 

solutions. Two commercially-available non-ionic surfactants, namely Brij-58 and 

Tween-80, were each added to 0.1 M NaCI solution at concentrations 4 times in 

excess of their CMC. This solution had a DOC of 223 ± 5 mg/L. The surfactant 

monomers aggregate to form micelles when added to 0.1 M salt solutions at 
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concentrations in excess of CMC. The CMCs of Brij-58 and Tween-80 were 87 

mg/L and 13 mg/l, respectively (see Table 7.3). The 4 CMC surfactant solution was 

then diluted in 1 : 5 v/v and 1 :10 v/v with 0.1 M NaCI solution. The three sets of 

surfactant solutions were then molecular-size characterized according to the 

protocol described in the methods section. The molecular-size characterization 

results for the surfactant concoctions are summarized in Table 8.14. The undiluted 

and the 1 : 5 diluted, 4 CMC surfactant solutions registered M,^ values in the range 

that would indicate the formation of micelles. Since the concentration of the each 

surfactant was less than their respective CMC, micelles were not expected to be 

formed in the 1 : 5 diluted surfactant solution. The fact they did form micelles 

indicate a possible synergistic interaction between the two surfactants. In other 

words, in the 1 : 5 diluted 4 CMC surfactant solution, the Bri]-58 and the Tween-80 

monomers could have possibly aggregated to form micelles.. The 1:10 diluted 4 

CMC surfactant solution recorded an average M,^ of 1,315 ± 26 g/mole. The 

theoretical M,,'s of Brij-58 and Tween-80 were 1124 and 1310 g/mole, respectively 

(Table 7.3). The measured M,^ for 1 : 10 diluted 4 CMC surfactant solution is 

reasonably close to the expected M,^ The results in Table 8.14 confirm the fact that 

the molecular size characterization protocol can be successfully used to detect 

micelles in solutions. 
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Table 8.14. Data on Surfactant Solutions 

Surfactant Solution Mw 

(g/mole) 

DOC 

(mg/L) 

4 CMC each of Bri]-58 + Tween-80 62,951 ±1,259 223 ±5 

1 : 5 dil., 4 CMC each of Brij-58 + Tween-80 61,892 ±1,238 45 ±1 

1:10 dil., 4 CMC each of Brij-58 + Tween-80 1,315±26 23 ±1 

8.17 Reversible and Irreversible Fouling: Series Experiments 

A set of 4 recycle experiments were performed in sequence to assess any 

fluctuation in the mechanisms of membrane fouling as a function of the process 

cycle. In this test, the E-stage effluent was filtered through a 10 k UF membrane 

in recycle mode for a net process time of 8 hours. At the end of every 2-hour 

recycle, the membrane was cleaned with Triton X-100 solution found to be the best 

cleaning agent. Each cleaning cycle was performed for a period of 30 minutes. In 

all the 4 cycles, the trans-membrane pressure and the cross-flow velocity were 

maintained at 414 kPa (60 psi) and 11.4 L/min (3 gpm). 

Illustrated in Figure 8.20 are the E-stage permeate fluxes as a function of 

total recycle time. As expected, in each sequential mn, the permeate fluxes 

declined gradually to a point where they appear to reach a steady state. A large 

fraction of this flux loss was recovered when the membrane was cleaned with Triton 
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X-100 solution. The average permeate flux recorded at the end of every 2-hour 

recycle was 157.4 ±11.1 Um^-h. The extent of irreversible fouling of the membrane 

appears to decrease with each successive recycle run. 

Shown in Figure 8.21 are the irreversible fouling potentials plotted as a 

function of the recycle run sequence. The irreversible fouling potentials declined 

gradually with each progressive sequence. Greater irreversible fouling of the 

membrane appears to occur in the initial cycles. Irreversible membrane fouling 

caused by chemisorption and pore plugging mechanisms can be observed to a 

larger extent for a virgin membrane compared to a re-use membrane. It appears 

as though there is only a finite amount of irreversible fouling that can occur within 

a membrane. 

8.18 Apparent Diffusion as a Function of 1^1^^ for Single Solute Solutions and 

Pulp Mill Wastewaters 

Apparent diffusion coefficients aaoss membranes were measured employing 

the theory discussed in Sections 6.12 to 6.14. An NF membrane of 500 D MWCO 

was used to determine the apparent diffusivities for synthetic solutions and pulp mill 

effluents. Single solute solutions were prepared to yield a feed DOC of 

approximately 600 mg/L. These tests were performed in total recycle mode at 

operating pressure (827.3 kPa) greater than the critical pressure (551.5 kPa) for the 
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NF membrane. The cross-flow velocities were varied from 0.5 gpm to 3.0 gpm in 

increments of 0.25 gpm. The steady state permeate fluxes (J^^) and observed 

rejections (Ro) were measured at every cross-flow velocity (U). Then, employing 

Equation (62) the actual rejections (R,) were determined. From actual rejections, 

the apparent diffusion and mass transfer coefficients across the membrane were 

estimated (see Section 6.14). 

Summarized in Table 8.15 are the molecular and measured diffusion 

coefficients for single solute solutions and certain pulp mill wastewaters. The 

binary diffusion coefficients were determined using Equations (66) and (67). The 

measured diffusivities across the membranes were lower than the binary diffusion 

coefficients (Table 8.15). This is to be expected since the membrane acts as a 

barrier for the free diffusion of the solute molecules. The measured and binary 

diffusivities for the E- and the E^-stage effluents were within the expected range. 

Typically, as the size of the molecule increases its diffusivity decreases. 

Summarized in Table 8.16 are the mass transfer coefficients and boundary 

layer thicknesses for single solutions and pulp mill wastewaters. The boundary 

layer thicknesses varied from 0.34 |jm to 0.80 ijm. Typically, k - D°®®, as given in 

Equation (59). The mass transfer coefficients for the E- and the Eo-stage effluents 

seem to agree with those measured for the single solutions of comparable 

molecular weight. 
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Table 8.15. Binary vs. Apparent Diffusion Coefficients 

for Single Solute Solutions and Pulp Mill Wastewaters 

Test Solution Mw Dfrom D from Measured 

(g/mole) Equation (66) Equation (67) Diffusivity 

(m^/s) Jm^/s) (m^/s) 

Dextran Na2S04 7,000 1.43x10-'° 1.12x10-'° 3.22x10-" 

E-Stage Effluent 7,635 1.39x10-'° 1.07x10-'° 1.33x10'" 

PEG 8000 8,000 1.37x10-'° 1.05x10-'° 3.07x10-" 

Eo-Stage Effluent 8,468 1.34x10*'° 1.02x10-'° 3.45x10-" 

Dextran 9260 9,400 1.30x10-'° 9.71 xlO-" 5.75x10*" 

Dextrin 2256 15,000 1.11 x 10-'° 7.77x10-" 3.17 X 10-" 

Dextrin 2131 50,000 7.44 X 10'" 4.37x10-" 5.98x10-'^ 
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Table 8.16. Mass Transfer Coefficients and Boundary Layer Thicknesses 

for Single Solute Solutions and Pul p Mill Wastewaters 

Test Solution Mw Measured Mass Boundary 

(g/mole) Diffusivity Transfer Layer 

(m^/s) Coefficient 

(m/s) 

Thickness 

(nm) 

Dextran Na2S04 7,000 3.22 X 10-" 5.36 X 10-® 0.60 

E-Stage Effluent 7,635 1.33 X 10-" 1.66x10-® 0.80 

PEG 8000 8,000 3.07x10-" 8.44x10"® 0.36 

Eo-Stage Effluent 8,468 3.45 X 10-" 5.62 X 10-® 0.61 

Dextran 9260 9,400 5.75x10-" 7.84 X 10-® 0.73 

Dextrin 2256 15,000 3.17x10-" 5.31 X 10-® 0.60 

Dextrin 2131 50,000 5.98x10-^2 1.74x10-® 0.34 
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The following conclusions can be drawn from this study: 

• The molecular size characterization protocol discussed in this research can 

be used for obtaining the size distribution parameters in complex industrial 

wastewaters. In verification tests performed employing challenge solutions, 

the measured M^'s were within 5% of the theoretical M^'s. When the feed 

DOC concentration of the challenge solution was varied from 50 to 600 

mg/L, the measured M^'s varied from 18,007 g/mole to 18,239 g/mole. 

• The and Mp for the E-stage effluent were found to be 7,635 ± 153 g/mole 

and 561 ± 11 g/mole, respectively. These values are within the range for 

kraft lignins. Prior studies on kraft lignins, employing other size distribution 

techniques, reported the M,, and values to lie between 5,000-12,000 

g/mole and 400-1,200 g/mole, respectively. 

• The membrane rejections were found to be independent of the mode of 

filtration. In tests with challenge solutions, the average and instantaneous 

rejections in dead-end filtration were found to be approximately 94% of the 

rejections measured in cross-flow mode. This finding advocates the use of 

simple and versatile, dead-end filtration units for a preliminary screening of 

membranes for their rejection capabilities. It also supports the extension of 
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molecular size parametric analysis derived using the Amicon dead-end 

systems to model the membrane performance in other filtration systems 

including the Osmonics cross-flow operation. But, bench-scale testing 

using either dead-end or cross-flow units, is inadequate for evaluating the 

engineering parameters of a membrane process. 

The transition from pressure-controlled to pressure-independent permeate 

flux occurs at critical pressure. In UF processing of E-stage effluents, the 

critical pressures varied from 689.4 kPa (100 psi) to 827.3 kPa (120 psi) for 

membranes of MWCOs ranging from 2,500 D to 10,000 D. 

A comprehensive model to describe the UF membrane productivity during 

the treatment of E-stage effluent was developed. This model accounts for 

variations in membrane, feed water and operational variables. The feed 

water variables that were incorporated into the model include the molecular 

size distribution, viscosity and concentration. Also, included in the model 

are the operational variables trans-membrane pressure and cross-flow 

velocity. This permeate productivity model predicted the fluxes for E-, 1 ; 2 

v/v diluted E- and the E^-stage effluents within an error of 9%. A FORTRAN 

program that can estimate the steady state permeate flux and the associated 

serial resistances, for UF treatment of E-stage effluent, was written and 

tested. 
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• The ratio of of feed wastewater to the MWCO of the membrane, denoted 

by A, effectively represents the ratio of the average diameter of the solute 

molecule to the nominal diameter of the pore. By bench scale testing, the 

membrane fouling potentials were related to K. An increase in the MWCO 

of the membranes resulted in increased irreversible fouling possibly by 

increased pore plugging. Lower irreversible fouling was observed for pulp 

mill effluents with high M,,'s. 

• Membrane rejection for the organics of the pulp mill effluents were non-

linearly related to A. A variation of K can occur when either the M,, of the 

feed water or the MWCO of the membrane is changed. In UF treatment of 

E-stage effluent, the organic rejection was directly proportional to K. At A > 

1, the DOC rejection plateaued out possibly due to presence of a large 

fraction of organics in the E-stage effluent of molecular size range < 1,000 

D. 

• In sequential processing of the E-stage effluent, greater irreversible fouling 

of the UF membrane occurred in the initial cycles. Over the course of 4 

filtration cycles, the irreversible fouling potentials declined from 22% to 4%. 

A virgin membrane has greater number of sites available for chemisorption 

and pore plugging to occur compared to a re-use membrane. 

• Tests with surfactant solutions have shown the molecular size 

characterization protocol to be applicable for detecting micelles. The M,, 
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values for the E-stage and the 1 ; 4 v/v diluted E-stage effluents were found 

to be, respectively, 7,635 g/mole and 4,581 g/mole. This large decrease in 

the value, upon dilution, is attributed to dissociation of lignin 

carbohydrate micelles present in the E-stage effluent. 

• In UF processing of E-stage effluents, increased irreversible fouling occurred 

for diluted E-stage wastewaters. The irreversible fouling potentials that were 

recorded for the E-stage, 1 : 2 diluted E-stage and 1 : 4 diluted E-stage 

effluents were 64.5%, 89.2% and 94.7%, respectively. This increase in 

irreversible fouling with dilution, is ascribed to the increase in concentration 

of low molecular sized organics from dissociation of lignin carbohydrate 

micelles. The low molecular sized organics probably fouled the membrane 

irreversibly by pore plugging. The results for UF processing of the E-stage 

effluents were contrary to the literature reported trends, wherein, increased 

irreversible fouling was observed for higher feed concentrations. 

• The irreversible fouling potentials that were recorded for E-stage effluent 

that was pH adjusted to 11.5 (ambient), 7.0 and 3.5 were respectively 64.5%, 

80.3% and 47.6%. Since the E-stage effluent pK^, is 6.5, at pH 7.0, a 

significant fraction of the dissolved organics are in ionized form. These 

ionized organic molecules could have irreversibly adsorbed to the membrane 

surface or the inner pores resulting in increased adsorption-pore plugging 

fouling of the membrane. 
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Higher E-stage permeate fluxes were observed for negatively charged 

polysulfone membrane compared to the uncharged, thin film composited 

membrane. This behavior was apparent even in neutrally-charged 

membranes that were pre-coated with anionic surfactants. At an ambient pH 

of 11.5, the organics in the E-stage effluent were predominantly anionic that 

were probably repelled by the negatively charged membrane surface 

resulting in a thinner concentration polarization layer. The membrane 

surface charge did not effect the organic rejection in the E-stage effluent. 

Various surfactant solutions were studied for in-situ cleaning of the 

membranes. In membrane cleaning, non-ionic surfactant solutions out

performed ionic surfactants. Among the non-ionic surfactant solutions 

tested, Triton X-100 was found to be the best cleaning agent. Due to the 

proximity in the HLB ratios of the non-ionic surfactants tested, no 

relationship was found between the cleaning effectiveness and the HLB 

values. Also, in-situ cleaning with surfactant solutions did not cause any 

structural damage to the membrane surface or pores. 

Ultrafiltration of the E-stage effluent in the presence of the Brij-58 micelles 

has resulted in 15% increase in membrane DOC rejection and a decrease 

in irreversible fouling from 64.5% to 50.0%. As shown by the molecular size 

distribution data, the Brij-58 surfactant micelles solubilized the high 

molecular weight organics in the E-stage effluent. 
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• The apparent diffusion coefficient, mass transfer coefficient and the 

boundary layer thickness for the E-stage effluent were found to be 1.33 x 

10"" nf/s, 1.66 X10® m/s and 0.80 pm, respectively. The apparent diffusion 

coefficients, mass transfer coefficients and the boundary layer thicknesses 

measured for the E- and Eg-stage effluents agree with those for pure 

solutions of comparable molecular weight. 
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Symbol Expansion 

a Exponent of V in expansion 

6 Thickness of the boundary layer 

An Osmotic pressure drop across the membrane 

AP Trans-membrane or operating pressure drop 

A Ratio of the of feed water to the MWCO of the membrane 

M Solution dynamic viscosity 

V Solution kinematic viscosity 

P Solution density 

A Angstroms 

Cc Solute concentration in the concentrate 

c, Solute concentration in the feed 

Cn Final solute concentration in the concentrate sample 

Cfo Initial solute concentration in the feed sample 

Ca Solute concentration in the gel layer 

CF Cross-Flow 

CMC Critical Micellar Concentration 



168 

COD 

Cp 

CTMP 

D 

davg 

dC/dx 

d, 

DOC 

E-stage 

f 

Fcp 

FFF 

fi 

GPC 

h 

HI 

HLB 

J, 

Ji 

Jf 

Chemical Oxygen Demand 

Solute concentration in the permeate 

Chemo Thermo Mechanical Process 

Solute diffusivity or diffusion coefficient 

Average solute diameter 

Concentration gradient in the boundary layer 

Hydraulic diameter 

Dissolved Organic Carbon 

Extraction-stage 

Frictional coefficient 

Adsorption-pore plugging fouling potential 

Concentration polarization fouling potential 

Field Flow Fractionation 

Mass fraction of organics in size range 'i' 

Gel Permeation Chromatography 

Height of slit 

Heterogeneity Index 

Hydrophile-Lipophile Balance 

Pure water flux for a membrane fouled by static adsorption 

Initial pure water flux for a virgin membrane 

Final pure water flux for the membrane fouled and 



chemically-cleaned 

Js Solute flux through the membrane 

Jw Solvent flux through the membrane 

k Mass transfer coefficient 

K Coefficient of the serial resistance Rgp 

kfl Boltzmann constant 

kcp Coefficient of the serial resistance R^p 

^tti Coefficient of the membrane resistance correlation 

L Length of channel 

Ls Spacer mesh size 

m Exponent of 'C/ in R,p expansion 

MEUF Micellar Enhanced Ultrafiltration 

MF Microfiltration 

nii Mean molar mass of size range 'i' 

Mn Weighted-average molecular number 

MS Mass Spectrometry 

M« Weighted-average molecular weight 

MWCO Molecular Weight Cut-Off 

n Exponent of 'A' in R^p expansion 

Nav Avagadro Number 

NF Nanofiltration 



170 

Number fraction of organics in size range 'i' 

Exponent of 'C,' in R^p expansion 

Exponent of 'AP' in R^p expansion 

Concentrate flow rate in continuous mode membrane 

operation 

Feed flow rate in continuous mode membrane operation 

Permeate flow rate in continuous mode membrane operation 

Exponent of cross-flow velocity(U) term in the R^p expansion 

Universal gas constant 

Correlation coefficient 

Serial resistance from membrane fouling by adsorption 

Actual membrane rejection 

Serial resistance from membrane fouling by combined 

adsorption and pore plugging mechanisms 

Average membrane rejection 

Serial resistance from membrane fouling by concentration 

polarization 

Reynolds Number 

Hydraulic resistance of the gel layer 

Hydraulic resistance from fouling of the membrane 

Hydraulic resistance of the membrane 
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R.' Membrane resistance at any temperature't' 

Ro Observed membrane rejection 

RO Reverse Osmosis 

Rp Serial resistance from membrane fouling by pore plugging 

Ts Stokes radius 

Sc Schmidt Number 

SEM Scanning Electron Micrograph or Microscope 

Sh Sherwood Number 

T Absolute temperature 

TDS Total Dissolved Salts 

TMP Thermo Mechanical Process 

TOC Total Organic Carbon 

TOCI Total Organic Chlorine 

U Cross-flow velocity 

UF Ultrafiltration 

Vavg Average volume of solute molecule 

Vc Concentrate volume in a batch mode membrane operation 

V, Feed volume in a batch mode membrane operation 

Vff Final retentate/concentrate volume 

Vfo Initial feed volume 

Vp Permeate volume in a batch mode membrane operation 



Volume Reduction Factor 

Mean molar volume of solute molecule 

Width of slit 
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11. APPENDIX B 

COMPUTER CODE AND VALIDATION RUN RESULTS 

The computer code for calculating the E-stage wastewater permeate flux 

employing the modified series resistance equation is listed in this section. The 

input variables that are required to run this FORTRAN program include: 

• the feed water DOC concentration in mg/L 

• feed water temperature in °C 

• mean molecular weight (g/mole) of solutes in the feed water 

• nominal molecular weight cut-off, in D, of the membrane employed 

• trans-membrane pressure in psi and 

• feed water cross-flow velocity in gpm 

This program would output; 

• membrane resistance, R^ 

• adsorption + pore plugging resistance, R,p 

• concentration polarization resistance, R^p and 

• steady state permeate flux in mL/cm^-min 

The steady state pemieate fluxes that are predicted by this code could be 

in error by ±10% and are valid only for cross-flow filtration. For continuous 
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membrane operation in a staged system, the input variables vary for each stage 

and hence have to be entered independently. The given program can model 

staged membrane filtration systems up to 3 stages. Results for the validation runs 

of Section 8.12 are also shown In this appendix. 
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4( >4* 41 # aft • iff ^ 
• FLUX.F: 
* This program will calculate the steady state permeate flux for 
* ultrafiltration treatment of E-stage effluent. 
• 

'*' Author; David Eberle 

* Glossary: 
* DOC - feed DOC (mg/L) 
* TEMPERATURE- operating temperature of the feed (C) 
* MW - feed molecular weight (g/mol) 
* MWCO - molecular weight cut-off (Daltons) 
* PRESSURE - trans-membrane pressure (psi) 
* VELOCITY - cross-flow velocity (gpm) 

* Subroutines and Functions; 
* INPUT - asks for inputs needed for calculations 
•" VISCOSITY - determines the kinematic viscosity of the wastewater 
* LAM - calculates the feed MW to MWCO ratio 

RM - calculates membrane resistance 
* RAP - calculates adsorption and pore plugging resistance 
* RCP - calculates concentration polarization resistance 
* PERMFLUX - estimates steady-state permeate flux 
* 

* Files: 
* NOT APPLICABLE 
* Ifc >41« Ifl in ><11(1If I# >11 Ift 3(1 * 

PROGRAM STEADYSTATE 
IMPLICIT NONE 
DOUBLE PRECISION DOC, TEMPERATURE, MW, MWCO, PRESSURE, VELOCITY, 

$ RMl, RM2, RM3, MU, LAMDA, RAP, RCP, FLUX, RM, 
$ COUNT, RAPl, RAP2, RAP3, RCPl, RCP2, RCP3, FLUXl, 
$ FLUX2, FLUX3, STAGES 
LOGICAL CONTINUE 
CHARACTER RESP 

CONTINUE = .TRUE. 
DO WHILE (CONTINUE) 

WRITE(*, 60) 'Enter Number of Stages (1-3);' 
READ(*. *) STAGES 
COUNT = 1.0 
DO WHILE (STAGES .GE. COUNT) 

WRITE(*, *) 
IF (COUNT .EQ. 1.0) THEN 

WRITEC", *) 'Define First Stage Parameters:' 
ELSEIF (COUNT .EQ. 2.0) THEN 

WRITE(*, *) 'Define Second Stage Parameters;' 
ELSE 

WRITE(*, •*) 'Define Third Stage Parameters;' 
ENDIF 
CALL INPUT (DOC. TEMPERATURE, MW, MWCO, PRESSURE, VELOCITY) 
CALL VISCOSITY (TEMPERATURE, MU) 
CALL LAM (MW, MWCO, LAMDA) 
CALL M (MU, RM) 
CALL AP (DOC, LAMDA, RAP) 



CALL CP (DOC. PRESSURE. VELOCITY, RCP) 
CALL PERMFLUX (PRESSURE, RM, RAP, RCP. FLUX) 
IF (COUNT .EQ. I.O) THEN 

RMl = RM 
RAPl = RAP 
RCPl = RCP 
FLUXl = FLUX 

ELSEIF (COUNT .EQ. 2.0) THEN 
RM2 = RM 
RAP2 = RAP 
RCP2 = RCP 
FLUX2 = FLUX 

ELSE 
RM3 = RM 
RAP3 = RAP 
RCP3 = RCP 
FLUX3 = FLUX 

ENDIF 
COUNT = COUNT + 1 

ENDDO 
WRITE(*. •) 
WRITE(*. *) 'FIRST STAGE:' 
WRITE(*, 10) RMl 
WRITE(*, 20) RAPl 
WRITE(*, 30) RCPl 
WRITE(*. 40) FLUXl 
WRITEC^, *) 
IF (STAGES - 1 .EQ. 2.0 .OR. STAGES .EQ. 2.0) THEN 

WRITE(*. •) 'SECOND STAGE:' 
WRITEC*. 10) RM2 
WRITE(*. 20) RAP2 
WRITE(*. 30) RCP2 
WRITE(*, 40) FLUX2 
WRITE(». *) 

ENDIF 
IF (STAGES .EQ. 3.0) THEN 

WRITE(*, *) 'THIRD STAGE:' 
WRITE(*. 10) RM3 
WRITE{*, 20) RAP3 
WRITE(*, 30) RCP3 
WRITE(*, 40) FLUX3 
WRITE(*, *) 

ENDIF 
WRITE(*, ») 'WARNING:' 
WRITE^"*, 50) 'The model predicted fluxes are for cross-flow' 
WRITE(*, 50) 'filtration and could be in error by + or -10%.' 
WRITE(*. *) 
WRITE(*, 60) 'Calculate another permeate fli«? (y or n): ' 
READ(*, •) RESP 
IF (RESP .EQ. 'N') THEN 

RESP = 'n' 
ENDIF 
IF (RESP .EQ. 'n') THEN 

CONTINUE = .FALSE. 
ENDIF 

ENDDO 
10 F0RMAT(6X, 'Membrane Resistance:', T47. F9.3. IX, '(psi-min)/cm') 
20 F0RMAT(6X, 'Adsorption and Pore Plugging Resistance:', T47, F9.3, 

S IX, •(psi-min)/cm') 



30 F0RMAT(6X, "Concentration Polarization Resistance:', T47, F9.3, 
$ IX, '(psi-inin)/cm') 

40 F0RMAT(6X, 'Steady State Permeate Flux:', T47, F9.3, IX, 
$ 'tnL/(sq.cm-min)') 

50 F0RMAT(5X, A) 
60 FORMAT($, A) 

END ! STEADYSTATE 

4t 41)11«Hr itt ^ Iff «itt Ki ^ ̂  * 41 ft >41 * ^ ^ 1*1 )<( Hi ift ^ Ht ift ^ ifi Kt ](t )(t * K :4t 
• INPUT: 

SUBROUTINE INPUT (DOC, TEMPERATURE, MW, MWCO, PRESSURE, VELOCITY) 
IMPLICIT NONE 
DOUBLE PRECISION DOC, TEMPERATURE, MW, MWCO, PRESSURE, VELOCITY 

WRITE(*, 50) 'Feed DOC (mg/L): ' 
READ(*, *) DOC 
DO WHILE (DOC .LE. 0.0) 

WRITE(*, •) '•^•Invalid Entry***' 
WRITE(*, 50) 'Feed DOC (mg/L): ' 
READ(*, •) DOC 

ENDDO 
WRITE(*, 50) 'Temperature (C): ' 
READ(*, *) TEMPERATURE 
DO WHILE (TEMPERATURE .LE. 0.0 .OR. TEMPERATURE .GT. 50.0) 

WRITE(*, "•) 'Temperature is out of range.' 
WRITE(*, 50) 'Temperature (C): ' 
READ(*, ») TEMPERATURE 

ENDDO 
WRITE(*, 50) 'Molecular Weight, MW (g/mole): ' 
READ(*, •) MW 
DO WHILE (MW .LE. 0.0) 

WRITE(*, •) "»»*Invalid Entry***' 
WRITE(*, 50) 'Molecular Weight, MW (g/mole): ' 
READ(*, *) MW 

ENDDO 
WRITE(*, 50) 'Molecular Weight Cut-Off, MWCO (Daltons):' 
READ (•, *) MWCO 
DO WHILE (MWCO .LE. 0.0) 

WRiTE(*, *) '***Invaiid Entry***' 
WRITE(*. 50) 'Molecular Weight Cut-Off, MWCO (Daltons): ' 
READ(», *) MWCO 

ENDDO 
WRITE(*, 50) 'Operating Pressure (psi): ' 
READ(*, *) PRESSURE 
DO WHILE (PRESSURE .LE. 0.0) 

WRITE(*, *) '***Invalid Entry***' 
WRITE(*, 50) 'Operating Pressure (psi): ' 
READ(*, *) PRESSURE 

ENDDO 
WRITE(*, 50) 'Cross-Flow Velocity (gpm): ' 
READ(*, *) VELOCITY 
DO WHILE (VELOCITY .LE. 0.0) 

WRITE(*, *) '***Invalid Entry***' 
WRITE(*, 50) 'Cross-Flow Velocity (gpm): ' 
READ(*, *) VELOCITY 

ENDDO 
50 FORMAT (6X, $, A) 

RETURN 



END ! INPUT 

4t 1)1 # 4i>tt 4t It* 4* ^ )|t )tci(c ]|( iti ^ ^ ^ ̂  ^ ft 
• KINETIC: 

SUBROUTINE VISCOSITY (TEMPERATURE, MU) 
IMPLICIT NONE 
DOUBLE PRECISION E, MU, TEMPERATURE, CONSTANT, EXPO 
PARAMETER(E = 2.7182818, CONSTANT = 1.0007, EXPO = -0.0235) 

MU = CONSTANT • E (EXPO » TEMPERATURE) 
RETURN 
END ! DYNAMIC 

itiitiitt Iti)̂  « « 4141 ift Kt 1(11(1 itcfiJtt # )4i )(t Xt Id )|t 1(1 % 4c  ̂ 1(1 )|t ]4i« Itt Ifiî  )ft Ift I|t )|t 9(i)4i ]f( ift # 

• LAMDA: 

SUBROUTINE LAM (MW, MWCO, LAMDA) 
IMPLICIT NONE 
DOUBLE PRECISION MW, MWCO, LAMDA 

LAMDA = MW / MWCO 
RETURN 
END ! LAM 

41 Id * 4t Id 41414I4I1(I1(14t 4t ft# m 4i 4t 41414141414I1(C 4| I(c 4t i(t 41414( >((« Xt 4i # « • >0 * # I(t 4I >(( * 4I )(| >(i 4t * 4t 4i 4( 4* >(( 4i 4* ft# 4< • 

*RM: 

SUBROUTINE M (MU, RM) 
IMPLICIT NONE 
DOUBLE PRECISION CONSTANT, EXPONENT. MU, RM 
PARAMETER(CONSTANT = 68.6, EXPONENT = 0.89) 

RM = CONSTANT * MU EXPONENT 
RETURN 
END ! M 

4t 414t 4* 4( 4t • >(( 4( 4< 4t >(t 4( 4( 4t Xt 4( 414* 4< 4t 414t 4t 414i 4( 4t 4> 4( 4t 4t Xt 41414t 4t 4( 4t 4* 4t xt 4t 4K 4t XI 4t 414t 4( 414t 4t * 4t 4( 4t 4t 4t 4( 4t 4* 4t 41« 4t 4t 

•RAP: 

SUBROUTINE AP (DOC, LAMDA, RAP) 
IMPLICIT NONE 
DOUBLE PRECISION CONSTANT, DOC, EXPOl, LAMDA, EXP02, RAP 
PARAMETER(CONSTANT = 46.5, EXPOl = 0.10, EXP02 = 0.29) 

RAP = CONSTANT • DOC EXPOl • LAMDA ** EXP02 
RETURN 
END ! AP 

4t4i4(4(4(4t4t>lt4t4<4t4tX*4(4(4(4t4t4(4t4()(t4t4t4(4t4t4t4t4(>(t4t4(4i4t4t4t>(t4tXi>((4(4(4(4t4t4t4i4t4t4i4t4i4t4t4t4(4(4(4t4(4t3(t4t4t4t4(4>4(4( 
* RCP: 

SUBROUTINE CP (DOC, PRESSURE, VELOCITY, RCP) 
IMPLICIT NONE 
DOUBLE PRECISION CONSTANT, DOC, EXPONENTl, PRESSURE, EXP0NENT2, 
? VFI OriTY FXPDMFNTl RPP 
PARAMETER(CONSTANT = 0.073, EXPONENTl = 1.61, EXP0NENT2 = -0.84, 

$ EXPONENTS = 0.38) 



RCP = CONSTANT * DOC •• EXPONENT 1 • PRESSURE EXP0NENT2 * 
$ VELOCITY •• EXPONENTS 
RETURN 
END ! CP 

* FLUX: 

SUBROUTINE PERMFLUX (PRESSURE, RM, RAP, RCP, FLUX) 
IMPLICIT NONE 
DOUBLE PRECISION PRESSURE, RM, RAP, RCP, FLUX 

FLUX = PRESSURE / (RM + RAP + RCP) 
RETURN 
END ! PERMFLUX 
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Enter Number of Stages (1-3):3 

Define E-Stage Parameters: 
Feed DOC (mg/L): 656 
Temperature (C): 25 
Molecular Weight, MW (g/mole): 7635 
Molecular Weight Cut-Off, MWCO (Daltons):10000 
Operating Pressure (psi): 55 
Cross-Flow Velocity (gpm): 2.5 

Define 1 : 2 diluted E-Stage Parameters: 
Feed DOC (mg/L): 328 
Temperature (C): 25 
Molecular Weight, MW (g/mole): 7108 
Molecular Weight Cut-Off, MWCO (Daltons):10000 
Operating Pressure (psi): 55 
Cross-Flow Velocity (gpm): 2.5 

Define Eo-Stage Parameters: 
Feed DOC (mg/L): 571 
Temperature (C): 40 
Molecular Weight, MW (g/mole): 84 68 
Molecular Weight Cut-Off, MWCO (Daltons):10000 
Operating Pressure (psi): 55 
Cross-Flow Velocity (gpm): 2.0 

E-Stage: 
Membrane Resistance: 
Adsorption and Pore Plugging Resistance; 
Concentration Polarization Resistance: 
Steady State Permeate Flux: 

1 : 2 diluted E-Stage: 
Membrane Resistance: 
Adsorption and Pore Plugging Resistance: 
Concentration Polarization Resistance: 
Steady State Permeate Flux: 

Eo-Stage: 
Membrane Resistance: 
Adsorption and Pore Plugging Resistance: 
Concentration Polarization Resistance: 
Steady State Permeate Flux: 

40.692 (psi-min)/cm 
82.254 (psi-min)/cm 

122.419 (psi-min)/cm 
0.224 mL/(sq.cm-min) 

40.692 (psi-min)/cm 
75.170 (psi-min)/cm 
40.104 (psi-min)/cm 
0.353 mL/(sq.cm-min) 

29.735 (psi-min)/cm 
83.594 (psi-min)/cm 
89.948 (psi-min)/cm 
0.271 mL/(sq.cm-min) 

WARNING: 
The model predicted fluxes are for cross-flow 
filtration and could be in error by + or - 10%. 

Calculate another permeate flux? (y or n): 
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