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ABSTRACT

The natural gas shortage is the main reason that is 
causing an acceleration in alternative ammonia feed stock 
Studies. The availability of coal gasification process 
which can generate gas which has properties similar to natural 
gas, the conventional feed stock. The objective of this 
study is to make a preliminary design of ammonia synthesis 
plant using the coal gasification product as raw material.

The study is made on the using of high BTU and low 
BTU gas as feed stock. The high BTU gas is more feasible.
The high BTU gas purification process is selected and the 
mass and heat balance is made on 1000 ton NH^/day. From 
flow rate and heat load, equipments are sized. The cost 
estimation is made by using equipment sizes. The economic 
analysis is made on the estimated cost in order to determine 
the future of the project.

The result of the study shows that the design has 
a good future (based on 1976 ammonia cost of $190/ton).
The feasibility of this, design is dependent mainly on the 
ammonia cost more than raw gas cost or capital cost.



CHAPTER 1

INTRODUCTION

Ammonia is one of the important basic chemicals of 
the world. It is a major product as well as an important 
intermediate in the production of more complex chemicals.
The major use of ammonia, both directly and as an inter
mediate, is in the fertilizer area. The other uses are in 
the organic and inorganic chemical production area. The 
main function of ammonia, both as an end product and in
termediate, is to supply nitrogen in a reactive form. The 
conversion of inert elemental nitrogen to a reactive nitro
gen form is called "nitrogen fixation." The reactive form 
of nitrogen does not have to be ammonia; it can be an oxide 
of nitrogen, a metal, salt or a complex organic nitrogen 
compound. In this chapter, a survey of the literature on 
the ammonia synthesis process will be made, in order to de
termine the availability of information for further study.

History of Ammonia Synthesis 
In the past, the principle source of reactive 

nitrogen was as a by-product of organic materials of various 
types including animal manures and seed meals. The supply 
of all this material was limited. In 1809, a very large

1



deposit of sodium nitrate was discovered in Chile, and this 
source of nitrogen became a major course of reactive nitro
gen for the world. Due to the limited resources of reactive 
nitrogen, the study of the method of nitrogen fixation had

■ ' " -I

begun. In 1795, Hildebrand attempted to synthesize ammonia 
from nitrogen gas and hydrogen gas at atmospheric pressure. 
Others tried at pressures up to 50 atmosphere, but they . 
were unsuccessful because the reaction rate was too slow.
In 1823, Dobereiner was the first to realize that a catalyst 
would be needed for the practical synthesis of ammonia.

The first practical industrial process for nitrogen 
fixation was the Birkeland-Hyde process where the active 
nitrogen was in the form of calcium nitrate. The process 
was invented in 1900 and used extensively up to 1918. The 
second process was the cyanamide process, invented by Frank, 
Caro and Rothe in 1898, in which the reactive nitrogen was 
in the form of ammonia. This process was based on the fol
lowing reactions:

CaO + 3C =-CaC2 + CO
, CaC2 + Ihp— ^ CaCN2 + C

CaCN2 + 3H20 — CaCOg + 2NH3

This process was an expensive one because the power and coke 
requirement per ton of ammonia was high.

1. All citations in the "History of Ammonia Synthe
sis" section can be found in Reference 41.
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The third nitrogen fixing process was a process for 

combining nitrogen and hydrogen directly without using a 
solid or liquid intermediate. The process was invented in 
1909 by Haber and Nernst, and was based on the 1901 experi
mental work of Le Chatelier. The first small scale unit 
was developed by Haber in 1909 and produced 80 grams of 
ammonia per hour using osmium as catalyst. The patent for 
the Haber invention was bought by Badische Anilin Und Soda 
Fabrik, who then took over the commercial development of the 
process. Carl Bosch, an engineer, worked out the plant 
construction detail, and a pilot plant went on stream in 
Germany in 1911. By 1913, a. 30 ton per day ammonia plant 
was on stream at Oppau, Germany, being the first synthetic 
ammonia plant using the process which is now known of as the 
Haber-Bosch Process. During the first period of ammonia 
production, 1930-1950, numerous improvements were made on 
the process, but the capacity per plant was still on the 
order of 100 tons per day. However, during this period, the 
over-all production capacity of ammonia increased rapidly.
In the later period of ammonia production, an even more 
rapid expansion in ammonia production took place. The be
ginning of the change was in the 1950's when the centrifugal 
compressor was introduced into the ammonia synthesis process, 
and more efficient energy recovery systems were used. In 
the 1960's, the increase in single converter capacity was



the notable process improvement. The capacity of converters 
has continued to increase.

Ammonia Synthesis Processes 
Ammonia consists of hydrogen and nitrogen, therefore 

nitrogen and hydrogen must be available and mixed together 
and reacted with each other under the fight conditions, 
Ammonia synthesis consists of many steps. Three major steps, 
as given by Vaneini (47) are: 1) production of fairly pure 
hydrogen and nitrogen, 2) purification and compression of 
synthesis gas, and 3) synthesis of ammonia. Primarily, the 
commerical ammonia production processes differ in the first 
and second steps, while the final step is in principle the 
same. The difference of the first two steps in the syn
thesis of ammonia is dependent on the type of raw material 
used and on economic considerations. For the same economic 
considerations the process differences are due to the raw 
material used, therefore the ammonia synthesis process can 
be classified based on raw material type as follows (9).

The Light Hydrocarbon Process
Natural gas and naphtha are the light hydrocarbons 

usually used in ammonia production, natural gas being pre
ferred. Approximately 60-65 percent of world ammonia pro-

A
duction is based on natural gas as raw material (9). In



this section the light hydrocarbon process referred to the 
natural gas feed process is shown in Figure 1.

Natural gas consisting mainly of methane, with the 
other constituents being nitrogen, carbon dioxide, higher 
hydrocarbons and sulphur Compounds, is passed through sulphur 
removal equipment to remove hydrogen sulphide and COS.
However, if the natural gas is a pipe line natural gas, 
nearly all of the sulphur has already been removed at the 
gas processing plant in the field. The sulphur free natural 
gas is then preheated and mixed with steam, then the mixture 
is passed over the reforming catalyst at high pressure and 
high temperature. Compressed air is added to the mixture 
in the later part of the reformer. The reformer exit gas 
contains carbon monoxide, hydrogen, carbon dioxide, nitrogen 
and unreacted methane and steam. This gas is then fed to 
the carbon monoxide shift converter in order to obtain more 
hydrogen. In the shift converter, carbon monoxide reacts 
with steam over iron oxide catalyst to form hydrogen and 
carbon dioxide. The mixture of gas, which is now composed 
of carbon dioxide, hydrogen, nitrogen and other impurities, 
is passed to the carbon dioxide removal unit. At the outlet 
of the carbon dioxide removal unit, the mixture is mainly . 
hydrogen, nitrogen and other impurities. The mixture then 
undergoes a final purification process and is mixed with 
partially reacted synthesis loop gas returning from the
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ammonia separation unit and fed to the ammonia converter.
In the converter, nitrogen and hydrogen partially react to 
form ammonia. The outlet gas from the converter is passed 
to an ammonia separator where ammonia is condensed but as a 
liquid and separated from the gas stream. The uncondensed, 
unreacted gas is recycled to mix with purified gas to provide 
the total converter feed. The details of these processing 
steps are given in the following paragraphs.

Desulfurizafion 
Natural gas contains from 1-15 percent by volume of 

hydrogen sulphide which can be removed by relatively simple 
scrubbing operations. In an ammonia production plant there 
are five sulphur-sensitive catalysts used, namely the pri
mary steam reforming catalyst, the secondary steam reforming 
catalyst, the low temperature shift conversion catalyst, the 
methanation (purification) catalyst and the ammonia synthe
sis catalyst. Some of these catalysts require essentially 
complete removal of sulphur compounds. Several processes 
have been developed that give this complete sulphur removal.

1. Adsorption on activated carbon.
2. Removal by chemical reaction with zinc oxide.
3. Hydrogenation to convert organic and refractory 

sulphur compounds to hydrogen sulphide, followed
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by absorption of the hydrogen sulfide in zinc oxide, 
MEA or carbonate solution.

4. Adsorption on molecular sieve.

Detailed discussion of the sulphur removal system used in 
ammonia synthesis processes is given by Habermehl and Long 
(17) and Kjeldgaard (22).

Steam Reforming 
The.sulphur free natural gas is compressed and heated 

to 1200 degrees F in the preheater and then mixed with high 
pressure steam, the steam to carbon ratio being between two 
and three (19). The mixture is then fed to the primary re
former where methane reacts with steam to form hydrogen and 
carbon oxide. The outlet gas composition from the primary 
reformer is 3-25 mole percent methane on a dry basis and is 
at a temperature of 1400-1800 degrees F and a pressure of 
350-700 psig. This effluent gas passes to the unheated, 
catalytic secondary reformer which usually operates at 
165-670 psig and at a temperature of 1600 to 1900 degrees F . 
Here, air is introduced at a temperature of 1200 degrees F 
in an amount to provide an oxygen to molar dry gas ratio of 
between 0.05 to 0.15, or enough to make the final hydrogen 
to nitrogen ratio of 3:1. The exit gas from the secondary 
reformer will contain about 0.2-0.4 percent methane, and 
will be at a temperature of between 1600 and 1900 degrees F .



The basic reactions for steam-methane reforming are 
CH4 + H20 -— ^CO + 3H2

CH4 + 2H20 --^C 0 2 + 4H2

CH4 + C02-— 2C0 + 2H2

. CH4 + 2C02— 3CO + 2H2 + H20

CH4 + 2002— — ^  4C0 + 2H20

CO + H20 ■— CO2 + H2

CH^— ^  C + 2H2

2CO -— C + CO2

CO + H2— " ^ c + H2Q

CO 2 + 2H2 t^C + 2H20

N2 + 3H2— — 2NH3

(see Reference 39).

In the absence of graphite, any two reactions of the first 
seven of those above completely describe the methane steam 
system at equilibrium. In the presence of carbon, any two 
of the first seven and any one of the last four reactions 
will fix the system at equilibrium. Carbon deposition on the 
catalyst is discussed by Atwood and Knight (4), while the 
correlation of conversion data of steam-methane reforming 
reaction at different pressures as a function of time and

(1 .1)

(1 .2)

(1.3)

(1.4)

(1.5)

(1 .6)

(1.7)

(1.8) 
(1.9)

(1.10)
(1.11)
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reaction mechanism of the reactions are given by Allen, 
Gerhard and Likins (1).

The method of calculating the exit gas composition 
from the reformer is shown in the appendix of the Catalyst 
Handbook (6), and a method for rapid calculation of gas 
yield from steam reforming is given by Stanbridge (42). The 
details of design consideration are discussed extensively by 
James and others (in 19), and Fleming (15).

Nickel has been found to be the most effective metal 
for the catalytic reforming of light hydrocarbons. Cobalt 
can be used, but it is less effective and is also more expen
sive. The precious metals Pt, Pd, Ir, Rh, Ru are more active 
than nickel on a weight basis (6), but their cost per unit 
activity are higher than nickel. Nickel is normally present 
in fresh catalyst in the form of nickel oxide, NiO, which is 
reduced to the metal in the reformer immediately before use.

The catalyst supports commonly used are calcium 
alumina silicate, calcium aluminate, and a refractory type 
material of low surface area. Calcium alumina silicate is 
not suitable for high temperature and high pressure reform
ing because of the high volatility of silica in steam. The 
effect of temperature and pressure on the volatility of 
silica is discussed by Bridger and Chin Chen (6). Ciomeans 
and Fleming (11) give a discussion of the advantages, dis
advantages , desirable characteristics, and process variables 
effecting the operation of primary reformer catalysts.
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Nickel catalysts are poisoned by sulphur, arsenic, 

halogens, phosphorus and lead. A discussion of catalyst 
poisoning is given by Bridger and Chin Chen (6).

Shift Conversion
In order to maximize the yield of hydrogen from the 

feed stock, the effluent from the reformer is passed to the 
shift converter.. In the shift converter, carbon monoxide 
reacts with steam to form hydrogen and carbon dioxide accord
ing to Equation 1.6. In order to get maximum yield, shift
conversion is divided into two parts, high temperature gas

/
shift and low temperature gas shift. The high temperature gas 
shift converter operates at 650 to 1000 degrees F, and pres
sures up to 30 atm. The exit gas, containing about three per
cent carbon monoxide on a mole basis, is passed through a heat 
exchanger and cooled to 350 to 550 degress F, the operating 
temperature of the low temperature gas shift converter. The 
effluent gas from the low temperature gas shift converter 
contains approximately 0.2 mole percent carbon monoxide (31).

The water gas shift reaction is the basic reaction in 
carbon monoxide shift conversion, i.e.,

CO + H20 — ^ C02 + H2 (1.12)

It is a simple reaction in that no change in volume occurs, 
therefore the equilibrium is not affected by changes in
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pressure, and side reactions are negligible. Two basic 
types of catalyst are used for promoting the reaction of 
carbon dioxide and steam. The high temperature catalyst 
consists of ferric oxide, Fe^Og, about 80 to 95 percent and 
approximately five to ten percent CrgOg (31) for operating 
at a temperature between 600 and 900 degrees F . This high 
temperature catalyst is usually called the iron-chrome 
catalyst. The low temperature catalyst consists of copper 
oxide, zinc oxide and alumina, and is for an operating tem
perature in the range of 400 to 500 degrees F (11).

The detailed consideration of shift converter de
sign, derivation of kinetic rate equations, and plant and 
equipment descriptions are given by Borgars and Campbell (5).

Carbon Dioxide Removal 
. Carbon dioxide must be removed from the synthesis 

gas because it poisons the ammonia synthesis catalyst.
Carbon dioxide must be reduced to a few parts per million, 
preferably less than five to ten ppm by volume (43).

Major carbon dioxide removal processes are based on
the absorption in a solvent either by chemical absorption 
or physical absorption, or both. In chemical absorption 
the removal of carbon dioxide depends on its acidic char
acter . Carbon dioxide tends to form carbonates with a sol
vent such as water and amine solution.
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C02 + H20 ---^ H 2C03 (water) (1.13) '

RNH2 + H2C03--- t=-(RNH2) 2C03 (amine solution)
(1.14)

The carbonate will, decompose on heating to carbon dioxide 
and the original solution (4 5 ). The physical absorption of 
carbon dioxide is based on the character of the absorbent 
that will absorb carbon dioxide without chemical reaction.

The details of selection criteria for carbon dioxide 
removal are given by Thirkell (45) and Strelzoff (43).

Final Purification 
Before synthesis gas is sent to the ammonia Convert- 

ter, the impurities, which are carbon oxides, methane and 
steam, must be reduced to acceptable levels. Again, this is 
to prevent catalyst poisoning in the synthesis step. The 
carbon dioxide and carbon monoxide must be reduced to a 
total of less than 15 parts per million. There are three 
major processes of final purification: 1) copper liquor 
scrubbing, 2) methanation, and 3) cryogenic scrubbing.

In copper liquor scrubbing, the scrubbing solvent 
contains both a cupric and a cuprous amrnonical salt of acid, 
A, such as formic, acetic or carbonic, plus an excess of 
ammonia. , The main reactions are:

Cu(NH3)2A + CO + nh4oh ^Cu(NH3)3A-CO + h2o

(1.15)
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2NH40H + C02— -- ^(NH4)2C03 + H20 (1.16)

The absorption is under high pressure and low temperature 
(32 degrees F), and the regeneration is done by heating the 
solvent to about 175 degrees.F. This process is more ex
pensive than the others, but it has the advantage that it 
removes carbon monoxide from the system rather than convert
ing it to methane as in the methanation process. The details 
of this process are given by Kohl and Riesenfeld (23) and 
Allgood (3).

Methanation is catalytic conversion of hydrogen and 
carbon monoxide to methane and steam by the reaction:

3H2 + CO  ^ C H 4 + H20 (1.17)

Carbon dioxide also reacts with hydrogen to produce methane 
and steam, but it reacts at a much slower rate. Also, any 
oxygen which may be present in the synthesis gas will react 
with hydrogen to produce steam. These reactions are:

C02 + 4H2--s- CH4 + 2H20 (1.18)

2H2 + 02 --=~2H20 (1.19)

Note that hydrogen is consumed in all these reactions thus
reducing that available for synthesis of ammonia, The de
sign and operation of methanators is given by Allen and Yen . 
(2) and the application of methanation is given by .
Phillips (34).
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Cryogenic scrubbing operating at 80-90 degrees K 

gives the most complete purification of any process used, not 
only is the carbon monoxide removed but methane, carbon di
oxide, steam and argon as well. A liquid nitrogen wash is 
the most widely used process. The use of liquid nitrogen 
indicates that an air separation plant must exist near the 
ammonia plant. The process is discussed in detail by Fabian 
and Foerg (14).

Compression
Ammonia synthesis is a high pressure process. The 

low pressure synthesis gas from the final purification 
process must be compressed before entering the ammonia syn
thesis system. Reciprocating compressors are normally used 
in small capacity plants, i.e., those below 600 tons per day, 
while centrifugal compressors are more favorable for higher 
capacity plants. In high capacity ammonia plants, the over
all capital cost savings when using centrifugal compressors 
are up to ten percent as compared to the use of recipro
cating compressors (14).

Ammonia Synthesis
Ammonia is produced by catalytic reaction of hydro

gen and nitrogen at elevated temperature and elevated 
pressure. Because of the incompletion of the reaction, the
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recycle process must be used. Figure 2 shows the common 
arrangement of an ammonia synthesis loop.

Synthesis gas from the compression unit is fed to 
the ammonia synthesis loop and mixed with the recompressed 
recycle gas. This gas mixture is passed, through the conver
ter; however, at the outlet of the converter, the gas con
tains not more than 25 percent ammonia. The ammonia fraction 
is separated by cooling and condensing it out from the gas 
stream in the ammonia separation unit. The uncondensed, 
unreacted hydrogen and nitrogen stream is then purged, in 
order to prevent the accumulation of impurities in the syn
thesis loop, by withdrawing a small portion of the gas from 
the system. The remaining gas is recompressed and recycled 
to mix with the synthesis gas from the primary compression 
unit. ' • -

The basic reaction of ammonia synthesis is:

N2 + 3H2 ---^ 2NH3 H500 = -26 kcal (1.20)

The equilibrium of this reaction is favored by operation at 
high pressure and low temperature. Higher conversion can be 
obtained at high pressure and low temperature. But, the 
rate of reaction increases with temperature, then the tem
perature selection must weight the two opposite factors for 
the best temperature. The catalyst used for ammonia synthe
sis is iron oxide promoted by one to four other acidic or
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alkaline oxides. The iron is magnetite, Fe^O^, although some 
catalysts have a portion of their iron oxide content as FeO. 
The catalysts can be classified on the basis of promoted 
materials (31) as:

Singly Promoted: A ^ O g

Doubly Promoted: AlgOg, KgO

Triply Promoted: AlgOg, KgO, CaO

Quadruply Promoted: AlgOg, KgO, CaO, MgO

Detailed discussions and studies are made by 
Bridger and Chin Chen (6) and by Nielsen, Kjaer and 
Hansen (30).

The kinetics of ammonia synthesis are given by
Nielsen (28), Bridger and Chin Chen (6), Nielsen et al. (30), 
Brill (8), and Carra (10).

Many designs of ammonia converters have been made, 
such as radial flow (27) , opposed flow (37), and horizontal 
flow (13). The analysis of a quench converter is given by 
Shipman and Hickman (40), while the tube type cooling 
analysis is given by Murase, Roberts and Converse (25).

The Heavy Hydrocarbon Process
Heavy hydrocarbons used in this process range from 

naphtha to fuel oil. This process starts with a partial 
oxidation step which is non-catalytic at high temperature



• 19 
and high pressure when used with high purity oxygen in the 
combusion step. Several raw gas treating techniques can be 
used and each depends on a number of factors including gas 
generation pressure, the energy balance and whether or not 
cryogenic treatment is used. There are three major al
ternatives for the raw gas treatment process.

1. 'Maximum cryogenic, treatment (Figure 3) . This 
process is usually used with a high pressure partial 
oxidation product which consists largely of hydrogen 
and carbon monoxide as well as small amounts of carbon 
dioxide, methane, nitrogen and hydrogen sulphide.
The composition of raw gas from partial oxidation 
processes are shown in.Table 1. The raw gas from the 
partial oxidation unit is passed through the carbon 
monoxide shift conversion unit which uses mostly a 
cobalt-molybdenum catalyst, then through a gas 
scrubbing unit in which hydrogen sulfide and carbon 
dioxide are removed, followed by liquid nitrogen 
scrubbing, compression and ammonia synthesis.

2. Gas generation at low pressure (Figure 4), This 
process is usually used for gas at low pressure. 
Effluent gas from the partial oxidation unit is 
passed through the first scrubbing unit for a removal 
of H 2 S and CO2 , then the carbon monoxide- shift con
verter using conventional shift catalyst, then the
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Table 1. Typical analysis of synthesis gas produced from 
various feed stocks by partial oxidation.

Constituent % by Volume, 
Heavy Oil

Dry Basis 
Naphtha

H2 46.2 51.7

CO 46.9 41.8

cb2 4.3 4.8

c h4 0.3 0.3

N2 + Argon ' 1.4 1.4

h 2s + COS ' 0.9 70 ppm

/
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second scrubbing unit which removes CC^, then to a 
nitrogen wash unit which removes all the impurities 
to trace concentrations, followed by compression and 
ammonia synthesis.

3. Using proven catalyst service (Figure 5) . The. con
ventional catalytic processes are used. The effluent 
gas from the partial oxidation unit is passed to the 
heat recovery section and then, through H^S and COS 
removal, then high and low temperature shift conver
sion, GO£ removal, methanatibn compression and 
ammonia synthesis system.

The Coal as Raw Material Process '
Solid fuels ringing from coke to anthracite, butumi- 

nous coal, lignite and peat can be gasified. Gasification 
means conversion of a solid into a combustible gas. There 
are two main gasification processes which are used in 
ammonia Synthesis gas production.

1. Lurgi gasification process (Figure 6 ). Coal can be 
gasified at about 2 0 to 30 atm using oxygen and steam 
in a fixed bed system. The raw gas from the gasi- 
fier is sent to the high temperature carbon monoxide 
gas shift converter, the output being then mixed with 
recycle gas from the liquid nitrogen scrubbing unit 
and then passed through the prewash and rectisol 
unit, the effluent gas from the rectisol unit is fed
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26
to the liquid nitrogen scrubbing unit for carbon 
monoxide and methane removal. The synthesis gas 
then passes through compression to the synthesis 
system. The condensate and bottom product from 
liquid nitrogen scrubbing is recycled through the 
steam reforming, carbon monoxide shift conversion, 
and heat recovery unit to be mixed with the effluent 
gas from the high temperature shift converter.

2. Koppers-Totzek process (Figure 7). Coal is gasified 
at high temperature and low pressure with oxygen.
The high temperature effluent gas is used for steam 
generation and then is compressed, followed by 
methanol scrubbing to remove H^S and COS, additional 
compression, then carbon monoxide shift conversion, 
methanol scrubbing for removal of carbon dioxide, 
liquid nitrogen scrubbing, compression and finally 
ammonia synthesis. In this chapter, a review was 
made of the existing ammonia synthesis processes.

From this study, it can be concluded that there is 
enough information to make the preliminary design of an 
ammonia synthesis plant which uses the coal gasification 
product as a raw material. In the next chapter, the process 
design will be made by using the information which is avail
able in the literature.
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CHAPTER 2

PROCESS DEVELOPMENT

the natural gas shortage is the main reason that is 
causing an acceleration in alternative ammonia feed stock 
studies* The tendency to a natural gas shortage in the 
United States has started from 1954 when the Supreme Court 
decided that the Federal Power Commission should regulate 
natural gas prices. The unrealistic price of natural gas, 
which was set by the Federal Power Commission, discouraged 
exploration and development of new natural gas reserves.
In 1970, the Clean Air Act forced many utilities, institu
tions and factories to switch from coal, which has a high 
sulphur content, to a low sulphur content fuel, mostly 
natural gas; then, as natural gas reserves declined, the 
demand increased dramatically. In 1970, the demand for 
natural gas was higher than supply. Ammonia producers, then, 
are showing considerable interest in alternative feed stocks, 
such as heavy fuel oil and coal (38) . Since the energy crisis, 
the petroleum product price, including heavy fuel oil, has 
increased rapidly while the coal price has increased at a 
relatively slower rate. The tendency to using coal as 
ammonia production raw material became higher because of the

28
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availability of coal gasification technology. In 1975, the ) 
Federal Power Commission approved several coal gasification 
projects for synthesis gas production for industrial purposes 
or substitute natural gas (SNG) for domestic use. Most of 
the projects used the Lurgi coal gasification process (4 4 ). 
The preliminary design of an ammonia synthesis process using 
coal gasification product as raw material is undertaken be
cause of the natural gas shortage, the high demand of ammonia 
in the southwest of the United States and the availability of 
coal in that area.

In this study, the ammonia production plant is 
treated as a subplant of the coal gasification plant, which 
supplies SNG for domestic and industrial use. The utility 
facilities such as the water treatment plant and the steam 
generation plant are centralized. The ammonia plant is 
operated on an intermediate stream of the coal gasification 
process.

The Lurgi coal gasification process is presently 
limited to non-coking coals; however, these coals are avail
able in the western United States. The process starts when 
crushed and dried coal is fed to the gasifier where gasifi- , 
cation of the coal takes place at 350 to 450 psia. Steam 
and oxygen are fed to the gasifier; however, air can be used 
instead of oxygen with the product being of lower heat 
content. Raw gas leaves the gasifier at a temperature
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between 700-1100 degrees F depending on the type of coal 
used. Crude gas is quenched in order to remove the tar and 
then fed to the shift converter. The product from the shift 
converter is passed to the wash unit in order to remove 
naphtha unsaturate hydrocarbons, carbon dioxide and hydrogen 
sulphide. The gas is then passed through the methanation 
unit in order to remove carbon monoxide and increase the 
heating value of gas. The 1000 BTU per SCF pipe line gas is 
thus obtained by removal of carbon dioxide from the exit 
gas from the methanator. The flow chart of this Lurgi 
process is shown in Figure 8 .

The raw product gas composition generated by the 
Lurgi coal gasification process is dependent on the type of 
gas which is used in the gasifier. If air is used, the raw 
gas has a low heating value approximately 108 BTU/SCF, and 
is called "low BTU gas." If oxygen is used, the raw gas has 
a higher heating value, of about 305 BTU/SCF, and is called 
"high BTU gas." In the following study, the high BTU gas 
and low BTU gas will refer to the meaning given in the early 
part of this paragraph. In some other publications, the 
classification of high BTU gas and low BTU gas are different 
from the classification used in this study. The composition 
of both kinds of gas is shown in Table 2.

Low BTU gas contains both nitrogen and hydrogen at a 
ratio 0.52 mole of hydrogen for every mole of nitrogen.
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Table 2. Lurgi gasifier raw gas compositions.

Component Composition,, mol%
Low BTU High BTU

h 2 . 19.6 2 0 . 1

CO 13.3 9.2
GO 2 13.3 14.7
H 2 0 1 0 . 1 50.2
ch4 5.5 4.7
H2s and others 0 . 6 0 . 6

COS 0 . 1 -

N2 37.5 -

Heating Value 180.0 302.0
(Dry Basis)
BTU/SCF
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The hydrogen content can be increased by using a steam re
forming process and a carbon monoxide shift conversion 
process. A rough approximation of the increase can be made 
by assuming the basic reactions of steam reforming and 
carbon monoxide shift conversion are:

CH4 + H 20  o C O  + 3H2 (2.1)

GO + H20 — H 2 * C02 (2.2)

Then, assuming that the reactions are 90-100 percent com
pleted which is the optimistic extreme case, by using the low 
BTU gas composition in Table 2, the final ratio of hydrogen 
to nitrogen is only 1.46 mole of hydrogen per mole of nitro
gen, which is not enough for ammonia synthesis gas which 
needs a hydrogen to nitrogen ratio of three to one.

High BTU gas contains 20.1 mole percent of hydrogen 
and 4.7 mole percent of methane, but contains no nitrogen.
In the production of high BTU gas, pure oxygen is used in 
the gasifier, which means that the coal gasification plant 
must contain an air separation facility. Nitrogen is the 
by-product of such an air separation plant and thus can be 
used with the hydrogen in high BTU gas to achieve the neces
sary three to one ratio of hydrogen to nitrogen. For this 
reason only high BTU gas can be used as raw material in 
ammonia production. )
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High BTU Gas Treatment Possibilities 

The purpose of raw gas treatment is to prepare a 
high purity hydrogen and nitrogen mixture at a three to one 
ratio for use in ammonia synthesis. By consideration of 
the raw gas composition, two approaches can be made in puri
fication process selection. The first approach is designed 
to maximize the hydrogen in the process gas before removal 
of undesirable components. This can be done by desulfuriza- 
tion, steam reforming, carbon monoxide shift conversion, 
carbon dioxide removal and final purification (see Figure 9). 
The second approach is to remove directly undesirable com
ponents from the process gas drawn from the exit gas of the 
carbon dioxide shift reactor in the coal gasification 
process. The process is then desulfurization, carbon dioxide 
removal and final purification as shown in Figure 10.

. In order to select the best process of the two, a
rough mass balance is made for both options under the fol
lowing assumptions.

1. Every reaction has 90-100 percent conversion.
2. The basic reaction for steam reforming is:

. CH4 + H 2 0 — ^ C O  + 3H2

3. The basic reaction for carbon monoxide shift con
version is:
CO + h2o — ^co2 + h2

4. The undesirable components can be totally removed.
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First, the mass balance is done on both alternatives. From 
flow rate and load of each unit, the cost estimation is made 
by using the cost data given by Buividas et al. (9) and 
Noyes (31). The details of the cost estimation and mass 
balance are shown in Appendix A. The result of this cost 
estimation is that the second approach, i.e., use of exit 
gas from the gasifier shift converter, is more feasible than 
the first approach. . The first approach has a higher capital 
investment and also higher operating costs. The reason for 
the higher costs of the first approach is the existence of 
the steam reformer, which has a high capital cost and high 
operating cost. Therefore, the second approach is chosen 
for this design study. The following section will therefore 
be devoted to explaining the steps in this approach.

Purification Process Selection 
From the flow chart of the coal gasification process, 

Figure 10, the carbon dioxide and hydrogen sulphide removal 
unit follows carbon monoxide shift conversion. ; This means 
the gas containing the sulphur compounds is passed through 
the shift converter. Therefore, the only possible converter 
type that can be used is a high temperature shift converter, 
because high temperature shift catalyst is not poisoned by 
sulphur compounds. The exit gas composition from such a 
converter can be calculated by using the method given by 
Borgars and Campbell (5), with the result for 806°F and
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25 atm being shown in Table 3 on a molar basis. This gas 
is passed to the carbon dioxide removal unit and subse
quently to final purification and finally ammonia synthesis.

Carbon dioxide is an undesirable constituent in syn
thesis gas because it poisons ammonia synthesis catalyst.
It is preferable to remove carbon dioxide down to less than 
5-10 ppm by volume. The most widely used methods of carbon 
dioxide removal are absorption by monoethanol amine (MEA) 
solution, absorption by hot potassium carbonate solution and 
by using a physical absorbent.

MEA is extensively.used for carbon dioxide removal. 
The absorption temperature is in the range of 80-140 degrees 
F, while regeneration Of the solution is at 215-208 degrees 
F. The usual operating.pressure is in the range of 15 to 50 
psig. Normally carbon dioxide content in the scrubbed gas 
is about 1,000 ppm at 50 psig and 500 ppm or less at a 
pressure of 250 psig and higher (18). Since the carbon 
dioxide content in MEA scrubbed gas is higher than the 
acceptable level, the final purification process must be a 
process which will remove residual GO and CO2 . The process 
that will get rid of CO and CO2 at the same time is methana- 
tion. An additional problem is that MEA undergoes irrever
sible reactions with COS and CS2 (43).

Hot potassium carbonate solution has a high capacity 
for CO2 . In modern installations, the hot potassium
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Table 3. High temperature shift converter exit gas.composi

tion at 860 F and 25 atm.

Component Composition (mole %)

H 2 27.38

CO 1.99 ‘

CH4 4.70

co2 22.40

H2S 0.43

h 2o 43.10



carbonate solution is activated by certain additives which 
make the application of this method more popular. , The 
sidely used additive processes are the Benfield process, 
the Giammarco-Vetrocoke, and the Catacarb process. The 
Benfield process operates at pressures of 294-296.5 psig and 
at temperatures of 240 degrees F . The scrubbed gas contains 
about 500 ppm of CO^. The advantages of this process are 
negligible hydrogen loss, no vapor carry over to downstream 
units, no poisons for downstream unit catalysts, and high 
purity carbon dioxide recovery. The disadvantages of this 
process are the highly corrosive solution and salt crystal 
formation when the solution is cooled. The Giammarco- 
Vetrocoke process is based on potassium carbonate solution 
activated by arsenic trioxide (AS2 O3 ) , glycerine and various 
ethanol amines which produde a higher absorption capacity 
for the solution. The operating pressure ranges from 0 psig 
to 1 1 0 0  psig with an operating temperature of 1 2 2  to 2 1 2  

degrees F. The major disadvantage of this process is the 
poisonous nature of arsenic. The Catacarb process is an 
improvement of the Benfield process due to the addition of 
certain chemicals to the carbonate solution. The absorption 
pressure ranges from 280-380 psig and regeneration pressure 
is in the range of 0 to 15 psig. The scrubbed gas usually 
contains between 300 ppm and 1500 ppm of CO2 . The advantage 
of the Catacarb process is the noncorrosive and nontoxic
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solution. One disadvantage of the hot carbonate system is 
that H 2 S can be absorbed by hot carbonate solution with the 
reaction shown by equation 2.3:

K 2 C03 + H2S — =-KHC03 + KHS (2.3)

But, the regeneration of solution is incomplete as shown by 
equation 2.4:

2KHS — ^ K 2S .+ H2S (2.4)

The physical absorption processes which are widely 
used are methanol wash and the Purisol Process. The methanol 
Wash process, under the trade name of the Rectisol process, 
uses methanol as solvent at relatively low temperatures of 
-4 to -80 degrees F and a medium pressure range of 150 psig. 
The regeneration of solvent is done by flashing or stripping. 
The treated gas will contain only 50 ppm of carbon dioxide 
and one ppm of hydrogen sulphide (12). The process is espe
cially favorable when combined with a nitrogen wash unit for 
residual carbon monoxide removal. The gas leaving the 
Rectisol unit is already dry and thus can be sent directly 
to the liquid nitrogen wash unit. The Purisol process of 
carbon dioxide removal operates at pressures in excess of 
1000 psig. The solvent used is n-methyl-2-pyrrolidone. This 
process can remove carbon dioxide down to only 1 0 0 0 - 2 0 0 0  ppm 
which is too high for ammonia synthesis gas.

From general considerations, the MEA process is not 
suitable for use in this process because the MEA solution is
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poisoned by COS, and MEA vapor is poisonous to the catalyst 
in the required methanation step. In the hot carbonate pro
cesses, the Catacarb process is the most advantageous one 
because of its nontoxic additive and noncorrosive solution. 
The Rectisol process has a great advantage in the very low 
carbon dioxide and hydrogen sulfide outlet composition. In 
addition to the very low impurity content, the Rectisol unit 
acts as a dehydration unit. Thus, the purification process 
has been reduced to two options according to the nature of 
the carbon dioxide removal step.

The first option is to remove carbon dioxide and 
hydrogen sulfide in a Rectisol unit. The gas leaving the 
Rectisol unit will consist of 60 ppm of CC^, 80.3 percent ^ , 
5 .8 percent CO and 13.8 percent CH^ (Table 4). Since 
carbon monoxide is poisonous to ammonia synthesis catalyst, 
the carbon monoxide must be removed in the final purifica
tion process. It will be better to also remove CH^ at this 
stage because even though methane is not a poison for the 
ammonia synthesis catalyst, it acts as an inert and dilutes 
the synthesis gas. If it is present in the ammonia synthe
sis loop, a purge must be used to avoid methane accumualtion. 
When methane is purged out of the synthesis loop, some hydro
gen and nitrogen are also removed with the methane and 
therefore lost to the process. Final purification by a 
liquid nitrogen wash, mentioned in the first chapter, is the
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Table 4. The composition of exit gas from CC^-removal unit.

Composition (mole %>) 
Component Rectisol Hot Carbonate

CO2 60 ppm 0.03

CO 5.8 5.8

H 2 80.3 80.3

CH4 13.8 13.8
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only method that is able to remove both carbon monoxide and 
methane at the same time.

The second option is to start with hot carbonate 
scrubbing to remove carbon dioxide, with the outlet gas com
position shown in Table 4. The carbon dioxide content is 
too high, therefore the final purification process must 
remove carbon dioxide, carbon monoxide and methane. First, 
methanation is used with the exit gas from this unit consist
ing of unreacted carbon monoxide, methane, steam, hydrogen 
and a trace of carbon dioxide. The final purification step 
must remove steam, carbon monoxide and methane. This can be 
accomplished with a liquid nitrogen wash unit. The flow 
diagrams for these options are shown in Figures 11 and 12.

The cmparisen between these options is made by con
sidering that the inlet gas has a carbon dioxide partial 
pressure of, approximately, 60-85 psig. From the loading 
curve for different absorbents, given by Strelzoff (43), 
methanol has a far higher CO2 absorbing capacity than any 
chemical absorbent. This means that the size of equipment 
using methanol as absorbent will be smaller than the equip
ment of the other option. By comparing the operating costs 
given by Eickmeyer (12) and Linde, Ranke and Jungfer (24), 
the Rectisol unit consumes slightly more power than the 
Catacarb process, but the obvious advantage of the Rectisol 
option is the elimination of the methanation unit which will
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make the capital cost of the Rectisol option less than the 
second option. In both options a liquid nitrogen wash unit 
is'used, and it can be assumed that the cost of both units 
is approximately the same. By considering all these factors, 
the Rectisol option has definite advantages over the second 
option, and therefore is the process option selected for the 
current ammonia synthesis design.

In the preceding paragraphs a rough mass balance was 
made in order to select the type of gas purification process. 
Detailed mass and energy balances are needed, however, in 
order to determine the flow rates and composition of each 
stream, and the heating and cooling loads required.

First the operating conditions for each process are 
fixed. Then, the heat and mass balance is done for the heat 
recovery unit, which recovers heat from raw gas stream from 
the coal gasification high temperature shift conversion unit. 
Since the amount of heat recovered from this unit is not 
enough to generate high pressure steam used by a steam tur
bine, the recovered heat is used to preheat the boiler feed 
water of the central steam generating plant.

The Rectisol unit consists of one heat exchanger, 
three columns and one flash drum, as shown in Figure 13.
The first column, T-l, is the carbon dioxide and hydrogen 
sulfide absorbing column, which use methanol as solvent.
The second column is the first stripping column where carbon
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, •>' dioxide and hydrogen sulfide are stripped from methanol by

nitrogen gas. On the top part of the second column is lo
cated the flash drum, D-2, where carbon dioxide is flashed 
out of the intermediate stream of absorber, T-̂ l. The third 
column is the second stripping column, where the rest of the 
carbon dioxide and hydrogen sulphide are stripped out with 
nitrogen gas. In order to make the mass balance on the 
Rectisol unit, the theoretical design of columns is made by 
using the. McCabe-Thiele method and equilibrium data of carbon 
dioxide and methanol from Strelzoff (43), thus the number of 
ideal stages vapor liquid ratio and the composition of bottom 
product can be determined. From the column conditions, the 
mass balance of the entire Rectisol unit can be made, and 
then, the heat load of the Rectisol unit heat exchanger and 
cooling load of the absorber, T-l, can be calculated.

In the nitrogen wash unit the absorption is esti
mated by using the McCabe-Thiele method to determine the 
number of ideal stages liquid-vapor ratio and the bottom 
product composition. The equilibrium data is obtained from 
Fabian and Foerg (14). The calculation is made by assuming 
that the trace methane is all scrubbed into the bottom 
product, so the ab sorption is based on the nitrogen-carbon 
monoxide equilibrium in hydrogen atmosphere, and no hydrogen 
is dissolved in the liquid nitrogen. The methane which con
densed out in the heat exchanger E-5 can be used as fuel or 
recycle back to the SNG plant.
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In the compression unit, the outlet temperature of 

the gas is estimated by using the adiabatic compression 
temperature. No intermediate heat exchanger is used because 
the feed stream is already at a low temperature, -42 de
grees F.

The mass balance for the synthesis loop is done by 
assuming that the temperature of the reactor is 500 degrees 
C (or 932 degrees F) and the synthesis pressure is variable. 
Trial balances were made between 300 atm which represents 
medium range pressure, and 140 atm which represents low 
pressure operation. By using' a method of comparison used by 
Quartulli, Flemming and Finneran (35), in which the compari
son is made on a cost and power basis, the 140 atm pressure 
is found to be more favorable. By assuming that the exit 
concentration of ammonia from the synthesis converter is 15 
mole percent and the solubility of nitrogen and hydrogen in 
liquid ammonia is given b y ,Vancini (46), the mass balance for 
the synthesis loop can be made. In the ammonia condensor 
unit, the condensing pressure is too low, approximately 135 
atm, to use water as a coolant, necessitating the use of 
nitrogen gas instead of water. By assuming that nitrogen is 
available in excess quantity, it is possible to use nitrogen 
gas from the air separation plant to cool the ammonia con
densor . The result of the heat and mass balances are shown 
in detail in the Stock table (Table 5). From the process



Table 5. Stock table.

Ho. o f  Stream 100 101 102 103 104 105 106

H i 7 ,4 4 7 . 5 8 7447.58 7 ,44 7 . 58 7 ,4 4 7 .58 7 ,44 7 . 58

CO 541.56 541.56 541.56 541.56 541.56

' c h 4 1 ,280.46 1,280.46 1 ,280.46 1,280.46 1 ,280 .46

c o 2 6 ,0 93.82 6,093.82 6 ,093.82 6,093 .82 6,093.82

H,S 109.11 109.11 109.11 109.11 109.11

HjO 11,720.58 11,720.56 42.35 t r a c e t r a c e 11,678.23 319,444.4

N,

M e O H

n h 4

T o t a l  lb mole 27,193.11 27,193 .1 15,514.88 15,480. 15,480. 11,678.23 319,444.4

T °F 860 362 100 - 1 . 7 5 -50 100 80

P A t m . *25 24 23 12 11 22 2
T7 ° k 364.06 364.06 157.59 155 155 647.3 647.3
Pc A t m . 116.72 116.72 40.34 39.6 39.58 218.2 218.2

M.W. 19.61 19.61 29.63 20 .8 20.82 18.0 18.0
W  l b / h r 533 ,354. 533,354 323,146. 322,384. 322,394. 210,208.1 5 .75x10 fc

r l b / f t * .5086 0.78377 1.68 0.754 0.773 57.14 62.22
V f t ' / h r 1 .05x106 6.8x10"* 1.923x10" 4 .275x105 4 . 17x105 3 . 6 7 9 x i 0 3 O.PSxIO4
H B T U / l b 1021.58 816.6 . 402.59 384.5 352.8 dOO 100



Table 5. Stock table. -- Continued.

No. o f  Stream 108 110 I l l 113 114 115 116

H,
CO

c h 4

C O , 2 ,5 6 5 . 9 3 ,048.74 5 ,4 3 5 .63 1 ,403.6 100.8 682.746 4 ,2 64 .5

H,S 108.37 108.4
H P

N, 852 .9

M c O H 42.94 42.94 50.4 50.4 50.4

n h 4 '

T o t a l  lb mole 2 .4 0 8 . 9 3 .0 9 1 .68 5 .5 94 .4 1.562.4 151.2 682.74 6 5 .1 1 7 . 4

T °F -5 0 -50 -50 -50 -5 0 -50 -50

P A t m . 3 11 11 3 11 3 3

Tc ° K 302.2 302.6 304.5 298.65 266.4 304.2 274.47

Pc A t m . 73.0 72.98 73.24 83.20 74.76 72.9 66.23

M.W. 43.78 43.78 43.70 41.80 40.04 44.0 41.33

W  l b / h r 1 .05x105 1.36x10tj 2 .44x10^ 6.53X104 6.05x10^ 3 . 0 0 x l 0 4 2 . I2 x105
f  l b / d * 70.625 70.615 70.79 70.34 64.65 0 .4 5 0.414

V f t ' / h r 1 .493x10v 1 .92x105 3.45X103 9 . 2 8 7 x l 0 2 93.64 6.68X104 5 . I x l O 5
H B T U / l b ,315.-9 - 9 5 ...... :. ,,95 93 98.74 318.6 300



Table 5. Stock table. -- Continued.

1 No. o f  Strearr 117 118 119 120 121 122 200

H, 7 ,44 7 . 58

CO 541.36

’ c h 4 1 ,280.46

C O , 1 .411.2 4 .2 6 4 .50 1.411.2

HjS
H jO

N, 4 .03 2 .0 8 52 ,9 4 .0 3 2 .0 852,9 4 .03 2 . 0 4 .8 84.9
M e O H

n h 4

T o t a l  lb mole 3.2 5117,4 5 .443 ,2 852.9 4032.0 4 .8 8 4 .9 9 .2 69 .4
T °F -50 -1 0 -10 -50 -50 -50 -50

P A t m . 3 1 1 3 3 3 11

Tc °K 172.3 274 .5 172.3 126.2 126.2 126.2 49.93
Pc A t m . 43.68 66.23 43.68 33.5 ' 33.5 33.5 18.75

M.W. 32.144 41.328 ' 32.144 28 .0 28.0 28.0 5.45
W  l b / h r 1 .75x105 2 . l l x l O 5 1.75x105 2 .39x10 * 1 . 13x105 1.3 5.05x10*

f  l b / f t 4 0 .329 0 .128 0 .0998 0.1045 0.1045 0.1045 0 .198
V f t 1/ h r 5 .3x10^ 1.18x10^ 1.75x10^ 2 .2 8 x 10 b 1.08x10° 1 .3x10° 2 .5 5x10*
H B T U / l b 212.5 310.85 223 .3 318.6 318.6 318.6 625.89



Table 5. Stock table. -- Continued.

' N o .  o f  St rean 201 202 203 204 205 • 206 207

H j 7 ,4 47.56 7 , 4 4 7 . 5 8 7 , 4 4 7 . 5 8 7 ,4 4 7 .58 64.83 64.83 64.83

CO 541.36 541.36 541.36 541.36 528.39 528.39 528.59

' C H , 1 ,280.46 1 ,280.46 1 ,280.46 142.23 142.23 142.23 - 142.23
C O ,

HjS

H P

H , 2 ,4 1 0 . 9 2410.9 2 , 4 1 0 . 9
M e  O H

n h 4

T o t a l  lb  mole 9 , 2 6 9 . 4 9 ,2 6 9 . 4 9 ,2 6 9 . 4 8 ..‘131 .18 3 ,1 4 6 , 3 5 3 .1 46,35 3.146.35
T °F -50 37.2 -100 -290 -300 -280 -325

P A t m . 11 '• 24 ' 24 22 22 21 8

Tc 49.93 49.93 49.93 49.93 143 143 143

Pc A t m . 18.75 18.75 18.75 18.75 78.96 78.96 78.96
M.W . 5.45 5.45 5.45 4.006 26.28 26.28 26.28
W  l b / h r 5 .0 5 x 1 0 4 5 .05x104 5 .05x  104 3.26 xio4 8 .4 3x10 ' 8 . 4 2 x 1 0 4 8 : 4 3 xIO4

P l b / f t * 0 .198 0 .353 0.612 0.654 5.572 f . 7 3 . 2 .  134

V f t ' / h r 2 . 55 x 10 5 1 .43x105 8 .2 5 x 10 4 4.98 x I O 4 1 . 5 l x 1 0 4 i . y S x i o 4 3 . 2 5 x l 0 4
H B T U / l b 625.88 629.4 , 517 ,2° 323. 14.93 20.08 12.85



Table 5. Stock table. -- Continued.

No. o f  Stream 208 220 221 300 301 302 303

H, 64.83 7 ,35 1 . 5 7 ,3 5 1 . 5 7 ,3 6 2 .82 3 0 ,1 96 .5

CO 528.39 10.7 10.7 10.7 10.7
* c h 4 ' 142,23

C O ,

HjS
H>0

N, 2 . 4 1 0 . 9 2302,58 2410.9 2 .4 50 .5 2 .45 0 .5 2453.45 10.064.69
M e  O H

n h 4 6.635 470.26 ,
T o t a l  lb mole 3 .146 ,35 2 .30 2 . 58 2 .4 1 0 . 9 9 ,8 1 2 . 2 9 .8 1 2 .2 9 , 8 3 3 . 6 40.742.2

T °F -325 - 1 1 5 .2 -3 0 1 . 6 -301 -4 2 . 2 6 9 2 .6 89

P A t m . 8 22 22 22 21 141 140

Tc " K 143 126.2 126.2 56.63 56.63 56.63 177

A t m . 78.96 33. 5 33.5 1 7 .9 9 ' 17.99 18 19

M .W . 26.8 28. 28. 8 .53 8 .5 3 8.52 8.64
W  l b / h r 8 J f 3 x i o 4 6 .4 5 x 10 4 „_6_.75x104 8 .3 6x104 8 .3 6x10 4 8 . 38x104 3 .52x10 5
f  l b / f t 1 2 .02 2.878 34.68 1.7 0.711 2.71 2.74
V f t 1/ h r 4.17X104 2 .2 4 x 1 0 4 1.95x10 5 4.92x104 1 . 17x105 3 .09x104 1.?8x105
H BTUAlb 64.22 135 12.85 179.96 313.5 477.0 462.37



Table 5. Stock table. -- Continued.

No. o f  Stream 304 305 306 307 308 309 310

Ha 2 2 ,8 33 .7 2 2 , 8 4 2 .3 2 2 ,8 42 .3 2 2 , 8 4 2 . 3 ‘ 22 ,8 33 .7 10.57 10.57
CO

' C H , •

c o . -

HjS
HP

N, 7.611 ,2 ' ] 7 .61 4 . 09 7 .61 4 . 09 7 .6 1 4 .09 7.61 1.24 • 2 .85 2.85
Me OH
NH, 463.6 5 ,374 .65 5 ,374 .65 5 ,374.65 463.63 4,91 1.02 4,911.02  ,

Total l b mole 3 0 ,9 08 .5 3 5 ,8 31 .0 35,831.01 35,831.01 30,908.57 4 ,924.44 4,924 .44

T °F 76.7= 373 310 123 0 0 0
P Atm. 134 139 138 137 135 135 4

Tc eK 37.37 209.25 209.25 209.25 37.37 404.79 404.79
Pc At m. 23.78 74.69 74.69 74.69  ' .23.78 111.03 111.03

M.W. 8 .6 ? 9.762 9.762 9.762 8.62 16.981 • 16.981
W  lb/hr 2 .6 6 x 10 5 3.498x10 3.498x10" 3.49x10"* 2.66x10"* 8 .36x104 8 .36x104

f  lb/ft* 2 .95 2.187 2.495 3.57 3.15 41.34 41.34
V ft1/hr 9 . 0 3 x l 0 4 1.6x10b 1.4x 10^ Q.Ry IO4 R. d / w i n 4 ? .0? y 103 ? .0?v10^H BTU/lb 455.2 692.38 665.9 639.7 420.5 42.9 42.9



Table 5. Stock table. -- Continued.

No. o f  Stream 311 320 321 322 400

H, 10.57
CO

• ch4
CO, ••

HjS
H jP

N, 3 5 ,7 14 .2 ! 35,714.28 35,7 14 .28

MeOH
nh4 6.635 4904.385

T o t a l  lb mole 20.055 35 ,7 14 .2 ! 35,714.28 35,7 14 .28 4904.385

T °F 0 -298 120 206 0

P Atm. 4 3 2 1 4
rc °k 249 .6 126.2 126.2 126.2 405.5
Pc Atm. 46.98 33.5 33.5 33.5 111.3

M.W. 10.58 28 28 28 17

W  lb/hr 212.28 I . O x lO 6 I . O x lO 6 I . O x lO 6 8.34x10^

f lb/ft* .....0 .12 6 0 .2 33 0.0646 0.058 41.34
V ft1/hr 1.68x10^ 4 .29x10 6 1.55x10? 1.72x10? 2.016x10^
H BTU/lb 539.17 90 198 218.57 42.9
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design, the suitable process is selected, and the mass 
balance and heat balance are done on the selected process in 
order to determine the composition and flow rate of each 
stream and the heat load of each heat exchanger. On the 
basis of this information, in the next chapter the equipment 
sizing will be done so that the rough cost estimation can be 
made.



CHAPTER 3

. EQUIPMENT DESIGN

A preliminary design is ordinarily used as a basis 
for determining whether extensive work should be done on the 
proposed process. The design is based on approximate design 
methods and provides only a rough cost estimate. If the re
sults of the preliminary design show that further work is 
justified, a detailed estimate design may then be developed. 
The preliminary design work on a process which is already in 
existence can be done by using the available data on the ex
isting process for further approximation; on the other hand, 
in a new process more details as to equipment size must be 
obtained in order to make a more reliable estimate of cost. 
Equipment design for this preliminary process evaluation in
volves determining the size of equipment in terms of such 
parameters as volume, flow per unit time, or surface area. 
The following paragraphs will do this for the major equip
ment items of the proposed ammonia from gasified coal 
process.
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Heat Exchanger 
Two types of heat exchanger are used in this process. 

One is the ordinary shell and tube type and the other is the 
plate-fin heat exchanger type used in cryogenic service.

Shell and tube heat exchanger sizing procedures are 
given in detail by Kern (20). In short, the heat load is 
computed, the flow arrangement is selected, a trial guess is 
made in selecting one heat exchanger for calculation, from 
physical properties of the heat exchanger and the condition 
of both streams, the heat transfer of both sides is calcu
lated, and then the total heat transfer coefficient is found 
from the film coefficients of both sides. From actual area 
and calculated area the fouling factor is calculated, and 
then the pressure drop for both sides is computed, if the 
fouling factor is acceptable. If the factor is not in the 
acceptable range, a new guess mus 1; be made. The film co- ' 
efficient for fluid flow inside tubes is found by using the 
appropriate Sieder-Tate correlation, i.e., for laminar flow

^  = 1.86 5 2 % - g  1/3(^)0-14 (3.1)

or for turbulent flow
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The film coefficient for shell side fluid flow is found by 
using the Colburn correlation, i.e.,

= 0.36(^S)0 -55(^-)1/3(^-)0-14 (3.3)

The pressure drop on each side is calculated for the shell 
side by

£ G g D N  ,
AP„. = ' S t (3.4)s 5.22 x 10 D SOe . s

and for the tube side by

f G^L _2
APt = -------  w --- + (3.5)

t 5.22 x 101UDeSOt v  -

Themethod of designing condensers is slightly differ
ent from the standard shell and tube beat exchanger design.
A trial and error method is used. One condenser is chosen 
and calculation is done on the chosen condenser; then, if the 
chosen condenser is not acceptable, a new condenser must be 
chosen. The detailed calculation method is given by Kern 
(20). The chosen condenser is divided into intervals accord
ing to the gas temperature. The heat load of the condenser 
is the sum of the heat load of each interval. From the heat 
load the flow rate of coolant can be determined. Mostly,
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coolant is in the tube side, and gas and condensate is in the 
shell side.- The tube side film coefficient is obtained from 
Kern (20, p . 834) . The calculation of shell side film co
efficient is more complicated, because of the changing mass 
velocity of gas. The shell side film coefficient at each 
interval is obtained from Kern (20, p. 838). From the shell 
side film coefficient, the mass diffusion coefficient (Kg) 
is calculated as a function of the log mean of the inert gas 
pressure in the interval at the condensate film temperature:'

h ( ^ ) 2/3
v  = — -------    (3.6)

C P  P g f

From the heat balance in each interval, the condensate film
temperature is calculated from Equation 3.7 by trial and
error on T : o

q -  h0 ( I g - Tc) + KGMVX(PV - Pc) -  h i o (Tc - t w)

(3.7)
When the condensate film temperature is known, the total 
heat load transfer per square foot of each is known, q .
From the heat load of the interval obtained previously and 
the total heat load per square foot, q , obtained from
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Equation 3.7, the area required for the interval can be 
found. The total calculated area of'the condenser is the 
summation of the area required for each interval. From the 
over-all heat load of the condenser and each interval's heat 
load and temperature driving force, the weighted driving 
force is obtained' The clean heat transfer coefficient can 
be calculated from the over-all heat load, area and weighted 
driving force. From the actual area of the con densor, heat 
load and temperature driving force, the actual heat trans
fer coefficient is calculated from Equation 3.8:

UD = A t  O.S)
q

The dirt factor is then calculated from Equation 3.9:

ur  - un

Ra = ~ w "  (3-9)

From the dirt factor the judgment is made to accept the heat 
exchanger or not. Pressure drop in the tube side can be 
calculated from Equation 3.5, while the shell side pressure 
drop is calculated from Equation 3.4 by using properties of 
inlet and outlet gas.

A plate fin heat exchanger sizing procedure is given 
by Kern and Krauss (21). First the heat balance is done by 
using the properties at the average temperature of the
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stream. From the heat load the size of the heat exchanger 
and type of fin is selected by estimation. By the geometri
cal data of the assumed unit, the surface area, free flow 
area and other equipment parameters can be computed. The 
thermal properties of fluid used are the properties at the 
fluid mean bulk temperature. The film coefficient of each 
side is computed from Figure 12.4-12.7 of Kern and Krauss 
(21, p. 605) which is a plot of j factor versus Reynolds 
number. The factor is defined by

h Cd 2/3
jh ~ G“cr (3‘10)p

From the film coefficient the fin and over-all surface 
efficiencies are found. The over-all heat transfer coeffi
cient is calculated from

c

From the over-all clean heat transfer coefficient the heat 
exchanger effectiveness can be found. The calculated heat 
exchanger effectiveness is then compared with the required 
heat exchanger effectiveness. The acceptable heat exchanger 
must have a heat exchanger effectiveness higher than the 
required value. The pressure drop is computed from Equation 
12.14 in Kern and Krauss (21, p. 602 ) . If the pressure drop
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is at the acceptable level, the heat exchanger is judged to 
be suitable.

In heat exchanger E-l, which has the duty of cooling 
the raw gas, the cooling medium is cooling water which will 
be used as boiler feed water. Carbon steel is used as shell 
material and also the tube material. Since the flow rate 
of both streams are high, two heat exchangers with parallel 
connections are used. In order to obtain less pressure drop 
and smallest size of heat exchanger, the one-one arrangement 
is used. In heat exchanger E-2, the water vapor in the raw 
gas is condensed out. Therefore the method of condenser 
calculation is used in design sizing. Two heat exchangers . 
with parallel connection are used, for the same reason as 
for E-l. Carbon steel shell and tubes are used for construc
tion.

In heat exchanger E-3, theplate fin type is used with 
a cross flow arrangement. In this heat exchanger, the raw 
gas from flash drum D-l is cooled down by the exit gas 
streams from T-2, T-3, D-2 and nitrogen gas. From the heat 
balance, since 87 percent of the cooling load is done by 
nitrogen gas from the air separation plant, sizing of the 
raw gas-nitrogen heat exchanger is calculated by assuming 
that the nitrogen-raw gas section is 80 percent of the sur
face area required of the heat exchanger. Since the surface 
area is varied linearly to the volume of the heat exchanger,
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then the over-all required area can be calculated as well 
as the required volume and size of the heat exchanger. The 
size of the cold box is calculated by estimating the space 
needed for heating and insulation. In heat exchangers E-4 
and E-5, in the liquid nitrogen wash unit, heat is ex
changed between process gas and the liquid bottom product 
from the liquid nitrogen wash column in E-5. In E-4, the 
feed stream is cooled by the gas from the power recovery 
turbine, and the top product of the liquid nitrogen wash 
column. The method of sizing E-4 and E-5 is described in 
the previous section. The material used to construct these 
heat exchangers is copper, because aluminum and steel can't 
be used due to the corrosion problem.

In the ammonia synthesis loop there are three heat 
exchangers, E-6, E-7 and E-8. E-6 is the first cooler for
the synthesis product from the ammonia synthesis reactor; 
the coolant is the recycle gas from the top of ammonia con
denser , E-8. E-7 is the second cooler of the synthesis
product and cools the. ammonia to its saturation temperature 
or dew point. E-8 is the ammonia condenser which uses
nitrogen gas as coolant. The heat exchanger design sheets 
are at the end of this chapter.

Column Design
In sizing the tray columns, two dimensions are needed. 

One is the column diameter and the other is the column
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height. Column diameter is estimated from flooding consider
ations by using the chart of Fair and Matthews which is pre
sented in Figure 13.21 of Van Winkle (47, p. 525). The chart

L ? P tt 0 5is a plot of a flow parameter, (— )(— ) ■ , versus a
V PL

P tt n 5capacity parameter, ILm   ---  , with tray spacing as
VJN PL - V

an additional parameter. In order to stay on the safe side, 
the maximum value of vapor density, vapor flow rate, liquid 
density and liquid flow rate are used to determine Uy^, 
vapor velocity for 100 percent of flooding, 0.8 Uy^, is 
used to calculate the active area of the column by dividing 
the total volume-trie vapor flow rate by this 80 percent 
flooding velocity. The gross area of column is equal to 125 
percent of the active area. Then, the column design diameter 
is selected to the nearest 0.5 ft of the diameter calculated 
from the gross area. The height of the columns is found by 
using the tray spacing from which Uy^ is calculated times the 
number of actual trays required and plus the height of the 
top and bottom section. The number of actual trays used is
computed from the number of theoretical trays, which has

• )been calculated in Chapter 2, divided by the over-all tray 
efficiency. In this calculation the 0 1 Connel correlation fof 
over-all tray efficiency is used. This correlation is pre
sented in Figure 6.15 of Treybal (45, p. 151).
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Four columns are sized, three in the Rectisol sec

tion and one in the liquid nitrogen wash unit. Column T-l, 
the carbon dioxide and hydrogen sulfide absorber, is sized 
by using the vapor volumetric flow rate for each section.
The top section of the column is the biggest section and.the 
lower part has a smaller diameter. Since there are only 
four trays in the lower part of the column, the upper 
column*s diameter is used throughout the column height. The 
cold nitrogen gas from heat exchanger E-3 is used to remove 
the heat of absorption, therefore a cooling coil must be 
included on each tray. In column T-2 and T-3, which act as 
the regeneration unit for the Rectisol unit, the carbon 
dioxide and hydrogen sulfide are stripped out of methanol by 
using nitrogen gas, which is assumed to be available from the 
air separation plant in excess quantity and at Very low cost. 
The height of column T-2 consists of the stripping column 
height and the height of flash drum D-2, which will be cal
culated in a later part of this chapter. In the liquid 
nitrogen wash unit, column T-4, the liquid nitrogen absorp
tion column, is sized by the same method of column T-l,
T-2, and T-3. Since the viscosity of liquid nitrogen is 
very low, in the order of 0.001 cp, an extension of the 
over-all tray efficiency chart must be made.
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Flash Drum Design 

The design criteria for the flash drum is that the 
flash drum must be able to hold the liquid quantity equal to 
the volume of liquid flow in 20 minutes. The volume of the 
liquid holding part of the drum is computed from the volu
metric flow rate of the liquid stream leaving the drum; the 
total height of the drum will be four to five feet higher 
than liquid holding part height due to the need for space 
for vapor-liquid separation.

There are three flash drums in this process. In D-2 
the drum diameter is chosen to be the same as column T-2's 
diameter because the drum is on the top of column T-2, in 
order to conserve the original design of this process. The 
other drum diameters are obtained from the lowest cost of 
drums; in this case the cost of vertical pressure vessel is 
used.

Compressor Design 
A centrifugal compressor is used in this process 

because of simplicity, maintenance free design and ability 
to handle long periods of continuous operation. The design 
procedure for centrifugal compressors is given by Neerken 
(26) for the preliminary selection of compressors, by using 
over-all polytropic head. From the suction and discharge 
conditions required and the average properties of the process 
stream, the specific heat ratio, k" = C^/Cv , the average
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compressibility, and the acoustic velocity at the inlet,
U = v/ErTg R T Z_, can be found. The head coefficient is 
found from table IV of Neerken (26, p. 87), and the poly- 
tropic efficiency, n poly, is read from Figure 4 of the same 
reference. The polytropic head is computed from

H  - (Z) To
f en -l/Ti - 1

M.w. *8 (n - D / n

and the gas horsepower from

HP(gas)poly * w Hpoly/33,000 (3.13)

From gas horse power, the total brake horse power is found 
by adding the friction horse power of the bearing and seals, 
which is Obtained from Figure 6 of Neerken (26, p. 86) 
to the gas horse power. The actual impeller tip Speed is 
computed from Equation 3.14 by assuming the number of stages, 
N /St"

'U = (3.14)
St

The resultant speed is compared to the maximum impeller tip 
speed, which is equal to 0.9 to 1.0 U . If the computed 
value is greater than the maximum allowable value, then a 
new number of stages must be assumed. Rotating speed is 
computed from

N = 299 2 rpm (3.15)
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In this design, the rpm of every compressor is fixed in 
order to use the single shaft for all compressors, so the 
impeller tip speed is computed first from Equation 3.15; 
then from Equation 3.14 the number of stages is determined.

. Four compressors are used in this process. The 
first compressor compresses gas from the Rectisol unit in
order to provide feed to the liquid nitrogen wash unit. The
second compressor is the synthesis gas compressor. In de
signing this compressor, interstage cooling heat exchangers 
are eliminated, because of the low temperature feed gas and 
because the exit gas is still at an acceptable temperature 
level. The third compressor is the recycle compressor, which 
compresses the recycle gas from the ammonia condenser which 
is then fed back to mix with the synthesis gas and fed again 
to the reactor. The last compressor is the nitrogen gas 
compressor which compresses nitrogen gas from -298 degrees F
and 3 atm to -115.2 degrees F and 22 atm in order to be used
as feed nitrogen for the synthesis gas.

Power,Recovery Turbine Design 
The potential for power recovery from liquid streams 

exists anytime a liquid flows from a high pressure source to 
one of lower pressure in such a manner that throttling to 
dissipate pressure occurs. The equipment for process re
covery usually used is an impulse turbine or a Francis 
turbine or a centrifugal pump used as a turbine. First the



volumetric flow rate and pressure head available are calcu
lated; then, from the chart given by Rex (36), an impulse 
turbine or a Francis turbine is chosen. If either an im
pulse turbine or a Francis turbine is not suitable,, the 
converted centrifugal pump must be used. The method to 
estimate the performance of a centrifugal pump acting as a 
power recovery unit is given in the Chemical Engineering 
Handbook (32, pp. 24-36 and 24-38). The relationship between 
pump and turbine are given by

The value of hydraulic efficiency, e^, is never 
known, but the value can be taken by approximation as pump 
efficiency, which is usually five to ten percent efficiency

point. By assuming the value of e^ as 80 to 75 percent, 
the total pump head, capacity and specific speed of the 
pump are determined. Then, the pump, which satisfies the 
condition required, can be used as the power recovery turbine.

H,
(3.16)

e h

(3.17)

71 st ^sp^h (3.18)

points lower than those of a pump at the best efficiency
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The converted centrifugal pump type Is thus used as a power 
recovery unit. The power recovery turbine in the liquid 
nitrogen wash unit is the converted centrifugal pump and 
connected to the liquid nitrogen pump.

Ammonia Converter Design 
The size of the ammonia synthesis reactor mainly 

depends on the catalyst volume and volume of the internal 
heat exchanger. The catalyst volume required for ammonia 
production is closely related to the radial and longitudinal 
distribution of temperature in the catalyst. Among the most 
widely used means of removing heat from the catalyst space 
is the use of a tube immersed in the catalyst through which 
the cold mixture passes, or the blowing of cold gas into the 
hottest area. Although the tube type cooling reactor, which 
uses the immersed tube in the catalyst bed, is an effective 
way to distribute reaction heat, the internal structure is 
somewhat difficult to fabricate and maintain, which becomes 
a problem when the size of the converter becomes large. The 
quench type converter, which uses the method of blowing cold 
gas into the hottest area, becomes more suitable when the 
reactor size is large. The design principle used in design
ing quench type converters is that of dividing the catalyst 
into several separate beds and cooling the gas between beds, 
and while there is no cooling within each bed, the bed is 
sized so that the temperature increase within each bed is in



an acceptable range. Mostly, maximum converter temperature
is about 950 degrees F (41). In order to calculate the
catalyst volume, the rate equation must be known. Many
types of rate equations are available for the ammonia syn-
thesis reaction, but the kinetic equation which gives a
reasonable agreement with observed rates is that of Temkin
and Pyzher (in 29), i.e.,

f3 f 2
r H 9 „ 1 NHq , ^

r = K fN (-y-^-) - K ’ (-s— — —) (3.19)
2 f/m 3 £ h2 ■

The rate equation is obtained under the assumption 
that the absorbed nitrogen is in equilibrium, at constant 
temperature, with the nitrogen fugacity, and all the chemi- 
sorbed nitrogen is immediately converted into ammonia. By 
applying the chemisorbtion rate of reaction as proportional
to the partial pressure only, the rate equation is:
. 1 ■ - - ' '

-acNo/RT -bcN0/RT
r = K fN^ e z - K' e Z . (3.20)

By assuming that the chemisorbed nitrogen is rela
tively quickly converted into ammonia, and that the ammonia 
thus formed is also relatively quickly desorbed, then the 
chemisorbed nitrogen can be taken as equal to the ammonia 
formed from it. Then, the rate equation reduces to



The second term can be approximately neglected be
cause its exponent varies little with ammonia, partial fuga-.' 
city; then the rate equation becomes simply

~efNHq
r = e (3.22)

The constants K and 3 can be found from experimenta1 
data. Mostly a plugflow reactor is used in studying the 
synthesis rate. The tests are carried out by passing the 
reactants at a constant flow rate over the catalyst, which 
is kept at constant temperature with the product obtained 
measured at the outlet. The volume of catalyst is kept con
stant , while the flow rate of each test is varied, so as to 
obtain the space velocity. By differential analysis the rate 
equation is found, and values of K and 3 are found. The 
analysis is done by plotting ammonia yield versus the inverse 
of space velocity. The derivative dx/d(l/w) is found by 
graphical differentiation. The rate of reaction is then 
calculated from

„ _ v z dx 
r 100 d(l/w) (3.23)
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The reaction rates obtained from Equation 3.23 are plotted 
against yield on semilog paper, and from the plot the value 
of constants K and g can be obtained.

From experiments done by Nielsen (28) the rate equa
tion using double promoted catalyst (K^O, A^Og) at 
degrees F and 330 atm is:

r = 0.46 x 105 e'°-254x atm/hr (3.24)

dividing the rate equation by the fugacity of nitrogen at 
experimental conditions, a more general result can be found, 
i.e. ,

r 550 fN e”0 -254x (3.25)
2

Equation 3.25 can be applied to the other synthesis pressures 
at the same temperature and for the same type of catalyst.
At 140 atm, 896 degrees F the rate equation becomes

r = 1.902 x 104 e"°-25x (3.26)

The volume of catalyst required for inlet concen
tration x^ and outlet condition of x^ is:

For plug flow reactor: Vp - dx

(3.27)
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For complete mixing: vc = ^ O O ^ lrferl x^ (3.28)

In order to determine the catalyst volume for the reactor, 
the. empirical equation given by Vaneini (46) to relate the 
volume required with the two extreme cases of reactor type

is -

vi = vp + H (Vc - vp) (3.29)

The hold-up factor, H, for plug flow is equal to zero 
and for complete mixing is equal to unity. The hold-up 
factor for industrial reactors is given by Vaneini (46) for 
ammonia synthesis reactors as H =0.1.

In designing the reactor, the catalyst bed.size and 
number are found first, and then from the arrangement of the 
reactor the length of height of the catalyst bed is deter
mined, followed by determination of the size of the total 
reactor. The volume and number of catalyst beds are de
termined by assuming the outlet concentration from the bed 
and calculating the size of the catalyst bed from Equation 
3.30, the moles of ammonia formed from Equation 3.31 and 
the temperature rise from Equation 3.32.
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0.25xe 0.25x^

V Q e
1.902 x 106 0723

0.25x i
+ 0.1 (xe - 1) e - (xi - 1)e

0.25xi (3.30)

(3.31)

rp o J ^  A. V
1 13.76 100
_ 12.95 x 10 (3.32)

The inlet temperature of every bed is assumed to be set and
controlled at 450 degrees C, and the outlet temperature is
about 500 degrees C. If the outlet temperature is higher 
than 500 degrees C, a lower outlet concentration must be 
selected for another trial. If the outlet temperature is in 
the acceptable level, further calculation is made on the 
size of flow rate of quench gas needed to cool the outlet 
gas down to 450 degrees C so that it can be fed to the next 
catalyst bed. The flow rate of quench gas is determined by 
a material and heat balance. The quence gas flow rate is 
obtained as a function of the magnitude of the feed stream to 
the first catalyst bed. The calculation for each bed is 
done by repeating the procedure mentioned until the exit 
concentration required is reached. The size of each stream 
then can be determined. In calculating the temperature rise
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in the catalyst bed, an adiabatic process is assumed and 
ideal solution of gas is assumed, the heat capacity of gas 
is assumed to be 13.76 cal/gmol K as an average value of the 
outlet and inlet streams.

In order to find the size of the reactor, the type 
of quench reactor must be chosen. Many types of quench 
reactors have been designed, such as vertical quench type 
converters and horizontal quench type converter.for a high 
capacity ammonia converter, the horizontal arrangements 
have an advantage. In field installation, a heavy high lift 
is needed for.the vertical converter, but not for the hori
zontal converter. The horizontal converters do not need a 
strong, tall supporting structure, and have more convenience 
in maintainance and catalyst loading. Therefore, due to all 
these advantages, the horizontal converter is chosen for 
this design. First, the diameter of the converter is de- 
temined; then, the. flow area and the catalyst bed cross- 
sectional area are selected.' From the cross-sectional area 
of the catalyst bed, the bed length is determined. From 
the bed length and a distance between beds of five feet and 
the distance at the head of the converter, the total length 
can be determined. The heat exchanger can then be sized by 
using the methods mentioned in the heat exchanger design 
section.

The following design sheets contain the details for 
each major piece of equipment in the plant (Figure 14).
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HEAT EXCHANGER SPSCIFICAi 
USE Heat Recovery E- 1

TON

-
Duty.BTU/hr 1.093 x 103 Outside Tube Area,ft^ ip 4 0 0

Overall Transfer Coeff.,3TU/hr-ft-F,Clean 66.4 ."
Overall Fouling Resistance,1/hf 0.016
Corrected Mean Temperature Difference,F 366.4 -

HEAT EXCHANGER CONSTRUCTION 
Style AET .Number of Shells 2
Outside Tube Area oer Shell . ft2- 6200.
Number of Passes per Shell: tube side 1 shell 1
Design Pressure, psia: tube side 80 ,shell side 430
Tube : OD. inch' 3/4 , length,ft 16 gage 20
Tube Arrangement; pitch,inch 1 . Type triangular
Shell ID , inch 48 Number of tube 1964

FLUID PROPERTIES
.

Characteristic Shell side Tube side

Fluid designation 
Flow rate, lb/hr 
Temperature,F in/out 
Density,lb/ft5 ave. 
Thermal cond.,ETU/hr-ft-F 
Viscosity, Ib/ft-hr 
Heat Capacity BTU/lb-F

100-101 
5.33 x 105. 
860/362 .

0 .646
0.045
0.032
0.41

'B.F.w-.
5.75 x 106 
190/210 .
60.22
0.391
0.75'
1.0

B.F.W.-BoilervFeed T.Vater

Figure 14. Design sheets.
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HEAT EXCHANGER SPECIFICATION
USE Heat Recovery E- 2

Duty,5TU/hr 3.037 x 10^ tOutside Tube Area,ft  ̂ 12,400
Overall Transfer Coeff.,3TU/hr-ft-F,Clean 2 1 ? _____
Overall Fouling Resistance,l/h«____________
Corrected Mean Temperature Difference,F

0.003 
11.5.

Style AEi
Outside Tube Area per Shell, ft

HEAT EXCHANGER CONSTRUCTION
________  .Number of Shells_

6200
shell 1Number of Passes per Shell: tube side 1 

Design Pressure, psia: tube side SO .shell side djo
Tube OD, inch 5/4 , length,ft
Tube Arrangement; pitch,inch ]_
Shell ID , inch______48_______

16 Gage 20
, Tyne triangular

Number of Tube 1964

FLUID PROPERTIES

Characteristic Shell side Tube side

Fluid designation 
Flow rate, lb/hr 
Temperature,F in/out 
Density, lb/fV 
Thermal cond.,BTU/hr-ft-F 
Viscosity, Ib/ft-hr 
Heat Capacity BTU/lb-F

B.F.'-V.- Boiler Feed Water

101-102

5.33 x 10 
362 _/100 

1.23 
0.0565
0.018
1.53

5-
E.F.W.

5.75 x 101
80/190  '

61.4
0.371
1.4"63
1.0

Figure 14. Design sheets--Continued.
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HEAT EXCHANGER SPECIFICATION 
USE Carbon Dioxide Removal Unit E--3

Duty,BTU/hr 2.8 x 10̂  
Required Effectiveness __ 
Calculated Effectiveness

, Heat Tran. Area,ft 40,000 
0.75_______________  "
0.98

HEAT EXCHANGER SPECIFICATION

Style Plate-ScFin ,Number of Heat Exchanger 1
Cold Side Hot Side

Number of Stack 150 151
Dimension ft x ft 4 x 5 5 x 4
Fin Types Plain Fin 15.08 Plain Fin 15.08
Height of Heat Exchanger, ft 10.6

Fluid Designation, Flowrate Temp. Density
lb/hr in/out lb/hr

117-119 1.75 x 105 -50/-10 0.214
116-118 y 2.12 x 10" -50/-10 0.271
115-120 -5.00 x 10" -50/-10 .0.277
121-122 5.00 x 10c -298/-80 0.19
105-104 5.22 x 10" -1.75/-50 0.76

F10W ARRANGEMENT

117

119

S c a l e : ? 1 ?

104

122
12a

Figure 14. Design sheets--Continued.
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HEAT EXCHANGER SPECIFICATION
USELiouid Nitrogen V/ash Unit E- '

-

Duty,ETU/hr 1,765 x 107 , Heat Tran. Area,ft^ 10,500
Required Effectiveness
x.Calculated Effectiveness .

HEAT EXCHANGER SPECIFICATION

Style Plate&Fin ,Number of Heat Exchanger 1
Cold Side Hot Side

Number of Stack 101 100
, Dimension ft x ft 4 x 3 3 x 4
Fin Types Plain Fin 15.08 Plain-Fin 15.03
Height of Heat Exchanger, ft 4.3

Fluid Designation. Flowrate 
lb/hr

Temp.
in/out

Density
lb/hr

202-203 • 5.05 x 104 37.2/-100 0.4825
321-301 , 8.36 x 1C4 -262.6/

-42.26
0.71

207-203 8.24 x 104 -325/-325 1.02 ■

FICtf ARRANGEMENT

•
4 V J

„ , 0  1 2 41* 301
Sc a l e  i— i— i------- 1

I I— ------ *%r \a

Figure 14. Design sheets--Continued.
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HEAT EXCHANGER SPECIFICATION 
USE Liquid Nitrogen Wash Unit E_ 5______

DutytETU/hr 2,73 x 10^ t Heat Tran, Area,ft^ ^570
Required Effectiveness _______________________
Calculated Effectiveness _______

HEAT EXCHANGER SPECIFICATION|_____________________________________________________________________
Style Plate&Fin_____,Number of Heat Exchanger ____ ^

Cold Side Hot Side
Number of Stack _________________________________
Dimension ft x ft 4 x "5_____   5 x 4 _____
Fin Types Plain Fin 15,09 Plain'Fin 15.03
Height of Heat Exchanger, ft 5. 5___________

Fluid Designation.
■

Flowrate 
lb/hr

Temp.
in/out

Density
lb/hr

203-204 5.05 x 104
' . -100/-290 0.645

300-321 r 8.36 x 104 -301/-262 1.2
205-206 8.24 x 104 -300/-280 48.02

ARRANGEMENT

300 — 1 1 -205

203— -*-- -w--204

c , 0 1 2 4 321 I -fc--•206
Scale  t_ i r <

Figure 14. Design sheets--Continued.
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HEAT EXCHANGER SPECIFICATION 
USE , Heat Exchanger E- 6 '

DutytSTU/hr 9.262 x 10^ .Outside Tube Area,ft^ 11,70Qe
Overall Transfer CoeffBTU/hr-ft-F,Clean 2,65______
Overall Fouling Resistance, l/hf 0.01 __________
Corrected Mean Temperature Difference,F

HEAT EXCHANGER CONSTRUCTION 
AST________  ,Number of Shells 1Style________

Outside Tube Area per Shell, ft̂ *- 11,700
Number of Passes per Shell: tube side 1 shell 1
Design Pressure, psia: tube side 50 ,shell side 2400

Tube Arrangement; Ditch,inch 1 , Tyne triangular
Shell ID . inch 66 Number of mube 3.760

FLUID PROPSRTIES

Characteristic Shell side Tube side

Fluid designation 
Flow rate, lb/hr 
Temperature,F in/out 
Density,lb/ft^
Thermal cond.,BTU/hr-ft-F 
Viscosity, Ib/ft-hr 
Heat Capacity BTU/lb-F

305-306 
3.5 x 105 ’ 
373/310 
2.341 
0.0286 
0.0127 
0.752

308-304 
2.66 x 105 
0/76.7 
3.05 
0.854 
0.0233 
0.858

Figure 14, Design sheets--Continued,
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USE "P̂ prnnlpr"
HEAT EXCHANGER SPECIFICATION

E- r r -

O 1 JL in^_»Outside Tube Area,ft2 16,700Duty,3TU/hr__
Overall Transfer Coeff. , BTU/hr-ft-F, Clean 83. 8 ^
Overall Fouling Resistance,l/h^_ 0.016
Corrected Mean Temperature Difference,F_ 261.55

Style AST
HEAT EXCHANGER CONSTRUCTION

,Number of Shells 
2Outside Tube Area per Shell, ft 16.700

1 shell 1Number of Passes per Shell: tube side_
Design Pressure, psia: tube side 50 ,shell side 2.400
Tube ‘.OD, inch 3/4 , length,ft 1 & Gage_________

, Type triangula;
Shell ID . inch 78 Number of Tube 5,30Q

FLUID PROPERTIES
•

Characteristic Shell side Tube side

Fluid designation 
Flow rate, lb/hr 
Temperature,F in/out 
Density,2b/ft 
Thermal cond.,BTU/hr-ft-F 
Viscosity, Ib/ft-hr 
Heat Capacity BTU/lb-F

306-307 
3.5 x 105 ' 
310/123 
3.0145 
0.0286 
0.0307 
2.3668

321-322 
1.0 x 106 
120/206 
0.0613 
0.85 
0.024 

-2.66

Figure 14. Design sheets--Continued.
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HEAT EXCHANGER SPECIFICATION 
USE Ammonia Condenser E-% _ . .________

DutytBTU/hr 1,06x 10° .Outside Tube Area,ft" 12.400
Overall Transfer Coeff.,3TU/hr-ft-F,Clean 52.1____
Overall Fouling Resistance, 1/h^________ 0.027 _________
Corrected Mean Temperature Difference,F_______ 153.9____

HEAT EXCHANGER CONSTRUCTION
! Style AST_____________  ,Number of Shells 2_____
| Outside Tube Area per Shell, ft^_ 6 ,200- r_____
: Number of Passes per Shell: tube side 1 shell 1
; Design Pressure, psia: tube side 50 tshell side 2 ,400 
• Tube 1 OD, inch 3/4 , length, ft 1 & 'Gage
; Tube Arrangement; pitch,inch ]_____ , Type
' Shell ID , inch______ aa________  Number of Tube 1964

FLUID PROPERTIES

Characteristic Shell side Tube side

Fluid designation 
Flow rate, lb/hr 
Temperature,? in/out 
Density,Ib/fV1 , ave. 
Thermal cond.,BTU/hr-ft-F 
Viscosity, Ib/ft-hr 
Heat Capacity BTU/lb-F

307-308&309
97,978.2 •
123/0 

3.36 (g) 
41.34 (1) 

0.026
0.027
2.5

320-321 
1,000,000. 
-298/120 1 

0.1488 
0.0067 
0.121 
0.25

Figure 14. Design s h e e t s Continued.
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COMPRESSOR SPECIFICATION

Duty Diameter,
inch

rpm Stage Hp i 
1

Recycle 10 13,500 1
i

958.2
liquid Nitrogen 21 13,500 4 8001.
Wash Unit

Synthesis 18 13.500 8 8000.
Nitrogen Gas 10 13,500 3 • 3000.
Power Recovery Tur
bine 10 13,500 3 500.
Steam Turbine Dri
ver 10,000 20,000.

500 3Q9 220 201 301

h
5 0 1  g CD 3 1 0 •

•H > pll
& O E
A o O
3 X CD O

EH o PP CD
PQ c COe Pi •H cd

cd $H 0) O
CD cd Ph
-p <D o PS CM
CO o Pk EH

rC
COcd 202

13•H
&•H

302'

304

> 303

O CD •CQ •H ftCD CO E CD0) CD O i—1Pi rC O o •ft -P >i ftEo CDcd o(D Eoo co o DP o

Figure 14. Design sheets--Continued.
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REACTOR DESIGN 
USE Ammonia Synthesis Reactor R- _ 4

No of Stream Flowrate lb/hr BTU/hr Temp.F Density lb/ft"

303
.. — -305

3.52 x 10? 
-3.52-x -1&--

360.0
692.4

39
373'

2.742 
2.187

Total

^  7 . 8 1*

3 0 53 0 3

7 9  ft 2 8 f l

REACTOR CONSTRUCTION
Style Horizontal".Quench Converter
Design-Pressure, psia: 2,203_____
Design Temp., °F : 380
Material Stainless
Shell Thickness, inch: 3_______
Operating Pressure.psia:- 2060 
Operating Temp. ,°F:______ 330
No of Bed : 3
Catalyst Volume, ft : 1700
Catalyst Type : Iro^ Oxide Promoted by KgO, AlgO^ 
Catalyst Density,lb/ftv 156.1______

i -Figure 14. Design sheets--Continued.
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FLASH DRUM SPECIFICATION
D- 1

Fluid Designation , Flow Rate , 
lb/hr

Temp., 
F *

Density,
lb/ft5

102 3.23 x 105 -1.75 0.756
103 3.22 x 105 -1.75 0.754
133 .1.00 x 105 i V

I 62.42

Type Cyclone Type , Number Used,_______2
Diameter, ft:_____10________
Height* ------ 12-----

103

102

133

10(1

Figure 14. Design sheets--Continued.
\
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FLASH DRUM SPECIFICATION
D-3.

Fluid Designation Flow Rare 
lb/hr

Temp.
F

Density,
lb/ft

310

311
400

8.36 x 10 
212.28 

8.34 x 10

0
0
0

41.34 
0.126
41.34

Type , Cyclone Type , Number Used,
Diameter,ft: 1°__________

Height , ft:___ in

311

310

4 0 0

...I+4 r
10 II

Figure 14. Design sheets--Continued.
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COLLHI DESIGN .

U S E  -Carbon Dioxide Absorb. - TzLL

; No. of Stream Flowrate lb/hr 1 Btu/lb Temp VF Densi ty,lb/ft3
104 522,584.02 352.7 -50 0.773
111 244,465.1 316.5 -50 70.795
.110 135,518.6 316.5 -50 70.615
108 105,477.8 356.0 -50 70.625
114 6,048.0 98.7 -30 64.650
200 50,540.6 625.8 -50 0.198

200

114-

108-

110

1 0 4

111

18
S t a g e

3 8

—  Column Specs --
Parameter I oo

Liquid rate lb/hr 
Vapor rate lb/hr 
Liquid density lb/ft 
Vapor density lb/ft̂

Tray diameter, ft-in. 
Tray spacing, in.
Type of tray

6,043.0
50,540:6
""64765""
.ji.jaa,

10—0 
2 4  .

Bubble c
-an

2^,465322,554
"_70.79'5 
- 0.775

10 -0  
.:"".24"' .-uoblec
— an

Figure 14. Design sheets--Continued.
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U S E  FiVRt
COLUrTI DESIGN

Strioin-? Column T--2

: No. of Stream Flowrate lb/hr Btu/1b 7c.T.p VF Densi tyjb/ft3

111 244,465.1 316.5 -50 70.795
113 67,056.8 93.0 -50 70.-338
116 211,519.2 :372.3 -50 0.414

. . _ 120 23,881.2 318.6 -50 0.1045
110 135,518.64 316.5 -50 _ 70.615
115 30,040.8 318.6 -50 0.45....
.108 105.477.82 315.87 -50 70,63____

115

110 ---

1 0 8

111

113

D - 2

B i t

-116

T - 2

14 SI a g e

2 31*

121

5f«_L_

—  Column Spgcs —
Parameter ; op

Liquid rate lb/hr 
Vapor rate lb/hr 
Liquid density lb/ft'5

244465.1
211519.2
" T0T79'5 '

Vapor density lb/ft̂  .PjTT-_
Tray diameter, ft-in. 
Tray spacing, in.
Type of tray

B.C.-Bubble Cap 
Tray

_10^0
l j s j :B.C.

Bo/

65322.4 
23381.2' 
"70-.T3"8 
"■ 0. TO 4

~To-o" 
_ *18 
B.C.

Figure 14. Design sheets--Continued.
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C O URI DESIGN
[J.SF Second Striping CQlumn T-3

No. of Stream Flowrate lb/hr
"" .

Btu/1b Temp •°F Density ,lb/ft3
117 174,988.8 237.82 -50 0.329
113 67,056.8 93.0 -50 70.338 _
114 6,048.0 98.7 -50 64.65
121 112,896.0 318.6 -50 0.1045

„, .

117

113-

114

22
Stage 2511

121

5 f tI

—  Column Specs —
Parameter

Liquid rate lb/hr 
Vapor rate lb/hr _ 
Liquid density lb/ft 
Vapor density Ib/ft̂

Tray diameter, ft-in. 
Tray spacing, in.
Type of tray

B.C.- Bubble Cap 
Travs

6.7., 05.6 .8 17A^88J 
70.558 
~0.329

—1 Qj=.Q—
.. -12-__
 SUC_

Hr 11 r.m

B048.0 .
6̂ -. 63 
* 0.104

10.-0 
— 12 
-3.C..

Figure 14. Design sheets--Corvtinued.
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U S F  Liowid
•COLUMI DESIGN

Nitrogen Wash Column ir-4

No. of Stream Flowrate lb/hr Btu/1b Temp UF Density ,lb/ft3
300 83,616.6 218.45 -301 1.7
220 64,472.2 135.0 oo1 2.878
221 67,505.2 12.85 -301.6 34.68
204 30,102.3 329.7 -290 0.618
205 82,432.3 14.92 -300 48.02

3 0 0

221

2 0 4

2 0 5

220

'oge

I S M

3 h

j--10lH-j

—— Column Specs —
Parameter [ Too „ U —i

Liquid rate lb/hr 
Vapor rate lb/hr _ 
Liquid density lb/ft 
Vapor density lb/ft-

6 7 ,5 0 5 ,2
19144.4

3 4 .6 3
J3.72

8 2 ,4 3 2 .
_30,10 2_. 

68 .03
;; c . 6 8

Tray diameter, ft-in. 
Tray spacing, in.
Type of tray

__4-.Q...... .
20
B.C.

. ...4—0. _
__ 20 ...

B.C.

B.C.- Bubble Cap 
Trays

Figure 14. Design sheets--Continued.



CHAPTER 4

ECONOMIC ANALYSIS .

An economic analysis is done in order to determine 
the feasibility of the process. First, the estimation of 
cost is done so that the approximate value of the capital 
investment and production cost will be known. A profit
ability analysis is done in order to determine the economic 
possibilities of the design. Profitability estimations are 
based on predicted value of sales revenue, capital cost and 
production cost. It is important to determine how sensitive 
the profitability estimation is to the estimated values such 
as. production .cost, capital investment, etc.

The capital investment cost is estimated by follow
ing the estimation method given by Guthrie (16), which is 
based on the module concept. The major cost elements of a 
process plant are grouped into six distinct modules, five 
direct and one indirect. An estimating module represents 
a group of cost elements having similar characteristics and 
relationships. From FOB equipment cost, which can be de
termined from the data given by Guthrie, the bare module cost 
of each item of equipment is calculated by multiplying 
equipment cost by the bare module factor, which is also

96
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given in the same reference. The bare module factor includes 
all the direct and indirect cost elements in the process 
module, and, used as a multiplier on equipment cost, it is 
a measure of the capital required to integrate single or 
multiple pieces of equipment into a particular process 
circuit. The bare module cost does not include any adjust
ment for unlisted items or insufficient scope definition 
and contractor fee. The fixed capital investment is obtained 
from the sum of bare module cost and the adjustment amount 
(contingency and fees are assumed to be 18 percent of total 
module cost). The total capital investment can then be cal
culated from the sum Of the fixed investment cost and working 
capital, which is assumed to be 20 percent of total invest
ment . The result of the capital cost estimation is shown 
in Table 6.

Production cost consists of manufacturing cost and 
general expenses. Manufacturing cost consists of raw ma
terial cost, catalyst and chemical cost, cooling water cost, 
maintenance and labor cost, overhead cost, electrical power 
and steam cost, insurance and depreciation. The cost of 
raw material, utilities and labor are shown in Table 7.
The cost of raw material is estimated from the synthetic

Ofuel from coal price (44) of $1.60/1000 ft , from coal priced 
at $4/ton. Raw gas is estimated to be $.50/1000 ft^.
General expenses consist of administrative cost,
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Table 6. Equipment cost estimation.

Equipment Cost Module 
$ Factor

Module Cost 
$

T-l Absorption Tower 
T-2 Stripping Tower 
T-3 Stripping ToWer 
D-2 Drum 
D-3 Drum 
Reactor R-l R.V.

Cat. Basket
Heat Exchanger 

E-l Heat Exchanger 
E-2 Condensor 
E-3 Heat Exchanger 
E-4 Heat Exchanger 
E-5 Heat Exchanger 
E-6 Heat Exchanger 
E-7 Heat Exchanger 
E-8 Condensor 
C-l Compressor 
C-2 Compressor 
C-3 Compressor 
Turbine and Recover 
Turbine 
E-l Pump 
P-2 Pump 
P-3 Pump 
P-4 Pump
S-l Ammonia Storage 
S-2 MeOH Storage 
Building

41,450 4.23 112,000
34,330 4.23 105,000
38,150 4.23 107,000
16,100 4.23 68,000
77,070 4.23 326,000

282,590 3.06
28,259 3.06

504,000 3.14 2,534,000
55,000 3.29 181,000
55,000 3.29 181,000
34,000 3.29 112,000
30,000 3.29 99,000

360,000 3.18 1,145,000
540,000 3.12 1,685,000
504,000 3.14 1,583,000
425,500 2.97 1,264,000
805,000 2.93 2,359,000
138,000 2.93 404,000
(Costs are included in
Compressor cost)
10,000
4,000

700
3,860 3.38 63,000261,800 2.32 607,000
2,000 1.97 4,000

17,737 1.57 28,000
134,326 1.00 2,134,000

Fixed Capital Investment
Working Capital

(20% of Total Capital Investment)
Contingency and Fees

(18% of Fixed Capital Investment)
Total Capital Investment

25.175.000
11.959.000

4,532,000

37.134.000
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Table 7. Raw material, utilities and labor cost.

Item $ Cost/Unit

Raw Gas 0.50/100 ft3

Methanol 0.50/gal

Cooling Water 0.50/1000 gal

Catalyst 700/day

Electricity 0.02/kwh

Labor 8/man hour
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distribution and selling and research and development cost. 
The general expense is approximated by using the breakdown 
of production costs in Table 25 of Peters and Timmerhaus 
(33, p. 141), and is about 30 percent of manufacturing cost. 
The sum of manufacturing cost and general expenses is pro
duction cost. From the selling price of liquid ammonia in 
1976 of $190/ton, and the production cost, the net annual 
income is calculated by using ten percent straight line de
preciation and 50 percent income tax. The result of the 
production cost estimation and profit calculation is shown 
in Table 8.

The profitability of the design is calculated by a 
simplified discounted cash flow method in order to account 
for the time value of money. The plant life is assumed to 
be ten years. Time is taken into account by using annual 
discounted cash flow. The annual discounted cash flow is 
related fo the annual cash flow by a discount factor, fd.
In this analysis, the compound interest discount factor is 
used.

(4.1)
(1 + i)n

The sum of the annual discounted cash flows is known as the 
net present value, NPV:

NPV = (Annual Discounted Cash Flow) (4.2)
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Table 8. Production cost estimation.

Item Dollar Amount

1. Manufacturing Cost:
Raw Material ($0.50/1000 ft ).
Catalyst and Chemical ($700/day)
Cooling Water ($0.50/1000 gal)
Electrical Power ($0.02/kwh)
Labor (5 men/shift > $8/man hour)
Overhead (100% of labor)
Maintenance (10% of fixed capital)
Local fax (6% of fixed capital investment) 
Insurance (10% of fixed capital investment) 
Patent and Royalties (6% of product cost) 
Depreciation (10% St. line)

2.173.000 
212,000
330.000
142.000
316.000
316.000

2.517.000
1.510.000
2.517.000
4.455.000
3.713.000

Subtotal 18,201,000

2. General Expenses:
Administrative Cost (5% of sales) 
Distribution and Sale 
Research and Development

3.000.000
3.000.000
3.000.000

Subtotal 9,000,000

Total Production Cost 27,201,000
Annual Sales ($190/ton for 330 days/yr 

@ 1000 ton/day) 62,700,000
Taxable Income 35,499,000
Tax (50%) 17,749,000
Net Annual Income 17,749,000
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The discounted cash flow rate of return, DCRR, is defined as 
the interest rate which gives NPV equal to zero. The re
sult of profitability analysis of this design is a DCRR 
approximately equal of 47 percent. The result of cash flow 
analysis is shown in Figure 14 and in Appendix B .

The sensitivity analysis of the proj ect profitability 
is done in order to determine how sensitive a profitability 
estimate is to possible errors in cost estimation. One im
portant factor of process is the cost of raw material. 
Analysis is done for 100 percent increase of raw material 
cost and the result is that the Value of the DCRR changes 
from 47 percent to 40 percent; the effect on profitability 
is shown in Figure 15 for a 20 percent interest case. Fur-. 
ther analysis is done on the error in prediction of produc
tion cost and sales income. If the actual sales income is 
15 percent lower than the predicted value, the DCRR will 
decrease from 47 percent to approximately 38 percent. If the 
actual production cost is 20 percent higher than the pre
dicted value, the DCRR will drop from 47 percent to 37 
percent. If the actual sales are ten percent lower than the 
prediction and the production cost is ten percent higher 
than prediction, the DCRR will decrease from 47 percent to 
32 percent. The results for selected errors in predicting 
sales and production cost are shown in Figure 16. From 
sensitivity analysis it can be shown that the profitability
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Figure 15. Net present value at different interest 
rates.
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16. Effect of gas raw material cost on profitability 
of project.
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of the design depends mainly on sales prediction more than a 
dependence on the raw material cost and production cost.

The results of economic analysis shown that the 
feasibility of this plant is dependent mainly on the ammonia 
cost rather than the raw gas cost. At the present (1976) 
ammonia cost of $190/ton, the process has a very good future 
projection. As mentioned, the process feasibility is not 
greatly affected by the changing of raw gas cost. The calcu
lations show that the process still has a good future pro-

Ojection even if the raw gas Cost goes to $2 / 1 0 0 0  ft .
In this analysis, a detailed estimation of fixed 

capital cost is made; the total capital investment cost is 
found by multiplying the fixed capital cost by the multi
plication factor. As a result of this method, the total 
capital investment cost is dependent more on the selection 
of multiplication factor than on the fixed capital cost esti
mation. From Peters and Timmerhaus (33, Figure 4-2), the 
reliability of this design will fall in the range of + 2 0  

percent to + 3 0  percent, which is the acceptable range for a 
preliminary design.



CHAPTER 5

PLANT MODEL CONSTRUCTION

.From the design, a piping model is constructed, as 
it is a useful tool for more detailed design and estimation. 
The model represents all three dimensions simultaneously and 
shows the physical layout factors of the plant. The piping 
model also permits a comprehensive review of the over-all 
plant by various groups. The modifications and changes in 
design can be made on the model with less cost and time, be
fore detailed drawings are made. Another application of 
piping models are in operator training and education. For 
all the above reasons, the rough piping model is constructed.

The construction of the piping model is based on the 
plant site layout, an isometric equipment drawing, the major 
equipment sizes and the piping arrangement. The master plot 
plan for the plant is made for the processing area and 
storage area as shown in Figure 17. By using the processing 
area, the unit plot plan is made. The location of each unit 
and the location of the pipe rack is indicated in the unit 
plot plans. The space for maintenance and operation is 
considered when the unit plot plan is made. The arrangement 
of equipment is done in order that the piping layout be as

107
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short as possible and not too complicated. The total plot 
plan is shown in Figure 18. The isometric drawings are made 
in Figures 19 and 20. From the isometric drawings, the scale 
of the model is chosen, in this case 1 " =? 4* is chosen, and 
then the amount of material needed for model construction 
can be estimated. First, the base of themodel is made by 
using plexiglas mounted on a steel frame. Then, the major 
equipment items are fabricated; the size and nozzle posi
tions can be determined from the equipment design sheet and 
the isometric drawings. When all the major equipment items 
are mounted on the base according to the unit plot plan, 
the pipe connections can be made. In making pipe connec
tions , the thermal expansion and maintenance problems are a 
major consideration. The thermal stress is not calculated 
out, but the problem is to try to reduce it by not using 
straight pipe connections. After the piping layout is 
finished, a label for each pipe and piece of equipment is 
made to correspond to the process flow sheet. The model 
construction results are shown in Figures 21 and 22.

From the model, the general idea of the plant can be 
understood, and the potential problems can be seen from the 
model such as safety problems and piping problems. General
ly, the model can be used to show the general idea of the 
process and used in preparation for more detailed study of 
the process.
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Figure 20. ^ “ i^drawing of gas treatment and



Figure 21. Isometric drawing of ammonia synthesis reactor and ammonia 
condenser.



Figure 22. The model of the designed ammonia plant I.

Figure 23. The model of the designed ammonia plant II



APPENDIX A 

GAS TREATMENT PROCESS SELECTION DETAILS 

First Alternative

H23

100 Ibmole
of Raw Gas

CO

KH.
CO

DESULPHUR
IZATION

STEAM

REFORMER

CO -SHIFT

AMMONIA
SYNTHESIS
LOOP PURIFICAT 

-ION

FINAL

Composition (Ibmole)
Component

1 2 3 4

CO 9.2 9.2 -

C02 14.7 19.4 23.6 -
H20 50.2 6 oo 31.6 - '
c h 4 4.7 - - -
h 2 s 0.6 - - -

%2 20.1 38.9 48.1 A8.1
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Second Alternative
115

CO.

100 Ib-mole
of Raw Gas FINAL

CONVSRSIO
CO-SHIFT CO

SYNTHESIS
LOOP

Cornposition(lb-mole)
Comoonent

1 2 3

CO 9.2 2.0 -

(N

8 14.7 22.065 -

H20 50.2 43.289 -

c h 4 4.7 4.733 -

h 2 s 0.6 0.403 -

H-2 20.1 27.507 27.507
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Assumption:

1. Assume, the chemical reactions used have 100 per- 
cent conversion.

2. Reactions used for steam reforming and GO-shift 
conversion are:

steam reforming 

CO-shift

CH4 + 2H20

CO + h 2o

C02 + 4H20

co2 + h2

From the result of rough mass balance, the quantity 
of raw gas required for each alternative can be calculated.

For the first alternative 100.78 ton-mole/day is 
required, and for the second alternative 175.90 ton-mole/day 
is required.

Cost Estimation:
Item

Capital Investment 
Cost Breakdown Used:

Natural Gas Process: 
Steam Reformer 23 
Waste Heat 10 
CO-Shift 4
COo-removal 9 
(32.25 tOn/D) 
Methanation 3 
Ammonia syn. 51 
Capital Cost 100 

From, reference (2), 
cost of:

1,000 ton/D 
NH3 plant is 
47.0x10° $

Alternative
1st

23
10
4
8

(28.82 ton/D) 
3 

51 
99

2nd

10
12
(42.33 ton/D) 
3 

51 
76

46.53x10 35.72x10



Item Alternative
1 st 2nd

2. Operating Cost:
Natural Gas or Pipe 

Line 
Gas ($2/MBTU)
Raw Gas ($.50/MBTU)
Other operating costs

3. Comparison between Two 
Alternatives: ,

Capital Cost Diff.($) +10.8x10° 
Operating Cost 
Diff, ($/D) +819

8.946xl03
10,836x103 18.963x10
Assumed to be the same



APPENDIX B

ECONOMIC ANALYSIS DETAILS

Table B-l. •. .. Raw- Gas Cost of $0.5/1000 ft3 .

Capital Cost $: 
Production Cost $/year: 
Net Annual Income $: 
DCFRR (approx.) = 47%

37.134x10| 
27.201x10Y 
17.749x10

Year NPV/$106
1 =2 0% 1=40% 1=50%

0 -37.134 -37.134 -37.134
1 -22.34 -24.46 -25.30
2 -1 0 . 0 2 -15.40 -17.41
3 0.254 - 8.932 -12.15
4 8.813 . - 4.312 - 8.648
5 15.95 - 1 . 0 1 2 - 6.311
6 21.89 1.345 - 4.752
7 26.84 3.029 - 3.714
8 30.97 4.232 - 3.021
9 34.41 5.091 - 2.559

1 0 37.28 5.704 - 2.252

11.8
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Table B-2. Raw Gas Cost of $1/1000 f a n d  $2/1000 f .

$1.00/1000 ft3 $2.00/1000 ft
Capital Cost 37.134xl06 37.134x106
Production Cost 29.374x106 33.72x106
Net Annual Income 16.663x106 14.490x106

Year NPV/106 , i=20%
$1/1000 ft3 $2/1000 ft3

0 -37.134 -37.134
1 -23.248 -25.059
2 -11.678 -14.998
3 - 2.034 - 6.611
4 6.002 O.3 7V
5 12.699 6.200
6 . 18.279 11.053
7 22.929 15.097
8 26.805 * 18.466
9 30.034 21.275

10 32.725 23.615
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Table B-3. Actual Sales are.15% Lower than Predicted Value.

Capital Cost $ 37.134x10^
Production Cost $/year 27.201x10^
Net Annual Income $ 15.087x10^
DCFRR (approx.) = 38%

Year NPV/$106
i = 2 0% H- II 4> O

0 -37.134 -37.134
1 -24.562 -26.358
2 -14.084 -18.660
3 - 5.354 -13.162
4 . 1.922 - 9.235
5 7.985 - 6.43
6 13.038 - 4.426
7 17.248 - 2.995
8 20.757 - 1.972
9 23.681 - 1.242

1 0 26.118 -00.720
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Table B-4. Actual Production Cost is 20% Higher than Predicted.

Capital Cost $: 
Production Cost $/year: 
Net Annual Income $: 
DCFRR (approx.) -

37.134X106 
32.641xl06 
15.03xl06 
37%

Year NPV/$106
i = 2 0% i = 35%

0 -37.134 -37.134
1 -24.605 -26.001
2 -14.172 -17.754
3 - 5.474 -11.645
4 1.775 - 7.120
5 7.815 - 3.768
6 12.848 - 1.285
7 17.043 0.554
8 20.539 1.916
9 ' 23.451 2.926

1 0 25.879 3.679
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Table B-5. Combine Effect of B-3. and B-4.

Capital Cost $: 37.134xl06
Production Cost $/year: 32.641xl06
Net Annual Income $: 10.327x106
DCFRR (approx.) = 227=

Year NPV/$106
i = 357= 6̂OCNII

0 -37.134 -37.134
1 -29.484 -28.528
2 -23.818 -21.357
3 -19.621 -15.380
4 -16.521 -10.400
5 -14.208 - 6.249
6 -12.502 - 2.791
7 -11.239 0.090
8 -10.303 2.492
9 - 9.609 4.494

1 0 - 9.095 6.162



NOMENCLATURE

A = heat transfer surface corresponding to the heat
2load interval, q, ft 

Cp = heat capacity

D - diameter, ft
- impeller diameter, inch

Dg = equivalent diameter for heat transfer and pressure
, ft

Dg = shell side diameter, ft

DCFRR = discount cash flow rate of return
f = friction factor
. f^ = the compound interest discount factor

ftt = fugasity of hydrogen
2

fĵ j = fugasity of ammonia

f̂ j = fugasity of nitrogen

2G = mass velocity, lb/hr ft
G = shell side mass velocity, lb/hr ft2

123



Gt = tube side mass velocity, lb/hr ft

A
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2

g = gravitational acceleration, ft/sec
H = hold-up factor
H. - head of turbine

-

Hp = head of pump

Hpoly = polytropic head

h = heat transfer coefficient, BTU/hr ft^ °F.
hc = cold fluid heat transfer coeff., BTU/hr ft^ °F

h^ = hot fluid heat transfer coeff., BTU/hr ft^ °F

h^ = heat transfer coeff. for inside tube fluid, BTU/hr
ft2 °F

h - heat transfer coeff. for fluid outside tube,
BTU/hr ft2 °F

h^o .■ = value of hi refer to the tube outer diameter .
BTU/hr ft2 °F 

i = interest rate
= factor for heat transfer

K' = constant
2Kq = diffusion coefficient, lb mole/hr ft

k" - specific heat ratio
= diffusivity, ft2/hr

k = thermal conductivity
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£,k' = rate constant
L = tube length, ft

2L 1 = liquid mass flow rate, lb/hr ft
Mm = mean molecular weight of vapor mixture, lb/mole

M.W. - molecular weight
= molecular weight of diffusion component

N = rotating speed, rpm
NPV = net present value

- weighted surface (fin) efficiency of hot fluid

Nwc =  w e i g h t e d  surface (fin) efficiency of cold fluid

Nst = number of stage

= number of cross flow

n = number of tube pass
h =• number of year
Pc = partial pressure of vapor at condensate film tem

perature , atm 
Pv = partial pressure of vapor in gas body, atm

Pg£ = log mean pressure difference ofthe inert gas
between P^^ and T?^

APg = pressure drop shell side, psi

APt - pressure drop tube side, psi

Q = heat flow, BTU/hr
Qp . = pump capacity, ICFH



Qt = turbine capacity, ICFM
oq = heat load per unit area, BTU/hrft

= combine dirt factor, hrft^ °F/BTU

r = rate of reaction
r = ratio of compression
C

S - specific gravity
2= hot surface, ft
2- cold surface, ft ,c

T = temperature of condensation film, °F

Tg = gas temperature, °F

Tg = temperature at suction, F

tw = water temperature, °F

At = temperature defferent, °F
U ' = impeller tip speed, ft/sec
Ua = acoustic velocity, ft/sec

^VN = vapor velocity for 1 0 0 % flooding, ft/sec

U - over-all clean coefficient of heat transfer,
BTU/hrft2 I

Uq = over-all design coefficient of heat transfer,
BTU/hrft2

2V = vapor mass flow rate, lb/ft hr
V = velocity, ft/sec
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3- design catalyst volume, ft

Vp = plug flow catalyst volume, ft
— 1¥ = space velocity, sec~-

¥ = capacity, lb/hr .
X = mole fraction of NHg

= inlet concentration of NH^

Xg = outlet concentration of NHg

Z # average compressibility factor
Z = compressibility factor of suction
s

p = density, lb/ft^
3Pv = vapor density, lb/ft
3p^ = liquid density, lb/ft

a = constant
6 = constant
Y = constant
U - viscosity, lb/fthr
yw = viscosity at tube wall temperature, lb/fthr

n - efficiency, %

Tlst = specific speed of turbine

rtgp - specific speed of pump

v = fugacity coefficient
0 = shell side viscosity ratio
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Ot = turbine side viscosity ratio

A = latent heat of vaporization, BTU/lb
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