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ABSTRACT

Water scarcity is among the most serious, long-term challenges in the world. To
an ever increasing degree, sustainable water supply depends on the utilization of water of
impaired initial quality. This is particularly true in developing nations and in waterstressed areas such as the American Southwest. Water of impaired quality could be water
of high salinity such as brackish groundwater.
Traditionally, reverse osmosis (RO) would be chosen to desalinate the brackish
groundwater, since RO costs are competitive with those of thermal desalination, even for
seawater applications. However, both conventional thermal distillation and RO are
energy

intensive,

complex

processes

that

discourage

decentralized

or

rural

implementation. In addition, both technologies require enhanced expertise for operation
and maintenance, and are susceptible to scaling and fouling unless extensive feed
pretreatment is employed. Membrane distillation (MD), driven by vapor pressure
gradients, can potentially overcome many of these drawbacks. MD can operate using
low-grade, sub-boiling temperature heat sources. When it is driven by solar energy it
does not require highly concentrating collection devices, non-aqueous working fluids, or
complex temperature control systems, nor does it require extensive operational expertise.
Membrane Distillation (MD) applications, background and modeling efforts are
discussed in the first part of this dissertation. Two main studies are presented in this
document: Firstly, Sweeping Gas Membrane Distillation (SGMD) through a hollow fiber
membrane was studied both experimentally and modeled mathematically to describe
15

performance of SGMD and extend results to predict membrane module efficiency and
secondly, SGMD through a flat sheet MD module to study the effect of membrane
characteristics in combination with operational variables. A final study was conducted to
examine the effect of mesh spacer insertion in flat sheet membrane module on the
permeate water production.
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CHAPTER 1
INTRODUCTION

This dissertation studies Membrane Distillation (MD) as a potential application
for desalination of water. The studies discussed in here, examined experimentally and
theoretically the performance of SGMD through Hollow Fiber (HF) and a Flat Sheet (FS)
membrane module. An additional study is included on FS membrane module and the
effect of mesh spacers on water production. All studies use the theoretical model
developed and described in Chapter Three to predict beyond experimental results, the
influence of operational variables as well as membrane and module characteristics on
water production.
The first chapter introduces the motivation of this research and the need of
alternative technologies to treat unconventional water sources and where MD fits in as an
option. MD applications, process description, configurations, membrane modules and
theoretical approaches are discussed in detail. Chapter Two describes the objective of this
work.
Chapters Three and Four describe the work performed with MD. The study of
SGMD through a hollow fiber membrane is first studied. Experimental results study the
effect of operational variables and then were used to validate theoretical model developed
from first principles. Both experimental and predicted results are in excellent agreement.
The model was used to extend the result beyond the experimental operational variables.
17

The second part of the MD study describes SGMD through flat sheet membrane module.
In this study four different membranes are studied by both experimental and theoretical
results. Water production rate is examined based on membrane characteristics along with
operational variables. Chapter Five provides an analysis on the effect of spacer addition
in the feed and permeate channel of the flat sheet membrane module. This analysis was
conducted based on the theoretical model developed on previous chapters. Finally,
Chapter 6 provides a summary of all studies and potential future work to expand these
studies.

Water Desalination and Membrane Distillation
Water scarcity (reduction of fresh water) is becoming one of the most severe
problems all over the globe. More particularly, this phenomenon intensifies in regions
where drought is present such the American Southwest, North and Southern Africa,
Australia and the Middle East [1]. A recent estimation showed that more than one billion
people on the earth do not have the access to clean freshwater [2]. In many regions the
use of water impaired quality is no longer a choice but the only viable solution. In many
inland arid areas, water of impaired quality that can be of potential use is brackish
groundwater. Common technologies to treat water of high salinity are: either thermal
processes such as distillation or evaporation processes or, mechanical processes such as
reverse osmosis (RO), which are pressure driven. Approximately, 60% of desalination
treatments in the world are conducted with RO due to the less energy demand compared
to any thermo-mechanical processes [3]. However, RO still needs improvements in the
area of brine disposal and has room for improvement on rejection rates.
18

Among the technologies investigated is Membrane Distillation, this alternative
process can potentially address some of the issues with current desalination technologies.
Even though MD is a more energy intensive technology compared to RO, the fact that it
can operate using waste energy, such solar or wind energy, in combination with the 100%
theoretical rejection rates renders it a very attractive process.
MD is a non-isothermal, membrane-based separation process that was introduced
in the 1960’s but was not utilized for desalination until the 1980 [4, 5]. The reason for the
late use of MD processes was the limited availability of appropriate membranes and
housings for a desalination process. In the 1980s, in an effort to understand the principles
of MD, an increase of research was observed and many novel MD modules and
membrane materials were designed and put to test [6, 7]. Some advantages of MD over
other desalination processes (reverse osmosis, distillation and flash evaporation) are: (1)
high rejection rates of ions [5] (2) high quality of product water (3) water production it is
not a function of osmotic pressure (4) low operation pressures and temperatures (50 °C to
80 °C) (5) low mechanical strength demand (6) use of waste (alternative) energy (7) no
corrosion problems by using plastic equipment (8) membrane can be dried out and (9)
low use of chemicals as pre-treatment [8].

Membrane Distillation Process
In membrane distillation (MD), vapor diffuses through the porous membrane with
at least one side in direct contact with the process liquid [9, 10]. MD treatment of water
requires a gradient in the partial pressure of water vapor that is obtained by raising the
temperature of the liquid water and removing water vapor from the permeate side of the
19

membrane (Figure 1.1.). A hydrophobic porous membrane retains the feed solution via
surface tension, allowing water to cross the membrane as a vapor [11]. Membrane pore
wetting should not occur provided that the Liquid Entry Pressure (LEP) is always higher
than the applied transmembrane pressure. The LEP is a function of the pore size of the
membrane and the contact angle of the membrane material [12]. Increased of pore size

Posit

and reduced contact angle of the liquid with the membrane translate to reduced LEP [13].

Local Temperature and Partial Pressure
Figure 1.1. Mass transfer schematic for membrane distillation. The gradient in the partial
pressure of water vapor drives diffusive transport across the membrane pore. Transported
water can be recondensed in purified form or swept from the reactor to maintain the
vapor pressure differential [9].

Vapor condensation should occur only on the outside of the pore, thus only
transport of vapor should occur in the pore. Note that, as mentioned previously two of the
main advantages of MD over other desalination processes is that it operates at lower
temperatures compared to conventional distillation and under low hydrostatic pressures
compared to RO [5].
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MD Configurations
There are four distinct MD configurations based on respective methods for the
recovery of liquid water following membrane transport (Figure 1.2): direct contact MD
(DCMD), sweeping gas MD (SGMD), vacuum MD (VMD), and air gap MD (AGMD).
Both DCMD and AGMD recondense the transported water vapor locally; DCMD absorbs
the vapor into solution and AGMD utilizes a cold wall in close proximity to membrane
surface. SGMD and VMD require an external condenser. SGMD uses an air stream to
collect the vapor, whereas in VMD vapor that crosses the membrane barrier yields the
pressure differential necessary to transport water vapor from the membrane reactor to the
condenser. DCMD has been applied widely in desalination and concentration of aqueous
solutions (e.g., juice concentrates) [14], AGMD has been applied in many fields such as
food processing, desalination and removing volatile compounds from less volatile
solvents [15]. VMD is very efficient for removing volatiles from an aqueous solution [16]
and desalination [17]. Finally, SGMD has been used for volatile solute removal from
aqueous solutions as well as in desalination. [18, 19]. SGMD is the least studied MD
configuration [12].
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Figure 1.2. Membrane distillation configurations: a) Direct Contact Membrane
Distillation(DCMD) b) Air Gap Membrane Distillation (AGMD), c) Vacuum Membrane
Distillation (VMD), d) Sweep Gas Membrane Distillation (SGMD) [4].

Simplicity of configuration and high permeate production relative to the other
configurations, has made DCMD the most studied configuration [20]. The main
disadvantage for DCMD is the low thermal efficiency. Thermal efficiency is defined as
the fraction of heat energy which is only used for evaporation. Because the permeate flow
in the cooling chamber is directly contacted with the membrane, the conductive heat loss
is much higher than the other three configurations [21]. Moreover, to start the process
with DCMD, enough permeate fluid needs to be produced in advance to serve as the
carrier fluid for the vapor produced. Lastly, as the distillate vapor is mixed with the fluid
in the cooling chamber, it is difficult to sense pore wetting [20].
In AGMD the heat loss through conduction is reduced compared to DCMD due to
the lower thermal conductivity of air. However, this advantage is compromised by low
mass transfer coefficient because the stagnant air gap introduces a resistance to mass
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transfer through the air gap. Thus, in this configuration the air gap is usually the
controlling factor for the mass and heat transfers [22] and more heat energy will be used
in AGMD for water evaporation than in DCMD. Additionally, if a low temperature feed
is used as the cooling stream in this configuration, the latent heat can be recovered
through the condensation of the vapor on the cooling plate. However, AGMD typically
has a low flux, due to the low temperature difference [23] across the membrane, and
therefore larger surface areas are required.
In SGMD, the sweeping air carries the vapor on the permeate side of the
membrane to an external condenser to get the liquid product. Higher mass transfer rates
can be achieved by SGMD than AGMD due to the greater driving force originating from
the reduced vapor pressure on the permeate side of the membrane [24]. Moreover,
SGMD maintains the advantages of AGMD of reduced heat loss (compared to DCMD)
and possible energy recovery through condensation on the permeate side of the
membrane (Chapter 4). However, the external condenser and an air blower that are
needed to maintain operation of this configuration translates to higher costs [25].
Finally, in VMD, the permeate side is maintained at a lower pressure than the
atmospheric pressure through the use of a vacuum pump thus. Theoretically, this
configuration can provide the greatest driving force at the same feed temperature,
because the vapor pressure on the cold side can be reduced to almost zero. An external
condenser is required as for SGMD, if the liquid permeate is the product.
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MD Membrane Modules
MD can be employed in both Flat Sheet (FS) and Hollow Fiber (HF) membrane
configurations (Figure 1.3.). Both housing configurations have advantages and
disadvantages. HF membranes due to high fiber packing, provides a large membrane
surface area in a small footprint [9, 13] thus making this configuration more attractive for
commercial uses. Table 1.1 shows commercially available HF modules and their
specifications. In addition, HF modules are less prone to the temperature polarization [9,
26]. Temperature polarization occurs when a significant drop in temperature occurs
between the bulk brine phase and the liquid/gas interface at the membrane pore (Figure
1.1.). The result is smaller vapor pressure difference [4]. In HF, non-uniform fiber
packing in the module can result in uneven distribution of flow [27], and thus, a portion
of membrane area can become ineffective. Moreover, the complexity of the geometry and
uneven distribution of fibers renders theoretical modeling of heat and mass transfer very
difficult. However, previous study [28] developed a theoretical approach for MD using
fractal analysis. (See Chapter 4)
FS housings provide uniform distribution of flow but lack the large interfacial
area per unit volume. Lawson and Lloyd (1996) showed that flat sheet membrane
modules at various temperatures produced water fluxes up to 75 kg/ m2 h [29]. It should
be noted that commercially there is a higher variability of membrane characteristics for
flat sheet configurations than for hollow fiber membranes Table 1.2. One of the main
advantages of flat sheet versus a HF modules is they can be easily opened, replaced,
cleaned and examined compared to the HF module in which membranes are in prepacked, glued housing. Thus, this module is widely employed in laboratory experiments
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for testing operational variables and membrane characteristics [9]. In addition, in flat
sheet modules the membranes generally have lower thickness than that of hollow fiber
membranes [20], which in turn translates to lower mass transfer resistance than that of
hollow fiber membranes. Moreover, decrease of the temperature polarization can be
achieved by the use of spacers that increase turbulence and improve flow dynamics in the
feed and permeate chambers [12].

Figure 1.3. MD Modules: (a) hollow fiber and (b) Plate and frame module for flat sheet
membrane [4].

MD Membrane Materials and Characteristics
The

most

common

commercial

MD

membrane

materials

are:

poly(tetrafluoroethylene) (PTFE), poly(propylene) (PP) and poly(vinylidenefluoride)
(PVDF). Hydrophobicity is reflected in contact angle of the liquid with the membrane
material. To ensure that no pore wetting will occur, the contact angle should be greater
than 90° [30, 31]. The highest hydrophobicity is observed by PTFE (largest contact angle
with water). However, through PTFE also has the highest thermal conductivity, which
translates to higher heat transfer the membrane material and thus higher heat losses [4].
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Conversely, PVDF, has high thermal and chemical resistance and exhibits good
hydrophobicity. Tomaszewska (1996) measured the contact angle on PVDF membranes
to be 108° [31]. He et al. (2011) measured the PTFE to be 120° ± 10 [30]. Currently,
newer PVDF membranes have been manufactured that are superhydrophobic. Finally, PP
also exhibits good thermal and chemical resistance and has good hydrophobicity
approximately 120° ± 10 [9].
Advantageous properties for MD membranes [12] include: (i) High porosity.
Membranes with high porosity more area space for evaporation, and thus there is an
increase in permeate flux. (ii) At least one layer of the membrane has to be hydrophobic,
(iii) low tortuosity, since tortuosity inversely proportional to permeate flux (See Chapter
3 and 4) (iv) optimum thickness of the membrane. Increased thickness of the membrane
will increase the resistance to mass transfer as well as resistance to heat transfer through
the material (losses). (v) The thermal conductivity of the membrane material should be as
low as possible, as conductivity through the membrane material produces energy losses.
(vi) The membrane material should have high resistance to fouling. Finally, (vii) the pore
size of the membrane should be as large as possible, without reducing the LEP to an
unacceptable low level. Larger pores will provide low resistance to Knudsen diffusion
and thus higher permeate fluxes. According to He et al., (2011) optimum pore side is <
0.6 μm [30].

Mass and Heat Transfer
The driving force for MD is the difference in vapor pressures which vary super
linearly with the feed temperature [32]. Thus the permeate flux is a strong function of the
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feed temperature. Moreover, high salinity brines can reduce the vapor pressure at the
feed/membrane surface and thus decrease the permeate flux. Temperature and salinity
have the same effect for all MD configurations. More specifically, for SGMD the effect
of the sweeping air velocity has an important role on the performance of the membrane.
By increasing the air flow the heat transfer and mass transfer are enhanced, reducing the
boundary layer resistance on the permeate side [33]. Conversely, in SGMD the feed flow
rate has minimal effect on the rate of permeate production [25]. This is due to the small
mass transfer resistance on the feed liquid boundary layer compared to mass resistance on
the air side. However, in other MD configurations including VMD and DCMD, the
permeate flux increases with increased brine flow rate until mass transport limitation is
reached at high brine flow rates [24, 25]. Finally, in VMD the permeate flux is sensitive
to the permeate vacuum pressure. As the vacuum pressure increases, and an increase in
permeate production is observed [34].
Under most circumstances the rate of water production in a SGMD membrane
module is sensitive to membrane surface area, pore size and porosity of the membrane.
Hollow fiber membranes provide a larger surface area per unit of reactor volume than a
plate and frame module [35]. It is unlikely, however, that transport in the hollow fiber
module will be optimal at every location over the length of the fibers due to accumulation
of water vapor during in the sweep gas as it passes through the reactor. SGMD modules
have limited the development and application of models in desalination practice; there
have been relatively few studies in which hollow fiber membrane distillation model
predictions have been reconciled with performance data (Figure 1.4.). Zhang (2011)
focused on bundled fiber reactors for air stream dehumidification as opposed to water
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purification [36]. Despite the physical similarities, water transport from vapor to liquid is
simpler than SGMD since all water vapor transported is immediately condensed. In
SGMD, the transported water vapor can supersaturate the sweep gas, condensing into
droplets within the reactor. The problem of local condensation has been avoided in
previous studies of this kind by maintaining the sweep gas partial pressure of water in the
sweep gas below its vapor pressure [18]. In only a few MD investigations have hollow
fiber membranes been operated at ≥70°C [37-40]. In one such study, however, hollow
fiber membranes were used as heat exchangers for an absorption refrigeration system
[39], and a numerical model was developed in parallel. Conditions were assumed to be
steady and adiabatic, and mass transport across the membrane was limited primarily by
Knudsen diffusion. Water was assumed to condense outside the membrane reactor.

Figure 1.4. Number of published MD papers by December 2010 for each configuration
and modeling efforts [12].

Zhang (2011) utilized MD to dehumidify air for ventilation [36]. Heat and mass
transfer simulations in the hollow fiber membrane reactor were calibrated based on
experiments in which temperature, humidity, volumetric flow rate, pressure drop, and
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fluid density were independent variables. The effective pore diffusivity was a fitted
parameter.
Most of the laboratory studies in MD are performed through a flat sheet
membrane module, however, most of them focus on DCMD, AGMD, VMD and only
very few studies use SGMD. Khayet et al. (2012) performed both statistical and a
response surface methodology (RSM), a method which couples mathematical and
statistical techniques to modeling and optimization SGMD process [41]. However, in this
study no geometrical characteristics of the module or of spacer insertion were taken into
account. The importance of spacer filled channels in flat sheet module on water
production has been shown as it improves mass and heat transfer by increasing
turbulence and by reducing temperature polarization [42-44].
Most of the studies on theoretical models on MD incorporate computational
software and modeling tools, however, recently the most popular approach has been the
use of coupled mass and heat transfer [45].
Some of the most important parameters to be considered when developing a
theoretical model in MD are:
•

Membrane characteristics (membrane thickness, pore size, porosity and
tortuosity) many of those parameters can be obtained either from the
manufacturer or measured in the laboratory with various procedures.

•

Calculation of heat and mass transfer coefficients on the feed and permeate side,
by semi-empirical correlations (Nusselt and Sherwood numbers)

•

Calculation of thermal conductivity of the membrane material for heat transfer
determination through the membrane
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•

Incorporating geometrical characteristics of the module (proximity of fibers in
HF) and spacer, that can affect flow velocities, temperature distribution and
pressure drop in the modules

•

State appropriate realistic assumptions

•

Calculation of temperature on the membrane interface
A detailed description of the mass and heat transport mechanisms and the related

model development using experimental data for calibration of the model are described in
Chapter Three and Four: SGMD Numerical simulations of Mass and Heat Transfer a
Hollow Fiber and a Flat Sheet Module.
Table 1.1 Commercial hollow-fiber, capillary and tubular membranes commonly used in
VMD (membrane thickness (δ); internal diameter (di); mean pore size (dp); porosity (ε);
membrane permeability coefficient (Km) [17].
Trade Name

di
δ
Manufacturer Material
µm)
(µ
µm) (µ

Km

dp

ε

(µ
µm)

(%)

(s mol1/2 m-1
kg-1/2)

MD020TP2N

EnkaMycrodyn

PP

1550 5500

0.20

75

1.83

MD020CP2N

Mycrodyn

PP

800

1800

0.20

70

3.3-3.6

Accurel PP
50/200

Membrana
GmbH

PP

52.5

200

0.1

50

0.31

Accurel PP
50/280

Membrana
GmbH

PP

50

280

0.1

50

0.46-0.92

Accurel PP
150/330

Membrana
GmbH

PP

150

330

>0.20

65

1.01

Accurel PP
50/200

Membrana
GmbH

PP

52.5

200

0.1

50

0.67

30

Capillary

Membrana
GmbH

PP

510

1790

0.2

75

1.6

Celgard X20

HoechstCelanese

PP

25

400

0.030.05

3540

2.0-2.5

Accurel Q3/2

Akzo-Nobel

PP

200

600

0.2

75

4.0

Accurel V8/2

Akzo-Nobel

PP

1500 5500

0.2

75

1.7

Accurel V8/2

Akzo-Nobel

PP

1500 5500

0.20.65

75

1.15

Microza

Asahi
Chemical

PVDF

n.a

2600

0.2

n.a

0.34

Microza

Asahi
Chemical

PE

n.a

700

0.1

n.a

0.22

Table 1.2. Commercial Flat Sheet commonly used in VMD (membrane thickness (δ);
internal diameter (di); mean pore size (dp); porosity (ε); membrane permeability
coefficient (Km) [17].
Km

dp

ε

(µ
µm)

(%)

(s mol1/2 m-1 kg1/2)

125

0.22

75

14.2

PVDF

140

0.45

75

12.9

Millipore

PTFE

175

0.22

40

3.26

Fluoropore

Millipore

PTFE

175

0.22

70

4.7

K-150

Osmonics Corp

PTFE

260

0.1

75

19.63

K-200

Osmonics Corp

PTFE

n.a

0.2

75

19.76

1E-PP

Osmonics Corp

PP

n.a

0.1

75

0.58

δ
Material
(µ
µm)

Trade
Name

Manufacturer

Durapore
(GVHP)

Millipore

PVDF

Durapore
(HVHP)

Millipore

Fluoropore

31

PVDF2

Osmonics Corp

PVDF

n.a

0.2

75

10.42

PP Accurel
2E

Membrana
GmbH

PP

163

0.2

75

4.9

M1

Membrana
GmbH

PP

91

0.2

70

8.2

M2

Membrana
GmbH

PP

170

0.45

75

10.6

Westran S

Whatman,
Germany

PVDF

121

0.2

76

26.6

TF200

Gelman Inst. Co.

PTFE

60

0.2

60

14.7

Celgard
2400

HoechstCelanese

PE

25

0.02

38

1.6

32

CHAPTER 2
RESEARCH OBJECTIVE

The importance of the module and membrane configuration has been discussed in
previous section. To date, there have been relatively few coherent studies in the SGMD
reactor configuration. Furthermore, although HF and FS contactors have been utilized
before, little research has been conducted using HF and flat sheet reactors for SGMD. In
this study, both a HF membrane module and a custom made SGMD flat sheet module are
used, with multiple types of membranes with different characteristics (material, pore size,
porosity and thickness). The anticipated outcome of this study will be to establish
functional relationships between membrane characteristics and water production rate for
HF and flat sheet membrane module that can be used to predict the performance of
similar membrane types in the HF configuration. HF has larger active membrane area
over a smaller footprint thus higher production for smaller footprint if the geometry of the
contactor is altered accordingly, as suggested by previous work
Furthermore, in this study an additional objective is to conduct high temperature
(>60°C) SGMD experiments and develop a simplified mathematical model based on
those results for both HF and flat sheet configuration. Previous modeling studies exclude
a possible condensation in the membrane module, in this study it is aimed to show that
when the water vapor pressures exceeded saturation pressures near the downstream end
of the membrane distillation module, the heat/mass transfer model representing SGMD in
the HF reactor should be amended to include the effects of local condensation.
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Finally, the effects of operational variables (influent brine temperature, sweep gas
flow rate, reactor length and ionic strength) on water collection rate, temperature and
pressure drop will be measured and compared to model outputs. It is shown that both
experimental results and simulations are sensitive to different contactor geometries and
design of operational parameters.
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CHAPTER 3
SWEEPING GAS MEMBRANE DISTILLATION: NUMERICAL
SIMULATION OF MASS AND HEAT TRANSFER IN A HOLLOW
FIBER MEMBRANE MODULE

Abstract
A hollow fiber MD module was tested at various air and brine flow rates and
temperatures. A model based on heat and mass transport was developed to predict
permeate production rates. The dependence of permeate production rate on brine
temperature, air flow rate and brine flow rate was successfully simulated. Numerical
simulations support the selection of membrane characteristics and air and brine flow
conditions for optimal performance in water desalination. Condensation was predicted to
occur on the air side of the membrane due to saturation of the sweeping gas and is
accounted for in the model. In the absence of condensation, temperature profiles in the
module could not be predicted correctly. The ratio of length to diameter of the membrane
module is of particular significance as it dictates the permeation rate for a specific pore
size membrane. Small pores require higher aspect ratios than large pores to obtain the
same permeate production rate. The membrane module used in this study has an effective
pore size of 0.1 μm, which renders membrane transport the dominant source of mass
transfer resistance to through-pore water vapor transport. A module with a larger pore
size and appropriate aspect ratio should produce permeate at a significantly higher rate.
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Introduction
In membrane distillation (MD), vapor diffuses across a porous membrane with at
least one side in direct contact with the process liquid [9]. A hydrophobic membrane
retains the feed solution via surface tension [11]. Thus, MD water treatment depends on
development of a trans-membrane gradient in the partial pressure of water vapor.
There are four distinct MD configurations based on methods for recovering liquid
water following membrane transport: direct contact MD (DCMD), sweeping gas MD
(SGMD), vacuum MD (VMD), and air gap MD (AGMD). Both DCMD and AGMD
recondense water vapor locally; DCMD condenses the vapor in an aqueous liquid stream,
and AGMD utilizes a cold wall in close proximity to the membrane surface. Although
SGMD and VMD require an external condenser, the low thermal conductivity of air
versus water on the membrane permeate side reduces heat transfer relative to DCMD.
SGMD uses an air stream to collect the vapor, whereas in VMD vapor that crosses the
membrane barrier yields the pressure differential necessary to transport water vapor from
the membrane module to the condenser.
Computational complexity in modeling the performance of bundled hollow fibers
in SGMD has limited the development and application of such models in desalination
practice; there have been relatively few studies in which hollow fiber MD model
predictions have been reconciled with performance data. Zhang (2011) focused on
bundled fiber modules for air stream dehumidification as opposed to water purification
[36]. Despite the physical similarities, water transport from vapor to liquid is simpler than
SGMD since all water vapor transported is immediately condensed. In SGMD, water
vapor can be swept from the module or, if the sweep gas becomes supersaturated,
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condense into droplets within the module. Local condensation was avoided in previous
studies of this kind by maintaining the partial pressure of water in the sweep gas below its
vapor pressure [18].
In only a few MD investigations have hollow fiber membranes been operated at ≥
70 °C [37-40]. In one such study, however, hollow fiber membranes were used as a heat
exchanger for an absorption refrigeration system [38], and a numerical model was
developed in parallel. Conditions were assumed to be steady and adiabatic, and mass
transport across the membrane was limited primarily by Knudsen diffusion. Water was
assumed to condense outside the membrane module.
Zhang (2011) utilized MD to dehumidify air for ventilation [36]. Heat and mass
transfer simulations in a hollow fiber membrane module were calibrated based on
experiments in which temperature, humidity, volumetric flow rate, pressure drop, and
fluid density were independent variables. The effective membrane diffusivity was a fitted
parameter.
Objectives of this study were to conduct high temperature (> 60 °C) SGMD
experiments, as a basis for model development. Because model-derived water vapor
pressures exceeded saturation pressures within the membrane distillation module, the
heat/mass transfer model representing SGMD in the hollow fiber module included the
possibility of local condensation. A membrane distillation transport coefficient, km, was
obtained from diffusion theory, and the effects of operational variables (influent brine
temperature, sweep gas flow rate and module length) on water collection rate and
temperature distribution were model outputs. Membrane tortuosity was the lone fitted
parameter. Findings and SGMD design/operational implications are discussed.
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Materials and Methods
The laboratory scale SGMD experimental setup consisted of three fluid flow
pathways or loops: the brine/membrane loop, the sweep air path and the condenser
cooling loop (Figure 3.1). In the brine/membrane loop, brine was heated and circulated
(lumen side) through a hydrophobic porous membrane module. Vapor pressure at the
brine/air interface was manipulated by varying the influent brine temperature and ionic
strength. The membrane module was a hollow fiber Liqui-cel® Extra-Flow Contactor
(2.5-in × 8-in, polyvinylidene fluoride (PVDF), Separation Products Division, Hoechst
Celanese Corporation, Charlotte, NC, USA). Module specifications are summarized
(Table 3.1).

T

Module

T
P
T
P

T

Cold Tank

T

Condenser
Brine Tank

T

Cold Pump
T

Pump
Permeate Tank

T
P

Vacuum

Figure 3.1. Lab-scale experimental set up. Fluid flow pathways include the hightemperature brine/membrane loop (red), the sweep gas pathway (blue), and the cold water
loop (green). Condensate was collected in the permeate tank.
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Table 3.1. Membrane Module Specifications
Liqui-Cel Membrane Module
Membrane materiala [--]

PVDF

Module Inlet Diameter [cm]

1

Pore Sizea [μm]

0.1

Area shell sidea [m2]

1.4

Area lumen sidec [m2]

0.98

Fiber lengtha [m]

0.127

Fiber inner diametera [µ
µm]

230

Fiber outer diametera [µ
µm]

330

Porositya [%]

55

Number of fibersc

10,633

Thermal conductivity of PVDF λm [W/m K] a

0.18

Thermal conductivity of water vapor λv [W/m K] d 0.0263
a Manufacturer’s data
b Fitted parameter (this work)
c Calculated
d [36]
The hollow-fiber module contained about 11,000 hydrophobic bundled membrane
fibers in a cylindrical housing. The recommended maximum lumen side liquid
temperature and pressure were 70 oC, 1 bar. However, liquid temperatures up to 80 oC
were utilized without apparent damage.
Sweep air was pulled through the module (shell side) in counter-flow water/gas
operation using a vacuum pump (Gast, ShopVac, 5.0 peak hp). The water content in air
leaving the module was calculated using the rates of permeate collection and gas flow,
assuming that the condenser exit gas was saturated at the condenser temperature.
Volumetric air flow was corrected for an average relative humidity of approximately
15%, per weather reports for Tucson, Arizona. The assumption did not interfere with
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system simulations. Cold water (15 oC) was provided continuously at 1.5 L/min to the
condenser (Model # AB-404-85098, Thermal Transfer Products, interfacial area 0.57 m2).
Thermocouples were installed in the inlet and outlet of the module and condenser,
and rotameters measured flow rates in the brine and air loops. Brine flow was regulated at
the module entrance, and air flow was controlled using a bleed valve between the
permeate tank and vacuum. Pressure was measured in the air loop before and after the
module, before the condenser and after the permeate tank (Figure 3.1.).
System performance was examined as a function of brine temperature and ionic
strength, and the brine and sweep gas flow rates. Measurements included the flux and
quality of permeate and pressures/temperatures at points indicated previously. Omega
USB-4718 portable data acquisition modules were used to translate K-type thermocouple
signals. One data hub was used to monitor eight thermocouples. Velocities were
measured with flow meters, and ionic strength in the feed, and permeate quality was
monitored continuously through each with a bench-top thermal conductivity meter
(inoLab® Cond Level 2).

Modeling Approach
3.4.1. Energy and Mass Balances in Hollow Fiber Module
A finite-difference model consisting of coupled energy and mass balances was
used to simulate performance of the hollow-fiber membrane module. A fractal method
[28] was used to model heat transfer in the bundled membrane fibers. Single-fiber
representations were rejected owing to the interdependence of proximate fibers. The
following simplifications were adopted:
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•

Module performance was steady and adiabatic.

•

Axial dispersion of heat and mass was negligible.

•

Gas and liquid flows in the module were one-dimensional and laminar.

•

Pervaporation rates were small relative to the brine flow rate, so that brine flow
was independent of position in the module.

•

Water content in the inlet air stream was negligible.

3.4.2. Modeling Strategy
The strategy for simulating module performance in terms of (i) temperature
profiles and (ii) overall water production rate using the calibrated model is summarized
as follows (VBA code is presented in Appendix A):
1. Boundary values for the simulation consisted of the influent brine and dry air
molar flow rates, the influent temperatures of gas and liquid streams and an initial
(assumed) value for the exiting brine temperature (Figure 3.2.).
2. Discretized forms of mass and energy balances were applied sequentially in
sections of the counterflow module, starting at the top (exiting brine effluent and
air inlet) to calculate the local rates of transmembrane water and energy transfer,
the local gas and liquid-phase temperatures and the partial pressure of water in the
gas phase entering the next module section (Figure 3.3.).
3. The molar rate of water vapor transfer from liquid to gas (Δṅw) was calculated,
then used to calculate the partial pressure of water in the next module section.
4. The process was repeated section by section, profiling the partial pressure of
water, temperature, etc., until the partial pressure of water approached its vapor
pressure at the gas-phase temperature. Beyond that point, water vapor was
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condensed on the gas side of the membrane to maintain the local vapor pressure.
The heat of condensation contributed to energy balances in sections of the column
where condensation occurred.
Hollow Fiber Membrane
Module
ṅb,i-1 , Tb,i-1

ṅa , Ta,i-1 , ṅw,i-1 ṅc,i-1

Tb,out, qb Ta,in, qa
i=1

Δṅw,i

Δṅc,i

Qe,i

Δz

Cross section
schematic of a
randomly packed
hollow fiber module.

i-1
i

Qm,i

i+1
Qc,i

i=n

δ
ṅb,i , Tb,i

Lumen
(Brine)
Side

Shell
(air) Side

Tb,in, qb Ta,out, qa
ṅa , Ta,i , ṅw,i

ṅc,i
Hot Sweeping
Brine Gas Side

Figure 3.2. A magnified section, Δz in thickness, of a single membrane fiber/surroundings
to illustrate the basis of the local mass and energy balances. The right side dashed square
denotes the control volume for local mass balance. Δṅw,i is the molar water vapor rate of
transport through the membrane, Qm,i is the rate of energy transfer through the membrane,
Qc,i is rate at which heat is released via condensation of the water vapor on the air side,
Qe,i is the rate at which heat is lost from the liquid stream due to evaporation, Δṅc,i is the
molar water vapor condensation rate in the section, Ta is the temperature of the air, Tb is
the temperature of the brine, ṅc is the molar water condensation rate, ṅw is the molar
water rate of vapor at each section, ṅb is the molar brine rate, ṅa is the molar air rate, qa is
the volumetric flowrate of air and qb is the volumetric flowrate of the brine.

5. At the last section of the module, the calculated brine temperature was compared
to the influent brine temperature. If the difference exceeded tolerance (1% of the
measured influent brine temperature in oC), the value assumed for the exiting
brine was adjusted by 0.5 °C in the direction opposite that of the error, and the
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stepwise calculations were repeated. The procedure ended when tolerance was
satisfied.
Ta,o experimentally known
temperature and Tb,o initial guess

i=1

Calculate Pb,i-1 from Antoine
Equation and Pw,i-1 from equation (4)

Calculate Δṅw,i-1 from equation (5)

Solve equation (22) and (23) for
TI,i and Tb,i
Substitute TI,i in (27) and solve
for and calculate Ta,i
Calculate Δṅc,i
from (28)

Calculate Pw,i from equation (4)

Calculate saturation
pressure in air side Psat,i
from Antoine Equation
for Ta,i

is Pw,i > Psat,i

Yes

make Pw,i = Psat,i

No
is i = n?

No

i = i+1

Yes
Is Tb,n actual = Tb,n
calculated?

Yes

END, report results

No
Modify Tb,o

Figure 3.3. Calculation Algorithm
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During model calibration, a similar procedure was adopted, but use of a measured
outlet brine temperature made it unnecessary to assume that value.

The stepwise

calculations then produced values for both the total permeate flow and the influent brine
temperature. If these did not match measured values, the membrane tortuosity was
adjusted until agreement between predictions and measurements was reasonable. It is
emphasized that all other model parameters were obtained from manufacturer’s data or
first principles. The ability to match two sets of output data (temperature and water
production rate) using a single fitted parameter attests to the robustness of the model.
In material that follows, the model is described in detail, beginning with
component mass and energy balances (Figure 3.2). Figure 3.3 represents the solution
algorithm.
Control volumes for mass and energy balances consisted of finite sections through
either the liquid or the gas phase contents of the module. Losses (energy or mass) from
the liquid side of the membrane were recovered on the gas side—for mass either as water
vapor or, when saturation levels were reached, as recondensed liquid water.
Single section mass balance. At each section i, mass balances in the gas-side
control volume are described by the following equations:
nw,i +∆nc,i =nw,i-1 +∆nw,i
na =

Ptot
q
RTa a

nc,i =nc,i-1 +∆nc,i

(1)
(2)
(3)

where ṅw,i and ṅw,i-1 (mol/min) are the molar water vapor transport rates at the exit
and the entrance of section i, respectively, Δṅw,i (mol/min) is the molar water vapor rate
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of transport across the membrane, Δṅc,i (mol/min) is the molar water vapor condensation
rate in the section, ṅa (mol/min) is the dry air molar transport rate and qa (m3/min) is the
air flow rate of the sweeping gas. (Progression of the numerical simulation moves from
brine outlet to brine inlet.) Values for the gas flow rate (qa), temperature (Ta) in K and
pressure (Ptot) in kPa were measured at the exit of the permeate tank. Finally, ṅc,i and ṅci-1
(mol/min) are the molar water vapor condensation rates at the exit and the entrance of the
section i, respectively.
When the air stream was saturated with water vapor, water added to the section
due to transport across the membrane was partially recondensed in order to maintain the
partial pressure of gas-phase water (Pw,i) at its vapor pressure. For this, an iterative
procedure was required inasmuch as the water condensed had an appreciable effect on the
local gas-phase temperature and therefore the local vapor pressure. The partial pressure
of water vapor in the gas phase, Pw,i, (atm) is equal to:
Pw,i =

nw,i
P
na +nw,i tot

(4)

where the inlet molar flow of air ṅa (Figure 3.2) is a constant at each stage of the
module and was calculated from the ideal gas law.
At each section i, the transport of water vapor to the gas side was described by:
Δnw,i =Ai Ji

(5)

where Ai (m2) is the inner interfacial surface area of the section, and the transmembrane flux of water vapor through membrane pores was represented by Ji (mol/m2
min), where
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Ji =

ktot
P -P
RT b,i w,i

(6)

Here ktot (m/s) is the overall mass transfer coefficient of water vapor, R is the gas
law constant (8.205 × 10-5 m3 atm/ K mol), T (K) is the interfacial brine temperature at
the pore, Pb,i (atm) is the vapor pressure calculated from Antoine’s equation using the
local interfacial temperature at the membrane pore (discussed later in the single section
energy balance), and Pw,i (atm) is the product of the mole fraction of water vapor in the
sweep gas and the total pressure from equation (4). A resistance model (Figure 3.4)
illustrates the method of calculation of ktot.

Figure 3.4. Resistances to trans-membrane mass transport of water vapor during SGMD.
Since brine is in direct contact with the lumen side of the membrane, the water transport
resistance does not exist and the contribution of advective flow to transport was found to
be negligible [37].

The following simplifications to the resistance model were made. The resistance
to water transport on the brine side of the membrane was neglected since variations in
water concentration on the brine side are negligible (effects of concentration polarization
were determined be negligible). The contribution of viscous transport through the
membrane pores to transport was insignificant (verified by calculation—not shown)
compared to the other transport mechanisms. The overall mass transfer resistance Rtot and
coefficient ktot from the brine side to the air side can be obtained from [46]
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Rtot =

1
1
=Rm +Ra = Rm +
ktot
k

(7)

where Rm is the resistance to water vapor transport through the membrane, Ra is
the resistance to mass transport in the air-side boundary layer, and ka (m/s) is the mass
transfer coefficient on the air side of the membrane. Rm can be calculated from
Rm =RKn +Rmol

(8)

and is given by [46] as
Rm =

dinner
d
ln outer d
inner
2 Deff

(9)

where douter (m) is the outer diameter of the hollow fiber membrane, dinner (m) is
the inner diameter of the hollow fiber membrane and Deff (m2/s) is the effective
diffusivity of water vapor in the membrane.
The effective diffusivity, Deff, in a porous membrane is proportional to ε, the
membrane porosity, and inversely proportional to τ, the effective tortuosity of pathways
through the membrane,
ε
Deff = D
τ

(10)

Porosity was obtained from membrane specifications, and tortuosity was the only
adjustable parameter of the present model.
The relative importance of molecular diffusion and Knudsen resistance to Ra is a
function of primarily the effective pore size of the membrane. That is,
1
1
1
=
+
D Dmol DKn

(11)

Dmol (m2/s) was estimated from [47]:
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Dmol =

0.926
106 Ptot

T2.5
T+245

(12)

where PT is the total local pressure (kPa) and T (K) is the temperature of the feed
side solution. DKn (m2/s) was obtained from [29].
2
8RT
DKn = rp
3
πmw

1

2

(13)

where rp is the pore radius (m), T is the temperature of the brine in the entrance of
the module (K), and mw is the molecular mass of water (kg/mol). (Values contributing to
the modeling calculations are shown in the glossary section.) At the nominal pore size of
the membrane used in these experiments (0.1 µm), both molecular and Knudsen
mechanisms affect membrane transport resistance (Figure 3.5. (a)).
Hollow fiber membrane modules contain thousands of tightly packed fibers,
greatly complicating the simulation of heat and mass transfer. A fractal analysis [48]was
utilized to calculate the resistance to mass transfer on the air (shell) side of the
membrane. Fractal theory can effectively account for the irregular distribution of the
hollow fibers in the membrane module [28]. Some preliminary concepts are required.
From [48],
douter
1=N
Dinner,m

Df

(14)

where Df is the fractal dimension of the fiber packing and describes the degree of
non-uniformity in the distribution of the fibers, Dinner,m (m) is the inner diameter of the
module and N is the number of fibers in the module. For 2-dimensional modules, Df
increases from 1 to 2 as fiber packing changes from highly irregular to highly regular. In
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this case, Df can be calculated from equation (14). For the hollow fiber module used here,
the calculated N was 10,633 fibers based on the total outer surface fiber area of
membrane present and the outer surface area of a single fiber (manufacturer’s data).
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Mol+Kn
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0
0

0.2
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0.4

(a)
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Resistance (s/m)

0.1

300
200
100
0
0

0.5
ua (m/s)

1

(b)
Figure 3.5. (a) Mass transfer resistance Rtot vs. membrane pore size at ua = 0.54 m/s, Tb
= 70°C and ub = 0.02 m/s. Vertical solid line depicts dp in bench scale experiment. (b)
Mass transfer resistance vs. sweep air velocity for dp = 0.1 μm, Tb = 70 °C and ub = 0.02
m/s. Shaded area represents the ua range used in these experiments.
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The packing density (φ) of the module, or the ratio of the total cross-sectional area
of the fibers to that of the module is given by

douter
φ=
Dinner,m

2

N

(15)

The hydrodynamic diameter of the module (shell side) is

D2inner,m - Nd2outer
dh =
Ndouter

(16)

The mass transfer coefficient ka can then be calculated from the Sherwood number

ka =

Dmol Sh
dh

(17)

Dmol (m2/s) is the diffusivity of water vapor in air on the shell side of the hollow
fiber membrane module [47] and was calculated with equation (12).
The Sherwood number was estimated from empirical equations with fitted
correlations specific to the hollow-fiber module obtained from [28]. The correlations
below are based on a fractal relationship between the Sherwood number and the fractal
dimension Df, and the only condition is laminar flow.

Sh= 14.06φ4 -29.21φ3 +22.59φ2 -7.71φ+1.03 Re0.33 Sc0.33 ψk

(18)

ψk =0.882Df -0.535

(19)

where ψk is the correction factor for the mass transfer coefficient. The model has
been validated for the following conditions: 1.6 ≤ Df ≤ 1.9 and 0.1 ≤ φ ≤ 0.8.
The Reynolds number was obtained from

Re=

ua dh ρv
μv

(20)
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where ua is the sweeping gas approach velocity (m/s), calculated by dividing the
volumetric air flow rate by the cross-sectional area of the air side of the hollow fiber
module, ρv is the density of the vapor (kg/m3) on the permeate side and μv is the dynamic
viscosity of the vapor (Pa s) on the permeate side. It should be noted that the Reynolds
numbers on both the lumen and shell sides of the membrane were always < 15, and thus
operation was always on the laminar regime. The Schmidt number was obtained from:

Sc=

μv
ρv Dmol

(21)

The boundary layer resistance to mass transfer (1/ka) is shown as a function of the
sweeping gas velocity, other conditions as indicated (Figure 3.5. (b)).

Single section energy balance. Control volumes for energy balances consisted of
sections through the brine and gas-phase sides of the SGMD module (Figure 3.2.). The
primary contributors to energy balances were heats of evaporation/condensation and the
transmembrane transfer of heat from the hot brine to the cooler gas phase. Evaporation
takes place at the liquid/gas interface, which is located at the pore entrance due to the
hydrophobicity of the membrane. Consequently, the entire heat of evaporation was lost
from the brine.
Heat balances in the brine and air-side sections were used to calculate
temperatures as a function of position in the brine and air streams (Figure 3.2.). The
energy balance on the brine side up to the membrane surface:

nb cp,b Tb,i -Tb,i-1 =hw Ai N Tb,i -TI,i

(22)

Both sides of this equation represent the rate of energy transfer from the brine to
the membrane (brine side), where ṅb (mol/s) is the molar brine flow, cp,b (J/mol K) is the
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specific heat of the brine, Tb,i and Tb,i-1 (K) are the outlet and inlet brine temperatures in
section i, hw (W/K m2) is the heat transfer coefficient of the water (see below), Ai (m2) is
the inner area of a fiber section, N is the number of fibers and TI,i (K) is the interfacial
temperature at the pore of the membrane.
The energy transferred from the membrane interface to and through the
membrane can be described by:

hw Ai N Tb,i -TI,i =Qm,i +Qe,i

(23)

Qm,i (W) is the rate of heat transfer across the membrane section and is given by:
Qm,i =htot Ao

TI,i -Ta,i

(24)

TI,i and Ta,i are the brine interfacial membrane pore and air temperatures, htot
(W/K m2) is the overall transmembrane heat transfer coefficient from the membrane to
the air side (see below) and Ao (m2) is the outer area of a fiber in the section. Finally,

Qe,i =Δnw,i ΔHv,w

(25)

in which Qe,i (W) is the rate at which heat is provided to evaporate liquid water
from the brine stream, Δṅw,i (mol/s) is the rate of vapor or permeate production and ΔHv,w
is the latent heat of evaporation of water in J/kg, which is calculated from a correlation
[49]. With T in °C:

ΔHv,w =(2501.9-2.41T+0.0019T2 +0.000016T3 )10-3

(26)

Rearranging equation (22) to solve for for TI,I, substituting equations (24) and (25)
into (23) and then solving for the brine temperature at the exit from section i yields the
temperature entering the next module section.
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The thermal energy balance on the air side is given by equation (27) and is related
to the heat balance on the brine side by the addition of Qm,i, the rate of heat transfer
across the membrane (equation (24))

na cp,a Ta,i-1 -Ta,i + nw,i-1 cp,v Ta,i-1 -Ta,i + Δnw,i cp,v TI,i -Ta,i = Qm,i +Qc,i

(27)

where cp,a (J/mol K) is the gas-phase specific heat, Ta,i and Ta,i-1 (K) are the inlet
and outlet gas-phase temperatures at section i, and cp,v is the heat capacity of water vapor
in J/mol K.

Qc,i (W) is the heat released by condensation of water vapor in the section
Qc,i =ΔΗv,w Δnc,i

(28)

where Δṅc,i is the rate of vapor condensation in the air stream (present under
oversaturated conditions only) and ΔHv,w (J/kg) is the latent heat of vaporization
calculated by equation (26).
Equations (22), (23), (24) and (27) represent a system of four equations with four
unknowns. Substituting equations (22), (24) and (28) into (27) and solving for the air
temperature at the exit from section i-1 we get the air temperature entering the next
section.
The overall membrane thermal transport coefficient htot is given by [50].

1
1
δ dinner
d
= +
ln outer d
inner
htot ha λeff 2

(29)

where ha (W/K m2) is the heat transfer coefficient on the air side of the membrane,

δ (m) is the thickness of the membrane, douter (m) is the outer diameter of the membrane
fiber, dinner (m) is the inner diameter of the membrane fiber and λeff (W/m K) is the
effective thermal conductivity of the membrane obtained from [51]:
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(30)

λeff =λv ε+λm 1-ε

where λv (W/m K) is the thermal conductivity in the membrane void space, and λm
(W/m K) is the thermal conductivity of the membrane material (Table 3.1.).
Values for ha and hw were calculated using the Chilton-Colburn analogy [36].

h=

λ Nu
d

(31)

For the calculation of hw (W/K m2) the thermal conductivity of water (λw) and the
diameter of the lumen side (dinner) are used. For the calculation of ha, the thermal
conductivity of air (λv) and the hydrodynamic diameter of the shell side dh (m) is used.
The Nusselt number is calculated by:
1

Nu = Sh ⋅ Lefl 3

(32)

where the Sherwood number (Sh) for the shell side was calculated using equation
(18) and for the lumen side:

d2inner u2b
Sh=1.62
LDw,l

1

3

(33)

where ub (m/s) is the brine approach velocity on the lumen side of the module, L
(m) is the fiber length and Dw,l (m2/s) is the liquid water diffusivity. The Lewis number
was obtained from

Sc
Pr

(34)

μv Cp
λv

(35)

Le=

Pr=

Among the operational variables investigated, influent brine temperature,
sweeping gas velocity, brine flowrate and ionic concentration of the brine solution, only
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the sweep gas velocity has a significant effect on ha and, consequently, on htot, as
illustrated (Figure 3.6.).
The calibrated model accurately predicted the water production rate and
temperature profiles on both the brine (lumen) and gas-phase (shell) sides of the
membrane. The heat of evaporation, conduction of heat across the membrane and
condensation of water on the shell side were primary determinants of water and gas
temperatures over the length of the module. Local rates of evaporation depended, in turn,

1/ha (m2·K/W)

on the local brine temperature.

0.8
0.6
0.4
0.2
0
0

0.5
ua (m/s)

1

Figure 3.6. Heat transfer resistance of air vs. sweep air velocity for dp = 0.1 μm, Tb =
70°C and ub = 0.02 m/s. Shaded area indicates ua range during the experimental program.
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Results and Discussion
Values of independent and dependent variables in all experiments are summarized
in Table A1. Permeate production increased with the influent brine temperature and
decreased, although modestly, with the brine ionic strength (Figure 3.7. [52]).
The effects of both variables can be understood in terms of their relationship to
the brine vapor pressure based on the Causius-Clayperon equation.

The difference

between the brine vapor pressure and the bulk partial pressure of water vapor in the same
column section drives the transmembrane transfer of water in module simulations
(Equation (6)). Water temperatures at points between the brine inlet and outlets were not
measured; local temperatures and vapor pressures were determined by mathematical
simulation only. Nevertheless, there was excellent agreement between predicted and
measured (overall) permeate flow rates over a wide range of experimental conditions
(Figures 3.7. − 3.9.) using only the membrane pore tortuosity as a fitted parameter.
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Figure 3.7. Relationship between brine vapor pressure and rate of water purification.
Triangles represent experiments in which vapor pressure was varied via temperature
manipulation (from 40 °C to 70 °C) at 0 % NaCl, ua = 0.54 m/s and ub = 0.02 m/s (± 1
SD). Squares were obtained by varying the brine NaCl concentration (as indicated) at T =
70 °C, ua = 0.54 m/s and ub = 0.02 m/s. Solid line is the result of model application.
Reprinted from Reviews on Environmental Health “Special Issue: Environmental
Exposure in Indigenous Communities / 15th International Conference of the Pacific
Basin Consortium for Environment and Health” by Karanikola, V., Corral, A. F., Mette,
P. A., Jiang H., Arnold R. G., Ela, W. P., 2014, Volume 29, Issue 1-2, Pages 67–70.
Reprinted with permission.

Tortuosities between 7 and 11.5 influent brine temperatures matched modeled
results and predicted water production rates were within one standard deviation of
measured values (σavg = 0.018 mol/m2min). This was < 1% of the measured values. A
tortuosity value τ= 9 was used in subsequent calculations. Predicted influent brine and
effluent gas-flow temperatures could be reconciled with measured values only when the
condensation term was included in the heat balance (Equation (27)) (Figure A1). To our
knowledge, there are no published data for the tortuosity of the membrane used in this
study; however, for similar membranes the manufacturer reports a tortuosity range of 2 <
τ < 14 [53]. Studies that used different HF modules (material and pore size) and had
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similar operational conditions (Tb from 30 °C – 80 °C) but operated under vacuum
conditions, have reported a wide range of fluxes from 0.5 to 11 mol/m2min [17].
Experimental data from this study fall within that range. See below.
The primary effect of variation in brine temperature and ionic strength was on the
brine vapor pressure. Temperature polarization was calculated in our modeling effort and
was found to be negligible. (Interface temperature at the membrane surface decreased by
less than 0.5% (°C) relative to the local brine temperature.) For the NaCl solutions, the
vapor pressure was calculated using the activity of water in NaCl solutions given by

= 1 − 0.5 ∗

− 10 ∗

vapor pressure is given then by: !

where

= 1−

is the mole fraction of NaCl. The

∗

∗ !"#

[5]. Both model

and experiment indicate that permeate production is sensitive to the brine temperature
over the range of operating conditions investigated (Figure 3.7.). Predictably, results were
insensitive to changes in the brine ionic strength in the range tested. The rate of permeate
production decreased by 23 % at a NaCl concentration of 140 g/L (I = 2.396 M) relative
to the distillation of pure water. Concentration polarization on the membrane surface of
the pore produced less than a 0.3% increase of the local concentration (calculated from
[54]) and was thus neglected. Permeate NaCl concentrations for all experiments
conducted were always less than 5 mg/L.

58

The effect of the sweep air velocity on permeate collection rate is best explained
in terms of a saturation model for water vapor in the sweep gas in which the driving force
for through-pore transport dissipates as water vapor accumulates in the sweeping gas. At
sweep gas velocities ≤ 0.4 m/s, permeate production was essentially proportional to the
gas flow rate (Figure 3.8.), and the partial pressure of gas-phase water vapor exiting the
module was close to the vapor pressure of water at the influent brine temperature. At gas
flow velocities ≥ 1.0 m/s, however, the water collection rate, projected on the basis of a
model results, is expected to approach a transport-limited rate that is about proportional
to the brine vapor pressure.
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Figure 3.8. Dependence of water production rate on the sweep air velocity for two
different feed water temperatures. Points represent experimental data. Solid lines are
calculated.

At 70 oC and brine flow velocity of 0.02 m/s, the maximum rate of water
purification in the module is about 1.0 mol/min-m2. Experimental determination of water
production rates at T > 80 oC was inhibited by module specifications (Hoechst Celanese
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Corporation, Charlotte, NC, USA), although the maximum rate of water purification
should be approximately proportional to vapor pressure for the reasons indicated. The
relationship between water temperature and vapor pressure is super-linear, providing
incentive for development of SGMD materials that can operate at higher temperatures.
The measured and predicted permeate flow rates were insensitive to variation in
the brine flow velocity in the range 8-20 mm/s at temperatures from 40-70 oC (Figure
3.9.). This suggests that reduction in brine temperature over the length of the module did
not significantly affect the overall water production rate. At the highest influent brine
temperature shown (70 oC), the lowest and highest brine flow velocities produced a
difference in permeate collection rates of 23 %. Process simulations were in agreement
with experimental predictions.
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Figure 3.9. Effect of the brine flow rate on water production rate for feed water
temperatures from 40-70 ˚C and a sweep air velocity of 0.54 m/s. Solid lines represent
model results.
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The ability of the model to reproduce observed permeate flow rates and
temperature profiles over a broad range of operational conditions makes it possible to
translate modeled results for design improvements. First, the model provides insight into
the important sources of resistance to trans-membrane transport of water vapor.
Resistance to water transport on the brine side of the membrane was neglected since
absence of concentration polarization results in uniform water activity. Resistance to
trans-membrane transport of water vapor arises from (i) molecular/Knudsen diffusion and
(ii) gas-phase transport across a concentration boundary layer on the shell side of the
membranes (Figure 3.5.(a)). Membrane resistance equals resistance in the gas phase
boundary layer at a pore diameter of 0.26 μm and gas velocity of 0.54 m/s. The nominal
pore size of the membrane used here was 0.1 µm. Thus, resistance to mass transfer across
the gas-phase concentration boundary layer should play a relatively smaller role
throughout the range of air flow rates investigated experimentally but should not be
neglected. Resistance due to Knudsen diffusion is equal to the resistance to molecular
diffusion at a pore diameter of 0.15 μm.
Brine resistance to heat transfer proved to be insignificant compared to that of the
gas phase boundary layer and membrane conduction. For a brine temperature of Tb =
70 °C, ua = 0.54 m/s and ub= 0.02 m/s, the calculated hw value was 3079 W/m2 K, hm was
8.8 W/m2 K and ha was 6.7 W/m2 K. Thus, heat transfer is limited by the air-side and
membrane resistances.
At 40 < T < 70 oC, the predicted effect of about a 5-fold increase in membrane
pore size (from 0.1 µm to 0.45 µm) on the predicted water purification rate was
negligible (Figure 3.10.). The insensitivity of the SGMD water purification rate to
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membrane pore size can be explained as follows. Although the resistance to mass transfer
is much lower for the large pore size membrane, the effluent gas-phase water content was
only ~10% different because the gas stream was essentially saturated with water vapor at
the module exit in both cases (Figure 3.11.). Although Knudsen effects on the overall
mass transfer resistance were substantially smaller in the larger pores, the module was of
sufficient length to bring the effluent gas stream to near-saturation levels of water vapor
in both cases. The larger-pore membrane should prove advantageous, however, at
significantly higher sweep air velocities.
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Figure 3.10. Molar permeate flow rate vs. feed water temperature for dp = 0.1 μm and dp
= 0.45μm. The solid lines are calculated values for ua = 0.54 m/s and ub = 0.02 m/s.
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Figure 3.11. Effect of membrane pore size on the partial pressure of water over the
normalized length of the module for ua = 0.54 m/s and ub= 0.02 m/s, Lo = 12.7 cm and
brine inlet temperature of T = 70 °C. Where x = 0 is the top of the module (air in and
brine out) and x = Lo is the end of the module (air out and brine in)

To more adequately illustrate the complementary effects of MD design and
operational variables (dp, ua, Lo, and brine temperature) on module performance,
permeate flux was predicted based on the influent feed water temperature and ua for dp =
0.1 μm and Lo = 12.7 cm (Figure 3.12. (a)). Areas in which the water production rate is
particularly sensitive to the feed water temperature are those where contour lines are
closely spaced in the vertical direction. Over essentially the entire range of ua in the
simulations, this occurs at the highest temperatures shown.
When the influent brine temperature is constant (horizontal lines), the rate of
water production becomes less sensitive to ua at air flow velocities greater than 0.8 m/s.
The dependence of water production rate on temperature and gas flow velocity is
qualitatively similar for the 0.45 µm membrane pore size (Figure 3.12. (b)). Over the
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variable space simulated, water production rates do not differ substantially based on
membrane pore size. Much of this might have been anticipated based on the previous
observations and discussion.
Per Figures 3.12. (a) and (b), at all pore sizes throughout the range 0.1 < dp < 0.45
µm, operational temperatures should be as high as possible in order to increase SGMD
water production. Gas flow rates higher than about 1.0 m/s offer essentially no advantage.
Of course, the length of the module played a role in this. At a brine feed temperature of
70 oC and ua = 0.54 m/s, the predicted sensitivity of water production rate to membrane
pore size and module length was as indicated in Figure 3.13. Increasing the membrane
pore diameter above 0.1 µm is of little advantage. At greater pore size (Figure 3.12.) or
fiber length, the only way to substantially increase production are to increase the brine
temperature or sweep gas velocity. Furthermore, model results are insensitive to fiber
lengths >15 cm.
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Figure 3.12. (a) Average permeate flux contours in mol/min-m2 for dp = 0.1μm and Lo =
12.7 cm. (b) Average permeate flux contours in mol/min-m2 for dp = 0.45μm, Lo = 12.7
cm.
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Figure 3.13. Permeate production contours in mol/min-m2 as a function of membrane
fiber length and dp. The influent brine temperature was 70oC and ua = 0.54 m/s.

Summary
Coupled heat and mass balances were developed for hollow fiber membrane
modules to predict permeate production during SGMD. Calibration steps required only
one fitted parameter—the membrane tortuosity. Experimental work validated simulations
over a range of feed water temperatures, feed water flowrates and salinities and sweeping
air flow velocities. The validated model was used to extend investigation of relationships
between the predicted water production rate and operational variables—effective
membrane pore size, sweeping gas velocity, brine velocity and temperature—to values
that were modestly beyond the capabilities of the experimental apparatus used here.
Model results show that resistance to mass transfer through the membrane is equal to air
side mass transfer resistance for membrane pore sizes at 0.26 μm (ua = 0.54 m/s). For
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pore sizes larger than 0.26 μm, limitations to mass transfer are due primarily to the air
side boundary layer. Heat transfer limitations arise principally from boundary layer
effects on the air side. Modeling also supports the following conclusions:

•

At relatively low sweeping gas velocities, water production tends to be limited by
the gas flow rate and vapor pressure of water.

At high air flow rates, the

production of water is limited by the rate of mass transfer from brine to sweep
gas, which is about proportional to the vapor pressure of water, at least in the
small pore membranes used here.

•

Increase of membrane fiber length increases water production until the partial
pressure of water vapor reaches the vapor pressure of water in the sweep gas
flowing through the membrane module.

•

The water production rate is only sensitive to membrane pore size when module
performance is transport limited—i.e., when the partial pressure of water vapor in
the exiting gas is considerably less than the vapor pressure of the brine.

•

In the range of operating conditions investigated, water production was sensitive
to the brine temperature and sweep gas velocity, but not to the brine flow rate or
salt content. The reasons for this are apparent in module simulations that depend
on these (and other) variables.

•

Temperature polarization was negligible in hollow fiber module.

•

Water production rates were much more sensitive to mass transfer resistance than
to heat transfer resistances.

•

Consideration of water recondensation within the module was necessary to
simultaneously match boundary temperatures (influent and effluent) in the brine
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and gas flows. Inclusion of a recondensation term on the air side of the membrane
resulted in much greater temperature variations over the length of the module in
both the gas and brine streams. (See Supplementary Information in Appendix A)

Abbreviations
Ai
Ao
cp
d
dh
dp
D
Df
Dinner,m
h
ΔHv
J
k
Kn
L
Le
m
ṅ
N
Nu
P
Pr
q
Q
r
R
Re
Sc

Inner Interfacial surface area over a length of
a section of the module
Outer Interfacial surface area over a length of
a section of the module
Heat capacity
Diameter
Hydrodynamic diameter
Pore diameter
Diffusivity
Fractal dimension
Inner diameter of module
Heat transfer coefficient
Latent heat of vaporization
Water vapor flux
Mass transfer coefficient
Knudsen number
Membrane fiber length
Lewis number
Molecular weight
Molar flow
Number of fibers
Nusselt number
Pressure
Prandtl number
Volumetric flow
Thermal content
Radius
Resistance
Reynolds number
Schmidt number

m2
m2
J/mol K
m
m
m
m2/s
m
W/K m2
J/kg
mol/m2 min
m/s
m
kg/mol
mol/min

Pa
L/min
J
m
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Sh
Sherwood number
T
Temperature
z
Unitless length
Greek Symbols
δ
Thickness of fiber
Δṅ
Vapor flow
ε
Porosity
λ
Thermal conductivity of fluid
μ
Dynamic viscosity
ρ
Density
τ
Tortuosity
φ
Packing density
ψk
Mass transfer correction factor
ν
Kinematic viscocity
Subscripts
a
Air
b
Brine
c
Condensation
e
Evaporation
eff
Effective
inner
Inner side of membrane fiber
Kn
Knudsen
m
Membrane
mean
Mean diameter
mol
Molecular
outer
Outer surface of membrane fiber
p
Pore
tot
total
v
Vapor
w
Water
Input Parameters in mathematical model
mv
0.018
Kg/mol
ma
0.029
Kg/mol
cpb
4.191
J/g K
cpa
1
J/g K
cpv
1.871
J/g K
R
8.314
m3 Pa/ K mol

K

m
Mol/min
Unitless
W/m K
kg/ m s
kg/m3
Unitless
Unitless
m2/s

69

CHAPTER 4
SWEEPING GAS MEMBRANE DISTILLATION IN A FLAT
SHEET MEMBRANE CONTACTOR

Abstract
A sweeping gas, flat sheet MD reactor was manufactured and tested. The project
focus was to examine the importance of membrane configuration on permeate production
rate utilizing multiple types of membranes with different characteristics (material, pore
size, porosity and thickness). MD performance was modeled as a function of membrane
characteristics and operational variables (influent brine temperature, sweep gas flow rate,
reactor geometry and brine ionic strength). Membrane tortuosity was the lone fitting
parameter in the reactor model. Model performance was then evaluated based on
conformance between predicted and measured water collection rates, temperature and
pressure variation. Permeate water fluxes increased by 7x as the feed side water
temperature increased from 40 °C to 80 °C. Permeate TDS concentration remained below
10 mg/L at all influent salt concentrations.

Background and Introduction
Membrane distillation (MD) is a thermally driven process that can treat water of
high salinity and produce water of high purity. In MD, vapor diffuses through the porous
membrane with at least one side in direct contact with the process liquid [9, 10]. MD
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treatment of water requires a gradient in the partial pressure of water vapor that is
obtained by raising the temperature of the liquid water and removing water vapor from
the permeate side of the membrane. A hydrophobic porous membrane retains the feed
solution via surface tension, allowing water to cross the membrane as a vapor [11].
Membrane pore wetting should not occur provided that the liquid entry pressure (LEP) is
always higher than the applied transmembrane pressure. The LEP is a function of the
pore size of the membrane and the contact angle of the membrane material [12].
Increased pore size and reduced contact angle of the liquid with the membrane translate
to lower LEP values [13]. Vapor condensation should occur only on the outside of the
pore, thus only transport of vapor should occur in the pore. Some of the main advantages
of MD over other desalination processes are: MD operates at lower temperatures
compared to conventional distillation, MD operates under low hydrostatic pressures
compared to reverse osmosis [5], and MD produces 100% theoretical rejection of ions
[5]. The low mechanical energy coupled with the high rejection renders MD a favorable
process for desalination under some circumstances.
Sweeping Gas Membrane Distillation (SGMD) in one of the possible membrane
configurations (as described in previous chapters). After vapor crosses the membrane, a
gas sweeps the vapor through the permeate side, carrying it outside the module. The
majority of the vapor is condensed in an external condenser. SGMD has been used to
remove volatile solutes from aqueous solutions as well as for water desalination. [18, 22].
This particular configuration shows great potential for desalination compared to DCMD
and AGMD, since it combines a relatively low conductive heat loss through the
membrane, low mass transfer resistance, and a higher driving force for transmembrane
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transport that is maintained by continuous removal of vapor from the permeate side of the
membrane [24]. Moreover, SGMD offers the possibility of energy recovery through
condensation on the permeate side of the membrane. However, an external condenser
and an air blower are needed in this configuration [25]. SGMD has not been studied as
extensively as other MD configurations. Only 4.5% of the MD papers published before
December 2010 dealt with SGMD technology [35].
Theoretical models of SGMD have been proposed to simulate the effect of
operational parameters on permeate fluxes by combining heat and mass balances [18, 25].
Charfi et al. performed a 2-D numerical simulation using the Navier–Stokes equations
coupled with the Darcy–Brinkman–Forcheimer formulation in the transient regime
(laminar to turbulent flow) for the SGMD process [18]. Both experimental results and
predicted values were in good agreement. However, in that study there was no treatment
of mesh spacers and only one membrane type was examined. Alsaadi et al., developed a
1-D mathematical model for flat sheet MD utilizing fundamental equations representing
heat and mass transfer and incorporating the effect of mesh spacers on the permeate
production [55]. Nevertheless, that study was conducted for AGMD making it
unnecessary to apply the spacer effect on the permeate side. Furthermore, there was
relatively poor agreement between predictions and experimental data when membranes
with higher pore sizes (dp = 0.45 μm) were utilized. To our knowledge there have been no
satisfactory studies establishing the effect of membrane characteristics on permeate
production in SGMD. In addition, no previous study has incorporated the effect of mesh
spacers in the membrane module for SGMD. A detailed effect of spacers on the permeate
production is examined in Chapter 5.
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Here the mathematical simulation of flat sheet SGMD was validated
experimentally for multiple membranes characteristics. When a simplified modeling
approach did not perform as expected, the model was re-evaluated to incorporate mesh
spacer effects on heat and mass transfer in a SGMD. A finite difference mathematical
model that coupled heat and mass balances was used to anticipate relationships between
resistances to mass and heat resistances and membrane characteristics such as pore size,
tortuosity, membrane thickness and porosity. The validated model of this study aims to
give an insight on water production rate to combinations of membrane characteristics and
system operational variables.

Materials and Methods
4.3.1. Membrane Materials
The membranes tested and related specifications are summarized in Table 4.1. All
membranes were manufactured by Millipore. Except for one membrane that consisted of
2 layers (polytetrafluorethylene (PTFE)) supported by a polypropylene (PP) layer), all
membranes were monolayer PVDF membranes (Figure 4.1.). The thermal conductivities
of these materials are provided.
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Figure 4.1. Scanning Electron Microscopy (SEM) of PVDF and PTFE membranes.
Table 4.1. Membrane Specifications
Membrane Specifications
PVDFb

PVDFc

PTFE/PPb

Pore Sizea dp [μm]

0.22

0.45

0.45

0.65

Thickness δ [μm]

125

110

160

115

Porositya ε [%]

75

70

75

70

Heat conductivity λm [W/m·K]a

0.18

0.18

0.25/0.17

0.18

Contact Angle [°]

109

109

120

109

Membrane materiala [--]

PVDFc

a Manufacturer’s data (Millipore)
bHydrophobic
c SuperHydrophobic
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4.3.2. Experimental Set-up
The laboratory scale, SGMD experimental setup consisted of three loops: the
brine/membrane loop, air loop and the condenser loop (Figure 4.2.). In the
brine/membrane loop, brine was heated and recirculated at rates that produced velocities
from 0.024 m/s to 0.11 m/s on the brine side of the hydrophobic porous membrane.
Vapor pressure at the brine/air interface was manipulated by varying the influent brine
temperature. For the proposed study, a plate and frame module with thermocouple
monitoring was fabricated (Figure 4.3.) and tested at bench scale. The plate and frame
module consisted of two Deldrin plates with a 21 cm x 16.5 cm surface and 3.8 cm
thickness. Delrin was chosen due to its low thermal conductivity (λD = 0.33 W/m·K)
compared to stainless steel (common material for plate and frame modules), to minimize
heat loss to the environment. Although acrylic material has an even lower thermal
conductivity, Delrin proved easier to manipulate during Computer Numerically
Controlled 3-D milling. Each plate had a milled chamber with dimensions of 14.5 cm
(length), 9.5 cm (width) and 0.15 cm (depth). One chamber held the feed flow, and air
was swept through the other. The membrane that separated the two chambers had an area
of 0.015 m2. Between the chamber and the membrane a mesh support (spacer) was
inserted to support the membrane. Spacer characteristics are summarized in Table 4.2.
More details on spacer characteristics are described on Chapter 5
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Table 4.2. Spacer Specifications
Spacer Specifications

Mesh
Angle
θ [°]a

Feed Side Spacer

90

Spacer
Filament
Diameter
df [mm]a
0.47

Permeate Air Side Spacer

45

0.17

Spacer
Mesh
Thickness
Size
H [mm]a
a
lm [mm]
2.76
1.19
1

0.33

a Measured

In previous plate and frame studies [12, 25], air entered the permeate side or
chamber through (i) a single point of entry (orifice) at one end of the module or (ii) a
channel located in the middle of the chamber that contained a series of small orifices
along its length. Here it was concluded that these geometries provided non-uniform flow
conditions in the sweep gas that would be difficult or impossible to model in term of their
effect on through-membrane mass transport. To overcome that shortcoming, we
redesigned the collection chamber so that air entered from a single channel on one end
and left via a channel at the other end. In this way, the sweep air passed more or less
uniformly across the entire chamber (Figure 4.3.), improving the collection and removal
of water vapor from the contactor.
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Flat sheet
membrane

T

T

Feed Water
Reservoir

T
P

T
P

Condenser

T

Vacuum
T

T

T
P

T

Cold Water
Reservoir

Permeate
Figure 4.2: Lab-scale experimental set up. Fluid flow pathways include the hightemperature brine/membrane loop (red) and the sweep gas pathway (blue). Condensate
was collected in the permeate tank.

Sweep air was pulled through the module chamber in counterflow water/gas
operation with a blower (Gast, ShopVac, 5.0 Peak Hp). The water content in air leaving
the module was determined using the permeate collection rate and gas flow rate,
assuming that the condenser exit gas was saturated at the condenser temperature. Cold
water (15oC) was provided continuously at 1.5 L/min to the condenser (Model # AB-40485098, Thermal Transfer Products, interfacial area 0.57 m2).
Thermocouples were installed in the inlet the outlet of the module (two on each
side) and in the inlet and outlet of the condenser (two one each side), one final
thermocouple was installed in the permeate collection tank. Rotameters for measurements
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of flowrates were placed in the brine and air loops. Brine flow was regulated at the
module entrance, and air flow was controlled just after the permeate tank. Vacuum
pressure gauges were placed in the air loop before and after the module, before the
condenser and after the permeate tank.
The performance of the system was examined by varying the brine feed
temperature, ionic strength and flow rate and the flow of sweeping gas. Measurements
included the flux and quality of permeate, pressures/temperatures at the points indicated
previously and energy use per unit of permeate generated. An Omega USB-4718 portable
data acquisition module was used to translate the K-type thermocouple signals and
transmit data to the computer. A single data hub was used to monitor nine thermocouples.
The ionic strength of the feed and permeate solutions were monitored with a benchtop
thermo conductivity meter (inoLab® Cond Level 2).

Figure 4.3. Permeate side bottom plate--arrows denote the direction of the sweep air
flow; Feed side top plate--arrows the direction of the feed flow.
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Modeling Approach
4.4.1. Energy and Mass Balances in Flat Sheet Module
A finite-difference 1-D model was used to predict performance of the flat sheet
membrane module based on coupled energy and mass balances. Model calculations were
simplified through the following assumptions:

•

Steady, adiabatic conditions were maintained.

•

Gas and liquid flows in the module were one-dimensional.

•

Pervaporation rates were small relative to the brine flow rate, so that brine flow
was independent of position in the module.

•

Water content in the inlet air stream was negligible.

4.4.2. Modeling Strategy
The strategy for calculating module (i) temperature profiles and (ii) overall water
production rates using the calibrated model is summarized as follows:
1. Boundary values for the simulation consisted of the influent brine and dry air
molar flow rates, the influent temperatures of gas and liquid streams and an initial
(assumed) value for the exiting brine temperature (Figure 4.2.).
2. Discretized forms of mass and energy balances were applied sequentially in
sections of the counterflow flat sheet module, starting at the exiting brine
effluent/air inlet to calculate the local rates of transmembrane water and energy
transfer, gas and liquid-phase temperatures and the partial pressure of water in the
gas phase entering the next module section (Figure 4.4.).
3. The molar rate of water vapor transfer from liquid to gas (Δṅw) was calculated,
then used to calculate the partial pressure of water in the next module section.
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4. The process was repeated section by section, profiling the partial pressure of
water, temperature, etc., until the partial pressure of water approached its vapor
pressure at the gas-phase temperature. Beyond that point, water vapor condensed
on the gas side of the membrane to maintain the local vapor pressure. The heat of
condensation contributed to energy balances in sections of the column where
condensation occurred. In actuality, water never condensed within the gas phase
chamber of the module under experimental conditions used here (see below) so
that these components of the mass and energy balances could not be verified. In a
larger chamber, condensation can be a major determinant of module performance
[56].
5. At the last section of the module, the calculated brine temperature was compared
to the influent brine temperature. If the difference exceeded tolerance (0.5 °C of
the measured influent brine temperature), the temperature assumed for the exiting
brine was adjusted by 0.5 °C in the direction opposite that of the error, and the
stepwise calculations were repeated. The procedure ended when tolerance was
satisfied.
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Figure 4.4. A magnified section, Δz in thickness, of a single membrane
section/surroundings to illustrate the basis of the local mass and energy balances. The
right side dashed square denotes the control volume for local mass balance. Δṅw,i is the
molar water vapor rate of transport through the membrane, Qm,i is the rate of energy
transfer through the membrane, Qc,i is rate at which heat is released via condensation of
the water vapor on the air side, Qe,i is the rate at which heat is lost from the liquid stream
due to evaporation, Δṅc,i is the molar water vapor condensation rate in the section, Ta is
the temperature of the air, Tb is the temperature of the brine, ṅc is the molar water
condensation rate, ṅw is the molar water rate of vapor at each section, ṅb is the molar
brine rate, ṅa is the molar air rate, qa is the volumetric flowrate of air and qb is the
volumetric flowrate of the brine

4.4.3. Model Calibration
The process for model calibration was similar to that of the hollow fiber study
(Chapter 3). The main difference was the use of a measured outlet brine temperature
instead of an assumed value. If the total permeate flow and the influent brine temperature
values at the end of the procedure did not match experimental values, the membrane
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tortuosity was adjusted until predictions and measurements were in agreement. It should
be noted that all other model parameters were obtained from manufacturer’s data or
calculated from first principles. The ability to match two sets of output data (temperature
and water production rate) using a single fitted parameter attests to the robustness of the
model.
In material that follows, the model is described in detail, beginning with the
components of mass and energy balances (Figure 4.4.). Figure 4.5. represents the solution
algorithm. Control volumes for mass and energy balances consisted of finite sections
through either the liquid or the gas phase contents of the module. Losses (energy or
mass) from the liquid side of the membrane were recovered on the gas side—for mass
either as water vapor or, when saturation levels were reached, as recondensed liquid
water. Again, recondensation was never predicted or observed here. Nevertheless, a
module with a greater length could exhibit internal recondensation.
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Figure 4.5. Calculation Algorithm
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Single section mass balance
At each section i, mass balances in the gas-side control volume are described by
the following equations:

nw,i +∆nc,i =nw,i-1 +∆nw,i
na =

Ptot
q
RTa a

nc,i =nc,i-1 +∆nc,i

(36)
(37)
(38)

where ṅw,i and ṅw,i-1 (mol/min) are the molar water vapor transport rates at the exit
and the entrance of section i, respectively, Δṅw,i (mol/min) is the molar water vapor rate
of transport across the membrane, Δṅc,i (mol/min) is the molar water vapor condensation
rate in the section, ṅa (mol/min) is the dry air molar transport rate and qa (m3/min) is the
air flow rate of the sweeping gas. (Progression of the numerical simulation moves from
brine outlet to brine inlet.) Values for the gas flow rate (qa), temperature (Ta) in K and
pressure (Ptot) in kPa were measured at the exit of the permeate tank. Finally, ṅc,i and ṅci-1
(mol/min) are the molar water vapor condensation rates at the exit and the entrance of the
section i, respectively.
When the air stream was saturated with water vapor, water added to the section
due to transport across the membrane was partially recondensed in order to maintain the
partial pressure of gas-phase water (Pw,i) at its vapor pressure. Thus, an iterative
procedure was required because as the water condensed there was an appreciable effect
on the local gas-phase temperature and therefore the local vapor pressure. However, as
mentioned above no recondensed vapor was calculated in this study due to the membrane
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module characteristics. The partial pressure of water vapor in the gas phase, Pw,i, (atm) is
equal to:

Pw,i =

nw,i
P
na +nw,i tot

(39)

where the inlet molar flow of air ṅa (Figure 4.4.) is a constant at each stage of the
module and was calculated from the ideal gas law.
At each section i, the transport of water vapor to the gas side was described by:

Δnw,i =Ai Ji

(40)

where Ai (m2) is the surface area of the section, and the trans-membrane flux of
water vapor through membrane pores was represented by Ji (mol/m2 min), where

Ji =

ktot
P -P
RT b,i w,i

(41)

Here ktot (m/s) is the overall mass transfer coefficient of water vapor, R is the gas
law constant (8.205 × 10-5 m3 atm/ K mol), T (K) is the interfacial brine temperature at
the pore, Pb,i (atm) is the vapor pressure calculated from Antoine’s equation using the
local interfacial temperature at the membrane pore (discussed later in the single section
energy balance), and Pw,i (atm) is the product of the mole fraction of water vapor in the
sweep gas and the total pressure from equation (4). In sweeping gas MD processes the
driving force is the difference between partial pressure of water vapor on the air side and
the vapor pressure of the brine across the membrane.
The following simplifications to the resistance model of ktot were made. The
resistance to water transport on the brine side of the membrane was neglected since
variations in water concentration on the brine side are negligible (effects of concentration
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polarization were determined be negligible). The contribution of viscous transport
through the membrane pores to transport was insignificant (verified by calculation—not
shown) compared to the other transport mechanisms.

The overall mass transfer

resistance Rtot and coefficient ktot from the brine side to the air side can be obtained from
[36]

Rtot =

1
1
=Rm +Ra = Rm +
ktot
k

(42)

where Rm is the resistance to water vapor transport through the membrane, Ra is
the resistance to mass transport in the air-side boundary layer, and ka (m/s) is the mass
transfer coefficient on the air side of the membrane. Rm can be calculated from

Rm =RKn +Rmol

(43)

and is given by [36] as

Rm =

$
Deff

(44)

where δ (m) is the thickness of the membrane and Deff (m2/s) is the effective
diffusivity of water vapor in the membrane.
The effective diffusivity, Deff, in a porous membrane is proportional to ε, the
membrane porosity, and inversely proportional to τ, the effective tortuosity of pathways
through the membrane,

ε
Deff = D
τ

(45)

Porosity was obtained from membrane specifications, and tortuosity was the only
adjustable parameter of the present model.
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The relative importance of molecular diffusion and Knudsen resistance to Ra is a
function of primarily the effective pore size of the membrane. That is,

1
1
1
=
+
D Dmol DKn

(46)

Dmol (m2/s) was estimated from [47]:
Dmol =

0.926
106 Ptot

T2.5
T+245

(47)

where PT is the total local pressure (kPa) and T (K) is the temperature of the feed
side solution. DKn (m2/s) was obtained from [29].

8RT
2
DKn = rp
πmw
3

1

2

(48)

where rp is the pore radius (m), T is the temperature of the brine in the entrance of
the module (K), and mw is the molecular mass of water (kg/mol). (Values contributing to
the modeling calculations are shown in the glossary section.)
At the pore sizes of the membranes used in these experiments (0.22 µm and 0.45
µm), molecular and Knudsen mechanisms affect membrane transport resistance for the
PVDF 0.22 µm membrane. Resistance is primarily due to molecular diffusion for the
PVDF 0.45 µm and PTFE 0.45 µm membranes (Figures 4.6. – 4.7.).
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Figure 4.6. Mass transfer resistance Rtot (Molecular, Knudsen and Air side boundary layer
resistance) vs. membrane pore size at ua = 3.5 m/s, Tb = 70°C and ub = 0.11 m/s for a
membrane with τ = 4, ε = 0.75 and δ = 125 μm.
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Figure 4.7. Comparison of Mass transfer resistance Rtot vs. membrane pore size at ua = 3.5
m/s, Tb = 70°C and ub = 0.11 m/s for PVDF dp = 0.22 μm, PVDF dp = 0.45 μm, PTFE dp
= 0.45 μm.
For the specific flat membrane module, feed side and permeate side spacers were
utilized for membrane support and to improve mass transfer characteristics. Thus a
geometric spacer effect was accounted for in all calculations used to compute the mass
transfer coefficient on the air side of the membrane ka (m/s). Values for ka were calculated
from the Sherwood number
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ka =

Dmol Sh
dhs

(49)

Dmol (m2/s) is the diffusivity of water vapor in air on the permeate side of the
membrane module [47] and was calculated with equation (12). dhs (m) is the
hydrodynamic diameter of the single rhombus of the mesh spacer and is calculated from
[42].

dhs =

4' df H
2df +4 1-' H

(50)

where df (m) is the diameter of one filament of the spacer, H (m) is the thickness
of the spacer and φ is the spacer voidage, calculated [42] as follows

π d2f
φ=12 lm H sin θ

(51)

where lm (m) is the mesh size and θ (°) is the hydrodynamic angle of the mesh.
Measured spacer characteristics were as indicated (Table 4.2.).
The Sherwood number within the spacer was estimated from an empirical
equation for laminar flow [57]

dhs
lm

Sh=0.664 Re0.5 Sc0.33

0.5

(52)

where kdc is a correction factor for spacer geometry and can be calculated from
[42]

df
kdc =1.654
H

-0.039
0.75

φ

θ 0.086
%sin
&
2

(53)

The Reynolds number was obtained from
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Re=

ua dhs ρv
μv

(54)

where ua is the sweeping gas approach velocity (m/s), calculated by dividing the
volumetric air flow rate by the cross-sectional area of the air side chamber of the module,

ρv is the density of the vapor (kg/m3) on the permeate side and μv is the dynamic
viscosity of the vapor (Pa s) on the permeate side. It should be noted that the Reynolds
numbers on both the air and feed sides of the membrane were always within the laminar
regime. The Schmidt number was obtained from:

Sc=

μv
ρv Dmol

(55)

The relative contribution of boundary layer resistance to mass transfer (1/ka) the
overall mass transfer resistance (membrane and boundary layer) is shown as a function of
the sweeping gas velocity, other conditions as indicated (Figure 4.8.).
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Figure 4.8. Ratio of air side mass transfer resistance to the total resistance vs. sweep air
velocity at Tb = 70 °C and ub = 0.11 m/s for three membranes, PVDF dp = 0.22 μm,
PVDF dp = 0.45 μm, PTFE dp = 0.45 μm.

Single section energy balance
Control volumes for energy balances consisted of sections through the brine and
gas-phase sides of the SGMD module (Figure 4.4.). The primary contributors to energy
balances were heats of evaporation/condensation and the transmembrane transfer of heat
from the hot brine to the cooler gas phase. Evaporation takes place at the liquid/gas
interface, which is located at the pore entrance due to the hydrophobicity of the
membrane. Consequently, the entire heat of evaporation was lost from the brine.
Heat balances in the brine and air-side sections were used to calculate
temperatures as a function of position in the brine and air streams (Figure 4.4.). The
energy balance on the brine side up to the membrane surface:

nb cp,b Tb,i -Tb,i-1 =hw Ai Tb,i -TI,i

(56)
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Both sides of this equation represent the rate of energy transfer from the brine to
the membrane (brine side), where ṅb (mol/s) is the molar brine flow, cp,b (J/mol K) is the
specific heat of the brine, Tb,i and Tb,i-1 (K) are the outlet and inlet brine temperatures in
section i, hw (W/K m2) is the heat transfer coefficient of the water (see below), Ai (m2) is
the area of a section of the membrane and TI,i (K) is the interfacial temperature at the pore
of the membrane.
The energy transferred from the membrane interface to and through the
membrane can be described by:

hw Ai Tb,i -TI,i =Qm,i +Qe,i

(57)

Qm,i (W) is the rate of heat transfer across the membrane section and is given by:
Qm,i =htot Ai TI,i -Ta,i

(58)

TI,i and Ta,i are the brine interfacial membrane pore and air temperatures, htot
(W/K m2) is the overall transmembrane heat transfer coefficient from the membrane to
the air side (see below). Finally,

Qe,i =Δnw,i ΔHv,w

(59)

in which Qe,i (W) is the rate at which heat is provided to evaporate liquid water
from the brine stream, Δṅw,i (mol/s) is the rate of vapor or permeate production and ΔHv,w
is the latent heat of evaporation of water in J/kg, which is calculated from a correlation
[58]. With T in °C:

ΔHv,w =(2501.9-2.41T+0.0019T2 +0.000016T3 )10-3

(60)
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Rearranging equation (20) to solve for for TI,I, substituting equations (23) and (24)
into (22) and then solving for the brine temperature at the exit from section i yields the
temperature entering the next module section.
The thermal energy balance on the air side is given by equation (26) and is related
to the heat balance on the brine side by the addition of Qm,i, the rate of heat transfer
across the membrane (equation (23))

na cp,a Ta,i-1 -Ta,i + nw,i-1 cp,v Ta,i-1 -Ta,i + Δnw,i cp,v TI,i -Ta,i = Qm,i +Qc,i

(61)

where cp,a (J/mol K) is the gas-phase specific heat, Ta,i and Ta,i-1 (K) are the inlet
and outlet gas-phase temperatures at section i, and cp,v is the heat capacity of water vapor
in J/mol K.

Qc,i (W) is the heat released by condensation of water vapor in the section
Qc,i =ΔΗv,w Δnc,i

(62)

where Δṅc,i is the rate of vapor condensation in the air stream (present under
oversaturated conditions only) and ΔHv,w (J/kg) is the latent heat of vaporization
calculated by equation (25).
Equations (21), (22), (23) and (26) represent a system of four equations with four
unknowns. Substituting equations (21), (23) and (27) into (26) and solving for the air
temperature at the exit from section i-1 we get the air temperature entering the next
section.
The overall membrane thermal transport coefficient htot is given by [50].

1
1
δ
= +
htot ha λeff

(63)
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where ha (W/K m2) is the heat transfer coefficient on the air side of the membrane,

δ (m) is the thickness of the membrane and λeff (W/m K) is the effective thermal
conductivity of a uniform single membrane can be obtained from [51]
(64)

λeff =λv ε+λm 1-ε

where λv (W/m K) is the thermal conductivity in the membrane void space, and λm
(W/m K) is the thermal conductivity of the membrane material (Table 4.1.).
It should be noted that for a dual layered membrane (membrane plus support) the
effective thermal conductivity λeffd (W/m K) of the membrane is given by

λeffd =

δ1 +δ2
δ1 δ2
λ1 + λ2

(65)

where δ1 (m) is the thickness of the active layer membrane and δ2 (m) is the
support material of the membrane. If δ1 is the thickness of the active layer membrane
then λ1 = λeff (W/m K) and since the support layer has very high porosity compared to the
active membrane then λ2 = λv (W/m K).
Values for ha and hw were calculated using the Chilton-Colburn analogy [36].

h=

λ Nu
()*

(66)

For the calculation of hw (W/K m2) the thermal conductivity of water (λw) and the
hydrodynamic diameter of the feed side spacer are used. For the calculation of ha, the
thermal conductivity of air (λv) and the hydrodynamic diameter of the permeate side
spacer are used. The Nusselt number is calculated by:
0.5

Nu=+,- 0.664 Re Pr

0.33

dhs
2
lm

0.5

(67)
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where the Reynolds number was obtained from equation (19) and the Prantl
number was obtained from

Pr=

μv Cp
λv

(68)

Among the operational variables investigated, influent brine temperature,
sweeping gas velocity, brine flowrate and ionic concentration of the brine solution, only
the sweep gas velocity has a significant effect on ha and, consequently, on htot, as
illustrated (Figure 4.9.).

ua (m/s)
Figure 4.9. Total heat transfer resistance vs. sweep air velocity for Tb = 70°C and ub=
0.11 m/s for three membranes.

The calibrated model accurately predicted water production rate and temperature
profiles on both the brine and gas-phase sides of the membrane. The heat of evaporation,
conduction of heat across the membrane and condensation of water on the shell side were
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primary determinants of water and gas temperatures over the length of the module. Local
rates of evaporation depended, in turn, on the local brine temperature.

Results and Discussion
The performance of SGMD using a flat sheet contactor was evaluated by
measuring permeate production as a function of brine temperature, sweeping gas
velocity, feed water velocity, and membrane characteristics. The brine solution consisted
of 0.05% NaCl (Fisher Scientific) in milli-Q (Merck Millipore) water. Permeate salinity
was established at the end of each experiment by measurements of conductivity and was
always < 5 mg/L NaCl. Values of independent and dependent variables in all experiments
are summarized in Tables B1, B2 and B3 in Appendix B.
As expected, permeate production increased with increasing influent brine
temperature, increasing brine feed water velocity and to certain extend with increasing
sweeping gas air velocity (Figures 4.9 – 4.15.). Permeate production was also sensitive to
published membrane characteristics. In all cases there was excellent agreement between
predicted and permeate production rates throughout the range of experimental conditions.
The SGMD model used here was calibrated with membrane tortuosity as sole
fitted parameter. The sum of squared errors (SSE) between the model predictions and the
experimental results was used to reflect the membrane-dependent tortuosities (Figures
4.10. – 4.12.). The tortuosities for each membrane selected for all subsequent calculations
were, τ = 4 for the PVDF with dp = 0.22 μm, τ = 3.6 for the PVDF with dp = 0.45 μm and

τ = 12 for the PTFE with dp = 0.45 μm. Manufacturers of similar membranes report
tortuosity ranges of 2 < τ < 14 [53]. After calibration step, both model and experiments
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indicate that permeate production is sensitive to the brine temperature over the range of
operating conditions investigated (Figures 4.9. – 4.15.).
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Figure 4.10. Effect of tortuosity on calculated water production for PVDF dp = 0.22 μm
for temperature manipulation (from 40 °C to 80 °C), brine flowrate ub = 0.11 m/s and air
flowrate ua = 3.5 m/s.
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Figure 4.11. Effect of tortuosity on calculated water production for PVDF dp = 0.45 μm
for temperature manipulation (from 40 °C to 80 °C), brine flowrate ub = 0.11 m/s and air
flowrate ua = 3.5 m/s.
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Figure 4.12. Effect of tortuosity on calculated water production for PTFE dp = 0.45 μm
for temperature manipulation (from 40 °C to 80 °C), brine flowrate ub = 0.11 m/s and air
flowrate ua = 3.5 m/s.
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4.5.1. Temperature Effect on Permeate Production
Figure 4.13. shows the predicted and measured rate of permeate production as a
function of brine temperature (vapor pressure) for three membranes types. As expected,
permeate production increased with increasing influent brine temperature or brine vapor
pressure.
A 10 °C in influent brine temperature increased the permeate production by 50%
over the range of operating conditions with ua = 3.5 m/s and ub = 0.11 m/s and. The effect
of temperature on production was anticipated based on the relationship between brine
vapor pressure and temperature (Causius-Clayperon equation). The difference between
the brine vapor pressure and the bulk partial pressure of water vapor in the same section
drives the transfer of water through the membrane. Membranes with the larger pore size
provided higher permeate production rates under otherwise identical experimental
conditions. This was also predictable since SGMD under the conditions represented was
affected by Knudsen resistance (see below). Furthermore, the PTFE (dp = 0.45 μm)
membrane at 80 °C exhibited an almost 13 % higher permeate production than the PVDF
(dp = 0.45 μm) membrane.
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Permeate Molar Flux
(mol/min m2)
Figure 4.13. Relationship between brine vapor pressure and rate of water purification.
The data points represent experiments in which vapor pressure was varied via influent
brine temperature manipulation (from 40 °C to 80 °C) at 0.05 % NaCl, ua = 3.5 m/s and
ub = 0.11 m/s. Solid lines are the results of model application. Error bars represent ± 1
SD, (SDavg = 0.5 mol/m2min)

This difference can be explained from the mass transfer coefficients. the PVDF
membrane has a value of K= 0.035 m/s, and the PTFE has a value of K = 0.041 m/s. The
difference in permeate production between the PVDF dp = 0.45 μm and PTFE dp = 0.45
μm is also explained in part by the difference between the partial pressure of water on the
permeate side. The PVDF membrane exhibits a modestly higher partial pressure of water
throughout the whole membrane module compared to the PTFE membrane (Figure
4.14.). Although the heat transfer coefficients vary significantly—PVDF has a value of h
= 205 W/K-m2 and the PTFE has a value of h = 266 W/K-m2, the heat transfer proved to
have a small effect on water production. Nevertheless, the temperature profile within the
membrane module was affected significantly. TDS levels in all product waters were < 10
mg/L.
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Figure 4.14. Effect of membrane pore size on the partial pressure of water over the
normalized length of the module for ua = 3.5 m/s and ub= 0.11 m/s, Lo = 14.5 cm and
brine inlet temperature of T = 80 °C. Where x = 0 is the entrance of the module (air in
and brine out) and x = Lo is the end of the module (air out and brine in) for the two
membranes, PVDF dp = 0.45 μm, and PTFE dp = 0.45 μm.

Temperature polarization was calculated in our modeling effort and was found to
be most pronounced at the top of the module (feed water out and sweeping air in), where

ΔT = 2.5 °C, at T = 80 °C, ua = 3.5 m/s, ub = 0.11 m/s for a PVDF dp = 0.45 μm. As a
consequence of this ΔT, 10 % of the driving force for mass transfer across the membrane
was lost at that point, under those conditions.
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4.5.2. Effect of Sweeping Gas Velocity on Permeate Production
The effect of the sweep air velocity on permeate collection rate is best explained
in terms of a saturation model for water vapor in the sweep gas in which the driving force
for through-pore transport dissipates as water vapor accumulates in the sweeping gas. For
the PVDF membrane with pore size of 0.22 μm at sweep gas velocities ≤ 1.2 m/s,
permeate production was essentially proportional to the gas flow rate (Figure 4.15.), and
the partial pressure of gas-phase water vapor (0.26 atm) exiting the module was close to
the vapor pressure of water at the influent brine temperature (0.307 atm for 70 °C). At gas
flow velocities ≥ 1.2 m/s, however, the water collection rate, projected on the basis of a
model results, is expected to approach a (through membrane) transport-limited rate that is

Permeate Molar Flux
(mol/min m2)

about proportional to the brine vapor pressure.

ua (m/s)
Figure 4.15. Dependence of water production rate on the sweep air velocity for PVDF
dp=0.22 μm at brine in Temperature 70 °C, salinity 0.05 % NaCl and brine flowrate ub =
0.11 m/s. Points represent experimental data. Solid lines are calculated.
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However, for the PVDF and PTFE membranes at pore sizes of 0.45 μm, the mass
transfer limitation shifted to higher sweep gas velocities (≤ 3.5 m/s). Below about 2.5
m/s, the permeate production was again essentially proportional to the gas flow rate
(Figure 4.16. – 4.17.). This shift occurs because of higher mass transfer coefficients at
that membrane pore size. In all cases, the simulated permeate production values are in

Permeate Molar Flux
(mol/min m2)

reasonable agreement with experimental values.

Figure 4.16. Dependence of water production rate on the sweep air velocity for
PVDF dp=0.45 μm at brine in Temperature 70 °C, salinity 0.05 % NaCl and brine
flowrate ub = 0.11 m/s . Points represent experimental data. Solid lines are calculated.
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Permeate Molar Flux
(mol/min m2)
Figure 4.17. Dependence of water production rate on the sweep air velocity for PTFE
dp=0.45 μm at brine in Temperature 70 °C, salinity 0.05 % NaCl and brine flowrate ub =
0.11 m/s . Points represent experimental data. Solid lines are calculated.

4.5.3. Effect of Brine Velocity on Permeate Production
The measured and predicted permeate production rates were fairly insensitive to
variation in brine flow rate in the range of the experiments (0.024 m/s to 0.11 m/s) for all
three membranes (Figures 4.18. – 4.20.). At 70°C, the PVDF membrane with pore size
of 0.22 μm and PTFE with pore size of 0.45 μm showed a ~29 % decrease of permeate
production with a decrease of brine velocity of 78 %. The 0.45 μm PVDF membrane
exhibited a 24% decrease in production for a 78 % decrease of brine velocity. A direct
relationship between permeate production rate and brine flow is expected for those cases
in which ΔTb across the module is fairly large due to relatively large water production
rates. This suggests that the reduction in brine temperature that occurs over the length of
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the module does not greatly affect the overall water production rate. Again, mathematical

Permeate Molar Flux
(mol/min m2)

simulations were in agreement with experimental results.

Figure 4.18. Effect of the brine flow rate on water production rate for PVDF dp = 0.22 μm
for feed water temperatures from 40-80 ˚C and a sweep air velocity of 3.5 m/s. Solid lines
represent model results
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Figure 4.19. Effect of the brine flow rate on water production rate for PVDF dp = 0.45 μm
for feed water temperatures from 40-80 ˚C and a sweep air velocity of 3.5 m/s. Solid lines
represent model results.

Figure 4.20. Effect of the brine flow rate on water production rate for PTFE dp = 0.45 μm
for feed water temperatures from 40-80 ˚C and a sweep air velocity of 3.5 m/s. Solid lines
represent model results
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4.5.4. Effects of Membrane Characteristics on Permeate Production
The ability to simulate SGMD performance over a broad range of operational
conditions suggests that simulations can be used to anticipate the performance of
hypothetical membrane configurational changes. At T = 70 oC, ub = 0.11 m/s and
sweeping gas velocity in the range 1 m/s < ua < 6 m/s, an increase in membrane pore size
(dp) from 0.01 µm to 0.65 µm was predicted to result in an 400% increase in the

Permeate Molar Flux
(mol/min m2)

predicted water purification rate (Figure 4.21.).

ua (m/s)
Figure 4.21. Effect of membrane pore size on permeate molar flux for ub= 0.11 m/s and
brine inlet temperature of T = 70 °C.
Below a sweeping gas velocity of approximately 1 m/s, the water production
membrane is still depended on pore size, although the effect is less prominent. The 0.01
µm line differed greatly from lines corresponding to other pore sizes, due to the effect of
Knudsen resistance to mass transport at pore sizes lower than 0.15 µm (Figure 4.6.). At T
= 70 oC, ub = 0.11 m/s and sweeping gas velocity range of 1 m/s < ua < 6 m/s the
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predicted effect of a 75% increase in membrane porosity (ε) (from 0.4 to 0.7) resulted in

Permeate Molar Flux
(mol/min m2)

about a 25% increase in the predicted water purification rate (Figure 4.22.).

ua (m/s)
Figure 4.22. Effect of membrane porosity on permeate molar flowrate for ub= 0.11 m/s
and brine inlet temperature of T = 70 °C.
Below a sweeping gas velocity of 1 m/s, the predicted water production rate is
essentially independent of membrane porosity. This was expected as at lower sweeping
gas velocities the main limitation to mass transport arises from the air side boundary
layer, which is independent of the membrane porosity.
At T = 70 oC, ub = 0.11 m/s and sweeping gas velocity range of 1 m/s < ua < 6
m/s, a 500% increase in membrane thickness (δ) (from 30 µm to 150 µm) decreases the
predicted rate of permeate production by < 50% (Figure 4.23.). This occurs due to the
decrease of the resistance on the air side of the boundary layer thus the thickness of the
membrane becomes important to a certain extend. Below 1 m/s, the simulated water
production is essentially independent of membrane thickness. As explained above, at low
108

sweeping gas velocities the mass transfer is limited by the boundary layer on the air side,
and thus the permeate flux is independent of thickness and pore size.
From Figures 4.21. to 4.23. at various sweeping gas velocities, it can be observed
that the permeate flux is sensitive to pore size until the sweep gas becomes saturated with
vapor. This might have been expected whenever overall mass transfer is limited by
Knudsen diffusion, which is a strong function of pore size. However, the membrane pore
size in MD is limited by the liquid entry pressure (LEP). Membrane pore wetting occurs
when the feed liquid penetrates inside membrane pores as the pressure difference
between the liquid and vapor interface becomes larger than the LEP of the membrane.

Permeate Molar Flux
(mol/min m2)

The LEP for the PVDF with dp = 0.65 μm membrane was calculated at 130 kPa.

ua (m/s)
Figure 4.23. Effect of membrane thickness on permeate molar flowrate for ua = 3.5 m/s
and ub= 0.11 m/s and brine inlet temperature of T = 70 °C.
During this study, an additional PVDF membrane was tested with characteristics
of: dp = 0.65 μm, δ = 115 μm and ε = 0.65 and LEP value of 130 kPa (results not shown).
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During the first set of experiments, the feed temperature was varied using the highest
possible sweeping air velocity (3.5 m/s). The conductivity of the product water gradually
increased until it reached 250 mg/L (feed water was 510 mg/L) suggesting that brine
water passed freely through a great many of the membrane pores. Water production
increased by 14 % compared to that of the PVDF 0.45 μm membrane. The maximum
hydrostatic pressure difference across the membrane interfaces before wetting of the pore
occurs was set to 130 kPa (LEP of the specific PVDF membrane with dp = 0.65 μm) and
from that the total pressure in the air was calculated as 57 kPa (vacuum value), knowing
the pressure drop on the feed side of the membrane. Experimental data showed that a
wetting of the pore occurred for approximately above a 44 kPa vacuum was applied on
the permeate air side, for this specific membrane, thus it was in accordance with
calculations performed.
To more adequately illustrate the complementary effects of MD design (dp, ε and

δ) on module performance, permeate flux was predicted based on membrane thickness
and pore size for T = 70 °C, ua = 3.5 m/s and ub = 0.11 m/s (Figure 4.24.). Areas in
which the water production rate is particularly sensitive to pore size are those where
contour lines are closely spaced in the horizontal direction, which occurs mostly for pore
sizes below 0.2 μm. This is due to the effect of Knudsen resistance to diffusion. When
the pore size of the membrane is larger than 0.1 μm, the sensitivity of water production
rate to membrane thickness becomes more apparent.
When water production rate is plotted as a function of pore size and porosity at T
= 70 °C, ua = 3.5 m/s and ub = 0.11 m/s the effect of pore size is similar (Figure 4.25).
That is, at pore sizes< 0.1 μm water production is particularly sensitive to membrane
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thickness. The effect of membrane thickness is again more readily apparent at larger
effective pore sizes.
A better illustration of the membrane porosity and membrane thickness effects on
water production is provided in Figure 4.26, it can be observed that the production lines
are equidistant indication that when membrane resistance is the main resistance to mass
transport, membrane porosity and thickness have the same influence. Overall, for the
operating conditions selected, T = 70 oC and ua = 3.5 m/s and ub = 0.11 m/s, (Figures 4.24
– 4.26.).
The model provides insight into the important sources of resistance to transmembrane water vapor transport under the conditions of this set of experiments. An
additive model (Knudsen, molecular diffusion and boundary layer resistances in series)
was proposed, as described in the modeling approach. Resistance to trans-membrane
transport of water vapor arose primarily from molecular/Knudsen diffusion for the PVDF

dp = 0.22 μm and molecular diffusion alone for the PVDF dp = 0.45 μm and PTFE dp =
0.45 μm membranes (Figures 4.6. – 4.9.). Gas-phase resistance to transport across a
concentration boundary layer on the shell side of the membranes was generally small
under the operating conditions of this study, and, resistance to water transport on the
brine side of the membrane was neglected since absence of concentration polarization
results in uniform water activity. The general insensitivity of the overall mass transport
resistance to sweep gas velocity suggests that velocities in the range tested were adequate
until the flux of water transport dropped severely at ua < 1 or 2 m/s. The loss of flux at
the lower values was primarily due to water saturation at the module exit under those
operating conditions, however, as opposed to an increase in boundary layer resistance.
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This is evident from the proportionality between water flux and sweep gas velocity in the
very low range of ua values modeled.

Figure 4.24. Permeate flux in mol/min-m2 as a function of membrane thickness and pore
size with ua = 3.5 m/s, ub= 0.11 m/s and brine inlet temperature of T = 70 °C. The
contours shown differ by an increment of 0.26 mol/min-m2.

Resistance due to Knudsen diffusion was equal to resistance to molecular
diffusion at a pore diameter of 0.15 μm (Figure 4.6.). The overall resistance to mass
transport (Knudsen, molecular and air side boundary layer) for all three membranes is
shown as a function of the pore size in Figure 4.7. As expected, resistance to mass
transport was greatest for the PVDF membrane with dp = 0.22 μm, δ = 125 μm, ε = 0.75
and τ = 4, due to the relatively prominent role of Knudsen diffusion at the lower pore
size. This membrane also exhibited the lowest rate of permeate production under
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comparable operating conditions (Figure 4.13). Among the operational variables
investigated, influent brine temperature, sweeping gas velocity and brine velocity, only
the sweep gas velocity has an effect on the resistance to mass transfer, as illustrated in
Figure 4.8. For sweeping gas velocities below 3.0 m/s, the low mass transport is a result
of the saturation of air with vapor and thus loss of transmembrane driving force (Figures
4.15. – 4.17.).
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Figure 25. Permeate flux in mol/min-m2 as a function of membrane porosity and pore
size with ua = 3.5 m/s, ub= 0.11 m/s and brine inlet temperature of T = 70 °C. The
contours shown differ by an increment of 0.18 mol/min-m2.

For all three membranes tested, below a sweeping air velocity of approximately 2
m/s, the importance of the resistance to the air side boundary layer begins to become
relevant. Beyond that sweeping air velocity resistance to mass transport is due to
limitation of membrane characteristics. At the range of the operating conditions of the
experiments conducted in his study the resistance to membrane characteristics is always
present and thus the lines in Figure 4.8. never approach each other.
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Figure 4.26. Permeate flux in mol/min-m2 as a function of membrane porosity and
membrane thickness with ua = 3.5 m/s, ub= 0.11 m/s and brine inlet temperature of T = 70
°C. The contours shown differ by an increment of 0.16 mol/min-m2
It was hypothesized that water production would be limited by a combination of
heat and mass transfer resistances. The importance of heat transfer as a limit to water
production is shown through the difference between the temperatures in the bulk (brine)
solution and the liquid/air interface (temperature polarization). Under the conditions of
these experiments, ∆T (Tb – Ti) had a maximum ΔT = 2.5 °C (with Tb = 80 °C, at the air
inlet and brine outlet side of the module), suggesting that the transfer of heat across a
thermal boundary layer was sufficient to supply the heat of vaporization to the gas/liquid
interface and impeded the observed rate of evaporation by no more than a few percent.
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Moreover, brine resistance to heat transfer proved to be insignificant compared to
that of the gas phase boundary layer and membrane conduction. For a brine temperature
of Tb = 70 °C, ua = 3.5 m/s, ub= 0.11 m/s and one of the PVDF membranes with pore size

dp = 0.45 μm, the calculated hw value was 12,426 W/m2 K, hm was 658 W/m2 K and ha
was 305 W/m2 K. Thus, heat transfer is limited by the air-side and membrane resistances.
The same occurs for the PVDF membrane with pore size dp = 0.22 μm. In the case of the
PTFE with pore size dp = 0.45 μm, the calculated hw value was again 12,426 W/m2 K, hm
was 986 W/m2 K and ha was 375 W/m2 K. Thus, heat transfer is limited primarily by the
air-side resistance. It remains possible, however, that the rate of brine flow was
insufficient to prevent a significant drop in temperature between the brine inlet and outlet.
This also proved not to be the case since ΔTb was in the range of 4 °C, for the highest
experimental temperature Tbi = 80°C. Nevertheless, that possibility should be revisited
when designing a practical SGMD reactor, which could for obvious reasons be
significantly longer with a longer water retention time. Under those conditions,, a brine
flow rate should be selected to provide a through-reactor temperature loss that does not
significantly impair water production at the brine exit side of the reactor.
The greatest component of energy transfer across the membrane and boundary
layers arises from the heat of vaporization and the transport of water as gas. For an
experiment with brine water temperature at Tbi = 80°C, the energy transferred across the
membrane as a consequence of phase change accounted for 93% of the total energy (as
heat) input to the module. The additional 7% was attributable to environmental losses.
The latent heat of vaporization dominates the energy requirement for SGMD suggesting
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that for this technology (SGMD) to go forward, it will be necessary to recover and reuse
most of that energy by recondensing water vapor on the sweep gas side (see Chapter 3).

Summary
Coupled heat and mass balances were used to predict permeate production during
SGMD in flat sheet module for three different membranes. Calibration steps required
only one fitted parameter—the membrane tortuosity. Experimental work validated
simulations over a range of feed water temperatures, feed water flowrates and salinities
and sweeping air flow velocities. The validated model was used to extend investigation of
relationships between the predicted water production rate, operational variables
(sweeping gas velocity) and membrane characteristics (effective pore size, porosity and
membrane thickness). Experimental and modeled results show that highest resistance to
mass transfer occurred for the membrane with lowest pore size (dp = 0.22 μm). For the
operating conditions in this study the air side boundary layer had small effect on overall
mas transport resistance. Heat transfer limitations had small effect on water production
rate. The PTFE membrane with dp = 0.45 μm, showed the highest water production.
Calculations showed the resistance to mass transport was the lowest for this membrane.
Higher pore size increased water production however there is a limit on the maximum
pore size before pore wetting occurs. For this study the PVDF membrane with a dp = 0.65
μm exhibited pore wetting when the pressure drop in the membrane module reached 44
kPa absolute. In the range of operating conditions investigated, water production was
sensitive to the brine temperature and sweep gas velocity, but not to the brine flow rate.
The reasons for this are apparent in module simulations that depend on these (and other)
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variables. Water production rates were much more sensitive to mass transfer resistance
than to heat transfer resistances.
Abbreviations
surface area over a length of a section of the
module
cp
Heat capacity
d
Diameter
df
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CHAPTER 5
SPACERS EFFECT ON HEAT AND MASS TRANSFER IN
SWEEPING GAS MEMBRANE DISTILLATION

Abstract
This study describes the effect of spacers on mass and heat transfer during
sweeping gas membrane distillation (SGMD) through a flat sheet membrane module. A
finite difference model based on heat and mass balances is used to predict water
production rate. Model simulations showed that the spacer effect is essential to agreement
of predicted and experimental values. Heat and mass transfer correlations were adapted to
account for spacer-containing channels in this work. The theoretical effect of spacers on
temperature polarization is illustrated to show that spacers affect temperature polarization
significantly. Furthermore, the impact of spacer orientation (mesh angle), mesh size and
spacer thickness on mass and heat transfer during SGMD in flat sheet modules was
established. The main spacer characteristic that affects mass transport is mesh size. Heat
transfer is positively sensitive to mesh angle between 70° and 90° and low mesh size,
which translates to low voidage of the spacer.

Introduction
Membrane Distillation (MD) is frequently used

in the food (e.g. concentrating

orange juice), medical (e.g. blood oxygenation), environmental (e.g. VOC removal) and
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petrochemical industries. The nearly 100% rejection of electrolytes, makes MD a very
attractive process for water desalination. To our knowledge, MD has been deployed for
desalination only in research and pilot scale applications due to unavailability of MD
membrane modules designed specifically for water purification [45].
There are four types of MD configurations. All operate the same way. Differences
lie only in how the vapor is recondensed on the permeate side of the membrane and the
manner in which product water is collected outside the module. Sweeping Gas Membrane
Distillation (SGMD) utilizes sweeping air to collect and transfer water vapor from the
permeate side out of the membrane module to an external condenser. SGMD is the least
studied of the MD processes [12]. Recently, effort has been focused in improving
efficiency and optimizing SGMD design. In SGMD, evaporation of water occurs on the
hot feed side of the membrane interface, followed by transport of the vapor molecules
through hydrophobic membrane pores driven by the transmembrane vapor pressure
difference, where it is collected in the sweep gas on the permeate side.
This trans-membrane vapor pressure difference is created by generating a
temperature gradient between the brine and permeate sides of the membrane. Because the
heat of vaporization is provided from the bulk brine solution, the temperatures at the
membrane surface are frequently lower than the temperature of the feed bulk solution.
This phenomenon, called temperature polarization, can degrade the driving force for
transmembrane transport, particularly in light of the super-linear relationship between
brine temperature and vapor pressure [54].
In ultrafiltration (UF) and reverse osmosis (RO) modules, promoters are
frequently inserted into flow channels to introduce wakes and some instability in laminar
121

flow [59]. Previous studies involving spacers on both the brine and gas sides decreased
temperature polarization and increased transmembrane flux compared with empty
channel controls [54]. Phattaranawik et al. (2001) developed a model based on heat and
mass transfer correlations to predict flux in Direct Contact Membrane Distillation
(DCMD) [60]. Predictions and experimental results were in good agreement. Both
exhibited a 41% flux enhancement due to spacer presence. Another study utilized 20
different spacers and examined the flux dependence on spacer characteristics for DCMD
configuration [43]. The study showed that the highest water production (60% increase in
permeate flux compared with empty channel) was achieved when a spacer with
characteristics of 0.6% voidage and 90° hydrodynamic angle was used. Additional
studies for cross-flow ultrafiltration were used to find optimal angles and distances
between filaments as well as filament shapes, values of spacer voidage and alternative
spacer arrangements [42, 61, 62].
The objective of this work is to study the influence of different spacer geometries
on the water production rate in SGMD. To that end, the authors employed a finite
difference model for flat sheet module, adapted to account for the spacer effects on both
the feed and permeate sides. Relevant heat and mass transfer models were described
previously (Chapter 4). Independent variables studied include spacer thickness, voidage
(derived from different mesh sizes) and hydrodynamic angles. Dependent variables
include rates of mass and heat transfer in SGMD. The effect of sweeping air velocity on
flux was investigated for the various spacer geometries investigated.
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Materials and Methods
The experimental setup to these experiments was identical to that described
previously (Chapter 4).The SGMD unit consisted of a flat NF sheet separating two
symmetric chambers with dimensions of 14.5 cm (length), 9.5 cm (width) and 0.15 cm
(depth)). The lone membrane used experimentally was a hydrophobic PVDF flat sheet
with area of 0.015 m2 (Millipore GVHP). Membrane properties follow: pore diameter (dp)
= 0.22 μm, porosity (ε) 75%, membrane thickness (δ) 125 μm and heat conduction
coefficient, λm = 0.18 W/m-K. Membrane tortuosity was estimated previously (Chapter
4) at τ = 4. Between both feed and permeate the chamber and the membrane, a mesh
support (spacer) was inserted to support the membrane. The spacers used consisted of
cylindrical polypropylene strands that varied in terms of filament diameter (df), mesh side
size (lm), angle of mesh (θ) (Figure 5.1. (a)) and thickness (H) (Figure 5.1. (b)).
df
Direction
of Flow

H

θ

df

lm

(a) Top View

(b) Cross Section View

Figure 5.1. Spacer Views. Spacer dimensions/properties were as illustrated.

A 0.05% NaCl solution was used as the feed, and room temperature air (24-26 oC)
was swept counter-current to the brine flow on the other side of the membrane.
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Two different spacers were utilized experimentally. On the feed side, a coarser
mesh was used (Table 5.1.). The effect of alternative spacer configurations (mesh size,
angle and thickness) on mass and heat transfer was established via numerical simulation
only. Parameters were based on a range observed among spacers that are available from
relevant manufacturers, so that model results can someday be verified experimentally
[43].
Table 5.1. Spacer Specifications. The spacers described were used within the
experimental program.
Spacer
Spacer
Mesh
Mesh
Spacer
Thickness
Filament
Spacer Specifications
Angle
Size
Identification
H [mm]a
Diameter
θ [°]a
lm
df [mm]a
[mm]a
1
Feed Side Spacer
90
0.47
2.76
1.19
Coarse
2
Fine

Permeate Air Side Spacer

45

0.17

1

0.33

a Measured

Results and Discussion
As discussed previously (Chapters 3 and 4), permeate production increased with
increasing influent brine temperature; brine feed water velocity; and, to certain extent,
sweeping gas air velocity. Permeate production was also a function of membrane
characteristics. For those cases tested experimentally, there was excellent agreement
between predicted and measured permeate production rates throughout the range of
operational conditions investigated.
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Figure 5.1. shows predicted and experimental permeate production rates at
various feed inlet temperatures (vapor pressures). The solid line represents theoretical
values of water production when the calculations included the geometrical effects of the
membrane spacer used in these experiments, and the dotted line indicated model results
without a spacer present either the brine or the permeate channel. All equations and
theoretical calculations are presented in Chapter 4. The relevant equations with
geometrical characteristics included, are equations 50 – 54 and 67. Operating conditions
for the experiments follow: ua = 3.5 m/s and ub = 0.11 m/s. The primary effect of the air
side spacer (fine spacer) was to decrease the mass transfer resistance in the air side
boundary layer by approximately ~16 times, and the heat transfer resistance of the
thermal boundary layer by ~20x. With and without the spacers, flow remained in the
laminar regime under all operating conditions modeled. This is important because in
laminar flow temperature polarization is more pronounced than in turbulent flow due to
boundary layer compression.
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2
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16
With Spacer

12
8
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4
0
0.0
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0.2
0.3
0.4
Vapor Pressure (atm)

0.5

0.6

Figure 5.1. Permeate spacer effect on calculated water production for PVDF dp = 0.22
μm, ua = 3.5 m/s and ub = 0.11 m/s

For operating conditions of ua = 3.5 m/s and ub = 0.11 m/s, temperature
polarization was more pronounced when the spacer geometry of the brine side (Spacer 1,
see Table 1 for specifications) was not included in the theoretical calculations, especially
at higher temperatures T ≥ 60 °C (Figure 5.2.). As much as 17 °C temperature difference
was predicted at 80 °C brine inlet temperature, when brine side spacer was not used
compared to the case when both spacers (coarse) were included in the theoretical
calculations. When the brine side spacer is omitted, mixing on the brine side is reduced
thus interfacial temperature on brine side is more affected by the air side temperature. To
intensify the effect, when only the air side spacer is included it is increasing the mixing
on the permeate side thus higher heat transfer from the permeate side to the brine side
which leads to higher temperature polarization. Greater temperature polarization
decreases the driving force for mass transfer and water production. The lowest
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temperature polarization occurred when the air side spacer was omitted and brine side
spacer (coarse) was included in the calculations. This occurs because the spacer on the
brine side produces better mixing, thus promoting heat transfer and maintaining higher
interfacial temperature on brine side. This raises the vapor pressure at the brine side
interface and increases driving force for mass transfer. When no spacer was used on the
permeate side temperature polarization was decreased more compared to the case when
both sides had a spacer. This occurs because of the less mixing on the air side thus the
effect of the air temperature is less on the brine interface of the membrane.
An attempt was made to examine how temperature polarization is affected by the
use of fine versus coarse spacer under the same operating conditions of ua = 3.5 m/s and

ub = 0.11 m/s (Figure 5.3.).
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Figure 5.2. Spacer effect on temperature polarization for empty permeate chamber and
spacer filled channels with coarse spacer for ua = 3.5 m/s and ub = 0.11 m/s. For spacer
descriptions, see Table 5.1.

25

No Spacer
Both Air (fine) and Brine (fine)
Only Brine (fine)
Only Air (fine)

Tbin - Ti (ºC)

20
15
10
5
0
20

40

60
Tbin (ºC)

80

100

Figure 5.3. Spacer effect on temperature polarization for empty permeate chamber and
spacer filled channels with fine spacer for ua = 3.5 m/s and ub = 0.11 m/s. For spacer
descriptions, see Table 5.1.
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Figures 5.2. and 5.3. show that the effect of spacer type on temperature
polarization follows the same pattern ΔTb, Only Air > ΔTb, Both Air and brine > ΔTb, No
Spacer > ΔTb, Only Brine. However, the fine spacer produced higher temperature
polarization in the case where only the air spacer was used by 2°C which indicates that
the fine spacer promoted slightly higher mixing then the coarse spacer. For all other cases
the effect of spacer type was smaller than 2°C with the fine spacer promoting better
mixing thus reducing temperature polarization (Figure 5.3.).
Model results show the effect of spacer geometry on the mass transfer resistance
as a function of membrane pore size. Resistance to trans-membrane transport of water
vapor arose primarily from molecular/Knudsen diffusion for membranes with pore sizes
less than 0.15 μm and molecular diffusion for membranes with larger pore sizes. The
effect of gas-phase resistance to transport across a concentration boundary layer on the
shell side of the membranes was small for the operating conditions simulated (Chapter 4).
However, absent a spacer, the effect would have been considerably larger (Figure 5.4).
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Figure 5.4. Spacer effect on the total membrane mass transfer resistance, Rtot as a function
of membrane pore size at ua = 3.5 m/s, Tb = 70°C and ub = 0.11 m/s. Spacer
characteristics were H= 0.33 m, θ = 45 ° and lm =1 mm.

This can be attributed to increased mixing on the air side, which reduced the
boundary layer resistance to mass transport. Resistance to water transport on the brine
side of the membrane was neglected since absence of concentration polarization results in
uniform water activity.
The addition of spacers in the membrane module improves water production by
reducing heat and mass transfer resistances. Thus it is reasonable to study the effect of
spacer characteristics. The mesh configuration of spacers can be rhombus, parallelogram
or square and can consist of either a two-level structure or filaments that are welded
together. The mesh can be fine or coarse, which affects the voidage of the spacer. As
previously discussed the fine spacer reduced temperature polarization by a small amount
thus providing slightly higher driving force. Geometrical parameters of the spacer that are
of potential interest include the filament diameter, spacer thickness, mesh size and
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hydrodynamic angle of the mesh. When the mesh size of the spacer was altered from 1
mm to 6 mm, the ratio of the air boundary layer resistance to the total mass transfer
resistance was reduced by a factor of 2 (Figure 5.5.). Increased mesh size increases the
voidage of the spacer, which translates to less turbulence or mixing. However, for smaller
mesh size, the voidage is lower thus the active area for mass transport is reduced. As
mentioned above, when no spacer was used, the mass transfer resistance in the air-side
boundary layer increased almost 4 times. This phenomenon is more pronounced at lower
sweeping gas velocities, where transport through the boundary layer provides a larger
fraction of the overall resistance to mass transfer. Simulations showed that the only
characteristic that had an effect on mass transfer resistance was the mesh size of the
spacer (results not shown). However, spacer characteristics can result to a higher effect
when the resistance to mass transfer on the air side boundary layer is more pronounced.
Figure 5.6. shows the calculated ratio of the air boundary layer resistance to the
total mass transfer resistance versus sweeping air velocity for a membrane with dp = 0.22
μm but with lower membrane thickness δ = 50 μm. When the thickness of the membrane
is reduced then the resistance to mass transport due the membrane characteristics is
reduced, thus the effect of the air side boundary layer is higher on the overall resistance
to mass transport. This is more pronounced when the membrane pore size is above dp >
0.15 μm as the controlling resistances are due to molecular diffusion and the air side
boundary layer. In this case, as expected, the mesh size of the spacer has a higher effect,
and the lines are further apart (Figure 5.6.).
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Figure 5.5. Mesh size (lm) spacer effect on the ratio of air side boundary layer mass
transfer resistance over the total mass transfer resistance vs. sweep air velocity for PVDF
dp = 0.22 μm, membrane thickness δ = 125 μm, Tb = 70°C and ub = 0.11 m/s. Other
spacer characteristics were H= 0.33 m and θ = 45 °
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Figure 5.6. Mesh size (lm) spacer effect on the ratio of air side boundary layer mass
transfer resistance over the total mass transfer resistance vs. sweep air velocity for PVDF
dp = 0.22 μm, membrane thickness δ = 50 μm, Tb = 70°C and ub = 0.11 m/s. Other spacer
characteristics were H= 0.33 m and θ = 45 °

We acknowledge that heat transfer has little effect in water production when
spacers are utilized (Chapter 4). However, the effect of the spacer geometry on heat
132

transfer was also investigated through simulations. As mentioned previously (Chapter 4),
the only operational parameter that has an effect on heat transfer is the sweeping gas
velocity.
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Figure 5.7. Mesh size (lm) spacer effect on the heat transfer vs. sweep air velocity for
PVDF dp = 0.22 μm, Tb = 70°C and ub = 0.11 m/s. With other spacer characteristics
constant at H= 0.33 m and θ = 45 °

When the permeate side spacer mesh size increased from 1 mm to 6 mm, the heat
transfer coefficient decreased by approximately 25 % (Figure 5.7.). This result was
expected since increasing the mesh size decreased the spacer voidage, further hindering
the transfer of heat. It should be noted that when an empty channel was used, the heat
transfer coefficient in the brine side thermal boundary layer was reduced by a factor of
10, indicating that mixing in the channel was significantly reduced. For low sweeping gas
velocities < 1 m/s, the effect of the spacer mesh size on water production was limited
because water vapor in the sweep gas reached near saturation. The reduction of voidage
has two effects on mass transport. First, it increases turbulence by increasing the velocity
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at the membrane surface, thus increasing mass transfer rates. Second, it reduces the
membrane active area for mass transport by the spacer. These effects tend to be offsetting
and limit the degree to which increasing the voidage can improve water production.
The predicted effect of hydrodynamic angle of mesh spacer on heat transfer in the
permeate-side boundary layer is shown in Figure 5.8. In the range tested, only the 45°
angle produced a significant difference in the permeate-side boundary layer heat transfer
coefficient. Coefficient values for angles of 70, 90 and 120 degrees were similar. Results
were similar to those reported previously [43]. Higher angle resulted in higher heat
transfer coefficient. Higher angle resulted in a higher heat transfer coefficient. However,
it can be observed that is not the case for an angle of 120°. The 120° angle resulted to
almost the same heat transfer coefficient as the 70° angle spacer. This suggests that there
is a limit of how large the angle of the mesh can be, before it has the opposite effect (less
optimal heat transfer). Da Costa et al. (1994) suggested that as the angle increases the
drag forces are increasing (causing higher mixing) however, at the same time as the angle
increases the direction of the flow changes with which can cause velocity losses [42].
Thus, there is an optimum angle of the spacer mesh and it is in the vicinity of 90°.
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Figure 5.8. Different spacer mesh angle effect on the heat transfer resistance vs. sweep air
velocity for PVDF dp = 0.22 μm, Tb = 70°C and ub = 0.11 m/s. With other spacer
characteristics constant at H= 0.33 m and lm = 1 mm.
Figure 5.9. shows the predicted dependence of heat transfer coefficient with
spacer thickness when the sweeping air flow varies. Lower spacer thickness causes a
higher heat transfer coefficient. A possible explanation for this effect is that as the
thickness increases the obstruction to flow increases due to the larger size of the spacer
filaments. This in turn reduces the voidage and results to reduction of the heat transfer
coefficient. It should be noted that lowest heat transfer coefficient is observed with empty
channel as expected. A 50 % increase of the thickness causes an approximate 75%
decrease in heat transfer, observation that shows high dependence of thickness on heat
transfer.
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Figure 5.9. Spacer thickness effect on heat transfer resistance vs. sweep air velocity for
PVDF dp = 0.22 μm, Tb = 70°C and ub = 0.11 m/s. With other spacer characteristics
constant at θ = 45 ° and lm = 1 mm.
MD mass transfer in devices with spacers is adequately described by the equations
provided in Chapter 4. Both heat and mass transport characteristics are functions of
spacer geometry as well as operational variables. Mass transfer is particularly sensitive to
mesh size, for example Under the operational conditions used in these simulations, the
optimal spacer geometries should have low voidage, which corresponds to low mesh
size, and a mesh angle between 70° and 90°.

Summary
The effect of spacers characteristics on SGMD water production rates was determined
using the simulation methods developed in Chapter 4. Using heat and mass transfer
correlations that were extended to account for geometric characteristics of a variety of
spacers, predictions were in excellent agreement with experimental data. The
enhancement of water production was ~160% higher when spacer geometrical
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characteristics were accounted in theoretical calculations (compared to that with no
spacers accounted), at the highest temperature of T = 80 °C. Temperature polarization
decreased when spacers were utilized, indicating that there was improved heat transfer on
the brine side of the membrane. The spacer utilized experimentally on the air side had a
hydrodynamic angle of 45°, a mesh size of 1 mm and corresponded to a of voidage of
80%. Resistance to mass transfer was found to be independent of hydrodynamic angle
and thickness of the spacer. However results were sensitive to mesh size or spacer
voidage. The highest gas phase boundary layer resistance corresponded to spacers with
high mesh size (voidage ~90%). The gas phase heat transfer coefficient was sensitive to
all three spacer characteristics, with the thickness of the spacer producing the greatest
variation. A hydrodynamic angle of 90°, low mesh size (low voidage) and low thickness
resulted in the highest heat transfer coefficient.

Abbreviations
d
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h
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CHAPTER 6

SUMMARY AND FUTURE WORK

Summary

6.1.1. Sweeping Gas Membrane Distillation: Numerical Simulation of Mass and Heat
Transfer in a Hollow Fiber Membrane Module
The finite difference model developed in this study, coupled mass and heat balances
to simulate water production during SGMD process in a hollow fiber membrane. The
following conclusions can be drawn from this study.
•

Numerical simulations are in excellent agreement with experimental data.

•

For the operating conditions investigated, water production was sensitive to the
brine temperature and sweep gas velocity, but not to the brine flow rate or salt
content.

•

For this study and at high sweeping air velocities, the production of water is
limited by the rate of mass transfer through the membrane. At low sweeping gas
velocities the limitation to mass transfer is due to the low gas velocities.

•

For pore sizes larger than 0.26 μm, limitations to mass transfer are due primarily
to the air side boundary layer.
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•

Water production rates were much more sensitive to mass transfer resistance than
to heat transfer resistances.

•

Increase of module length, beyond the point the permeate side is saturated by
water vapor, proved to be ineffective for increasing water production unless the
sweeping gas velocity increased.

•

Water recondensation within the module was necessary to match boundary
temperatures (influent and effluent) in the brine and gas flows. Inclusion of a
recondensation term on the air side of the membrane resulted in much greater
temperature variations over the length of the module in both the gas and brine
streams.

6.1.2. Sweeping Gas Membrane Distillation in a Flat Sheet Membrane Contactor
The validated model in this study examined SGMD through a Flat Sheet membrane
module and investigated the relationships between predicted water production rate,
operational variables (sweeping gas velocity) and membrane characteristics (effective
pore size, porosity and membrane thickness). The following conclusions can be drawn
from this study:
•

Numerical simulations are in excellent agreement with experimental data.

•

For the operating conditions ua = 3.5 m/s, in this study the air side boundary layer
had small effect on overall mas transport resistance unless sweeping gas velocity
was below 1 m/s.

•

Heat transfer limitations had small effect on water production rate.

•

The effect of pore size on water production was higher for PTFE membrane with
dp = 0.45 μm, and the trend was PTFE, dp = 0.45 μm > PVDF, dp = 0.45 μm >
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PVDF, dp = 0.22 μm. Theoretical calculations proved that resistance to mass
transfer was in accordance with the trend above.
•

There is a limit on the maximum pore size before pore wetting occurs, both
experimental and theoretical calculations showed that for the PVDF, dp = 0.65 μm
and the operating conditions in this study, wetting of the pore occurred.

6.1.3. Spacers Effect on Heat and Mass Transfer in Sweeping Gas Membrane
Distillation
To achieve excellent agreement between experimental data and theoretical results in
Flat Sheet SGMD, the geometrical characteristics of the spacers used had to be included
in the theoretical calculations. Through the mathematical model developed in the two
previous studies, in this study results were extended to examine geometrical effects of
spacers on mass and heat transfer coefficients. Some conclusions are shown below:
•

Numerical simulations showed that water production is enhanced by 160% when
the spacer characteristics are included in calculations.

•

Mass transfer resistance for the membrane studied in this study was sensitive only
to mesh size of the spacer. However, the effect of spacer characteristics increases
when a membrane with lower mass transfer resistance to Knudsen and Molecular
diffusion is used.

•

Heat transfer coefficient was evaluated and it was sensitive to all spacer
characteristics, with higher values for a 90° hydrodynamic angle, fine mesh size
and smallest thickness of the spacer.
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•

The temperature polarization coefficients are substantially increased and approach
to one when the spacers are used in the channels.

Future Work
MD is a promising technology for desalination and in the last few decades has
developed greatly especially in laboratory and pilot scale. However, there is still room for
further investigation and experimentation, especially in the area of SGMD as it is one of
the least studied membrane configuration. The need for commercial membrane modules
in desalination reveals several opportunities for future research. Below is list of some
areas that need focus:

•

More research on membrane properties such as pore size, porosity and thickness.
These parameters are essential for improved water production.

•

Membrane module design improvement to minimize pressure drop and enhance
sweeping gas efficiency. More research needs to be performed for HF modules as
they provide the highest area for smallest footprint.

•

Membrane materials with characteristics to optimize water production without
increasing chances for pore wetting.

•

Although all configurations have been studied, SGMD and AGMD have very
little literature. All results so far are generated in lab scale experimental systems
and there are inconsistencies between results reported. Thus, more researched is
required.

•

More research on potential hybrid MD systems. Combination of RO systems with
MD can lead to enhanced desalination processes.
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•

Large-scale MD operations are required, to gain insight how MD can be an
economically competitive treatment technology.
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APPENDIX A

SWEEPING GAS MEMBRANE DISTILLATION: NUMERICAL
SIMULATION OF MASS AND HEAT TRANSFER IN A HOLLOW FIBER
MEMBRANE MODULE
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Figure A1. Comparison of predicted brine (Tb) and sweeping gas (Ta) temperature
profiles along the length of the module, with and without recondensation for ua = 0.54
m/s, ub= 0.02 m/s and brine inlet temperature of Tb = 70 °C. x = 0 at the top of the module
(air inlet and brine outlet), and x = Lo at the end of the module (air outlet and brine inlet).
The data are provided as symbols.
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Table A1. Values of independent and dependent variables
Independent Variables

Dependent Variables

Tbin Tbout

Tain

Taout

ua

ub

[NaCl]

(˚C)

(˚C)

(˚C)

(˚C)

(m/s)

(m/s)

(g/L)

72
60
50
40
72
71
71
70
70
70
70
70
70
70
50
50
50
70
60
51
41

60.7
53.5
46.6
38
62
62
62
61
60.2
61.4
62.2
63.3
65.5
66.8
46.6
48.1
49.8
52.0
46.6
41.8
35.7

24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

67.2
58.1
48.9
39.4
66.4
65.4
64.8
65.4
65.5
65.1
66.3
67.8
68.3
69.9
48.0
49.7
50.3
62.6
55.6
48.0
39.3

0.54
0.54
0.54
0.54
0.54
0.54
0.54
0.54
0.78
0.54
0.41
0.35
0.22
0.13
0.58
0.35
0.13
0.54
0.54
0.54
0.54

0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.02
0.008
0.008
0.008
0.008

0
0
0
0
50
100
120
140
0
0
0
0
0
0
0
0
0
0
0
0
0

Permeate

Water

Molar Flux

Quality

(mol/min-m2)

(mg/L)

1.19
0.70
0.42
0.26
1.09
0.96
0.92
0.91
1.36
1.07
0.96
0.88
0.64
0.44
0.37
0.28
0.11
0.91
0.64
0.36
0.23

0.90
1.30
1.40
1.90
0.85
0.75
0.85
1.45
1.34
1.28
1.28
1.28
1.28
1.28
2.11
2.11
2.11
1.35
1.30
1.95
0.75
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VBA CODE
This code applies to both Chapter 3 and Chapter 4
Sub checksaturation()
a=4

' first row to check

b = Cells(2, 2) - 1
Do While (a < b + 4)

Cells(a, 16) = 0

' reset for calculation

dx = 0.0005

' small steps to check water condensed

Do While (Cells(a, 19).Text < 1)
Cells(a, 16) = Cells(a, 16) + dx

'column 16 for condnesation

Loop
a=a+1
Loop
End Sub
Sub Table1()
i = Cells(60, 2).Text ' holder
a = 0 ' when to stop loop
Cells(3, 3) = Cells(4, 1)

' reset brine out temperature

Do While (a < 2)
checksaturation
Cells(60 + i, 4) = Cells(3, 3) ' brine temperature in
Cells(60 + i, 3) = Cells(43, 3) ' brine temperature out
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Cells(60 + i, 5) = Cells(53, 4) ' brine flow rate
Cells(60 + i, 6) = Cells(54, 4) ' air flow rate
Cells(60 + i, 7) = Cells(43, 4) ' air temperature out
Cells(60 + i, 8) = Cells(43, 7) ' molar water out
Cells(60 + i, 9) = Cells(43, 21) ' condensed water
i=i+1
changeTb
If (Cells(43, 3) > Cells(5, 1)) Then
a = 3 ' ends loop
End If
Loop
Cells(60, 2) = i
End Sub
Sub Table()
i = Cells(60, 2).Text ' holder
a = 0 ' when to stop loop
holdValue = 1
Cells(3, 3) = Cells(4, 1)

' reset brine out temperature

Do While (a < 2)
checksaturation
If Cells(8, 1) = 1 Then
checkValue = Abs(Cells(43, 3) - Cells(9, 1))
If checkValue > 0.05 Then
GoTo continueLoop
End If
If holdValue > checkValue Then
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holdValue = checkValue
H1 = Cells(3, 3) ' brine temperature in
H2 = Cells(43, 3) ' brine temperature out
H3 = Cells(53, 4) ' brine flow rate
H4 = Cells(54, 4) ' air flow rate
H5 = Cells(43, 4) ' air temperature out
H6 = Cells(43, 7) ' molar water out
H7 = Cells(43, 21) ' condensed water
GoTo continueLoop
Else
Cells(60 + i, 4) = H1 ' brine temperature in
Cells(60 + i, 3) = H2 ' brine temperature out
Cells(60 + i, 5) = H3 ' brine flow rate
Cells(60 + i, 6) = H4 ' air flow rate
Cells(60 + i, 7) = H5 ' air temperature out
Cells(60 + i, 8) = H6 ' molar water out
Cells(60 + i, 9) = H7 ' condensed water
i=i+1
GoTo continueLoop
End If
End If
Cells(60 + i, 4) = Cells(3, 3) ' brine temperature in
Cells(60 + i, 3) = Cells(43, 3) ' brine temperature out
Cells(60 + i, 5) = Cells(53, 4) ' brine flow rate
Cells(60 + i, 6) = Cells(54, 4) ' air flow rate
Cells(60 + i, 7) = Cells(43, 4) ' air temperature out
Cells(60 + i, 8) = Cells(43, 7) ' molar water out
Cells(60 + i, 9) = Cells(43, 21) ' condensed water
i=i+1
continueLoop:
changeTb
If (Cells(43, 3) > Cells(5, 1)) Then
a = 3 ' ends loop
End If
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Loop
Cells(60, 2) = i
End Sub
Sub changeTb()
a = 0.5
If Cells(8, 1) = 1 Then a = 0.5
Cells(3, 3) = Cells(3, 3) + a

' temperature interval (it was before at 0.5)

End Sub
Sub ChangeVol()
a = 0.1
Cells(53, 4) = 0.5

'changes the brine flowrate
' interval
' reset brine flow rate to 1.35L/min

maxbrineflow = 1
Do While (Cells(53, 4) < (maxbrineflow + 0.1))
to max)

' highest brine flow rate ( + .1

Table
Cells(53, 4) = Cells(53, 4) + a
Loop
End Sub
Sub MacroAir()
in brine flowrate
a = 20
Cells(54, 4) = 10

' changes air flowrate in combination with the change
' interval
' reset to 100 L/min (minimum flow rate)

maxairflow = 160
Do While (Cells(54, 4) < (maxairflow + 5)) '
maximum)

highest flow rate

( + 5 to
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ChangeVol
Cells(54, 4) = Cells(54, 4) + a
Loop
End Sub
Sub ChangeAir()
a = 50
Cells(54, 4) = 100

' interval
' reset to 100 L/min (minimum flow rate)

maxairflow = 400
Do While (Cells(54, 4) < (maxairflow + 50)) '
maximum)

highest flow rate

( + 5 to

Table1
Cells(54, 4) = Cells(54, 4) + a
Loop
End Sub
Sub SameTbinAir()
a = 50
Cells(8, 1) = 1
Cells(54, 4) = 100

' interval
' true for same Tbin temperature
' reset to 100 L/min (minimum flow rate)

maxairflow = 400
Do While (Cells(54, 4) < (maxairflow + 50)) '
maximum)

highest flow rate

( + 5 to

Table1
Cells(54, 4) = Cells(54, 4) + a
Loop
End Sub
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APPENDIX B

SWEEPING GAS MEMBRANE DISTILLATION IN A FLAT SHEET
MEMBRANE CONTACTOR
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Table B1. Values of independent and dependent variables for experiments with membrane type PVDF, dp = 0.22 μm
Independent Variables
Dependent Variables
Tbin Tbout

Tain

Taout

ua

ub

[NaCl]

(˚C)

(˚C)

(˚C)

(˚C)

(m/s)

(m/s)

(g/L)

80
70
60
50
70
70
70
70
70
70
70
60
50
40

76.3
66.7
59.0
57.1
66.7
66.5
67.5
68.2
66.3
67.7
59.6
53.4
45.5
38.1

24
24
24
24
24
24
24
24
24
24
24
24
24
24

53.9
47.3
42.3
35.8
46.1
47.6
53.8
59.0
59.1
51.7
43.8
38.0
32.1
26.4

3.5
3.5
3.5
3.5
4.59
3.50
2.38
1.94
1.20
0.61
3.5
3.5
3.5
3.5

0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.024
0.024
0.024
0.024

0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5

Permeate

Water

Molar Flux

Quality

(mol/min-m2)

(mg/L)

13.76
9.05
6.45
3.97
9.92
9.59
8.93
8.93
6.94
3.57
7.94
3.97
2.48
1.65

1.5
3.3
1.8
2.3
3.3
3.3
1.9
2.1
6.2
1.6
3.0
3.0
2.9
1.6
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Table B2. Values of independent and dependent variables for with membrane type PVDF, dp = 0.45 μm
Independent Variables
Dependent Variables
Tbin Tbout

Tain

Taout

ua

ub

[NaCl]

(˚C)

(˚C)

(˚C)

(˚C)

(m/s)

(m/s)

(g/L)

80
70
60
50
40
70
70
70
70
70
70
70
70
60
50
40

75.2
66.5
57.8
48.7
39.7
66.5
66.8
66.9
67.4
68.0
68.5
69.0
36.3
46.0
54.8
62.9

24
24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

54.9
50.1
43.7
35.9
29.9
48.7
49.6
58.8
57.0
59.7
59.5
57.2
27.3
35.1
42.4
47.9

3.5
3.5
3.5
3.5
3.5
3.50
2.85
1.99
1.55
1.06
0.81
0.56
3.5
3.5
3.5
3.5

0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.024
0.024
0.024
0.024

0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5

Permeate

Water

Molar Flux

Quality

(mol/min-m2)

(mg/L)

17.33
11.90
6.61
4.30
2.15
11.90
11.90
9.92
7.94
5.95
4.96
3.97
1.98
3.97
5.95
9.92

1.1
1.0
2.7
1.5
3.3
1.4
1.9
1.9
2.0
1.9
1.6
1.5
1.5
3.5
3.5
3.6
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Table B3. Values of independent and dependent variables for with membrane type PTFE, dp = 0.45 μm
Independent Variables
Dependent Variables
Tbin Tbout

Tain

Taout

ua

ub

[NaCl]

(˚C)

(˚C)

(˚C)

(˚C)

(m/s)

(m/s)

(g/L)

80
70
60
50
40
70
70
70
70
70
70
70
60
50
40

74.5
66.1
57.0
48.6
39.4
66.9
66.5
66.8
67.2
67.9
66.2
54.9
50.6
45.4
36.0

24
24
24
24
24
24
24
24
24
24
24
24
24
24
24

56.3
50.2
43.3
36.4
29.7
49.6
53.0
56.0
57.9
59.7
49.5
40.4
38.9
31.6
28.1

0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.11
0.024
0.024
0.024
0.024

0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5
0.5

3.5
3.5
3.5
3.5
3.5
5.11
3.47
2.32
1.83
1.03
5.31
3.5
3.5
3.5
3.5

Permeate

Water

Molar Flux

Quality

(mol/min-m2)

(mg/L)

20.01
12.57
6.61
3.47
2.48
12.90
10.91
8.43
7.94
3.97
13.04
8.93
5.95
3.64
1.65

6.1
4.8
2.7
1.5
3.3
2.2
2.0
2.2
2.9
1.6
1.6
3.2
5.7
2.9
2.6
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