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Abstract 

In December 1, 2010 the EPA reduced the allowable sulfur content in diesel fuel to 15 

ppm, which is now known as ultra-low sulfur diesel (ULSD). In order to reach the 15 ppm sulfur 

maximum, the hydrodesulfurization unit in many refineries had to be upgraded. The group has 

been tasked with developing an upgrade catalytic hydrodesulfurization unit for a refinery in the 

Delaware Valley that can treat 35,000 barrels per stream day (BPSD) of liquid feedstock 

containing 1.9 wt % sulfur. Performance data from the existing catalytic hydrodesulfurization 

unit was used to predict the performance of the upgraded unit.  ChemCAD software was used for 

the process calculations and the feed was modeled using boiling curve data. The desulfurization 

reaction kinetics were based on the reduction of dibenzothiophene. The project goals are to 

achieve a 99% recovery of diesel fuel while reducing the sulfur content below 15 ppm. The 

liquid feedstock will be run through a packed bed reactor filled with CoMo/Al2O3 catalyst where 

the sulfur compounds will react with hydrogen gas to form hydrogen sulfide gas. An amine 

contactor will be used to remove sour gas from the recycle hydrogen stream and a distillation 

column will produce diesel.  

 

  



 
 

 The work presented in this report is the combined effort of Fausto Mares-Davila, Jason 
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1.0 Introduction 

1.1 Overall Goal 

From the transportation of goods around the world, to the generation of electric power to 

support the production of goods, diesel fuel plays a vital role in supporting the global economy 

and a high standard of living (Bacha, 2007). However, with the undivided attention of the public 

eyes on this product the environmental agencies began to regulate diesel fuel to limit its harmful 

impact on the environment. In the recent years, there has been a movement to lower the sulfur 

content of gasoline and diesel fuels.  On December 1, 2010 the Environmental Protection 

Agency (EPA) regulated and reduced the amount of sulfur allowed in on-road diesel fuel to 

below 15 ppm which is now referred to as ultra-low sulfur diesel (ULSD). While ULSD allows 

the implementation of advanced exhaust after-treatment technology on the new diesel engines, it 

also reduces the sulfate emission of the existing diesel engines (Bacha, 2007). 

The group is tasked to design the upgraded unit for the refinery in the Delaware Valley 

which had a base operation at 500 ppm of sulfur content but now anticipates a requirement of 

over an order of magnitude lower sulfur. To meet the new specification the group is to develop a 

catalytic hydrodesulfurization (HDS) unit to treat 35,000 barrels per stream day (BPSD) of liquid 

feedstock to reduce the sulfur content from 1.9 wt. % to the proposed target of 15 ppm (Quale, 

2000). Not only is the reduction of the sulfur content the challenge but the group was also tasked 

to achieve a 99% recovery based on blended feed (34,650 BPSD). 

  

1.2 Current Market Information 

Although the unit is designed to produce an ULSD diesel fuel, this unit also produces a 

desulfurized naphtha product that can be sold or reused within the refinery. Naphtha is separated 

from the overhead stream in the final distillation tower whereas the treated diesel is the bottoms 

product. Naphtha is the lighter end of the middle distillate with hydrocarbons typically with 

between 5-10 carbon atoms (ICIS). In the petrochemical industry, naphtha is an important 

feedstock for steam crackers in manufacturing olefins and aromatics. It can also be used for 

commercial products such as solvents and cleaning fluids. Naphtha is currently priced at 

$0.9165/gallon (Addington, 2016).  

On the other hand, the diesel produced in this plant is ultra-low sulfur on-road diesel and 

its primary use is on-road transportation. The Energy Information Administration (EIA) 
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estimated that the worldwide production of diesel fuel in 2002 was nearly 197 billion gallons and 

research conducted by Chevron Corporation from 1999 to 2004 concluded that the sales of on-

road diesel in the United States has been increasing by nearly 3 percent annually (Bacha, 2007). 

Diesel is currently priced at $2.128/gallon (EIA, 2016). Studies done by the EIA projected a 

decline in motor gasoline consumption due to a stricter fuel economy standards estimated by the 

National Highway Transportation Safety Administration (NHTSA) which will require new light-

duty vehicle to average 49 miles per gallon in vehicle model year 2025 whereas the current 

estimate is 33 miles per gallon for vehicle model year 2012. Although the gasoline use is 

projected to decline by 2040, the consumption of diesel fuel is projected to incline. A strong 

increase in heavy-duty vehicles miles traveled (VMT) leads to increases in diesel consumption 

even as diesel fuel economy increases in response to EPA regulations, making diesel fuel a 

strong commodity (EIA, 2016). 

  

1.3 Project Premises and Assumptions 

The HDS unit is composed of two major components: a hydrodesulfurization reactor and 

a separation/purification section. A packed bed reaction was chosen for the catalytic 

desulfurization of the liquid feedstock based on its ability to achieve high per pass conversions 

per weight of catalyst. The maximum reactor outlet temperature at the end-of-cycle is set at 

750˚F to avoid increasing the catalyst deactivation rate which would reduce the cycle length. 

This limitation will also ensure that the final product will not have a color greater than specified 

in ASTM 2.0 (Quale, 2009). 

Middle distillates contain various types of sulfur species and the sterically hindered 

dibenzothiophenes (DBT) are among the most difficult to remove when ultra-low sulfur content 

is required (Palmer, 2009). In order to for the group to be able to perform hand calculations and 

process simulations, it was assumed that the 1.9 wt. % of sulfur in the liquid feed blend was 

solely from the DBT compound. The DBT reacts with hydrogen in presence of CoMo/Al2O3 

catalyst to yield hydrogen sulfide and biphenyl which is the desulfurized form of the DBT. The 

main desulfurization reaction is described as: 

 

!!"!!! + 2!!
!"#"/!"!!! !!"!!" +  !!! 

 



3 
 

The production of hydrogen sulfide is an important factor for the designing of any 

chemical plant due to its corrosive nature and high toxicity. The safety considerations for the 

presence of hydrogen sulfide will be discussed in the safety and environmental section. After 

processing in the packed bed reactor, the effluent will be passed through a series of separation 

stage consisting of a hot high pressure separator (HHPS), a cold high pressure separator (CHPS) 

and a distillation column. The separation units provide for the removal of the hydrogen sulfide 

and other inert components from the recycled hydrogen stream; and, separate the naphtha from 

the treated diesel product before transfer to tankage. The sour gas and water will be sent to the 

refinery for further processing. The sour gas is generally sent to a Claus process plant to further 

break down the hydrogen sulfide to yield elemental sulfur (Van Scoy, 1978), but the group 

assumed that the Delaware Valley refinery will take care of the waste streams from the HDS 

unit. Purge gas from the HDS which contains hydrogen and a small amount of hydrocarbon is 

sent to the refinery fuel gas system.  

The operating conditions and the sizing of the separation units will be optimized to meet 

the 99% diesel fuel recovery specification as well. 

The key process variables in this HDS unit are: 

-Space velocity 

-Hydrogen partial pressure 

-Hydrogen recirculation rate 

-Make up hydrogen purity 

-Cycle length 

-Reactor start-of-cycle and end-of-cycle temperature 

This unit only requires two feeds: liquid feed blend from the refinery and hydrogen. 

Since the refinery does not have a reforming unit or a hydrogen plant, hydrogen feedstock will 

be purchased from a third party (Quale, 2009). The hydrogen will be transported to the unit by a 

pipeline system from a local hydrogen production facility to the HDS unit battery limits and 

therefore the group is only responsible for estimating the cost for the hydrogen itself. 

The utilities will also be provided by the refinery which include refinery fuel gas, 

electricity, cooling water, steam, and amine solution used for the removal of hydrogen sulfide 

and it is assumed that an unlimited supply of utilities is provided. 
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The entire chemical process was simulated using ChemCAD which is a very useful tool 

for compiling mass balance tables, sizing major equipment and calculating heat duty and power 

requirement for auxiliary equipment such as heat exchangers and pumps. Diesel is not a single 

chemical compound but a complex mixture of different compounds, mainly hydrocarbons with 

10 to 22 carbons belonging to the paraffinic, naphthenic and aromatic groups (Bacha, 2007). 

Because of the complexity of the mixture it is not possible to specify the liquid feedstock on a 

component-by-component basis in ChemCAD. However, ChemCAD has the ability to generate 

crude oil pseudo-components based on the user provided boiling curves known as the “blend 

option”. This unique feature allows initialization of a diesel stream by entering the distillation 

curve points of a conventional diesel mixture. However, this diesel stream is a mixture of 

hydrocarbons only and the group had to manually calculate and input the composition of DBT 

into the feed stream. The makeup hydrogen feed has a low concentration of inert components 

such as nitrogen and light hydrocarbons which were manually initialized in ChemCAD. 

 

2.0 Overall Process Description, Rationale, and Optimization 

2.1 Overall Process Description  

         The process of hydrodesulfurization is fully explained in this section. A block flow 

diagram of this process can be found in section 2.2 and the process flow diagram can be found in 

section 2.3. Stream tables, equipment tables, utility tables, and rationale for process choice can 

be found in section 2.4, 2.5, 2.6 and 2.7 respectively. 

         The main reaction of hydrodesulfurization of diesel fuel is modeled as the desulfurization 

reaction of DBT by the addition of hydrogen in the presence of CoMo/Al2O3 catalyst. It is a high 

temperature, high pressure reaction and the first few steps are designed to increase the 

temperature and pressure of the feed to the acceptable operating condition. The pressure drops 

across equipment and piping are estimated using values from previous papers (Quale, 2000). 

This process begins with 35000 BPSD of untreated liquid blend feed, entrained with 1.9 wt. % of 

sulfur in DBT, entering a surge drum, V-101. The purpose of the surge drum is to absorb sudden 

changes in pressure, temperature and concentration to maintain a steady feed flow to the unit. 

The feed is coming in at approximately room temperature, 80°F, and 50 psig. Then the liquid 

blend is pressurized by a centrifugal pump, P-101, to 1074 psia. The high-pressurized liquid 

blend will be passed through a series of heat exchanger, E-101 and E-102, to heat it up to 628°F. 
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Using the heat from the treated diesel and reactor effluent stream in these heat exchangers result 

in the decreasing the heat duty prior to the fired heater and results in reduction of the operating 

cost. The high-pressurized hydrogen feed is combined with the effluent of the first heat 

exchanger. 

The fired heater, H-101, was used to heat the mixture of the liquid blend and hydrogen to 

the start-of-cycle (SOC) temperature at the inlet of the first bed of the packed bed reactor which 

was 633.7°F. Calculation of the SOC temperatures at the inlet of the two beds at the reactor can 

be found in Section B of the appendices. Since the series of heat exchangers prior to the fired 

heater supplied adequate amount of heat to the liquid feed blend, the fired heater only needed to 

increase the temperature of the feed by 5.7°F. 

The packed bed reactor, R-101, has two catalytic beds, with a cold shot of additional 

hydrogen in between to quench the influent to the second bed to its SOC temperature. At the 

inlet of the first packed bed, the hot, high-pressure feed is mostly vaporized and the vapor mole 

fraction at stream 7 is 0.69. Although the packed bed reactor is equipped with two beds, most of 

the conversion is achieved in the first bed. 95% conversion of DBT to biphenyl is achieved in the 

first bed. Since the desulfurization reaction of DBT is exothermic, the temperature of the bed 

rises to 710°F. In order to avoid reaching the maximum allowed temperature of 750°F to prevent 

the increase in the deactivation rate of the catalyst, a cold shot of high-pressure hydrogen at 

500°F was introduced prior to the inlet of the second catalytic bed of the reactor. 43.4% of the 

total hydrogen feed was sent as the cold shot to the inlet of the second bed where the temperature 

was lowered to the calculated SOC temperature of 684.3°F. At the outlet of the second bed of the 

reactor 99.9% conversion of the DBT to biphenyl was achieved. The reaction was modeled as a 

liquid reaction, mixed phase in ChemCAD to make the reaction converge. 

The hot reactor effluent, composed of ULSD diesel, unreacted hydrogen, hydrogen 

sulfide and other inert components, is passed through a series of heat exchangers, E-102 and E-

103, to heat up the liquid feed blend and make up hydrogen. The reactor effluent is then sent to 

the first stage of the separation/purification section, the hot high-pressured separator (HHPS), V-

102. The purpose of the separation section in this unit is to recover 34,650 BPSD of ULSD 

diesel. The HHPS, modeled as a horizontal vessel in ChemCAD, operates at 550.8°F and 

888.7psia. The bottoms stream, stream 12, is a mixture of mostly treated diesel and naphtha, with 

some entrained hydrogen sulfide and inert components and is sent to the distillation tower, T-
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201, for further processing. The vapor stream from the HHPS, stream 13, is a mixture of 

vaporized ULSD diesel, hydrogen, hydrogen sulfide and inert hydrocarbons which is sent to the 

cold high-pressure separator (CHPS), V-201. However, prior to the separation in the CHPS, the 

vapor stream from the HHPS is combined with fresh water to allow some removal of hydrogen 

sulfide then sent through a condenser, E-201, to lower the temperature of stream 29 to the 

recommended temperature of 110°F (Netzer, 2001). The purpose of the CHPS is to condense out 

the vaporized ULSD diesel from HHPS to make sure the unit achieves a 99% recovery of the 

liquid feed stock. Sour water stream, stream 33, is sent to the refinery where it is properly 

disposed. The CHPS bottoms stream, stream 32, is similar to the composition of the bottoms 

stream of the HHPS and it combines with stream 12 to be sent to the distillation tower. The 

vapor stream exiting the CHPS, stream 31, is 87.6% hydrogen, which will be recycled back into 

the system after the hydrogen sulfide is removed from the stream. In order to remove the 

hydrogen sulfide, the vapor stream from HHPS is sent to an amine gas treating unit, T-202. The 

sour gas is contacted with a 60% by weight diglycolamine (DGA) solution in a countercurrent 

flow, a popular lean amine solution in gas sweetening units for its ability to be able to be used in 

high concentrations (Jaya, 2012). The lean amine solution entering the absorber unit has a 

residual acid gas to DGA ratio of 0.1 mole H2S/mole DGA. The rich amine solution exiting the 

absorber tower at the bottoms stream, stream 34, has 0.383 mole H2S/mole DGA which meets 

the recommended rich amine pick up solution concentration (Jaya, 2012). The rich amine 

solution is sent to the refinery where it will be taken care of. The vapor stream leaving the 

absorber is a hydrogen stream that will be recycled back into the reactor. However, since the 

make up hydrogen feed has small amounts of inert component such as nitrogen and light 

hydrocarbons, a portion of this hydrogen stream is purged to prevent the buildup of inert gases in 

the system. The purge stream, stream 36, is 13.9% of the total recycle hydrogen stream, stream 

35. The combination of the recycle hydrogen and make up hydrogen stream being sent back to 

the reactor, stream 18, is sent to a suction tank, V-103, to condense out the steam in that stream 

before the compression by C-102 A/B. The purpose of the suction tank is to separate the liquids 

from the vapor stream so only vapor reaches the compressor since liquids cause expensive 

rotating and reciprocating compressor failures (Barringer, 2012). 

The absorption of hydrogen sulfide by DGA is an absorption reaction, not a chemical 

reaction and it was modeled in ChemCAD by using a component separator that serves as a black-
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box separator, allowing the user to split the input streams into two output streams of thermal 

conditions instead of using a conventional unit operations equipment. To determine the 

compositions of the output streams, equilibrium data of DGA and hydrogen sulfide was used and 

the hand calculation is shown in section B of appendices (Martin, 1978). 

The combined stream of the bottoms from the HHPS and CHPS is sent to the distillation 

tower, T-201, for final processing. Before the stream enters the distillation tower, it goes through 

an expander to achieve a significant pressure drop to 65 psia. In the 30-stage distillation tower, 

the hydrogen sulfide generated in the reactor, unreacted hydrogen and inert components 

saturated in the treated diesel are removed from the diesel product. The bottoms product, stream 

50, is passed through heat exchanger E-101 to heat up the liquid feed blend. Exiting diesel 

product has a sulfur content of well below the targeted 15 ppm and is at 100°F and 35 psig as 

required by the product specification (Brinker, 2016). The overhead stream contains a significant 

amount of naphtha that must be recovered to meet the 34,650 BPSD requirement. To recover the 

naphtha, the overhead component is sent to a horizontal vessel, V-202, at 350°F. The vapor 

stream, stream 45, is a mixture of hydrogen sulfide, hydrogen and inert light hydrocarbons and is 

sent to the refinery to be taken care of. The bottoms product is naphtha, and a portion of that 

stream is sent back to the distillation column as reflux, and the rest is sent to the product tank. 

The final product is the combination of the diesel product and naphtha stream, stream 25 and 42 

respectively. The sum of these two product streams is 34778.5 BPSD, yielding a 99.4% recovery 

of the liquid feed blend to satisfy the unit requirement. 
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Fig. 2.2.2: Second Section of Diesel Fuel Production Plant 
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2.3 Process Flow Diagrams 
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2.4 Stream Tables 

 
 
 
 
 
 
 
 

Stream 1 2 3 4 5 6 7 8 9 10
Temperature (˚F) 80.00 80.00 80.75 573.31 553.79 628.00 633.70 687.00 628.70 595.31
Pressure (psia) 64.70 64.70 1074.00 1067.00 1052.00 1050.00 1000.00 931.70 911.70 898.70
Volumetric Flow Rates (ft3/h) 799312.31 799312.31 799312.31 799312.31 2485912.50 2485912.50 2485912.50 3684869.25 3684869.25 3684869.25
Total Mass Flow Rate (lb/h) 447482.38 447482.38 447482.38 447482.38 470792.06 470792.06 470792.06 488855.25 488855.25 488855.25
Total Mole Flowrate (lbmol/h) 2106.34 2106.34 2106.34 2106.34 6550.86 6550.86 6550.86 9710.35 9710.35 9710.35
Component Mixed Oil Mixed Oil Mixed Oil Mixed Oil Oil & Gas Mix Oil & Gas Mix Oil & Gas Mix Reactor Effluent Reactor Effluent Reactor Effluent
Vapor Fraction 0.00 0.00 0.00 0.00 0.66 0.68 0.69 0.87 0.83 0.81

Component Flowrates (lbmol/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 1855.01 1855.01 1855.01 1855.01 1857.68 1857.68 1857.68 1859.73 1859.73 1859.73
Dibenzothiophene      251.33 251.33 251.33 251.33 251.33 251.33 251.33 0.00 0.00 0.00
Hydrogen    0.00 0.00 0.00 0.00 3970.61 3970.61 3970.61 6513.14 6513.14 6513.14
Nitrogen 0.00 0.00 0.00 0.00 52.87 52.87 52.87 93.45 93.45 93.45
Methane                  0.00 0.00 0.00 0.00 151.30 151.30 151.30 267.41 267.41 267.41
Ethane                 0.00 0.00 0.00 0.00 107.46 107.46 107.46 189.94 189.94 189.94
Propane                  0.00 0.00 0.00 0.00 90.80 90.80 90.80 160.50 160.50 160.50
I-Butane               0.00 0.00 0.00 0.00 22.53 22.53 22.53 39.82 39.82 39.82
N-Butane                0.00 0.00 0.00 0.00 17.21 17.21 17.21 30.41 30.41 30.41
I-Pentane 0.00 0.00 0.00 0.00 7.80 7.80 7.80 13.78 13.78 13.78
N-Pentane          0.00 0.00 0.00 0.00 3.71 3.71 3.71 6.55 6.55 6.55
Hexane                0.00 0.00 0.00 0.00 5.53 5.53 5.53 9.78 9.78 9.78
Hydrogen Sulfide         0.00 0.00 0.00 0.00 3.85 3.85 3.85 259.09 259.09 259.09
Biphenyl            0.00 0.00 0.00 0.00 0.00 0.00 0.00 252.29 252.29 252.29
Water              0.00 0.00 0.00 0.00 8.18 8.18 8.18 14.45 14.45 14.45
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table 2.4.1 : Stream Table for the hydrodesulfurization of diesel fuel, streams 1-10
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Stream 11 12 13 14 15 16 17 18 19 20
Temperature (˚F) 550.70 550.70 550.70 539.70 580.00 100.00 587.83 242.85 242.85 267.76
Pressure (psia) 888.70 888.70 888.70 65.00 877.20 114.70 1064.00 959.00 959.00 1064.00
Volumetric Flow Rates (ft3/h) 3684869.25 759096.19 2925773.50 950126.25 191030.06 691976.00 691976.00 2980933.00 2980933.00 2980933.00
Total Mass Flow Rate (lb/h) 488855.25 380689.00 108172.83 449022.00 68332.91 12687.56 12687.56 41197.92 41197.92 41197.92
Total Mole Flowrate (lbmol/h) 9710.35 2000.37 7709.98 2503.77 503.40 1823.49 1823.49 7855.34 7855.34 7855.34
Component Reactor Effluent Treated Oil Reactor Effluent Treated Oil Treated Oil Fresh Hydrogen Fresh Hydrogen Hydrogen Gas Hydrogen Gas Hydrogen Gas
Vapor Fraction 0.79 0.00 1.00 0.29 0.00 1.00 1.00 1.00 1.00 1.00

Component Flowrates (lbmol/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 1859.73 1527.28 332.45 1854.24 326.96 0.00 0.00 4.72 4.72 4.72
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    6513.14 180.55 6332.43 196.84 16.29 1584.23 1584.23 7017.74 7017.74 7017.74
Nitrogen 93.45 2.86 90.59 3.38 0.52 15.97 15.97 93.45 93.45 93.45
Methane                  267.41 12.17 255.25 16.18 4.01 51.27 51.27 267.40 267.40 267.40
Ethane                 189.94 14.18 175.81 26.68 12.50 49.45 49.45 189.93 189.93 189.93
Propane                  160.50 17.06 143.51 44.50 27.44 60.64 60.64 160.49 160.49 160.49
I-Butane               39.82 5.47 34.37 17.07 11.61 20.24 20.24 39.82 39.82 39.82
N-Butane                30.41 4.54 25.88 15.46 10.92 17.54 17.54 30.41 30.41 30.41
I-Pentane 13.78 2.63 11.15 9.57 6.94 10.16 10.16 13.78 13.78 13.78
N-Pentane          6.55 1.32 5.23 4.88 3.56 5.11 5.11 6.55 6.55 6.55
Hexane                9.78 2.59 7.19 8.74 6.15 8.89 8.89 9.78 9.78 9.78
Hydrogen Sulfide         259.09 23.38 235.71 52.75 29.36 0.00 0.00 6.81 6.81 6.81
Biphenyl            252.29 206.09 46.20 252.29 46.20 0.00 0.00 0.01 0.01 0.01
Water              14.45 0.24 14.21 1.18 0.94 0.00 0.00 14.45 14.45 14.45
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table 2.4.2 : Stream Table for the hydrodesulfurization of diesel fuel, streams 11-20
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Stream 21 22 23 24 25 26 27 28 29 30
Temperature (˚F) 242.85 500.00 500.00 500.00 100.00 120.00 93.00 96.97 320.93 110.00
Pressure (psia) 959.00 1057.00 1057.00 1057.00 50.00 965.00 89.70 888.70 888.70 887.20
Volumetric Flow Rates (ft3/h) 0.00 2980933.00 1294333.00 1686600.13 781328.88 1333604.38 1204028.00 1204028.00 4129801.50 4129801.50
Total Mass Flow Rate (lb/h) 0.00 41197.92 17888.30 23309.63 434058.00 125755.19 57158.85 57158.85 165331.67 165331.67
Total Mole Flowrate (lbmol/h) 0.00 7855.34 3410.82 4444.52 2058.95 3514.31 3172.85 3172.85 10882.83 10882.83
Component Water Hydrogen Gas Cold Shot Hydrogen Gas Diesel Lean Amine Wash Water Wash Water Reactor Effluent Reactor Effluent
Vapor Fraction 1.00 1.00 1.00 1.00 0.00 0.00 0.00 0.00 0.76 0.66

Component Flowrates (lbmol/h)
Diesel 0.00 0.00 0.00 0.00 2058.95 0.00 0.00 0.00 0.00 0.00
Mixed Oil 0.00 4.72 2.05 2.67 0.00 0.00 0.00 0.00 332.45 332.45
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    0.00 7017.74 3047.13 3970.61 0.00 0.00 0.00 0.00 6332.43 6330.34
Nitrogen 0.00 93.45 40.58 52.87 0.00 0.00 0.00 0.00 90.59 90.04
Methane                  0.00 267.40 116.11 151.30 0.00 0.00 0.00 0.00 255.25 255.25
Ethane                 0.00 189.93 82.47 107.46 0.00 0.00 0.00 0.00 175.81 175.81
Propane                  0.00 160.49 69.69 90.80 0.00 0.00 0.00 0.00 143.51 143.51
I-Butane               0.00 39.82 17.29 22.53 0.00 0.00 0.00 0.00 34.37 34.37
N-Butane                0.00 30.41 13.21 17.21 0.00 0.00 0.00 0.00 25.88 25.88
I-Pentane 0.00 13.78 5.99 7.80 0.00 0.00 0.00 0.00 11.15 11.15
N-Pentane          0.00 6.55 2.84 3.71 0.00 0.00 0.00 0.00 5.23 5.23
Hexane                0.00 9.78 4.25 5.53 3.41 0.00 0.00 0.00 7.19 7.19
Hydrogen Sulfide         0.00 6.81 2.96 3.85 0.00 70.33 0.00 0.00 235.71 234.60
Biphenyl            0.00 0.01 0.00 0.00 249.96 0.00 0.00 0.00 46.20 46.20
Water              0.00 14.45 6.27 8.18 0.00 2740.19 3172.85 3172.85 3187.06 3187.06
Diglycolamine   0.00 0.00 0.00 0.00 0.00 703.79 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 1.11

Table 2.4.3 : Stream Table for the hydrodesulfurization of diesel fuel, streams 21-30
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Stream 31 32 33 34 35 36 37 38 39 40
Temperature (˚F) 110.00 110.00 110.00 118.70 118.50 118.50 118.50 350.00 350.00 350.00
Pressure (psia) 887.20 887.20 887.20 959.00 959.00 959.00 959.00 60.00 60.00 60.00
Volumetric Flow Rates (ft3/h) 2734756.50 191030.06 1204015.13 1407580.50 2660781.00 371823.50 2288956.75 980882.09 980882.09 827638.54
Total Mass Flow Rate (lb/h) 39840.51 68332.91 57158.24 132454.05 33141.64 4631.29 28510.37 453935.64 453935.64 443964.43
Total Mole Flowrate (lbmol/h) 7206.62 503.40 3172.81 3709.25 7011.68 979.83 6031.85 2584.81 2584.81 2180.99
Component Sour Gas Treated Oil Sour Water Rich Amine Recycle Gas Purge Gas Recycle Gas Distillate Distillate Naphtha
Vapor Fraction 1.00 0.00 0.00 0.00 1.00 1.00 1.00 1.00 1.00 0.00

Component Flowrates (lbmol/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 5.49 326.96 0.00 0.00 5.49 0.77 4.72 1721.94 1721.94 1705.33
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    6316.14 16.29 0.00 0.00 6316.14 882.63 5433.51 199.92 199.92 3.14
Nitrogen 90.07 0.52 0.00 0.00 90.07 12.59 77.48 3.49 3.49 0.11
Methane                  251.24 4.01 0.00 0.00 251.24 35.11 216.13 17.53 17.53 1.38
Ethane                 163.30 12.50 0.00 0.00 163.30 22.82 140.48 36.40 36.40 9.90
Propane                  116.07 27.44 0.00 0.00 116.07 16.22 99.85 90.58 90.58 46.97
I-Butane               22.76 11.61 0.00 0.00 22.76 3.18 19.58 53.19 53.19 36.81
N-Butane                14.96 10.92 0.00 0.00 14.96 2.09 12.87 59.88 59.88 45.27
I-Pentane 4.21 6.94 0.00 0.00 4.21 0.59 3.63 65.27 65.27 56.77
N-Pentane          1.67 3.56 0.00 0.00 1.67 0.23 1.44 39.64 39.64 35.42
Hexane                1.04 6.15 0.00 0.00 1.04 0.15 0.89 86.41 86.41 82.63
Hydrogen Sulfide         205.24 29.36 0.00 268.76 6.81 0.00 6.81 85.71 85.71 33.60
Biphenyl            0.01 46.20 0.00 0.00 0.01 0.00 0.01 123.18 123.18 123.17
Water              13.30 0.94 3172.81 2736.70 16.80 2.35 14.45 1.67 1.67 0.50
Diglycolamine   0.00 0.00 0.00 703.79 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 1.11 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table 2.4.4 : Stream Table for the hydrodesulfurization of diesel fuel, streams 31-40
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Stream 41 42 43 44 45 46 47 48 49 50
Temperature (˚F) 350.00 350.00 350.00 350.00 350.00 586.30 586.30 586.30 586.30 586.30
Pressure (psia) 60.00 70.00 60.00 60.00 60.00 60.00 60.00 60.00 60.00 65.00
Volumetric Flow Rates (ft3/h) 15553.91 15553.91 812084.63 812084.63 153243.55 1133856.58 781328.88 352527.70 352527.70 781328.88
Total Mass Flow Rate (lb/h) 4992.43 4992.43 438972.00 438972.00 9971.21 629900.58 434058.00 195842.58 195842.58 434058.00
Total Mole Flowrate (lbmol/h) 40.99 40.99 2140.00 2140.00 403.83 2988.35 2058.95 929.40 929.40 2058.95
Component Naphtha Naphtha Reflux Reflux Fuel Gas Bottoms Product Diesel Product Diesel Product Diesel Product Diesel
Vapor Fraction 0.00 0.00 0.00 0.00 1.00 0.00 0.00 0.00 0.00 0.00

Component Flowrates (lbmol/h)
Diesel 0.00 0.00 0.00 0.00 0.00 2982.99 2055.55 927.44 927.44 2055.55
Mixed Oil 32.05 32.05 1673.28 1673.28 16.61 0.00 0.00 0.00 0.00 0.00
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    0.06 0.06 3.08 3.08 196.78 0.00 0.00 0.00 0.00 0.00
Nitrogen 0.00 0.00 0.11 0.11 3.38 0.00 0.00 0.00 0.00 0.00
Methane                  0.03 0.03 1.35 1.35 16.15 0.00 0.00 0.00 0.00 0.00
Ethane                 0.19 0.19 9.71 9.71 26.50 0.00 0.00 0.00 0.00 0.00
Propane                  0.88 0.88 46.08 46.08 43.61 0.00 0.00 0.00 0.00 0.00
I-Butane               0.69 0.69 36.12 36.12 16.38 0.00 0.00 0.00 0.00 0.00
N-Butane                0.85 0.85 44.42 44.42 14.61 0.00 0.00 0.00 0.00 0.00
I-Pentane 1.07 1.07 55.70 55.70 8.50 0.00 0.00 0.00 0.00 0.00
N-Pentane          0.67 0.67 34.76 34.76 4.21 0.00 0.00 0.00 0.00 0.00
Hexane                1.55 1.55 81.08 81.08 3.78 4.95 3.41 1.54 1.54 3.41
Hydrogen Sulfide         0.63 0.63 32.97 32.97 52.12 0.00 0.00 0.00 0.00 0.00
Biphenyl            2.31 2.31 120.85 120.85 0.01 362.74 249.96 112.78 112.78 249.96
Water              0.01 0.01 0.49 0.49 1.17 0.00 0.00 0.00 0.00 0.00
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table 2.4.5 : Stream Table for the hydrodesulfurization of diesel fuel, streams 41-50
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2.5 Equipment Tables 

Table 
Key     

MOC 
Materials of 
Construction 

 Temp. Temperature 
 H2 Hydrogen  
 H2S Hydrogen Sulfide 
 DGA Diglycolamine 
 SS Stainless Steel 
 CS Carbon Steel 
 Cr Chrome   

 

 

 

 

Heat Exchanger E-101 E-102 E-103 E-104 E-201 E-202 E-203
Type U tube U tube Fixed head Fixed head Fixed head Fixed head Fixed head
Area (ft2) 185,553.21 10,537.02 1336.35 2375.61 5846.13 6078.19 2140.16
Duty (Btu/hr) 12130000 28114100 16015800 18893300 48572800 59140900 66783300
Cold Side
Stream, inlet 3 5 19 31 Utility water Utility water Utility water
Stream, outlet 23 6 20 15 Utility water Utility water Utility water

Diesel & H2 Treated Cooling water 
&

Overhead 
Product

Bottoms 
product

H2 mixture
Make up & 

Recycle  Diesel  Reactor effluent
(Naphtha & 
purge gas) (Diesel)

Mass Flow (lb/hr) 447482.4 470905.3 41398.06 489061.8 108383.1 14971.59 434057.9
Temp. (°F), In 80.8 553.8 268 110 93 93 93
Temp. (°F), Out 573.4 628 500 580 120 120 93
Pressure (psia) 1074 1052 911.7 898.7 888.7 60 60
Phase Liquid Liquid &Gas Gas Liquid Liquid Liquid Liquid
MOC Shell (Cr) Shell (Cr) Shell (SS) Shell (SS) Shell (SS) Shell (SS) Shell (SS)
Hot Side
Stream, inlet 49 8 9 10 26 35 44
Stream, outlet 4 9 10 11 27 36 45

Reactor H2S &

Effluent Lean Amine

Temp. (°F), In 586.4 687 628.7 595.3 550.7 350 586.4
Temp. (°F), Out 100 628.7 595.3 550.7 110 350 586.4
Pressure (psia) 1067 1050 1057 888.7 887.2 60 60
Phase Liquid Gas Gas Gas Liquid & Gas Liquid & Gas Liquid
MOC Tube (SS) Tube (SS) Tube (SS) Tube (SS) Tube (SS) Tube (SS) Tube (SS)

Diesel & H2S Fuel Gas

Mass Flow (lb/hr)

Table	2.5.1:	Equipment	Table	for	Heat	Exchangers

Component Diesel Feed

Component Feed Diesel H2S H2S



18 
 

 

Table 2.5.2: Equipment Table for Heater 
Heater H-103 
Type Box type Fired 

Tube Pressure (psia) 1050 

Tube Temp. (°F) 628 
Duty (Btu/hr) 2414140 
Component Diesel & H2 

Fuel Refinery Fuel gas 

MOC SS 

 

 
Table 2.5.3: Equipment Table for Vessels 

 Vessel V-101 V-102 V-103 V-201 V-202 

Type Feed Drum 
Hot High 
Pressure 
Separator 

Suction 
Tank 

Cold High 
Pressure 
Separator 

Reflux 
Drum 

Temp. (°F) 80 550.7 242.8 100 350 
Pressure 
(psia) 64.7 888.7 959 887.2 60 
Orientation Horizontal Horizontal Horizontal Horizontal Horizontal 

Component 
Diesel 
Feed 

Reactor 
Effluent H2 

Reactor 
Effluent 

Naphtha &  
Purge gas 

MOC CS 
1 1/4" Cr  

1/2" 
molybdenum 

Chromium 
Molybdenu

m Steel 
(Low alloy 

steel) 

Carbon Steel SS 304 

Size 
     Length (ft) 25.47 43.94 18 22.52 13.7 

Diameter (ft) 8.3 10.99 6 5.63 4.5 
Volume (ft3) 1378.08 4168.17 508.94 560.63 217.89 
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Table 2.5.4: Equipment Table for Towers 
Tower T-201 T-202 
Type Distillation Tower Absorption Tower 

Temp. (°F) 539.7 120 
Pressure (psia) 65 965 

Orientation Vertical Vertical 

Component Treated Diesel 
 Gas mix 

H2S, H2, 
inerts & DGA 

MOC 1 1/4" Cr  
1/2" molybdenum 

1 1/4" Cr  
1/2" molybdenum 

Size   
Height (ft) 60 40 

Diameter (ft) 11.5 3.5 
Number of Trays 30 20 

Type of Trays Sieve Sieve 
Internals (type of packing) N/A N/A 

Height of Packing (ft) N/A N/A 
Volume (ft^3) 6232.13 384.85 
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Table 2.5.5: Equipment Table for Reactor 
Reactor R-101 

Type Packed Bed Reactor 
Temp.in (°F) 633.7 

Temp.out (°F) 687 
Pressure in (psia) 1000 

Pressure out (psia) 931.7 
Orientation Vertical 
Component Diesel & H2 

Mass flow (lb/hr) 470,905 
Residence Time (hr) 1.09 

MOC 1 1/4 Chromium-1/2Molybdenum Steel w/ 347 stainless cladding (Low 
alloy steel) 

Size  
Length (ft) 62.1 

Diameter (ft) 13 

Internals Cobalt Molybdenum Catalyst with 
Aluminum oxide support 

Volume (ft3) 8245.89 
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Table 2.5.6: Equipment Table for Pumps 

Pump 
P-101 
(A/B) 

P-201 
(A/B) 

P-202 
(A/B) 

P-203 
(A/B) 

P-204 
(A/B) 

Type/Drive Centrifugal Centrifugal Centrifugal Centrifugal Centrifugal 
Temp. (°F) 80 350 350 586.43 96.97 

Component 
Untreated 

 Diesel 
Reflux  

Naphtha 
Naphtha  
product 

Treated  
Diesel 

Fresh  
water 

Phase Liquid Liquid Liquid Liquid Liquid 
Inlet Pressure (psia) 64.7 60 60 60 89.7 
Outlet Pressure (psia) 1074 65 70 65 889.7 
Fluid Density (lb/ft3) 54.1 46.54 45.83 39.26 62.06 
Power (Btu/hr) 1710000 6396.14 336.41 11373.73 227120.67 
Efficiency 0.9 0.6 0.6 0.9 0.6 
Mass Flow (lb/hr) 447482.4 192884.77 4992.2 434058 57158.85 
MOC SS SS SS SS SS 

 

Table 2.5.7: Equipment Table for Compressors 

Compressor 
C-101 
(A/B) 

C-102 
(A/B) 

Type/Drive Reciprocating Reciprocating 

Temp in. (°F) 100 242.85 
Temp out. (°F) 587.83 267.76 
Component H2 H2 
Phase Gas Gas 
Inlet Pressure (psia) 114.7 959 
Outlet Pressure (psia) 1064 1064 
Fluid Density (lb/ft3) 0.13 0.65 
Power (Btu/hr) 7990000 1580000 
Efficiency 0.75 0.75 
Mass Flow (lb/hr) 12687.56 41195.69 
MOC Cast Iron Cast Iron 
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2.6 Utility Tables 

All of the utilities used annually are listed in Table 2.5.1. When calculating the amount of 

steam needed no credit was taken for the sensible heat. Credit was only taken for the latent heat 

of vaporization as show in textbook examples (Sieder, 2009). The steam type for the distillation 

tower reboiler was picked by temperature. If the temperature of the steam was higher than the 

temperature of the stream plus an additional 45°F then that type of steam could be used. The 

latent heat of vaporization was interpolated from an online source before being used to calculate 

the steam required at the reboiler (Keenan, 1969). ChemCAD calculated the amount of refinery 

fuel gas needed after adding the 1019 Btu/SCF specification from the problem statement to the 

fired heater design specifications. The cooling water used per hour in the pre-CHPS heat 

exchanger was calculated in ChemCAD by setting the inlet and outlet water utility temperature 

and pressure. The cooling water flow rate for the distillation tower condenser was calculated 

using an inlet temp of 90°F and an outlet temp of 120°F for the cooling water then using the 

required heat duty at the condenser, water’s specific heat, and water’s density as described in the 

text (Sieder, 2009).  

The amount of process water going into the amine contactor is known but the amount of 

process water needed to absorb the solid ammonium hydrosulfide salt that forms in the pipe 

section right before the CHPS needs to be calculated. According to an article that outlines a 

hydrodesulfurization process very similar to this one the amount of process water needed must 

be enough to limit the concentration of ammonium hydrosulfide in the water to 4 wt. % 

(Harwell, 2003). It is safe to assume that all of the nitrogen in this stream forms ammonium 

hydrosulfide since there is very little of it. The amount of ammonium hydrosulfide formed was 

calculated by hand along with the hydrogen consumed. The amount of diglycolamine needed for 

the amine contactor was hand calculated from the problem statement and feed conditions to the 

amine contactor. 

Only the electricity used by the motors in the compressors and the pumps was calculated. 

ChemCAD determined how much power each piece of equipment used based on the user defined 

efficiencies. The number of operating hours per year were then calculated and multiplied by the 

power usage for each piece of equipment. The equipment that needs to be considered for 

electrical costs and examples of the calculations needed to determine electrical costs can be 

found in the text (Sieder, 2009). 
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Table 2.6.1 The amount of utilities used, their prices, and their annual cost are presented 
Utilities Units Quantity Unit Cost Annual Costs 

Steam, 600 psig lb/hr 91409 $ 6.60/1,000 lb $5,082,211 
Refinery Fuel Gas SCF/hr 3159 $ 3.20/1,000 SCF $85,152 
Cooling Water gpm 7535 $ .075/1,000 gal $285,620 
Process Water gpm 215 $ .75/1,000 gal $81,363 
Diglycolamine (DGA) lb/hr 315411 $ .0027/lb $7,173,960 
Electricity kW-hr/yr 28268513 $.060/kW-hr $1,696,111 

 

2.7 Rationale for Process Choice 

 The choice to utilize a hydrodesulfurization unit for this process was an assigned task 

given to complete in a timely, efficient manner. The engineering team was given the initial 

process outline, initial parameters, location and the desired product we needed to acquire. The 

design of the reactors, equipment, pumps, separation units and layout were to be determined by 

the team. Some of the major considerations that were to be determined for this system included 

the packed bed reactor design, catalyst choice, methods for separations for the final product from 

excess gas and the utilization of heat exchangers in the system.  

The rationale for choosing one large catalytic packed bed reactor for the removal of 

sulfur from the diesel feedstock was carefully designed. Temperatures, pressures, size, materials 

of construction and the amount of catalyst were all taken into consideration to determine the 

most economical and efficient route to achieve the goal. The options that were explored included 

one large reactor containing two beds of catalyst utilizing a quench of gas to cool the reactor and 

increase the conversion in the second bed. The other option that was under careful consideration 

was to utilize two single bed reactors in series. After careful consideration, one reactor with two 

beds was determined to be best for the system. The reactor could handle the high flow rates 

given its large volume, and the two beds achieved high conversion to produce the desired 

product. The cost of building two reactors to accomplish the same task did not make sense and 

proved to be an unnecessary expense. The catalyst chosen for this reactor was cobalt 

molybdenum. The choice of catalyst also proved to be vital in the design of this process. 

The rationale behind picking the appropriate catalyst for the process was from analysis 

and comparison of different catalyst options selected through rigorous research from a variety of 

reliable sources. Based on the process assumptions, dibenzothiophene (DBT) was determined to 

be the fundamental sulfur compound present in the diesel feedstock. A catalyst needed to be 
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selected that could help achieve the desired product specification of 1.9% wt. sulfur to 0.0050% 

wt. A comparison in activities between nickel molybdenum (NiMo/Al2O3) and cobalt 

molybdenum (CoMo/Al2O3) catalyst both with aluminum oxide was analyzed. The aluminum 

oxide is a support compound present in commercial catalyst to maximize surface area of the 

catalyst. This is desired because the reactivity of heterogeneous catalyst occurs at the surface 

atoms. Different experiments were conducted on both catalysts to determine the effectiveness on 

the overall HDS activity. It was determined that the CoMo catalyst was and is an excellent 

catalyst for the hydrodesulfurization of the major sulfur compounds present in the gasoil, i.e. 

benzothiophene and dibenzothiophene (Looij, 1998).  Data revealed that CoMo was the more 

appropriate catalyst for sulfur levels above 500 ppm as opposed to NiMo. The HDS of diesel 

requires a reduction of sulfur level from 190,000 ppm to about 15 ppm to meet EPA regulations, 

therefore CoMo was determined to be the better of the two catalysts for the design. 

The graph below in figure 2.7.1 was obtained from the applied catalysis article, “Key 

Parameters in Deep Hydrodesulfurization of Diesel Fuel.” It shows the sulfur content in SRGO 

feedstock as a function of space time, expressed as the ratio of the volume of the catalyst bed and 

the feed flow rate (Looij, 1998). 
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Figure 2.7.1: Sulfur content in SRGO feedstock as a function of space time, expressed as the 

ratio of the volume of the catalyst bed and the feed flow rate (Looij, 1998) 

The figure 2.7.1 depicts that lower sulfur content is achieved with a smaller volume of 

CoMo catalyst versus a NiMo catalyst at conversions of 95% or greater. After determining the 

catalyst to be used for the process, it is staked in a packed bed reactor for further reaction. The 

catalyst particle diameter was 0.005m with a density of 640 kg/!!and a packing angle of 75°. 

The catalyst beds were assumed to be dense loaded with 1/20” catalyst to provide maximum 

cycle length (Palmer, 2016). The calculated cycle length for the catalyst was determined to be 25 

months. 

The reactor and catalyst choice played a huge part in designing this system.  They 

represent the heart of the HDS unit equipment design. Other considerations were made in order 

to complete the downstream operations to separate the final diesel product from recyclable and 

undesired gases. Shell and tube heat exchangers were utilized to heat and cool streams entering 

the various pieces of equipment. The arrangement of these exchangers depended on the desired 

temperature change and the unit ops in proximity to the exchanger. The locations and 

optimization of these exchangers was determined by the group and implemented. One process 

consideration the team struggled to make was the option of using a steam stripper versus a 
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distillation column for the final means of separation. They both separate “light” ends from 

“heavy” substances which is the goal of this separation unit. This goal is to separate the final 

diesel product from unwanted gas. A stripper utilizes heated steam as the heat source to “strip” 

away the light ends in the feed. For the HDS unit, both unit ops will work. For the purposes of 

this system and design, a distillation column was chosen the last means of separation. A 

distillation column provides adequate separation and is also easy to model using hand 

calculations to verify the computer simulations. The engineering manager (mentor) 

recommended for simplification reasons that calculations be done for a distillation column. All 

other process parameters and equipment were specified in the process description for the HDS 

unit.  

 

3.0 Equipment Description, Rationale and Optimization 

3.1 Equipment Description and Rationale 

Heat Exchangers & Fired Heater 

 The box type fired heater being used in this process has horizontal tubing made of 

stainless steel and runs on refinery fuel gas. The two feed heat exchangers, E-101 and E-102, are 

both U-Tube type heat exchangers with a 1 ¼ chrome hot shell and 300 series stainless steel 

tubing as described in the literature (Harwell, 2003). Heat exchanger E-103 is a fixed head heat 

exchanger with a stainless steel cold shell, which is resistant to the embrittlement that the 

hydrogen gas stream shell side could cause, and stainless steel tubing which protects against 

corrosion caused by the mixed oil stream on the tube side. The distillation column reboiler, E-

203, has to be a kettle vaporizer type of heat exchanger that is made with stainless steel tubes and 

shell.  Heat exchangers E-104, E-201, and E-202 are all fixed head heat exchangers with 

stainless steel shells and tubes. The area, heat transferred, and heat transfer coefficient for each 

heat exchanger can be found in Appendix B. 

 A fixed head heat exchanger type was used whenever the heat exchanger type was 

unknown because it is less expensive and the advantages provided by the more expensive heat 

exchangers were not needed. Stainless steel was chosen as the material of construction for the 

shell and tubing of heat exchangers whenever the material of construction could not be found in 

the literature. Though stainless steel is more expensive than other materials of construction, such 

as carbon steel, it protects against corrosion and embrittlement caused by the chemicals in this 
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process and eliminates most concerns regarding the structural integrity of the heat exchanger. It 

was up to the plant designers to determine which chemical to pass through the shell side of the 

heat exchanger and which material to pass through the tube side. It was decided to pass the most 

fouling chemical stream through the tube side and the less fouling chemical through the shells 

side since it is easier to clean the tube side of the heat exchangers. 

Pumps 

 There are several pumps in this process that range from small to very large in size and 

output. All of the pumps used in this process, P-101, P-201, P-202, P-203, and P-204, are 

centrifugal pumps. The decision to have all centrifugal pumps is based on a heuristic that 

indicates a centrifugal pump should be used for heads up to 3,200 ft. and flow rates between 10-

5,000 gpm (Sieder 2009). The feed pump, P-101, is the largest pump in this process. The reason 

the feed pump is so large is that it has a very large flow rate and it applies a lot of pressure to the 

inlet stream. The design team had the choice of replacing the large process pumps with two or 

three smaller pumps to decrease the cost of spare pumps and to run at 50-75% efficiency in case 

of a malfunction. After careful consideration, it was decided to purchase large pumps and spare 

pumps because having multiple smaller pumps increases the amount of maintenance that has to 

be done and introduces extra hardware costs where as one large pump minimizes the amount of 

hardware and maintenance. 

 The number of stages in each pump can be determined using tables in literature and 

varies depending on the flow rate and pump head (Sieder, 2009). The number of stages 

introduces a cost factor the to the purchase cost of each pump. Stainless steel was picked as the 

construction material for the pumps because even though it is expensive it is durable. The 

constant high flow rates and long hours of continuous operation will cause a lot of stress on the 

pump. Stainless steel is a strong material that is resistant to corrosion and embrittlement. A 

cheaper material such as cast iron could have been used but the expected pump life decreases 

with cheaper materials. Each pump also has to have a motor which is sized depending on the 

flow rate, horsepower, and liquid density. An open, drip-proof enclosure motor was chosen for 

each pump in the process based on horsepower requirements and features provided by the type of 

motor. The efficiency for each pump was determined using the heuristics from Perry’s Chemical 

Engineering Handbook, which were found in an article (Goodwin, 2002).  

Compressors 
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 By reading the literature it was determined that the type of compressors needed in this 

case are a reciprocating compressors for the makeup hydrogen stream and the recycle hydrogen 

gas stream (Palmer, 2016). Each compressor comes with its own motor that is accounted for in 

the cost estimation with a cost multiplier. See Appendix C for the cost estimation of each 

compressor. Since the compressors are moving a gas stream with a very high concentration of 

hydrogen, it is important that each compressor, C-101 and C-102, be resistant to hydrogen 

embrittlement. It is for this reason that the material of construction for each compressor is 

stainless steel. Stainless steel is more expensive than other materials but reduces the wear and 

tear on the compressor and improves the durability of the compressor. The amount of 

horsepower used by the compressor was calculated to estimate the cost of each compressor. It is 

clear from the horsepower requirements that the makeup hydrogen compressor, C-101, is a lot 

bigger than the following recycle hydrogen compressor C-102. Each compressor is 75% 

efficient. The efficiency of each compressor was determined by the simulation software, 

ChemCAD.  

The Reactor 

 In the beginning there were two separate packed bed reactors with a cold shot of 

hydrogen in between. After realizing that having two separate reactors would cost more than one 

large reactor, because of the necessary equipment such as ladders and platforms, it was decided 

to go with one packed bed reactor with an inter-bed cold shot of hydrogen. An appropriate 

reactor material of construction, 1 ¼ chromium-½ molybdenum steel w/347 stainless steel 

cladding, was found in the literature and modeled as low alloy steel for the purposes of making 

cost estimations.  These can be viewed in Appendix C (Harwell, 2003).  

The reactor diameter was arbitrarily chosen to be 13 ft. in diameter. In order to calculate 

the reactor length, the volume of catalyst needed in each bed had to be calculated from reaction 

kinetics, packing angle, catalyst density, and other parameters. These can be found in the sample 

calculations in Appendix B. After determining the reactor length required by the catalyst mass, 

which was found to be 58 ft., another 4 ft. had to be added in between the beds to make room for 

the cold shot. This resulted in a total reactor volume of 8245 ft3 not including the volume of the 

hemispherical top and bottom of the reactor which contains catalyst. The volume and mass of 

catalyst in the first bed is 4668 ft3 and 107,100 lb. respectively. The volume and mass of catalyst 

in the second bed is 3043 ft3 and 69,816 lb. respectively. 
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Since the packed bed reactor is a vertical vessel, the walls need to be slightly thicker to 

make the reactor resistant to the forces introduced by high speed winds and earthquakes in the 

area. The equations found in literature were used to calculate the thickness of the reactor walls 

which were determined to be 5.89 in. thick (Sieder, 2009). An example calculation of the reactor 

thickness can be found in Appendix C. The pressure drop across the reactor, 75 psig, was found 

in online journal articles (Harwell, 2009). For design calculations, it was assumed that the each 

bed had the same drop in pressure and that the sum of the pressure drop in each bed added up to 

75 psig. 

Separation Towers 

 There are two major towers used for separations in this process, the distillation column T-

201, and the amine contactor, T-202. In industry it is common to use a steam stripper in place of 

the distillation column. For this hydrodesulfurization plant, the decision was made to use a 

distillation column instead of a steam stripper due to the complexity of modelling the steam 

stripper manually or in ChemCAD. The distillation column has 30 trays and is made of low alloy 

steel, the same material used in the reactor. The distillation column is made out of the same 

material as the reactor because it is known that the reactor material can handle the nature of the 

liquids, pressure, and temperatures in this process. The distillation column diameter is 13.5 ft. 

and the tangent to tangent length is 60 ft. The distillation column dimensions were calculated 

using the ChemCAD equipment size options available for separation towers. The distillation 

tower uses sieve trays with 2 ft. between each tray as designated by ChemCAD and it is assumed 

that the trays are made of carbon steel for the purposes of cost estimation. The tower operates at 

a pressure of 60 psig at the top near the distillate tray. The distillate leaves the column at a 

temperature of 350 degrees Fahrenheit. The thickness of the distillation tower was calculated 

using equations found in literature and determined to be 0.49 in. accounting for earthquakes and 

high winds (Sieder, 2009). A sample calculation of the equations used to determine the thickness 

of the distillation tower can be found in Appendix C. 

The amine contactor, T-202, removes the sour gas from the effluent gas stream so that the 

effluent gas is split into two streams: recycle hydrogen gas and purge stream. This tower has 20 

trays, is 40 feet in height using the 2 feet per tray assumption designated by ChemCAD, and 3.5 

feet in diameter. The amine contactor was sized using ChemCAD. The lean amine solution, a 

60% wt. DGA solution, enters the tower at tray 1 and the influent gas stream enters the tower at 
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tray 20 flowing against each other (countercurrent flow). The inlet to the absorption tower is at 

115.4˚F and 887.2 psia, which is in the effective range of temperature for gas sweetening (Van 

Scoy, 1978). In order to utilize ChemCAD to model this absorption reaction, a feature on 

ChemCAD referred to as the “electrolyte species” had to be specified. However, this “electrolyte 

species” is not compatible with the rest of the ChemCAD set up including the reactor which 

prevented the ChemCAD compilation from converging to a feasible result. In order to 

incorporate the gas sweetening unit into the final ChemCAD set up, the engineering team 

produced another ChemCAD file just to simulate the gas sweetening reaction on its own, then 

transferred the data from the reaction into the original ChemCAD file by using the “black box” 

unit operations. Referred to as the “component separator” or CSEP in ChemCAD, this equipment 

allows the user to produce outlet streams at the desired conditions specified by the user. The 

ChemCAD file simulating the gas sweetening reaction allowed the group to determine the 

amount of saturated water vapor exiting at the top stream with the sweetened gas, which was 

0.61% mole fraction of water entering the absorption tower. The number of moles of hydrogen 

sulfide absorbed by the lean amine solution was calculated using the equilibrium data on DGA 

and hydrogen sulfide at its operating conditions and is shown in Section B of the appendices. 

Since the absorption of hydrogen sulfide by DGA is an exothermic reaction, 674 BTU/lb., the 

temperature of the sweetened gas and the rich amine solution streams were determined by using 

the simulation of the gas sweetening unit in ChemCAD, then input into the stream conditions for 

outlet streams in the “black box” component separator (Polasek, 2006). The absorption tower is 

constructed using the same material as the reactor which is 1 ¼ chromium-½ molybdenum steel 

w/347 stainless steel cladding. The thickness of the tower was calculated using the same 

equation used for calculating the thickness of the distillation tower, which was determined to be 

0.26 inches.  

Separation Tanks 

 The term separation tanks in this case means the hot high pressure separator, the cold 

high pressure separator, and the suction tank which is nearly identical to the cold high pressure 

separator. All three of these tanks has the specific purpose of separating liquids and gases at high 

pressures and are analogous to flash drums.  

 The HHPS and CHPS materials of construction, operating temperatures, and operating 

pressures values were all retrieved from journal articles (Harwell, 2003). The HHPS is made out 
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of the same material as the reactor, 1 ¼-chrome ½-molybdenum and has an operating 

temperature range of 500-550 ˚F. In this process, an HHPS operating temperature of 550˚F is 

easier to reach because a lot of heat is produced in this process. See heat exchanger optimization 

in section 3.2 for more details. The HHPS was set up in ChemCAD to operate at the inlet 

temperature and pressure which results in no pressure drop across the HHPS. 

 The CHPS is made out of carbon steel which is resistant to hydrogen induced cracking 

and a stainless steel mesh pad to assist in the collection of liquids (Harwell, 2009). The CHPS 

operating temperature, 110˚F, was also retrieved from the literature  (Harwell, 2009). The CHPS 

was set up in ChemCAD to operate at the inlet temperature and pressure.  As a result there was 

no pressure drop across the CHPS. 

 The suction tank is a horizontal vessel that protects compressor C-102 from liquids in the 

recycle hydrogen gas stream by collecting any liquids that may condense out in the flash tank 

right before they the gas reaches the compressor. A suction tank was not installed before 

compressor C-101 because it is compressing the makeup hydrogen stream that is being piped 

from the local hydrogen production facility and it is safe to assume that the hydrogen production 

facility passes the makeup hydrogen stream through a suction tank of their own before piping the 

hydrogen to this facility. The material picked for the suction tank, carbon steel, is the same the 

material used for the CHPS because the two vessels operate at similar pressures and handle 

chemicals with very similar compositions. The suction tank in this process is a safety feature and 

as such, it does not do anything while the process is operating at steady state. It only collects 

liquid if the recycle gas stream temperature drops. The suction tank operates at inlet temperature 

and pressures and as a result there is no pressure drop across the vessel. 

Since the suction tank, CHPS, and HHPS are horizontal tanks, the metallic shells do not 

need to be reinforced to withstand strong forces from high winds and earthquakes. The CHPS 

and HHPS were sized using the same equation which uses liquid flow rates, gas flow rates, and 

stream densities to determine the length and diameter of the vessel. The length and diameter of 

the CHPS are 11 ft. and 44.7 ft. respectively and the length and diameter of the HHPS are 5.6 ft. 

and 22.7 ft. respectively. A sample calculation with the equation and system parameter can be 

found in Appendix C. The suction tank length and diameter are 6 ft. and 18 ft. The dimension of 

the suction tank were calculated using ChemCAD sizing tools.  

Tanks 
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 Two vessels that are very similar are the surge tank and the reflux drum. Both vessels are 

designed to hold a reservoir of liquid that is measured in time units. For example, from the 

literature it was determined that the surge tank in this process should be designed to hold ten 

minutes of feed with the ultimate purpose of maintaining a constant flow rate to the system.  The 

reflux drum should be large enough to hold five minutes of liquid flow (Couper, 2005). The ratio 

of length divided by the diameter should be around 3 for the surge tank and the reflux drum due 

to the operating pressures in each vessel. With this information, the reflux drum and surge tank 

size can be determined. A sample calculation of tank sizing can be found in the Appendix C. The 

length and diameter of the surge tank are 25.4 ft. and 8.3 ft. respectively while the length and 

diameter of the reflux drum are 17.52 ft. and 5.75 ft.  Both of the tanks are made out of stainless 

steel because it is a durable material that is resistant to corrosion.  

 

3.2 Optimization 

 The problem statement came with two equations that had to be used to calculate the start 

of cycle temperature (SOC) and the catalyst aging rate (AR). Along with the equations some 

base numbers of operation were given, in part, to present the correct order of magnitude for 

different reactor variables. Even though the base operation numbers were given, there were only 

three constraints that had to be met when adjusting reactor variables. They are as follows: a 

minimum hydrogen circulation of 1000 SCF/bbl., a minimum hydrogen partial pressure of 800 

psia, and a final sulfur content lower than 15 ppm in the product diesel. Equation 3.2.1 below is 

the SOC temperature and equation 3.2.2 below is the catalyst AR. The constants in each 

equation, letters A-F, are shown below the equations in Table 3.2.1. 

 

Table 3.2.1: Constants for start of cycle and catalyst aging rate equations 
Constant Value Constant Value Constant Value 

A 45 C 20 E 1.7 
B 44 D 30 F 18 
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 In the equations above any symbol with a zero attached indicates that the base operation 

number should be used in the equation at that point. For example SV0 indicates the base 

operation space velocity has to be used. The rest of the symbols, their meaning in brackets, and 

the final reactor operating conditions can be found below in Table 3.2.2.  

Table 3.2.2: Final reactor operating conditions and base operation values 

 
Base Bed 1 Bed 2 

Product sulfur (wt %) [Sproduct] 0.05 0.09 0.0006 
Feed sulfur (wt %) [Sfeed] 1.9 1.9 0.09 

Reactor Conditions 
   Feed Rate (TDB) 35 35 35 

Space Velocity (hr-1) [SV] 1 2.7 1.4 
Hydrogen Circulation (SCF/bbl) [H2 Circ.] 800 1028 1696 

Hydrogen Partial Pressure (psia) [PH2] 630 847 800 
Start of cycle temperatures (˚F) [TSOC] 632 634 684 

Aging Rate (˚F/mo.) [AR] 4.7 2.9 2.9 
 

 By reading several papers on hydrotreater revamps, it was determined that reasonable 

operating pressures ranged from 700 psig to 1000 psig (Harwell, 2003). This is important 

because it directly affects the hydrogen partial pressure at the reactor inlet which has to be at 

least 800 psia. It was estimated that annual hydrogen consumption would affect operating costs 

more than the electricity used by the compressors to pressurize the system. It was decided to 

increase the pressure at the inlet of the reactor to 1000 psia and use less hydrogen than is needed 

when operating around 700 psia. This decision is supported by the economic results which show 

that the annual cost of hydrogen feedstock is $ 24,211,840. This value is much greater than the 

annual cost of electricity which is around a million dollars a year. 

After determining that high operating pressures result in less hydrogen consumption and 

thus lower operating costs the amount of hydrogen needed to meet the 1000 SCF/bbl. minimum 

at the inlet of each bed was calculated. Then the hydrogen partial pressure at the inlet of each bed 

was calculated. If the partial pressure of hydrogen at the inlet of each bed was lower than the 800 

psia minimum than more hydrogen was added at the inlet of each bed until the minimum was 

reached. This is how the amount of hydrogen need in each bed was determine. The space 

velocity was dependent on the liquid volumetric flow rate and the size of the reactor and thus 
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was largely determined by other process parameters such as operating pressure, conversion, and 

reactor volume. In summary there are two major costs associated with the reactor parameters, the 

electrical cost of operating at high pressures and the cost of hydrogen feedstock. The reactors can 

operate at low pressure with lots of hydrogen in circulation or at high pressures with less 

hydrogen in circulation. This process reduces the overall annual operating costs by decreasing 

the amount of expensive hydrogen being used and increasing the usage of cheap electricity by 

operating at high pressure.   

 

Heat Exchanger Network 

 Initially the heat exchangers were arranged in the same order as the literature sources 

(Palmer, 2016). But after finalizing the start of cycle temperatures and getting a better 

understanding of the process is was determined that there would need to be a rearrangement of 

the heat exchangers to meet all of the process parameters such as an operating temperature of 

550F at the HHPS and an operating temperature of 110˚F at the CHPS. An attempt was made to 

do a hand calculation and determine the optimum heat exchanger networks but after comparing 

the hand calculations to ChemCAD calculations it was determined that optimizing would have to 

be done in ChemCAD since the hand calculations did not agree with the ChemCAD numbers.  

 The final heat exchanger configuration is shown in the process flow diagram. Every heat 

exchanger and condenser works to achieve a specific goal. The first heat exchanger, E-101, is 

used to bring the product diesel to the final specification temperature of 100˚F and in the process 

heat the feed which decreases the amount of refinery fuel gas used at the fired heater. Heat 

exchanger E-102 is used primarily to bring the feed up 628˚F which is very close to the SOC 

temperature for reactor bed one. The feed could be brought up to the SOC temperature of bed 

one in heat exchanger E-102 but the fired heater is used to add the last amounts of heat needed 

because there has to be a greater amount of precision in the temperature of the feed entering the 

reactor. The second purpose of heat exchanger E-102 is to reduce the temperature of the reactor 

effluent so that it is possible for the next few heat exchangers to reach the target temperature of 

550˚F at the HHPS inlet. The next heat exchanger, E-103, has the specific purpose of bringing 

the hydrogen feed up to 500˚F the temperature needed for the cold shot. This heat exchanger also 

removes heat from the reactor effluent streams and brings it closer to the target temperature of 

550˚F.  
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Heat exchanger E-104 has the specific purpose of the bringing the reactor effluent down 

to the target temperature of 550˚F, the operating temperature of the HHPS. It would not be 

possible to reach the target temperature in the E-104 without the previous heat exchanger, E-103, 

removing heat. Condenser, E-201, lowers the temperature of the effluent gas to 110˚F, the 

operating temperature in the CHPS using cooling water. The rest of the condenser and heater are 

either attached to a specific. In summary the process produces a lot of heat. All of the streams 

that needed to be heated are brought up to their target temperature using a heat exchanger. 

Recycling the heat generated during the process reduces the annual operating costs by lowering 

the amount of refinery fuel gas and cooling water used.  

 

4.0 Safety /Environmental Factors 

4.1 Safety Statement 

 Initially, diesel feedstock and hydrogen are fed into a fired heater leading to the reactor.  

The diesel feedstock is in the liquid phase until it reaches the fired heater. For this system, the 

hazards presented by the diesel feed will be from the liquid and vapor phase. Diesel feedstock is 

fed in at a very large quantity of 35,000 barrels per day. This includes the mixture of various 

hydrocarbons, sulfur and other impurities. At the end of the process, 99% of the diesel feed is 

purified and recovered in a liquid stream exiting the distillation column. Liquid diesel presents 

various safety hazards to this process especially in the large quantities being treated. Diesel is 

flammable, toxic, corrosive and is a possible carcinogen under certain exposure levels (Diesel, 

2016). Liquid and vaporized diesel is flammable and toxic if inhaled. In order to prevent 

exposure to these hazards, ignition sources must be emitted from the facilities in close proximity.  

Well ventilated work spaces are a must if the unit is covered or indoors. Respiratory protection 

must be worn if exposed to vaporized diesel.  

 One of the most vital species utilized in the hydrodesulfurization unit is hydrogen gas.  

Hydrogen gas is used in very large quantities and could possibly present the most hazardous 

situations of any of the reactants or products involved in the hydrodesulfurization process.  

Hydrogen is a colorless, odorless gas that is very flammable (Hydrogen, 1994). Not only is the 

gas flammable, it burns colorless making it hard to detect in an emergency situation. Hydrogen 

in large quantities can cause suffocation if inhaled. Well monitored and ventilated systems are a 

must. Exposure to hydrogen gas can cause dizziness, drowsiness, nausea, loss of mental and 
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physical abilities and even death (Hydrogen, 1994).   Hydrogen sulfide is another very 

potentially dangerous gas and should be monitored and detected at all times to avoid 

occupational injuries, hazards and even death. Hydrogen sulfide is harmful on many different 

levels depending on the concentration during exposure. It is highly flammable and can be 

explosive under certain conditions. At very low concentrations, hydrogen sulfide smells similar 

to “rotten eggs” and can lead to headaches, nausea, loss of sleep and respiratory problems 

(USDL, 2005). Exposure to high concentrations of H2S gas will lead to unconsciousness, loss of 

sight, difficulty breathing, loss of smell and eventually death (USDL, 2005). It is important that 

the facilities are equipped with monitoring units to detect leaks and individuals wear detection 

monitoring devices on their person.  Employees must be trained to recognize potential hazards 

and act accordingly. 

 The equipment in this process present a wide range of mechanical and structural hazards 

that need to be addressed.  For the purpose of this report, HAZOP analysis was conducted on 

four major pieces of equipment to demonstrate the design criteria and knowledge the team 

possesses for the implementation of safety procedures and safeguards. One of the most important 

and potentially dangerous unit ops for this system is the catalytic fixed bed reactor. The reactor is 

very large and operates at dangerously high pressures and temperatures to achieve the desired 

conversion needed for the process. The reactor feed enters the system at 633˚F and 1000 psia.  

The reactor itself contains two beds. There is a quench stream entering the reactor at 500˚F and 

1057 psia. The exit stream for the reactor, on average, remains near 687˚F and 931 psia. The 

reactor is constructed to withstand the design pressures and temperatures. The system is well 

insulated to maintain heat transfer to the surroundings and protect the operators and equipment.  

Pressure relief valves are implemented on the reactor to release the buildup of pressure in the 

system when a malfunction occurs. The contents of this reactor, following the reaction, are very 

corrosive. The materials of construction have been determined to withstand the harsh 

environment. Overall, the reactor system is designed to withstand the corrosive nature of the 

species involved, the high pressures involved and the high operating temperature. 

 The hot high pressure separator in the hydrodesulfurization unit also operates at very 

extreme conditions.  The feed stream enters the system at 552˚F and 888 psia. The unit separates 

the unreacted vapor and the treated liquid stream coming from the reactor system. The unit is 

designed and constructed to withstand the corrosive environment as well as the high temperature 
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and pressure. Pressure relief valves are implemented to safeguard against pressure buildup in the 

system. Since liquid is exiting the unit in large quantities, containment walls are constructed 

around the units to prevent catastrophic spills from exiting the immediate area. The cold high 

pressure separator was also analyzed to determine any hazards involved with the unit. The feed 

entering the CHPS comes in at a temperature of 110˚F and a pressure of 887 psia. At high 

pressures, the vessel is also constructed to withstand the harsh conditions. Like the HHPS, the 

vessel requires pressure relief valves to ensure safety of those monitoring the plant, corrosive 

resistant materials and containment measures to safeguard against catastrophic spills. 

 The distillation column is designed to be the final means of separation for the 

hydrodesulfurization unit in this facility.  The column is operated at temperatures ranging from 

350-600˚F and a top of column pressure of 60 psia. The final product exits the bottom of the 

column at 586˚F. The pressures and temperatures of the column are a concern. Pressure relief 

valves will be implemented and the temperature monitored. The tower contains 30 trays spaced 2 

feet apart.  The height of the tower needs to be taken into consideration when performing risk 

assessment. Fall protection and guard rails must be present on the column to protect operators or 

maintenance technicians. Along the lines of maintenance, the tower is designed to withstand 

operational vibrations. The design of this column will implement safeguards to reduce vibration 

in the column to prevent waring of equipment, leaks and malfunction. 

 Overall, measures have been taken to reduce human health and safety hazards regarding 

the hydrodesulfurization unit. The main concerns involved with this system are the high 

temperatures and pressures this system operates at and the corrosive nature of the species 

involved. The raw materials and products circulating throughout the unit are very flammable.  

Ignition sources of any kind must be avoided at all costs. The equipment must be monitored for 

leaks and spills. Leak indicators and !!! monitoring devices must be implemented into the 

system and integrated within the operators and maintenance technicians training. Safety 

personnel should initiate an evacuation plan in case of a catastrophic event. Fall protection must 

be utilized on any height at which an operator or maintenance technician works on that is above 

4-8 feet off of the floor level depending on the specific operation being performed (USDL, 

2016). Miscellaneous equipment such as pumps, compressors, mixers, plumbing, valves and 

monitoring equipment must also be checked for safety hazards, leaks and potential risks to the 

system before startup is initiated. As for the desired product, the sulfur content is reduced below 
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the standards set by the EPA reducing the emissions from burning diesel fuel. Less pollution and 

emissions reduce the risk of heart and lung disease contributing to a clean, more stable 

environment. The HAZOP Analysis for the reactor, HHPS, CHPS and the distillation tower can 

be view in the following section. 

 

4.2 Environmental Impact Statement 

Over the last several decades, pollution from burning fuels for transportation has been an 

important environmental and human health issue. The EPA has set limitations to regulate how 

much pollution is emitted from these sources. One of which is the sole reason for reducing the 

sulfur content in diesel fuel as discussed in the design of the hydrodesulfurization unit.  When 

diesel fuel is burned, a large variety of air pollutants and toxins are emitted into the atmosphere.  

Some of these pollutants include hydrocarbons, carbon monoxide, soot or particulate matter and 

various oxides (EPA, 2016). High concentrations of sulfur contribute to higher quantities of 

these toxins being released into the atmosphere. This is why the EPA has deemed the reduction 

of the sulfur content in diesel fuel to be most vital.  Not only do these particles pollute the air, 

they also contribute to a variety of health conditions such as heart and lung disease. The 

pollutants are also harmful to plants, animals and sources of clean water (EPA, 2016). To 

achieve the low sulfur diesel, a hydrodesulfurization unit must be designed and set into 

operation. This unit, as discussed, will contain various unit operations and the transportation of 

various hazardous chemicals. It is important to address the hazards involved in each of these 

units, the conditions at which these units are run and also discuss how to handle, store and 

manage the potentially dangerous chemicals involved in these systems. These analysis are based 

on the refinery production of 35,000 barrels/day, which is equivalent to 12.775 million barrels/ 

year of treated diesel. The process requires a substantial amount of energy and with the ongoing 

reactions in the process produces chemicals that can impact the environment negatively. For this 

process, it is important to save energy and decrease environmental impact with the use of better 

technology whilst meeting more stringent fuel product specifications and being as efficient as 

possible. 

In order to fully understand the impact of the hydrodesulfurization of diesel process on 

the environment, the discharges and by products from the refinery have to be examined and 

analyzed for its potential effects. Below is a list of all the gaseous and liquid discharges from the 
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HDS process. There were no solid discharges and chemicals present during the treatment of 

diesel process. 

- Gaseous discharges - Purged hydrogen gas, refinery fuel gas and hydrogen sulfide (H2S). 

-  Liquid discharges - Rich Amine solution (contains !!!), sour water (contains !!!,  

Ammonium and Ammonium hydrosulfide) Naphtha and Diesel. 

Table 4.1.0: Components of typical Refinery fuel gas 

Refinery Fuel Gas Typical Concentration 
 Hydrogen (H2) 25% 
 Oxygen (O2) 2% 
 Nitrogen (N2) 5% 
 Carbon Dioxide (CO2) 1% 
 Methane (C1) 35% 
 Ethane (C2) 15% 
 Ethylene (C2=) 5% 
 Propane (C3) 5% 
 Propylene (C3=) 2% 
 C4's 2% 
 C5's 2% 
 C6+ 1% 
 H2S 0.02% 
  

*If any of the refinery fuel gas were purged to the atmosphere, methane gas would be a major 
environmental concern since it is about 35%. Environmental Protection Agency states that 
methane is a major non-CO2 greenhouse gas to cause global warming*  
 

There are other miscellaneous hydrocarbons and components such as nitrogen, ethane, 

propane, pentane, hexane and methane present during the process. They are in such small 

quantities that they will not be considered harmful to the environment. 

According to a source, all of these discharges will not be emitted directly to the 

atmosphere and would be taken care of by the refinery (Brinker, 2016). This would be done 

either by transporting these discharges to a different plant for treatment or transported to tankage 

for further processing. For instance, the refinery fuel gas can be used to produce fuel for heaters 

and boilers (Emerson, 2016) and hydrogen sulfide contained in the sour water & rich amine 

solution will be further used to produce elemental sulfur and sulfuric acid in a Claus process unit 

and wet sulfuric acid process, respectively. Any other discharges from the refinery will come 

from fugitive emissions which are inevitable release of gases during operation from valves, pipes 
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fittings and equipment linings. The emissions are so minimal that they would have little or no 

effect on the environment during the run time of the plant. However, hydrogen gas is a colorless, 

odorless and highly flammable gas that in case of a pipe leak could cause harm to operators at 

the plant. High concentrations of hydrogen gas can cause an oxygen-deficient environment. 

Inhalation could lead to nausea and vomiting (Chemical, 2016). In addition, hydrogen forms 

0.15% of the earth’s crust and it occurs naturally in the atmosphere. Therefore hydrogen gas has 

not adverse effect on the environment (Chemical, 2016). 

The overall study is to be broken down into different sections in order to analyze the 

environmental impact caused by varying factors such as: environmental regulations, impact from 

process, impact from utilities and process improvements to reduce environmental impacts. 

 

Impact Categories 

For this part of the analysis, the factors seen below were used to analyze and estimate the impact 

of raw materials, cooling water, steam, electricity, and refinery fuel gas. 

·         Human toxicity 

·         Eco toxicity 

·         Depletion of nonrenewable resources 

·         Ozone layer depletion 

·         Global warming potential 

For the human toxicity aspect from the utilities used for this process, material safety data 

sheets were utilized (sciencelab.com). According to Epa.gov dioxins are a number cause of Eco 

toxicity, the raw materials used do not fall in the category of harmful chemicals/substances that 

can cause harm to terrestrial and aquatic life. According to EPA inventory of U.S. Greenhouse 

Gas Emissions and Sinks: 1990-2013 (EPA, 2016), !"!, !"! and !!! pose high direct and 

indirect global warming potentials. With this, the chemicals used for this process were 

determined to have low global warming potential. However, the refinery fuel gas has about 35% 

methane (Emerson, 2016), this will not be an issue to environment because none of it will be 

purged to the atmosphere rather it will be further refined to produce other fuel and useful 

hydrocarbons. The ozone layer depletion is caused by !"!and non-greenhouse gas emissions. 

All of the non-GHG stated in the EPA Global Anthropogenic non-!"!Greenhouse Emissions: 

1990-2030 records (EPA, 2006) did not align with any of the gases present in the HDS process 
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with the exception of the !"! present in the fuel gas which is not purged to atmosphere by the 

refinery. Analyzing all of these impact categories, global warming and ozone depletion 

theoretically would have the largest impact on environment. According to the EPA, carbon 

dioxide is the most significant cause of global warming and the bulk of !"! emission comes 

from the burning of fossil fuels. In 2013, the total U.S. greenhouse gas emissions were 6,673.0 

million metric tons, !"! Eq. (EPA, 2016). Ozone depleting substances such as HFC emissions 

and PFC emissions resulted from aluminum production and semiconductor manufacturing (EPA, 

2016). With the growing rate of production by these industries the effects on the environment 

will continually be a major issue.  

In terms of non-renewability, diesel is produced from crude oil, which is a nonrenewable 

resource. With the growing demand for oil, there’s a continuous increase in oil depletion. 

According the scientist, the growth in demand for crude oil will outstrip supply in 2025, and by 

2070 there will be a complete scarcity of crude oil (Zelene, 2015).  

  
Table 4.1.1: Summary of environmental burdens by different impact categories. 

  

Quantity used 
per year 
     (lb.) 

Human 
Toxicity 

Eco 
toxicity 

Depletion 
of non- 

renewable
s 

Ozone 
layer 
deplet

ion 

Global 
warmin

g 
potentia

l 
Process Fluids & 
 Materials 
  
Untreated 
Diesel 47,037,258 Low Low Yes No No 

Cobalt 
Molybdenum 
catalyst 

176,910 Low No No No No 

Wash water 3,720,000,000 No No No No No 
Amine solution 
(DGA) 2,684,444,184 High No No No No 

Hydrogen 
Sulfide (lbmol) 4,083,386 High No No No No 

Hydrogen Gas 
(lbmol) 17,969,340 Low No No No No 

Cooling Fluids        
Cooling water 33,300,000,000 No No No No No 
Steam 802,000,000 No No No No No 
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Spills 

Spills could be a major problem at the refinery if it were to occur. A key component in 

the refinery is diesel, if a spill were to occur a major concern would be the nearby ecological 

habitats such as animals as well as water bodies and shorelines. Based on the Environmental 

Sensitivity Index (ESI) maps, the Delaware area environment and wildlife is not at a major risk if 

a diesel spill were to occur (Office, 2016). Another major concern would be a hydrogen leak; 

there would not be any adverse effect on the environment since hydrogen naturally occurs in the 

atmosphere as stated above. However, it could be a hazard to humans if inhaled in large 

amounts. The MSDS for the refinery will have to be consulted in case an incident like this were 

to occur. Any other spills that could occur at the refinery would be contained with the right 

safety procedure and should not have any major impact on the environment. In addition, sour 

water is one of the major liquid discharges from the refinery, it contains hydrogen sulfide and 

some ammonia. In case, of a sour water spill a major concern would be a human toxicity, 

because hydrogen sulfide is toxic and has a distinct ‘rotten-egg” smell and inhalation of high 

concentrations can result to unconsciousness or death (MSDS, 2016). It is also very flammable 

so it poses as a major fire hazard if a spill should occur. Adequate emergency response actions 

should be taken in case of a sour water spill. In terms of ecological and environmental toxicity 

and impacts, hydrogen sulfide is fairly safe in the environment and has been deemed a non-ozone 

depleting chemical according to section 40 of the Code of federal regulations (CFR) (MSDS, 

2016). 

 

Environmental Regulations 

The EPA and the clean Air council (CAC) issued new rules in late 2015 for oil refineries 

that are applicable to refineries the Delaware Valley area. According to the EPA, hazardous 

emissions from refineries are known to cause respiratory illness, and a bulk of the emissions 

occur during shut-downs and start-ups or during unplanned emergencies. The rules are set to 

eliminate flares and alleviate emission events (Philips, 2015). Refineries in the Philadelphia area 

operate in densely populated areas, which poses a cause to the health and well-being of people 

that live nearby these refineries. These rules are to be implemented by 2018 and are to cut 

emissions of volatile organic compounds (VOC) by 50,000 per year. The EPA predicts to help 
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reduce refinery associated cancer incidents by 20% (Final, 2016). The rules are based on the risk 

and technology review of The National Emission Standards For Hazardous Air pollutants from 

Petroleum Refineries (Refinery MACT 1) and the National Emission standards for Hazardous 

Air pollutants for petroleum Refineries (Refinery MACT 2) (Final, 2016).  The rules set by the 

EPA to reduce toxic emissions within refineries are as follows: 

- Continuous monitoring of benzene concentrations at the fenceline of refinery facilities to  

ensure refineries appropriately manage toxic emissions from fugitive sources such as  

leaking equipment and wastewater treatment. 

 -Significantly reduce smoking flare emissions and releases by pressure release devices  

(PRD) by requiring a comprehensive program of process changes and pollution prevention  

measures from these emission sources. 

- Requiring additional emission reductions from storage tanks and delayed coking units at  

petroleum refineries, some of which had no previous required controls. 

-The final rule also includes technical corrections and clarifications to the 2008 Petroleum  

Refinery New Source Performance Standards (NSPS). 

The EPA projects to eliminate emissions of greenhouse gases equivalent to 

approximately 660,000 tons per year of !"!. The capital cost of the rule is estimated to be about 

$283 million with an annualized cost of approximately $63 million (Final, 2016). 

In addition to these rules to monitor emissions within refineries, The Clean Air Act mandated the 

EPA to set a new National Ambient Air Quality Standards (40 CFR part 50) for pollutants that 

were considered harmful to health and the environment (NAAQS, 2016). The EPA has set this 

National Ambient Air Quality Standards for six pollutants the rule is to take effect December 28, 

2015. Below are the standards to be followed by refineries. 
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                            Table 4.3.1: Summary of pollutant standards to be followed by refineries. 

Pollutant Primary/Secondary Averaging 
Time Level Form 

Carbon Monoxide (CO) Primary 
8 hours 9ppm Not to be exceeded 

more 
once a year 8 hours 35ppm 

Lead (Pb) Primary & Secondary 
Rolling 3 

month 
 average 

0.15µg/!! Not to be exceeded 

Nitrogen Dioxide (!"!) 
Primary 1 hour 100 ppb 

98th percentile of 
1-hour 

daily maximum 
concentrations 

averaged over 3 
years. 

Primary & Secondary 1 year 53 ppb Annual Mean 

Ozone (!!) Primary & Secondary 8 hours 0.070 ppm 

Annual fourth-
highest daily 

maximum 8-hour 
concentration, 

averaged over 3 
years 

Particle Pollution (PM)     

PM 2.5 Primary & Secondary 24 hours 35 µg/!! 
98th percentile, 
averaged over 3 

years 

PM10 Primary & Secondary 24 hours 150 µg/!! 

Not to be exceeded 
more 

once a year on 
average of 3 years 

Sulfur Dioxide (!"!) 

Primary 1 hour 75 ppb 

99th Percentile of 
1-hour daily 
maximum 

concentrations, 
averaged over 3 

years 

Secondary 3 hours 0.5 ppm 
Not to be exceeded 

more 
once a year 

 
 
Impact from Utilities 

Electricity is a major contributor for the HDS process, the equipment involved requires a 

large quantity of energy to function. However, electricity usage is a major environmental burden 
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for this facility. In 2006, the petroleum-refining sector used about 191 TBtu of electricity for 

direct process uses (Petroleum, 2016). About 38.8% of electricity generated comes from the 

burning of coal a form of fossil fuel. According to the EPA the largest source of U.S. greenhouse 

gas emissions, !"! from fossil fuel combustion has accounted for approximately 77% of Global 

warming potential (GWP)-weighted emissions since 1990(EPA, 2016). The national average 

carbon dioxide output rate for generated electricity in 2010 was 1,232 lbs. !"! per megawatt-

hour (EPA, 2016). Approximately, 82.5% of GHG is comprised of carbon dioxide (!"!), 4.5 % 

is methane, 5.3% is nitrous oxide (!!!) and 2.6% is HFCs and PFCs (EPA, 2016). Based on 

data, the environmental burden from the electricity requirement for the refinery was able to be 

determined. The HDS process required about 30 million kWh of electricity per year. 

Table 4.4.1. Summary of GHG emissions from the electricity requirements 
Emissions Amount Unit 

Carbon Dioxide 17820.86 MT 
Methane 1463.54 MT 

Nitrous Oxide 1723.72 MT 
HFCs & PFCs 845.6 MT 

*MT-Metric tons. 1MT=1,000Kg*   
 

According the EPA, the average household consumed about 12,069 kWh of delivered 

electricity in 2014; based on this data this refinery utilizes electricity required for 2,450 

Households. In addition, this refinery utilizes about 4.4 billion gallons of water per year. This is 

equivalent to an average water consumption of 17,000 households of 4 per year (Indoor, 2016). 

 

Process Improvements to reduce environmental burdens 

Due to the amount of energy being utilized by the refinery and in consideration of the 

environment, several optimizations were made to make the overall process more energy efficient. 

These modifications can be seen below: 

-Used feed liquid to heat product, which saved on steam. 

-Used fuel gas from refinery instead to using natural gas. 

-Used large feed pumps with higher efficiency that utilizes less electricity. 

-Modification of heat exchanger, swapped one of the heat exchanger refrigerating feed before      

the HHPS which saved on electricity usage. 

-Used heat exchanger network saved fuel gas at fired heater to reduce emissions 
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-Eliminated one compressor to help with process efficiency. 

 

5.0 Economics 

  

5.1 Economic Analysis 

  The price of diesel fuel is currently $2.128/gal (EIA, 2016). The amount of money made 

each year from sales of diesel fuel, naphtha, and fuel gas is $1,089,078,601 before accounting for 

taxes and annual production costs. The fuel gas was sold at the price of natural gas since they 

have approximately the same latent heat of vaporization. The selling price and quantity of each 

product can be found in Table 5.1.1 below. 

Table 5.1.1: Total annual sales breakdown 
Product Quantity Units Selling Price Annual Earnings 
Diesel 34395 BPSD $ 2.128/gal $1,078,990,261 

Naphtha 441 BPSD $ .9165/gal $5,953,064 
Fuel Gas 153404 SCF/hr $ 3.20/1,000 SCF $4,135,276 

Total Annual Sales 
   

$1,089,078,601 
 

The total capital investment needed to build the hydrodesulfurization unit is 

$130,667,187. Calculating the bare module cost for each piece of equipment is the first step in 

calculating the total capital cost. The total bare module investment, which is the cost of all of the 

equipment including spares and catalyst, is $66,897,989 (Table C.1).There were no costs 

allocated for utilities since the hydrodesulfurization unit is an addition to a large refinery that is 

expected to have capable utilities. When calculating the cost of buildings, site preparation, and 

service facilities the integrated complex number range was used since this is not a grass roots 

plant and a whenever possible a median number value was used. An investment site factor of 

1.10 for the U.S. Northeast was used when calculating the adjusted total permanent investment 

(Sieder, 2009). The working capital was assumed to be ten percent of the adjusted total 

permanent investment. The rest of the factors that contribute to the total capital investment and 

their values can be found in Table C.2. 

  The operating costs were calculated using the guidelines and the cost sheet outline 

presented in the text (Sieder, 2009). After finalizing the process simulation in ChemCAD the 

amounts of utilities and feedstocks being used were converted to annual costs. For this economic 

analysis it was assumed that the chemicals entering the process were purchased even if they 
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came from the refinery and the chemicals leaving the process were selling immediately after 

being produced.  The price of the hydrogen being piped in from a local hydrogen producer was 

found online (The Committee, 2016).  The price of the diesel feed stocks, LCO and SRGO, are 

$0.8245/gal and $0.9165/gal respectively (Addington, 2016). The SRGO was treated like 

naphtha in terms of cost since the price of SRGO could not be found. The price of the 

CoMo/Al2O3 catalyst, $0.91/lb was found on the web (Sulfur Recovery, 2016). The price of the 

cooling water, the steam, the refinery fuel gas, the process water, and the electricity were all 

retrieved from the cost sheet outline table in the text. The refinery fuel gas was treated like 

natural gas in terms of pricing since the two gasses have approximately the same latent heat of 

vaporization. The price of diglycolamine was also found online and converted from $5.2/ton to 

the values used in the table of annual costs (Diglycolamine (DGA), 2016). The methods used to 

calculate the amount of utilities, the cost of each utility, the amount of each utility, and the total 

cost of each utility can be found in Table 2.5.1. 

Yearly Cash Flow 

The hydrodesulfurization plant is expected to have a life cycle of at least 20 years but it 

will probably continue operating for a few years past its life cycle. In this economic analysis the 

hydrodesulfurization plant is assumed to have a total life of 25 years (Harwell, 2003). The results 

of the yearly cash flow analysis can be seen in Table. 5.1.3. The net present value is 

$881,089,219 after 25 year of operation using a nominal interest rate of 20%. The linear 

depreciation was calculated for the plant over the 20 year life cycle with an assumed salvage 

value of zero. It was assumed that the plant would take three years to build and that there would 

be a working capital charge at the end of the final year of construction and on the final year of 

operation. In Table 5.1.3 the “Costs Excluding Depreciation” is the annual operating cost from 

Table. 5.1.2 and the “Sales” value is the total annual sales from Table 5.1.1.  

The net earnings were calculated using a combined federal and state income tax rate of 

37%. The cash flow is simply the net earnings minus the depreciation during the years that diesel 

is being produced and the sum of the two investment columns during the construction phase. A 

payback period calculation was performed by dividing the total depreciable capital by the sum of 

the net earnings and the negative linear annual depreciation and this plant will pay for itself 

in .343 yrs. which is approximately four months 
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Table 5.1.3 : This table displays the linear depreciation, annual sales, and the net present value 

Year Investment 
fCTDC 

Investment 
CWC 

 
Depreciation  

Costs 
Excluding 

 Depreciation 
Sales Net 

Earnings 
Cash  
Flow 

Cum PV 
at 20% 

1 $42,099,858 $0 $0 $0 $0 $0 -$42,099,858 -$42,099,858 
2 $42,099,858 $0 $0 $0 $0 $0 -$42,099,858 -$77,183,073 
3 $42,099,858 $11,878,835 $0 $0 $0 $0 -$53,978,693 $114,668,276 
4     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $46,869,579 
5     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $181,484,458 
6     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $293,663,524 
7     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $387,146,079 
8     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $465,048,208 
9     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $529,966,649 
10     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $584,065,349 
11     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $629,147,600 
12     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $666,716,142 
13     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $698,023,261 
14     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $724,112,526 
15     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $745,853,581 
16     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $763,971,126 
17     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $779,069,081 
18     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $791,650,709 
19     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $802,135,400 
20     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $810,872,642 
21     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $818,153,677 
22     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $824,221,207 
23     $6,314,979 $649,712,139 $1,089,078,601 $272,822,435 $279,137,413 $829,277,481 
24       $649,712,139 $1,089,078,601 $276,800,871 $276,800,871 $833,455,773 
25       $649,712,139 $1,089,078,601 $276,800,871 $276,800,871 $836,937,683 
26       $649,712,139 $1,089,078,601 $276,800,871 $276,800,871 $839,839,275 
27       $649,712,139 $1,089,078,601 $276,800,871 $276,800,871 $842,257,268 
28   $11,878,835   $649,712,139 $1,089,078,601 $276,800,871 $264,922,036 $844,185,789 
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5.2 Economic Hazard Analysis 

         This entire multi-million dollar process was designed to meet new government 

regulations. It would not be very surprising if some day new government regulations cause the 

cost of diesel hydrodesulfurization to increase due to new restrictions on emissions. Luckily 

there are not any new environmental regulations in the works that could directly affect the price 

of the hydrodesulfurization of diesel fuel, though government regulations could affect the price 

of feed stocks and increase tax rates thereby indirectly affecting net earnings and the final net 

present value after 25 years. The price of diesel fuel will certainly fluctuate throughout the life 

span of the plant due to various factors such as the price of crude oil, seasonal consumer demand, 

and government regulations (Jackson, 2009). 

         In general the trends indicate that when the price of crude oil is high the cost of diesel 

goes up to compensate for the additional cost of manufacturing which is introduced in the form 

of increased LCO and SRGO feedstock prices. In 2008, when the price of crude oil was at $140 a 

barrel diesel cost $3.80 a gallon. When the price of crude oil dropped to under $40 a barrel the 

price of diesel came back down to $1.50 a gallon. Even though the price of diesel increases when 

the price of crude oil increase, to compensate for the extra cost of manufacturing, there will still 

be a reduction in net earnings because consumers will buy less diesel when prices are high and 

production volumes will decrease. Clearly the price of feedstock presents a constant economic 

hazard to the hydrodesulfurization of diesel fuel. 

         The price of pipeline hydrogen for this economic analysis is constant throughout the life 

of the plant but it is likely that the price of hydrogen will be renegotiated several times 

throughout the 25 years that the plant is in operation. A slight increase in the price of hydrogen 

can result in an increase of more than a million dollars in the cost of manufacturing. Fluctuations 

in the price of utilities such as diglycolamine, electricity, and steam, can significantly increase 

the cost of manufacturing. To determine which factors affect profit the most a sensitivity analysis 

was performed. 

         The factors being examined in this sensitivity analysis are the state tax rate and the prices 

of hydrogen, LCO, SRGO, electricity, steam, and diglycolamine. A change in price or an 

increase in tax rate will be made and the effect on the net present value at the end of 25 years 

will be determined. The new present value is subtracted from the original net present value. The 

results will then be compared to determine which factor has the greatest effect. 
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Table 5.2.1: This table shows how different factors affect the final net present value 
Economic Factor Change Change in 25 year NPV 

State Taxes 1% increase -1.72% 
Hydrogen Price 25% increase -1.49% 

Light Cycle Oil Price 25% increase -8.71% 
Straight Run Gas Oil Price 25% increase -19.36% 

Light Cycle Oil and Straight Run Gas Oil Price 25% increase -28.07% 
Steam Price 25% increase -0.31% 

Diglycolamine Price 25% increase -0.44% 
Electricity Price 25% increase -0.11% 

 

         As seen on the sensitivity Table 5.2.1 the factor that has the greatest effect on the final 

net present value is an increase in the price of LCO and SRGO, which is analogous to an 

increase in the price of crude oil. Increasing the price of SRGO will result in the second highest 

change in the final net present value and an increase the price of LCO will result in the third 

highest change in final net present value. Changes in the price of the oil feed stocks will result in 

a significant decrease in the final NPV but changes in these economic factors will not result in an 

economically unfeasible investment which highlights the economic soundness of this investment. 

         The effect of crude oil price fluctuation on net present value can be mitigated by buying a 

large quantity of diesel feed stocks, LCO and SRGO, and placing them in storage for processing 

when the price of crude oil goes up. The price of pipeline hydrogen can be kept low by building 

a strong partnership with the current supplier. The managers of the refinery should seek out other 

sources of hydrogen and be prepared to build a hydrogen production unit if the pipeline 

hydrogen supplier decides to jack up the prices. There is not much that can be done to mitigate 

the effects of an increase in state taxes on the manufacturing side of this process but company 

accountants may be able to find a way to decrease the effects of a tax increase. 

         In conclusion the hydrodesulfurization plant is a good investment that will pay for itself 

very quickly. If presented with the choice to stop selling diesel fuel or build a new 

hydrodesulfurization unit and continue selling diesel fuel then the decisions is easy unless the 

funds required for a the capital investment can’t be acquired. If there was more time to improve 

this process economically the best places to start would certainly be the equipment and the 

amount of hydrogen being used. There is so much excess heat in this process that it may be 

possible to use it to make something useful like steam and make a profit instead of adding cost 

by using a heat exchanger that uses cooling water. The cost of hydrogen each year is significant 
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it may be economically favorable to add a hydrogen recovery unit to the plant that will recover 

the hydrogen that is being lost in the purge gas stream and the products fuel gas stream. 

 

6.0 Conclusions and Recommendations 

 After completing the design of the HDS unit, the desired goal of producing an ULSD 

product was achieved.  The treated diesel leaving the unit is well below the EPA standards of 

less than 15 ppm in sulfur, this allows for fluctuations to occur within the unit ensuring that the 

design quality specifications and requirements were met at all times. The design successfully met 

the process requirement of the plant to produce and treat 35,000 barrels per day of feedstock.  

The desired recovery of 99% was reached and the unwanted gas was recycled or dealt with 

accordingly. All of the equipment required for the HDS process were sized and analyzed 

accordingly. Operating temperatures and pressures were determined and found to be adequate 

and reasonable. Due to the process requirements and parameters, the operating temperatures and 

pressures were relatively high. Safety hazards and safeguards were considered and implemented 

to all necessary pieces of equipment. Overall, the design for the HDS unit proved successful.  

 Looking back on the completion of the design, the team of engineers found that some 

changes or improvements could be made to make the process more efficient. Some assumptions 

to consider when discussing the results are mostly involved with the computer software utilized 

to calculate and size some of the equipment. ChemCAD is the modeling software the team 

decided to use to model the flow and also the equipment. ChemCAD proved to be very useful in 

calculating energy requirements, sizing of heat exchangers, pumps, compressors and monitoring 

the mass and energy balances. ChemCAD also simulated the reactor and separation units. All of 

the necessary calculations were made manually to specify each piece of equipment prior to 

initializing the unit in ChemCAD. Software proved to be a great source of knowledge and 

convenience when designing a system. Along with this convenience, errors follow. Specifying 

certain factors in ChemCAD proved difficult allowing for assumptions to be made and short cuts 

taken. For the simulation, a thermodynamic model must be specified. SRK was the model 

recommended for the unit operations performed in the HDS unit. The recommended 

thermodynamic model was an overall assumption for the system but not ideal for each piece of 

equipment. For future reference, the model should be specified for each unit op allowing for the 

best possible computation. When attaching multiple unit ops, ChemCAD only allows operation 
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with one model allowing the simulation to converge. It is safe to conclude that error propagates 

from this decision to model the system in one specific way. Another example of this also comes 

from ChemCAD. The reactor was simulated as a PFR in the liquid phase. In reality, the reactor is 

a catalyzed packed bed reactor operating at extreme temperatures and pressures with mixed 

phases present in both the feed and within the unit. The software selects the optimum settings for 

the reactor when conversion or volume is specified. For this process, a desired conversion of 

99% was specified allowing us to retrieve the volume. The last error in equipment design needed 

be addressed involves the distillation column. For ChemCAD to converge and provide accurate 

values that are reasonable for the output of the system, the distillation tower needed to be 

initialized to the desired number of trays which was 30 calculated for the column. However, the 

feed stage was initialized to tray 1. This is unrealistic given the temperature profile of the 

column. Ideally, this feed tray should be close to the middle allowing the feed to enter at a tray 

close to the inlet feed temperature. By doing this, the amount of liquid is immediately flashed 

upon entering the column. ChemCAD did not allow the feed to enter in at any other stage. This is 

unreasonable and needs to be addressed in the future. 

 Cost analysis was also performed for the HDS unit. Each piece of equipment was sized 

and the materials of construction determined. From this information, accurate estimations were 

performed to provide financial information regarding the entire process. The use of utilities such 

as steam, refinery fuel gas, water and electricity were estimated and priced for an average year of 

operation. The end result of the cost analysis for the bare module cost was $66,897,989. This 

figure includes the implementation and start up costs for all the necessary equipment needed.  

This number has been determined to be accurate and reasonable for a system as large as this 

design. Some specific equipment yielded a large cost which gives reason for an error in the 

system. The initial heat exchanger provides a delta T much larger than expected. The hot inlet 

and the hot outlet exchange massive amounts of heat requiring the exchanger to be very large 

resulting in a very expensive exchanger. The estimations for the other unit ops have been deemed 

reasonable for the size needed. Efficiencies for all pumps and compressors will also play a factor 

in sizing and the cost analysis on the equipment. Any fluctuation in the efficiencies will have a 

dramatic effect on the outcome of the system and also on the demand of utilities. 

 After completing the design and cost analysis on the HDS unit, some suggestions and 

recommendations were made. Overall the team was satisfied with the results provided by 
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ChemCAD. Recommendations for modeling more accurate thermodynamic data and models for 

specific unit ops would yield a more accurate result. The distillation tower utilized for the 

separation of the final product needs to reevaluated and designed to run correctly given the 

parameters of the feed. Utilizing a different software program such as Aspen could potentially 

improve the design models for this system and provide more resources for design and cost 

analysis. For the purposes of safety, HAZOP analysis should be performed on every major piece 

of equipment prior to start up procedures. As for cost analysis, the general formulas for pricing 

equipment, facilities, depreciation, etc. were taken directly from text. A more in depth cost 

analysis for each piece of equipment could be determined by looking into direct manufacturers in 

the Delaware Valley. By providing actual cost estimations from contractors, a more detailed cost 

analysis could be performed. This would also allow the opportunity to verify all of the equipment 

is feasible and available.   

Once again, the overall HDS design proved successful. The design team reached the 

desired recovery of a product that meets the EPA requirements for the sulfur content in diesel 

fuel. Cost analysis was accurately performed to the best of the team's ability. Recommendations 

were made to improve the quality of the final product and also to make improvements to the unit.  

As a design team, the Hydrotreaters competently worked together to complete a difficult task.  

The design was lengthy, detailed and accurate. Most importantly, the group learned to 

collaborate, coordinate and work as an integral member of a team. The skills learned completing 

such a task prove vital in the individual's abilities to enter into industry and be an important asset 

to any company. 
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Appendix A- Overall Mass and Energy Balance 

 

Overall Mass Balance 

Tables A.1 and A.2 show the overall mass flow rate for input and output streams in this unit 

 

 

Table	A.1:	Mass	balance	on	components	entering	plant
Component Flow	rate	(lb/h)
Diesel	 0.00
Mixed	Oil 401171.42
Dibenzothiophene						 46311.00
Hydrogen				 3193.50
Nitrogen 447.34
Methane																		 822.54
Ethane																	 1486.82
Propane																		 2673.80
I-Butane															 1176.32
N-Butane																 1019.48
I-Pentane 732.96
N-Pentane										 368.77
Hexane																 766.03
Hydrogen	Sulfide									 2396.47
Biphenyl												 0.00
Cyclohexylbenzene							 0.00
1,1-Bicyclohexyl							 0.00
Water														 106523.40
Diglycolamine			 73994.17
Ammonium	Hydrosulfide						 0.00
Total 643084.01
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Table	A.2:	Mass	balance	on	components	leaving	plant
Component Flow	rate	(lb/h)
Diesel	 434057.987
Mixed	Oil 5954.286508
Dibenzothiophene						 1.77629E-20
Hydrogen				 2176.001229
Nitrogen 447.3688498
Methane																		 822.8193438
Ethane																	 1488.573889
Propane																		 2677.40845
I-Butane															 1177.30816
N-Butane																 1020.05397
I-Pentane 733.0636076
N-Pentane										 368.8005328
Hexane																 766.03212
Hydrogen	Sulfide									 10955.65775
Biphenyl												 38905.41015
Cyclohexylbenzene							 0
1,1-Bicyclohexyl							 0
Water														 106523.4137
Diglycolamine			 73994.17
Ammonium	Hydrosulfide						 56.406
Total	 643219.3511
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Stream 1 2 3 4 5 6 7 8 9 10
Component Flowrates (lb/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 401171.42 401171.42 401171.42 401171.42 401437.59 401437.59 401437.61 401641.87 401641.87 401641.74
Dibenzothiophene      46311.00 46311.00 46311.00 46311.00 46311.02 46311.02 46311.02 0.00 0.00 0.00
Hydrogen    0.00 0.00 0.00 0.00 8003.95 8003.95 8003.90 13129.19 13129.19 13129.06
Nitrogen 0.00 0.00 0.00 0.00 1481.19 1481.19 1481.20 2617.89 2617.89 2617.90
Methane                  0.00 0.00 0.00 0.00 2427.23 2427.23 2427.27 4289.98 4289.98 4290.08
Ethane                 0.00 0.00 0.00 0.00 3231.32 3231.32 3231.58 5711.36 5711.36 5711.99
Propane                  0.00 0.00 0.00 0.00 4004.10 4004.10 4004.56 7077.39 7077.39 7078.66
I-Butane               0.00 0.00 0.00 0.00 1309.49 1309.49 1309.60 2314.53 2314.53 2314.87
N-Butane                0.00 0.00 0.00 0.00 1000.16 1000.16 1000.21 1767.75 1767.75 1767.95
I-Pentane 0.00 0.00 0.00 0.00 562.69 562.69 562.70 994.52 994.52 994.56
N-Pentane          0.00 0.00 0.00 0.00 267.36 267.36 267.36 472.54 472.54 472.55
Hexane                0.00 0.00 0.00 0.00 476.98 476.98 476.98 843.02 843.02 843.02
Hydrogen Sulfide         0.00 0.00 0.00 0.00 131.24 131.24 131.24 8828.80 8828.80 8828.82
Biphenyl            0.00 0.00 0.00 0.00 0.50 0.50 0.50 38906.13 38906.13 38906.23
Water              0.00 0.00 0.00 0.00 147.28 147.28 147.28 260.30 260.30 260.30
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table A.3 : Stream Table for the hydrodesulfurization of diesel fuel, streams 1-10
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Stream 11 12 13 14 15 16 17 18 19 20
Component Flowrates (lb/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 401641.74 345198.03 56443.82 401095.03 55897.02 0.00 0.00 470.38 470.38 470.38
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    13129.06 363.96 12764.91 396.79 32.84 3193.50 3193.50 14146.36 14146.36 14146.36
Nitrogen 2617.90 80.18 2537.73 94.78 14.61 447.34 447.34 2617.88 2617.88 2617.88
Methane                  4290.08 195.30 4094.91 259.57 64.27 822.54 822.54 4289.93 4289.93 4289.93
Ethane                 5711.99 426.39 5286.48 802.37 375.98 1486.82 1486.82 5711.11 5711.11 5711.11
Propane                  7078.66 752.11 6328.42 1962.15 1210.04 2673.80 2673.80 7076.93 7076.93 7076.93
I-Butane               2314.87 317.69 1997.72 992.43 674.74 1176.32 1176.32 2314.42 2314.42 2314.42
N-Butane                1767.95 263.95 1504.33 898.51 634.56 1019.48 1019.48 1767.70 1767.70 1767.70
I-Pentane 994.56 190.04 804.58 690.58 500.54 732.96 732.96 994.52 994.52 994.52
N-Pentane          472.55 95.20 377.36 351.95 256.74 368.77 368.77 472.54 472.54 472.54
Hexane                843.02 223.40 619.63 753.53 530.13 766.03 766.03 843.02 843.02 843.02
Hydrogen Sulfide         8828.82 796.86 8031.98 1797.41 1000.55 0.00 0.00 231.96 231.96 231.96
Biphenyl            38906.23 31781.38 7124.91 38905.26 7123.89 0.00 0.00 0.88 0.88 0.88
Water              260.30 4.25 256.06 21.25 17.00 0.00 0.00 260.30 260.30 260.30
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table A.4 : Stream Table for the hydrodesulfurization of diesel fuel, streams 11-20
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Stream 21 22 23 24 25 26 27 28 29 30

Component Flowrates (lb/h)
Diesel 0.00 0.00 0.00 0.00 434057.99 0.00 0.00 0.00 0.00 0.00
Mixed Oil 0.00 470.38 204.24 266.14 0 0.00 0.00 0.00 56443.82 56443.82
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    0.00 14146.36 6142.41 8003.95 0.00 0.00 0.00 0.00 12764.91 12761.91
Nitrogen 0.00 2617.88 1136.69 1481.19 0.00 0.00 0.00 0.00 2537.73 2522.25
Methane                  0.00 4289.93 1862.71 2427.23 0.00 0.00 0.00 0.00 4094.91 4094.91
Ethane                 0.00 5711.11 2479.79 3231.32 0.00 0.00 0.00 0.00 5286.48 5286.48
Propane                  0.00 7076.93 3072.83 4004.10 0.00 0.00 0.00 0.00 6328.42 6328.42
I-Butane               0.00 2314.42 1004.93 1309.49 0.00 0.00 0.00 0.00 1997.72 1997.72
N-Butane                0.00 1767.70 767.54 1000.16 0.00 0.00 0.00 0.00 1504.33 1504.33
I-Pentane 0.00 994.52 431.82 562.69 0.00 0.00 0.00 0.00 804.58 804.58
N-Pentane          0.00 472.54 205.18 267.36 0.00 0.00 0.00 0.00 377.36 377.36
Hexane                0.00 843.02 366.04 476.98 293.70 0.00 0.00 0.00 619.63 619.63
Hydrogen Sulfide         0.00 231.96 100.72 131.24 0.00 2396.47 0.00 0.00 8031.98 8031.98
Biphenyl            0.00 0.88 0.38 0.50 38547.11 0.00 0.00 0.00 7124.91 7124.91
Water              0.00 260.30 113.02 147.28 0.00 49364.55 57158.85 57158.85 57414.90 57414.90
Diglycolamine   0.00 0.00 0.00 0.00 0.00 73994.17 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 56.41

Table A.5 : Stream Table for the hydrodesulfurization of diesel fuel, streams 21-30
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Stream 31 32 33 34 35 36 37 38 39 40
Component Flowrates (lb/h)
Diesel 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Mixed Oil 546.79 55897.02 0.00 0.00 546.79 76.41 470.38 226214.87 226214.87 224557.20
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    12732.07 32.84 0.00 0.00 12732.07 1779.21 10952.86 403.01 403.01 6.33
Nitrogen 2523.13 14.61 0.00 0.00 2523.13 352.59 2170.54 97.81 97.81 3.08
Methane                  4030.65 64.27 0.00 0.00 4030.65 563.25 3467.40 281.27 281.27 22.12
Ethane                 4910.49 375.98 0.00 0.00 4910.49 686.20 4224.29 1094.43 1094.43 297.65
Propane                  5118.38 1210.04 0.00 0.00 5118.38 715.25 4403.13 3994.23 3994.23 2070.99
I-Butane               1322.98 674.74 0.00 0.00 1322.98 184.88 1138.11 3091.56 3091.56 2139.34
N-Butane                869.76 634.56 0.00 0.00 869.76 121.54 748.22 3480.15 3480.15 2631.08
I-Pentane 304.04 500.54 0.00 0.00 304.04 42.49 261.55 4709.27 4709.27 4095.67
N-Pentane          120.62 256.74 0.00 0.00 120.62 16.86 103.76 2859.70 2859.70 2555.79
Hexane                89.50 530.13 0.00 0.00 89.50 12.51 76.99 7446.62 7446.62 7120.62
Hydrogen Sulfide         7031.43 1000.55 0.00 9158.25 269.64 0.00 231.96 2920.74 2920.74 1144.85
Biphenyl            1.02 7123.89 0.00 0.00 1.02 0.14 0.88 18994.86 18994.86 18993.66
Water              239.66 17.00 57158.24 49301.64 302.59 42.28 260.30 30.07 30.07 8.99
Diglycolamine   0.00 0.00 0.00 73994.17 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 56.41 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table A.6 : Stream Table for the hydrodesulfurization of diesel fuel, streams 31-40
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Stream 41 42 43 44 45 46 47 48 49 50
Component Flowrates (lb/h)
Diesel 0.00 0.00 0.00 0.00 0.00 629904.95 434057.99 195846.96 195846.96 434057.99
Mixed Oil 4220.21 4220.21 220336.99 220336.99 1657.67 0 0 0 0 0
Dibenzothiophene      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Hydrogen    0.12 0.12 6.21 6.21 396.67 0.00 0.00 0.00 0.00 0.00
Nitrogen 0.06 0.06 3.02 3.02 94.72 0.00 0.00 0.00 0.00 0.00
Methane                  0.42 0.42 21.70 21.70 259.15 0.00 0.00 0.00 0.00 0.00
Ethane                 5.59 5.59 292.06 292.06 796.78 0.00 0.00 0.00 0.00 0.00
Propane                  38.92 38.92 2032.07 2032.07 1923.23 0.00 0.00 0.00 0.00 0.00
I-Butane               40.21 40.21 2099.13 2099.13 952.23 0.00 0.00 0.00 0.00 0.00
N-Butane                49.45 49.45 2581.64 2581.64 849.06 0.00 0.00 0.00 0.00 0.00
I-Pentane 76.97 76.97 4018.70 4018.70 613.60 0.00 0.00 0.00 0.00 0.00
N-Pentane          48.03 48.03 2507.76 2507.76 303.91 0.00 0.00 0.00 0.00 0.00
Hexane                133.82 133.82 6986.80 6986.80 326.00 426.22 293.70 132.52 132.52 293.70
Hydrogen Sulfide         21.52 21.52 1123.34 1123.34 1775.89 0.00 0.00 0.00 0.00 0.00
Biphenyl            356.96 356.96 18636.70 18636.70 1.20 55939.57 38547.11 17392.46 17392.46 38547.11
Water              0.17 0.17 8.82 8.82 21.08 0.00 0.00 0.00 0.00 0.00
Diglycolamine   0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00
Ammonium Hydrosulfide      0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00 0.00

Table A.7 : Stream Table for the hydrodesulfurization of diesel fuel, streams 41-50
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Figure A.1 ChemCAD layout of the HDS unit 
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Overall Energy Balance 

Table A.3 presents the overall energy balance on the HDS refinery. 

 
Table A.3: Overall Energy Balance for Process 

  kW   
  Input Output 
Feed Streams -382,0430 

 Product Streams 
 

-3,807,790 
Total heating 20,241.9 

 Total Cooling -18,347.7 
 Power Added 3,381.07 
 Power Generation 0 
 Heat of Reaction 

Correction 7,394.04 
 

   Total -3,807,760.69 -3,807,790 
*Not equal due to rounding errors* 

 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 
 

 
Table A.4: Overall Energy Balance on Steam 

 

Equipment Equipment # Heat Duty 
kW 

 

 

Distillation 
Tower Reboiler 

E-203 19,534.37 

 

Table A.5: Overall Energy Balance on Refinery Fuel Gas 

Equipment  Equipment # 
Heat 
Duty 
kW 

Fuel Usage 
(SCF) 

Fired 
Heater 

H-101 707.53 3158.86 
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Table A.6: Overall Energy Balance on Cooling 
Water  

Equipment  Equipment # Heat Duty 
kW   

CHPS 
Condenser 

E-201 -14,118.87 
  

Distillation 
Condenser 

E-202 -17,425.86 
  

Total   -31,544.73   
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Appendix B- Process Calculations 

 

This appendix presents equations and formulas used for calculations. All calculation files are 

present in the drop box folder as an Excel, matlab or ChemCAD file. 

 

Start of Cycle temperature (SOC). 

According to the problem statement a maximum average bed temperature of 750°F was not to be 

exceeded at any point in the reactor. The SOC temperature enabled the determination of the 

optimal temperature so as not to exceed this constraint. The equation B.1 below was provided in 

the process problem statement.  

 

   (B.1) 
 
A, B, C, D, E, F are constant values also provided. Table B.1 shows these values. 

The terms denoted by “o” represent the base operating parameters given in the problem 

statement. 

 
Aging Rate 

This calculation was used to obtain the rate at which the catalyst dissipated over time. Equation 

B.2 below was also provided in the problem statement. 

 

                                 (B.2) 
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Table B.1: Constant Values for SOC Equation 

 
Constants Values 

 
A 45 

 
B 44 

 
C 20 

 
D 30 

 
E 1.7 

 
F 18 

 
 
 
The calculations depicted below are based on the 1st bed in the reactor. 

The space velocity (SV) of the bed is given as: 

 
      SV= !!             (B.3) 

          
 SV=  !"!#!"#! = 2.66 ℎ!!! 

 
Q is the volumetric flow rate of diesel and V represents the catalyst bed volume. These values 

can be seen in Table B.2 with corresponding units. Q was obtained from stream No.7 on stream 

Table 2.4.1. 

 
The sulfur feed and sulfur product is given as: 
 
                                                           !!"#$%&' = ( !"#!"#∗!.!"#!$!"#$#% !""# !"#$)*100                             (B.4) 

         
   
 
                                          !"#!!" = !"#$% !" !"#!"# − ! !"#$ !" !"#!"#                          (B.5) 

       
 
The conversion X=0.95; is the desired conversion that could be achieved in the first bed based on 

the hydrotreater article (Palmer, 2016). The moles of DBT fed was calculated in the “feed rates” 
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tab of the excel file “constants and known values” by determining the amount of sulfur in the 

diesel feedstock and using it to calculate the amount of DBT present in the feedstock. 

 

The “diesel feed rate” cell in the “Feed rates” tab of the excel file “constants and known values” 

represents the diesel without sulfur which was calculated in the equation below. 

Diesel feed rate = 55.30 !"!  
 

!"#!"# = 32. 43 !"#$!  - 0.95(33.43 !"#$! ) = 1.62!"#$!  
 

                                                           !!"#$%&' =
!.!"!"#$

! ∗!.!"#!$
!!.!"!"!

 =0.0904 %                                   (B.6) 

 
                                                                   !!! = ( !!,!"#!

!"#$% !"#$ !" !!
)*!!"#$%                        (B.7)  

        
 
The !!"#$% was determined to be 1000 psia based on the pressure ranges from a source article 

(Palmer, 2016). In addition, using a higher-pressure value enables the use of less amount of make 

up hydrogen in the reactor. With this, the optimal reactor temperature condition could be met. 

 
                                    Total mols of !! = 595.04 !"#$!  + !!, circ – 505 !"#$!          (B.8) 
 
595.04 !"#$!  is the amount of Hydrogen going into the first bed. 505 !"#$!  is the subtracted 

hydrogen going into the cold shot. 

The total make up !! used was based on 390 standard cubic feet per barrel, which was obtained 

from the “Hydrotreater Revamps for ULSD Fuel”, based on the 35,000 barrels of diesel for the 

process. 85% of the make up hydrogen composition is actual hydrogen. This information was 

used to determine the volume of the hydrogen circulating in the bed. 

 

The !!, circ. value was based on the total moles of makeup hydrogen used. The value for the 

circulation hydrogen was obtained from stream Table A.3, stream No.7. This value can also be 

seen in Table B.2. 
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Plugging values obtained from equation B.3 through B.7 into equation B.1  
 

                   !!"# = 633.69 °F                                                         (B.9) 
 
Plugging the !!"# into equation B.2 yields the catalyst aging rate 
 

AR= 2.9 °F/mo 
 
Table B.3 shows the results of the calculations made for the first bed. Table B.3 can be found in 

the Excel tab “SOC Calc” of file “Constants and Known values” 

 

Table B.2: Calculation Parameters for SOC Temp 
  Bed 1 

 Pressure 1000 
 Conversion 0.95 
 DBT out (mol/s) 1.62 
 Q liquid (ft3/hr) 8089 
 Volume (ft3) 3043 
 H2 circ (mol/s) 498 
 H2 circ (scf/hr) 1,499,882.59 
 Total mol H2 (mol/s) 588.0439 
 H2 circ (scf/bbl) 1028.49 
  

 
Table B.3: Calculated values for Bed 1 

  Base Bed 1 
Product sulfur wt% 0.05 0.094 
Feed sulfur wt% 1.9 1.9 
Feed Rate (TDB) 35 35 
SV (hr-1) 1 2.67 
H2 circulation (scf/bbl) 800 1,028.5 
H2 partial Pressure (psia) 630 846.87 
SOC temp (F) 632 633.69 
Aging Rate (F/mo) 4.7 2.92 
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Sulfur Content in Untreated Diesel 

Based on the diesel feed rate of 35000 !"##$%&!"#  

The sulfur content in the feedstock had to be determined. 

The assumption was made that dibenzothiophene (DBT) would represent the sulfur compound in 

the untreated diesel. 

!!"#= 879.43!"!!; represents the density of crude oil 

 

The flow rate of diesel in barrels/ day is then converted to kg/s, to obtain the mass flow rate of 

DBT in the blend. 

 

!"## !"#$%&'(= 35000!"##$%&!"# *! !"#
!" !!"*

!"!
!" !"#$*

!!"#
!"! *!" !"# !"##$%&

! !"# !"##$% *!.!!"#$%!
!

! !"# ∗ !"#.!"#!"!!  

 

!"## !"#$%&'( !" !"# = 56.63 !" !"#$%&#%' !"#$#%
!  

 
Knowing 1.9% of sulfur is contained in the diesel feed stock means   
  

!"## !"#$%&'( !" !BT = 56.63*(0.019%) = 1.075 !" !"#
!  

 
The molar mass of DBT = 0.18426 kg DBT 
 

!"#$% !"#$%&'( !" !"# = 5.84 !"#!  

 
All the values for this analysis can be seen in the excel file “Constants and known Values” under 

the “Feed rates” tab. 

 
Kinetics 

The kinetics equations from the American Chemical Society article allowed for the calculation of 

the catalyst weight, reactor length and reactor volume needed for the process (Vanrysselberghe, 

1996). 

 

There is an example calculation below that shows the catalyst weight, reactor length and reactor 

volume for Bed 1 in the reactor.  
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The total rate of disappearance of DBT is given by; 
    
                                                                                !!"#= !!"#,!                                                     (B.10)      
   
The rate of disappearance in relation to catalyst weight is; 
 
                                                                         !!"# = !

!/(!!"#! !!!!"
! )                                             (B.11)                                                                   

 
The corresponding rate expression is given by  
 

                                      !!"#,! =
!!"#,!!!,!!!"#,!!!"#!!!

(!!!!"#,!!!"#! !!,!!!!!!!"#,!!!"#!!!!!,!!!!!)
                      (B.12) 

 
The rate coefficient is; 
 

      !!"#,! = 2.44336 * 10!"exp [− !""##$
!!"#!

] (kmol !"!"#!!ℎ!!)                 (B.13) 

 
The adsorption equilibrium constant for DBT is; 
 

!!"#,! = 7.56868 ∗ 10! (!!!"#$!!)                                  (B.14) 
 
The adsorption equilibrium constant for !!,!!! and biphenyl (BPH) can be seen below; 
 

!!!,! = 3.36312 * 10!!!exp [− !!"#"#
!!"#!

] (!!!"#$!!)                           (B.15) 

 
!!"#,! = 3.84984 * 10!!exp [− !"#$!

!!"#!
]  (!!!"#$!!)                           (B.16) 

 
!!!!,! = 1.47118 * 10!!exp [− !"#$%"

!!"#!
]  (!!!"#$!!)                           (B.17) 

 
The concentrations of DBT, !!,!!! and BPH is given below respectively; 
 

!!"# =
!!
!!

                                                                     (B.18) 

 
 

!!"# = !"#.!"
!!

                                                                 (B.19) 
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!!!! =
!!!.!"
!!

                                                          (B.20) 

 
!!! =

!"#$.!"
!!

                                                                 (B.21) 

 
 
 

The values given in the Table B.4 below were calculated and obtained from ChemCAD to enable 

the required calculations. 

 
Table B.4: Parameters for Equations 

 Parameter Description Value Unit 
Ac Catalyst Area 132.73 ft3 
ρc Catalyst density 39.97 Kg/ft3 
Phi Porosity 0.47 - 
Rgas Gas constant 8.314 kJKmol1K1 
T Temperature 646.51 K 
Xi Conversion 0.95 % 
Fo Feed Rate of DBT 114.03 kmol/hr 
Fg Outlet Gas flow rate 5.66 kmol/hr 
Vl Liquid volumetric flow rate 229.06 m3/hr 
Vg Gas volumetric flow rate 1,714.84 m3/hr 

     
Equation B.2 was used to calculate the weight of the catalyst via matlab (File: 
Catalyst_mass_Bed1.m). 
 

W = 48600 kg for Bed 1 
 

The equation of the length of the reactor can be seen below (Fogler, 2006) 

 
L = !

(!!!)(!"∗!")                                                         (B.22) 

 
L = !"#$$

(!!!.!")(!"#.!"∗!".!") 

 
L = 35.17ft. 
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Using equation B.22 the length of the bed was also determined to be 35.17 ft. This was also 

calculated in matlab (File: Catalyst_mass_Bed1.m). 

 

With the length and area the volume of the catalyst bed was obtained using equation B.23 

 
V = L*Ac                                                             (B.23) 

 
V = 35.175*132.73 

 
V = 4670 !"! 

 
 
 
Hydrogen Sulfide Absorption by DGA (Lean Amine Solution) 
 
The one critieria that must be met by the refinery is that the pick up rich amine solution needs to 

have a of concentration of  !.!"!!.! !"#$ !!! 
!"#$ !"#  

 
The equilibrium data from "Solubility of Hydrogen Sulfide and Carbon Dioxide in a 

Diglycolamine Solution." (Martin, 1978) was used to calculate the flow rate of the DGA solution 

needed to achieve the adequate absorption of hydrogen sulfide. The lean amine solution is 

entering the absorption tower with a !.! !"#$ !!! 
!"#$ !"#  concentration. 

This calculation uses the equilibrium data point, liquid mole ratio of !.!" !"#$ !!! 
!"#$ !"#  at partial 

pressure of hydrogen sulfide at, !!!! = 11.5 kPa at 122˚F. 

 
The total number of moles of hydrogen sulfide entering the absorption tower is  
 

!!!! = !!!!,!"#$% + 0.1 ∗ !!"#,!"#$ !"#$%                                                     (B.24) 
 
The total number of moles of hydrogen sulfide leaving the tower is in either gas or liquid phase 

and can be described as 

                                                            !!!! = !!!!,!"#$% +  !!!!,!"#$"%                                                (B.25) 
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The partial pressure of hydrogen sulfide in the tower is the product of the vapor mole fraction of 

hydrogen sulfide and the total pressure and can be described as 

 

                                        !!!! = 
!!!!,!"#$%

!!"#$% !"#$%& !"!(!!!!,!"#$"%!!.!∗!!"#,!"#$ !"#$%)
∗ !!"!#$               (B.26) 

 
Plug in equation (B.25) into equation (B.26) to get, 
 
 
                                      !!!! = 

!!!!!!!!!,!"#$"%
!!"#$% !"#$%& !"!(!!!!,!"#$"%!!.!∗! !"#,!"#$ !"#$%)

∗ !!"!#$                 (B.27) 

 
Using the equilibrium data point of 0.38 = !"#$ !!! 

!"#$ !"#, equation (B.28) is derived 
 

                                                 !!!!,!"#$"% = 0.38 ∗ !!"#,!"#$ !"#$%                                     (B.28) 
                   
Plug in equation (B.24) and (B.28) into equation (B.26) to derive equation (B.29) 
 

                                        !!!! = 
!!!!,!"#$%!!.!" ∗!!"#,!"#$ !"#$%

!!"#$% !"#$%& !"!!.!"∗! !"# ,!"#$ !"#$%
∗ !!"!#$                     (B.29) 

 
Since the total pressure is changing as hydrogen sulfide is being absorbed, it must be taken into 

account and equation (B.30) is derived, 

 

              !!!! = 
!!!!,!"#$%!!.!" ∗!!"#,!"#$ !"#$%

!!"#$% !"#$%& !"!!.!"∗!!"!,!"#$ !"#$%
∗ !!"!#$,!"!#!$% ∗ (1− !.!" ∗!!"#,!"#$ !"#$%

!!"#$% !"#$%& !"
 )  (B.30)     

 
Values of all the variables are known from the stream table besides NDGA, lean amine. Use the solver 

function in excel to minimize the error between both sides of equation (B.30) and solve for  

NDGA, lean amine. 

 
Example Calculation: 
 
Using values from stream 31, 
 

11.5 kPa = !"!.!"!!.!" ∗!!"#,!"#$ !"#$%
!"#$.!"!!.!"∗!!"#,!"#$ !"#$%

∗ 4158.9!"# ∗ (1− !.!" ∗!!"#,!"#$ !"#$%
!"#$.!"  ) 
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Then using the solver function to minimize the difference between both sides of the equation 

while varying NDGA, lean amine,  

NDGA, lean amine = 1175.39 moles DGA.  

 
Equipment size Calculations 

 

Surge Tank  

Volume of the tank is determined given the inlet volumetric flow rate and the residence time. 

                 

 
HHPS/CHPS Volume 
 
The calculations below represent dimensions of a horizontal drum. Calculate diameter (D) given 
!
! is between 3 and 5. Use this ratio to determine the desired length given the diameter of a 

horizontal drum. 

!! = !! !"!!"
!"                                                         (B.31) 

 
      !! = (!∗!"!)

!!∗!"##∗!!
                                                        (B.32) 

 
!! = 1.25 ∗ !!                                                        (B.33) 

 

 !! = 4 ∗ !!                                                           (B.34) 

Example Calculations: 

Up=.227 !".!"!!.!!"#
!.!"#$   

 
Up=1.36  

 
Ac =  (!!"#.!"#∗!".!!")(!.!"∗!"##∗!.!"#$)  
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!!  = 19.703   
 

A = !".!"#!.!   
 

A = 98.52 
 

!! = 4 ∗ 98.5!  

 
!! = 11.2 !" 

 
Using 3< !

! <5 ratio, the length can be determined 
! = 44.8 !" 

 
Heat exchangers 
 
By utilizing the temperatures for the hot and cold side, we can successful acquire the area needed 

for a particular heat exchanger.  The subscripts “h” and “c” represent the hot and cold side of the 

exchanger. The “in” and “o” subscripts represent the in and out for the various sides of the 

exchanger. Tlm represents the log mean temperature as given by equation (B.37).   

ΔT1 = Tho-Tcin     (B.35) 

 

ΔT2 = Thin-Tco     (B.36) 

 

ΔTlm=!!! !!!!
!"!!! 

!!!
     (B.37) 

 

A= !
!∗!!!"     (B.38) 

Example Calculations: 

         ΔT1 = 100-80.76 =19.24 

 

            ΔT2 = 586.38-573 = 13.38 
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ΔTlm=!".!" !!".!"
!"!".!"!".!"

 

 

         A=!"!""#$$$!"∗!".!"  = 187889.94 ft2 
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Appendix C - Economic Calculations 

 All of the pumps in ChemCAD were sized using the same equations from the Seider et al 

(2009). The chemical engineering index from May 2015, 560.7, was used for all calculations 

(Chemical, 2015). All of the equations presented in Appendix C are presented with the full 

equations with all of the symbols immediately followed by the sample calculation for the 

previous equation. Equations C.1 – C.8 below show the equations used to size each pump along 

with sample calculations using the values calculated for pump P-101. Equation C.1 uses the flow 

rate Q and the pump head H values from ChemCAD to calculate the size factor which will be 

plugged into the base cost equation C.3. Equation C.2 is a sample calculation of equation C.1 for 

pump P-101 A/B.   

 

Equation C.4 is a sample calculation of equation C.3, equation C.6 is a sample calculation 

of equation C.5 and equation C.8 is a sample calculation of equation C.7. The pump type factor 

FT was retrieved from Table 22.20 in Seider et. al (2009). The material factor FM was retrieved 

from Table 22.21 and the bare-module factor FBM was retrieved from Table 22.11 both from 

Seider et. Al (2009). The actual values used to size each pump and the cost factor for each pump 

are shown in Table C.1 below. 
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Equation C.4 is a sample calculation of equation C.3, equation C.6 is a sample calculation 

of equation C.5 and equation C.8 is a sample calculation of equation C.7. The pump type factor 

FT was retrieved from Table 22.20 in Seider et. al (2009). The material factor FM was retrieved 

from Table 22.21 and the bare-module factor FBM was retrieved from Table 22.11 both from 

Seider et. Al (2009). The actual values used to size each pump and the cost factor for each pump 

are shown in Table C.1 below. 

After calculating the bare module cost of each pump using equations C.1-C.8 the cost of 

the motor for each pump had to be calculated using equation C.9 – C.21 below from Seider et al. 

(2009). The sample calculations are done to determine the cost of the motor for pump P-101 

using the values calculated for pump P-101. In equations C.1-C.8 below Q is the flow rate into 

the pump in gpm, H is the pump head in ft., and p is the density of the liquid being pumped in 

lb./gal. The rest of the values are either calculated in the process or taken from the book. 
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For every equation with symbols there is a sample calculation in equations C.8-C-21. The 

motor type factor FT was retrieved from Table 22.22 and the bare-module factor FBM used for the 
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motor is the same as the one used for the pump.  Table C.2 below shows the values used each to 

calculate the bare module cost for each motor and the actual bare module cost for each motor. 

 
 For every equation with symbols there is there is a sample calculation in equations C.8-

C-21. The motor type factor FT was retrieved from Table 22.22 and the bare-module factor FBM 

used for the motor is the same as the one used for the pump.   

         The fired heater was sized using equations C.22-C.29 below. In the equations directly 

below Q is the heat duty of the fired heater in Btu/h and P is the fired heater pressure in psig. The 

rest of the values are from the book. 

 
 Step by step sample calculations for the entire fired heater bare module costs are 

presented above. The material factor FM was retrieved from the text in and the bare-module 
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factor FBM was retrieved from Table 22.11 Seider et. al (2009). In Table C.3 below all of the 

parameters that were used to size the fired heater are summarized. 

 
 Three different types of heat exchangers were used in this process U-tube, fixed head, 

and kettle vaporizer. Three different base cost equations were used, one for each type of heat 

exchanger they are presented below in equations C.31-C.36 along with the sample calculations 

where A is the heat exchanger area in ft2. Equations C.31 and C.32 are base cost equation for a 

fixed head heat exchanger and the sample calculations done in C.32 is done using the heat 

exchanger values from E-103. Equations C.33 and C.34 are the base cost equations for a U-tube 

heat exchanger and the sample calculations done in C.34 is performed using the heat exchanger 

values from E-101. Equations C.35 and C.36 are the base cost equations for a kettle vaporizer 

heat exchanger and the sample calculation done in equation C.36 made using the reboiler, E-203, 

heat exchanger values. 

 
Although different heat exchangers have different base cost equations, they all use the 

same purchase cost equation shown below where the FP is the pressure factor, FM is the material 

factor, FL is the tube length correction factor, P is the operating pressure in psig, and A is the 
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heat exchanger area. The sample heat exchanger bare module cost calculation below is done 

using the values of heat exchanger E-103.  

 

 

 

 
 The a and b values in equation C.37 were retrieved from Table 22.25 in the book and the 

tube length correction factor FL was assumed to be one from the values given in the book by 

Seider et. al (2009). In Table C.4 below the values used to size heat each heat exchanger are 

shown along with the bare module cost of each heat exchanger. 
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 Compressor bare module cost equations are presented below in C.45-C.50. The 

compressor horsepower, PC, was calculated in ChemCAD. The sample compressor calculations 

were done using the calculated values for compressor C-101.  

 
 The material factor FM, was determined for the literature in the book and the drive factor 

FD was also determined from the book by Seider et. al (2009). The different values used to size 

each compressor in the system can be seen below in Table C.5. The cost of the spare compressor 

is equivalent to the bare module cost of each compressor.  
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The costs of each separation tower used in this process the distillation column, T-201, 

and the amine contactor, T-202, are estimated using the same equations presented below in C.51-

C.68. The parameters in each equation are as follows: W is the weight in lbs., Di is the inner 

diameter of the separation tower in feet, L is the length of the separation tower in feet or inches, 

ts is total thickness of the tower in feet, tp is the thickness of the tower based on nominal stresses, 

ρ is the density of the metal used to make the tower, S is the maximum allowable stress of the 

material in psi, E is the weld efficiency, Po is the operating pressure in psig, Do is the outer 

diameter of the separation tower in feet or inches, and tw is the extra thickness need to protect the 

tower from earthquakes and high winds. The sample calculation performed in the equation below 

is the process used to estimate the cost of the distillation tower which is nearly identical to the 

cost estimate for the amine contactor.  
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In equations C.51-C.72, the material factor FM was retrieved from Table 22.26 in the 

book, the factor NT is the number of trays, the tray factor FNT is 1.00 based on the total number 

of trays, the tray type factor FTT is 1.0 because sieve trays are being used and the bare module 

factor FBM was retrieved from Table 22.11 in the book by Seider et. al (2009). The values used 

to size the distillation column and the amine contactor are shown in Table C.5.  

 
 The cost estimate for the feed drum, the reflux drum, the HHPS, the CHPS, and the 

suction tank, all use the same set of equations to estimate the cost of the vessel in a nearly 

identical procedure because when performing cost estimates all of the tanks are viewed as 

horizontal vessels. The equations below, C.73-C.86,  present the equations needed along with 

step by step sample calculations for horizontal vessels where W is the weight in lbs., Di is the 

inner diameter of the separation tower in feet, L is the length of the separation tower in feet or 

inches, ts is total thickness of the tower in feet, tp is the thickness of the tower based on nominal 

stresses, ρ is the density of the metal used to make the tower, S is the maximum allowable stress 

of the material in psi, E is the weld efficiency, Po is the operating pressure in psig, and Do is the 

outer diameter of the separation tower in feet or inches. 

 The values used in the sample calculations, equations C.73-C.86 are the values used to 

the feed surge tank where the weight is 5592 lbs., the inner diameter is 156 inches, the length is 

305 inches, the density is 0.285 lb./in2, the total thickness ts is 0.16 inches, and the thickness tp is 

0.037 inches, the max stress is 90,000 psi, the weld efficiency is 1, and the operating pressure is 

50 psig. 
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 In equations C.73-C.86, the material factor FM was retrieved from Table 22.26 in the 

book and the bare module factor FBM was retrieved from Table 22.11 in the book by Seider et. al 

(2009). The values used to size the various tanks are shown in Table C.6. 
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 The equations used to estimate the cost of the reactor are presented below along with 

sample calculations in C.86-C.102. The parameters in each equation are as follows: W is the 

weight in lbs, Di is the inner diameter of the separation tower in feet, L is the length of the 

separation tower in feet or inches, ts is total thickness of the tower in feet, tp is the thickness of 

the tower based on nominal stresses, ρ is the density of the metal used to make the tower, S is the 

maximum allowable stress of the material in psi, E is the weld efficiency, Po is the operating 

pressure in psig, Do is the outer diameter of the vertical tower in feet or inches, and tw is the extra 

thickness need to protect the tower from earthquakes and high winds.  



 

C-13 
 

 
 The reactor operating parameters used in the sample calculations are as follows: inner 

diameter 156 in., reactor length 745 in., operating pressure is 985 psig, and metal density is 0.283 

lb/in2. The material factor FM was retrieved from Table 22.26 in the book and the bare module 
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factor FBM was retrieved from Table 22.11 in the book by Seider et. al (2009). The values used to 

size the reactor are shown in Table C.7. 

 

 
Refer to the excel sheet “economic assessment 1.2” for total capital investment calculations cost 

sheet outline, sensitivity analysis, sales, and cash flow calculations. 
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Appendix D: HDS Process Design Assumptions 

 

Problem Statement: 

-The facility is located in the Delaware Valley. All estimations/cost analysis/operating conditions 

revolved around this location. 

-Utilities were provided by the refinery and their compositions were provided to the design team 

from Fred Brinker through literature. 

-Hydrogen gas and its composition are available from a neighboring facility. 

-Storage and transportation was not included in the HDS design. 

-In operation 350 days per year. 

-Sour water, purge gas, and rich amine solution streams are taken care of by the refinery. 

-The final product is the sum of the treated diesel and naphtha streams. 

 

ChemCAD: 

-Modelled the reactor as adiabatic PFR in ChemCAD to simulate the PBR. 

-Assumed feed stage for distillation tower at tray 1 to allow for convergence. 

-Assumed a liquid reaction in a mixed phase for the reactors. 

-Two separate PFR reactors were used in ChemCAD to simulate a two-bed PBR. 

-A “black box” model was simulated to achieve desired products in amine unit. 

-A pseudo-component was initialized in ChemCAD using boiling point curve data to represent 

the diesel feedstock composition. 

-Assume nitrogen reacts with water and hydrogen sulfide to form ammonium hydrosulfide, 

which is removed in as part of the sour water. 

-Assume no pressure drop in HHPS and CHPS. 

-Liquid blend feed was approximated by using the pseudo-component feature. 

-Significant pressure drop was achieved using an expander. 

-Each tray in the separation towers are two feet in height. 

-Efficiencies of the pumps were assumed to be between 0.6-0.9. 
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Equipment Design: 

-Distillation column was used instead of steam stripper due to complexity and cost. 

-A regenerator was not used to process the H2S, assumed that it would be handled by refinery. 

-Modelled reactor as two separate single bed reactors in ChemCAD. Actual process includes one 

large reactor with two beds. 

-The conversion in each bed of the reactor was specified for the purposes of sizing the reactor 

and catalyst mass. 

-Cobalt molybdenum was selected as the most desirable catalyst for this design. 

-Assumed FL, tube length correction factor, is equal to one for heat exchangers. 

 

Economics: 

-The facility will take three years to construct from start to finish. 

-There is an assumed zero salvage value for all pieces of equipment. 

-Straight line depreciation. 

-Assumed the price of feedstock remains constant for the operation of the unit. 

-The plant is assumed to operate five years past the life cycle for the facility. 

-The assumption was made for a 20% return on the net present value. 

-Assume that the utility prices in the book by (Seider, 2009) is still valid. 
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