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A B S T R A C T   

In the design and operation of industrial dehydrogenation reactors, loss of selectivity and catalyst deactivation 
caused by undesirable by-products are two critical issues. The hypothesis explored in this work has been that it is 
possible to address these matters by distributing the catalyst non-uniformly in the reactors. However, these 
constraints are characteristics of large reactors and only observable in that scale, thus testing the proposed 
hypothesis by experiments in the laboratory would be of limited value. A practical approach is to study the 
validity of this idea by process simulation. This method allows exploring a varied range of parameters and reveals 
the qualitative trends when experimenting with large-scale reactors is not feasible. In this study, a comprehensive 
process simulator is developed for dehydrogenation reactors, allowing the implementation of several catalyst 
distributions. The simulator includes options for both dissociative and non-dissociative dehydrogenation, with 
detailed reaction steps, key modes of species mass transfer, and the capability for parametric studies with a wide 
range of non-uniform patterns that are needed for optimization of catalyst distribution for a specific case. The 
simulator is also used for exploring other options such as the use of segmented beds with gaps in packing, or the 
introduction of hydrogen at various locations in the reactor. Results show that it is possible to improve the 
reactor yield and enhance the catalyst life by using a preferred non-uniform distribution of catalyst. Simulation 
results also show that the use of hydrogen injection into the segmented catalyst bed is an effective technique for 
improving the reactor performance and catalyst life, but the injection needs to be at a location inside the reactor 
and not at the inlet.   

1. Introduction 

Industrial dehydrogenation is typically a catalytic process for 
removing hydrogen from organic compounds to generate unsaturated 
carbon bonds [1–4]. Examples of commercial applications include fuel 
oil processing and refining as well as production of ethylene, propylene, 
ethylbenzene, butene, and butadiene derivatives from hydrocarbon 
feedstocks [2,5,6]. Some of the catalysts used in these large scale pro-
cesses include platinum promoted with tin and supported on alumina 
chromium oxides for dehydrogenation of light alkanes to olefins; iron 
oxides supported with promoters for synthesis of styrene; zeolites in 
dehydrogenation of light alkenes; copper for dehydrogenation of alco-
hols to aldehydes; carbon nanotube and monodisperse platinum nano-
particles, dispersed ruthenium-cobalt nanomaterials, polymer-graphene 
hybrid catalyst with platinum as supporting material, and monodisperse 

palladium-nickel alloy nanoparticles in dehydrogenation of 
dimethylamine-borane [3,7–18]. 

In general, most dehydrogenation reactions are favored at low 
pressures and high temperatures [2–4,19,20]. However, working under 
these operating conditions often involves some performance challenges 
[3,4]. In dehydrogenation of light alkanes, for example, high tempera-
tures generate undesirable by-products that cause yield reduction, poor 
selectivity, coke formation, catalyst deactivation, sintering, and reduced 
catalyst lifetime [3,12,21–23]. Similar issues have been reported for 
industrial dehydrogenation of ethylbenzene to styrene [3,4,24–27]. In 
petroleum processing, control of selectivity during dehydrogenation is 
critical to produce hydrocarbons in a desired degree of saturation suit-
able for isomerization, reforming, alkylation, and other steps necessary 
to produce fuels with desirable combustion properties. In these pro-
cesses, it is also important to prevent the formation of excessively un-
saturated by-products and coke, which ultimately lead to catalyst 
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Nomenclature 

CPid Concentration of poisoning material P in both the non- 
dissociative and dissociative cases, mol/m2 

Ch,d Concentration of H2 in the dissociative case, mol/m3 

Ch,nd Concentration of H2 in the non-dissociative case, mol/m3 

Ca,d Concentration of A in the dissociative case, mol/m3 

Ca,nd Concentration of A in the non-dissociative case, mol/m3 

Ci,in Initial concentration of species i at t=0, mol/m3 or mol/m2 

Ci,o Inlet concentration of species i in the reactor feed, mol/m3 

or mol/m2 

Ci,out Concentration of species i at the outlet, mol/m3 

Ci Concentration of species i, mol/m3 or mol/m2 

Cpx,d Concentration of PX in the dissociative case, mol/m2 

Cpx,nd Concentration of PX in the non-dissociative case, mol/m2 

Cr,d Concentration of R in the dissociative case, mol/m3 

Cr,nd Concentration of R in the non-dissociative case, mol/m3 

Cs,d Concentration of S in the dissociative case, mol/m3 

Cs,nd Concentration of S in the non-dissociative case, mol/m3 

Dh,d Dispersion coefficient for H2 in the dissociative case, m2/s 
Dh,nd Dispersion coefficient for H2 in the non-dissociative case, 

m2/s 
Da,d Dispersion coefficient for A in the dissociative case, m2/s 
Da,nd Dispersion coefficient for A in the non-dissociative case, 

m2/s 
Di,d Dispersion coefficient for gaseous species i in the 

dissociative case, m2/s 
Di,nd Dispersion coefficient for gaseous species i in the non- 

dissociative case, m2/s 
Dr,d Dispersion coefficient for R in the dissociative case, m2/s 
Dr,nd Dispersion coefficient for R in the non-dissociative case, 

m2/s 
Ds,d Dispersion coefficient for S in the dissociative case, m2/s 
Ds,nd Dispersion coefficient for S in the non-dissociative case, 

m2/s 
ad Ratio of catalytic surface area to reactor volume in the 

dissociative case, m− 1 

and Ratio of catalytic surface area to reactor volume in the non- 
dissociative case, m− 1 

ki,d Reaction coefficients of the forward reactions in the 
dissociative case 

ki,nd Reaction coefficients of the forward reactions in the non- 
dissociative case 

kir,d Reaction coefficients of the reverse reactions in the 
dissociative case 

kir,nd Reaction coefficients of the reverse reactions in the non- 
dissociative case 

rH2 ,d Rate of H2 in the dissociative case, mol/m3∙s 
rH2 ,nd Rate of H2 in the non-dissociative case, mol/m3∙s 
rA,d Rate of A in the dissociative case, mol/m3∙s 
rA,nd Rate of A in the non-dissociative case, mol/m3∙s 
rPX,d Rate of PX in the dissociative case, mol/m2∙s 
rPX,nd Rate of PX in the non-dissociative case, mol/m2∙s 
rR,d Rate of R in the dissociative case, mol/m3∙s 
rR,nd Rate of R in the non-dissociative case, mol/m3∙s 
rS,d Rate of S in the dissociative case, mol/m3∙s 
rS,nd Rate of S in the non-dissociative case, mol/m3∙s 
νd Velocity in the dissociative case, m/s 
νnd Velocity in the non-dissociative case, m/s 
A(g) Feed compound 
AX Intermediate reactive species attached to the catalyst 

surface in both the non-dissociative and dissociative cases 
d Diameter of the reactor, m 
e1 Parameter that changes the concentration of catalyst on 

the first step of the graded non-uniform distribution 
e2 Parameter that changes the concentration of catalyst on 

the second step of the graded non-uniform distribution 
g Size of the gap between the catalytic steps, m 
H2X Intermediate reactive species attached to the catalyst 

surface in the non-dissociative case 
HX Intermediate reactive species attached to the catalyst 

surface in the dissociative case 
k1,d Reaction coefficient of the first forward reaction in the 

dissociative case, m4/mol2∙s 
k1,nd Reaction coefficient of the first forward reaction in the 

non-dissociative case, m4/mol2∙s 
k1r,d Reaction coefficient of the first reverse reaction in the 

dissociative case, m5.5/mol2.5∙s 
k1r,nd Reaction coefficient of the first reverse reaction in the non- 

dissociative case, m7/mol3∙s 
k2,d Reaction coefficient of the second forward reaction in the 

dissociative case, m4/mol2∙s 
k2,nd Reaction coefficient of the second forward reaction in the 

non-dissociative case, m4/mol2∙s 
k2r,d Reaction coefficient of the second reverse reaction in the 

dissociative case, m7/mol3∙s 
k2r,nd Reaction coefficient of the second reverse reaction in the 

non-dissociative case, m7/mol3∙s 
k3,d Reaction coefficient of the third forward reaction in the 

dissociative case, m4/mol2∙s 
k3,nd Reaction coefficient of the third reaction in the non- 

dissociative case, s− 1 

k3r,d Reaction coefficient of the third reverse reaction in the 
dissociative case, m2.5/mol1.5∙s 

L Reactor length in the continuous distribution, m 
LT Reactor length in either the continuous or discontinuous 

catalyst distribution, m 
m Stoichiometric coefficient 
n Parameter that changes the extent of the steps in the 

graded non-uniform distribution 
p Stoichiometric coefficient 
Pg(g) Coking precursor in the non-dissociative case 
PX(s) Poisoning material 
q Stoichiometric coefficient 
R(g) Product of interest 
ri,d Rate of the species i participating in the main reactions of 

the dissociative case, mol/m3∙s or mol/m2∙s 
ri,nd Rate of the species i participating in the main reactions of 

the non-dissociative case, mol/m3∙s or mol/m2∙s 
RX Intermediate reactive species attached to the catalyst 

surface in both the non-dissociative and dissociative cases 
S(g) Undesired product 
SX Intermediate reactive species attached to the catalyst 

surface in both the non-dissociative and dissociative cases 
X(s) Available catalyst sites 
Z Surface concentration of catalyst sites as a function of x 

used in both dissociative and non-dissociative cases, mol/ 
m2 

Zmax Catalyst loading of the traditional uniform distribution, 
mol/m2 

υ Velocity in both the non-dissociative and dissociative 
cases, m/s  
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deactivation. To address the above issues, researchers have explored 
various strategies such as reactor design and catalyst formulation [2, 
28–33] as well as feed composition modification by injection of 
hydrogen in the inflow to improve catalyst lifetime and stability 
[34–37]. Nevertheless, these issues remain as key challenges in indus-
trial dehydrogenation, needing new ideas and approaches for reactor 
design and operation. 

Previous studies about other catalytic reactions have shown that 
varying the catalyst composition in some packed-bed reactors has pos-
itive impact on improving the reactor stability and product yield 
[38–45]. The results have indicated that modifications of catalyst ac-
tivity can be used to compensate for decreases in the kinetic driving 
forces along the reactor bed [46–49]. For instance, in ethylene oxy-
chlorination to 1,2-dichloroethane, partial oxidation of propylene to 
acrylic acid, and ortho-xylene conversion to phthalic anhydride, the 
catalyst activity is modified along the bed by diluting the catalyst with 
inert compounds [40,50]. Likewise, previous simulation studies have 
reported that the use of multiple reactor zones enhances productivity 
and selectivity [40,51–54]. Nonetheless, the main goal of this approach 
has been to balance heat generation along fixed-bed reactors [40,46,47, 
49,50,53,55] and this type of catalyst dilution often does not produce 
the desired activity profile in each zone [46,47]. In a study of olefin 
synthesis from syngas over mixed beds of Zn-Zr oxides and SAPO-34, it 
was found that the non-uniform distribution of catalyst produced 
maximum hydrocarbon productivity, but authors expressed the need of 
a method for optimizing the distribution [56]. Therefore, developing 
ways to search for suitable catalyst distribution in the large-scale in-
dustrial reactors represents a major challenge with significant economic 
impact. 

The fundamentals of the local reaction rate and kinetic of dehydro-
genation is a relatively well-studied area. Information on dehydroge-
nation reaction kinetics, often using the Langmuir-Hinshelwood model, 
is also available (some key examples are given in Table 1). However, this 
local rate information is only one component of what is needed to 
address the key large-scale reactor issues that were mentioned before. 

Based on the fact that catalyst distribution is a key factor in the 
overall reactor performance, the hypothesis behind this work has been 
that it is possible to search and identify suitable novel catalyst distri-
butions that would help solving the two problems that remain as key 
issues in the design and operation of dehydrogenation reactors: (i) low 
selectivity and yield, and (ii) catalyst deactivation caused by undesirable 
by-products. The method of approach needed and selected to achieve 
this goal is the development of a versatile and generic simulator for 
evaluating the merits of non-uniform distributions of catalyst under a 
wide range of dehydrogenation conditions. This work is not intended to 
present a quantitative prediction for a specific reaction set or a specific 
type of catalyst. A justification for the use of simulation as the method of 
approach is that the effects studied are those of large reactors and any 
quantitative prediction and evaluation would require running tests on 
reactors of that scale. The study requires a parametric sweep and com-
parison of cases under a wide variety of conditions. Such tests have not 
been attempted, primarily because they are not practical in industry and 
definitely not feasible for typical research labs. Hence, this study rep-
resents a case where process simulation would be the best approach to 
examine the potential and validity of the proposed idea and hypothesis. 

The specific goals of this work are: (i) determining if the imple-
mentation of non-uniform catalyst distributions can be used to enhance 
the production rate (yield) of the desirable compounds in catalytic 
dehydrogenation reactors; (ii) assessing the impact of such non-uniform 
catalyst distributions on the catalyst lifetime; and (iii) studying the 
feasibility and the proper method for introducing hydrogen in the 
reactor to improve its performance. 

2. Method of approach 

A comprehensive process simulator was developed and used to 

Table 1 
Simulation of commercial dehydrogenation processes with uniform distribu-
tions of catalyst.  

Process Catalyst type Operating 
conditions 

Model description 

Dehydrogenation of 
ethane to ethene 

GaxPty [57] Steady state, 
isothermal  
[57] 

Simulation results show 
that data obtained with 
the Langmuir- 
Hinshelwood model 
accurately represent 
experimental values as 
long as the conditions 
remain within the fitting 
range [57]. 

Dehydrogenation of 
propane 

Pt-Sn/γ-Al2O3 

[58] 
Steady state, 
non- 
isothermal  
[58] 

The Langmuir- 
Hinshelwood model was 
used to study the 
dehydrogenation of 
propane. Competitive 
adsorption of side 
products was modeled 
using simple power law 
rate expressions. Results 
show small deviations 
between predicted and 
expected values [58]. 

PtIn/ 
hydrotalcite  
[59–62] 

Steady state, 
isothermal  
[59–62] 

Dehydrogenation of 
propane was simulated 
using the Langmuir- 
Hinshelwood model. In 
all cases, secondary 
reactions were modeled 
using the power law. To 
simplify calculations, 
the model assumes one- 
dimensional axial 
dispersion. Results of 
this process show that 
predicted values are in 
good agreement with 
experimental results  
[59–62]. 

Dehydrogenation of 
ethylbenzene 

FeOx‑meso- 
Al2O3 [63] 

Transient, 
isothermal  
[63] 

Ethylbenzene 
dehydrogenation was 
simulated considering 
the phases of 
adsorption, surface 
reactions, and 
desorption in the 
proposed reaction 
mechanisms as well as a 
catalyst deactivation 
model. Results of the 
simulation show that 
the one type site 
Langmuir-Hinshelwood 
model describes the 
experimental data with 
adequate statistical 
fitting indicators [63]. 

Competitive 
dehydrogenation 
of propane and 
isobutane 

Pt-Sn-K/ 
Al2O3  

[64–67] 

Transient, 
isothermal  
[64–67] 

The Langmuir- 
Hinshelwood approach 
was used to represent 
dissociative and non- 
dissociative 
simultaneous 
dehydrogenation of 
propane and isobutane. 
A simple deactivation 
model accounts for 
catalyst deactivation, 
combining an 
exponential activity- 
coke relationship 
previously reported  
[64–67]. 

(continued on next page) 
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achieve the objectives of this work. This simulator includes options for 
both dissociative and non-dissociative catalytic dehydrogenation. In 
addition to the detailed reaction steps covering many situations, the 
simulator includes the key modes of species mass transfer and the 
capability for parametric study. This capability is critically needed for 
optimization of catalyst distribution and comparison of other options. 
The reactor geometry, packing configuration, and patterns for catalyst 
distribution are schematically shown in Figs. 1a-1c. Fig. 1a shows the 
case with the uniform distribution of catalyst traditionally used in in-
dustry. Fig. 1b is for the case with two stages of catalyst concentration 
with different loadings. Fig. 1c illustrates the case with discontinuous 
steps of different catalyst concentrations separated by a gap. The inlet 
and the outlet refer to the gaseous reactants and products. The variable Z 
represents the amount of catalyst as a function of reactor length, x. The 
parameter Zmax is the catalyst loading of the traditional uniform distri-
bution, and the variables e1, e2, and n are parameters that change the 
catalyst distribution and activity. The parameter g in Fig. 1c refers to the 
size of the gap between the catalytic steps and the variable L stands for 
the reactor length. To use a common basis for comparing different dis-
tributions, the total amount of catalyst loading is kept the same for all 
cases. The schematics also depict the hydrogen injection at various lo-
cations. Both dissociative and non-dissociative mechanisms of dehy-
drogenation are considered in assessing the potential benefits of non- 
uniform distribution. 

Eqns. (1)–(3) provide a general representation of the overall sto-
chiometric reactions for both dissociative and non-dissociative dehy-
drogenation. The parameters m=p=q=1 give the non-dissociative 
version of the dehydrogenation process, and the values m=p=q=0.5 
yield the dissociative case. In the first reaction, the feed compound A(g) is 
catalytically dehydrogenated to form the desirable compound R(g). 
However, further dehydrogenation degrades R(g) into an undesirable 

Table 1 (continued ) 

Process Catalyst type Operating 
conditions 

Model description 

Long chain n-paraffin 
dehydrogenation 

Pt-Sn-K-Mg/ 
γ-Al2O3 [68] 

Transient, 
isothermal  
[68] 

The Langmuir- 
Hinshelwood-Hougen- 
Watson and power law 
approaches were used to 
simulate a reaction 
mechanism including 
adsorption/desorption 
equilibria and surface 
reactions. All reactions 
considered in the model 
were assumed first order 
and reversible. Model 
quality indicators 
confirm that expected 
values accurately 
represent the obtained 
results [68]. 

Dehydrogenation of 
methanol to 
methyl formate 

Copper- 
chromite  
[69] 

Transient, 
isothermal  
[69] 

Molecular or 
dissociative 
mechanisms for 
methanol 
dehydrogenation were 
simulated using the 
Langmuir-Hinshelwood 
model. Statistic 
indicators demonstrate 
the accuracy of the 
approach in 
representing 
experimental results  
[69].  

Fig. 1. Simplified representation of the fixed bed reactor used in the simulations with different catalyst distributions: uniform (a), continuous stepwise (b) , and 
discontinuous stepwise (c). 
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compound S(g). In the third reaction, the active catalyst sites X(s) reacts 
with S(g), and this latter compound is converted into a deactivated site 
PX(s). 

A(g)⇄R(g) + mH2(g) (1)  

R(g)⇄S(g) + pH2(g) (2)  

S(g) + X(s)⇄PX(s) + qH2(g) (3)  

2.1. Formation of simulator equations for non-dissociative 
dehydrogenation 

Table 2 shows the mechanism (elementary steps) for the non- 
dissociative dehydrogenation and indicates the rate controlling step 
(RCS), following the general Langmuir-Hinshelwood model. The com-
pounds AX, RX, SX, and H2X represent intermediate species. Pg(g) is a 
heavily dehydrogenated compound in the gas phase that acts as a coking 
precursor, deactivating the catalyst site X to PX(s). 

Using the referred mechanism, the rate expression for the non- 
dissociative dehydrogenation is derived as follows. Eqns. (4)–(8) show 
the rates of formation and consumption of the species participating in 
the main reactions of the non-dissociative case (ri,nd). For the species in 
the gas phase (A(g), R(g), S(g), and H2(g)), the concentrations (Ca,nd, Cr,nd, 
Cs,nd, and Ch,nd) are in mol/m3 and the rates in mol/m3∙s. For the 
condensed compound PX, the concentration (Cpx,nd) is in mol/m2 and 
the rate in mol/m2∙s. Likewise, the surface concentration of catalyst 
sites (Z) is in mol/m2. The rate coefficients k1,nd and k2,nd are in units of 
m4/mol2∙s, while k1r,nd and k2r,nd are in m7/mol3∙s, and k3,nd in s-1. The 
parameter and is the ratio of catalytic surface area to reactor volume and 
its unit is m-1. The kinetic rate expressions with negative order for the 
concentration of hydrogen approximate the general Langmuir- 
Hinshelwood approach for the practical range of H2(g) concentration. 
If the concentration of H2(g) is very small, the complete form of the 
Langmuir-Hinshelwood model should be used. 

rA,nd =
(
Z − Cpx,nd

)2( k1r,ndCr,ndCh,nd − k1,ndCa,nd
)

(4)  

rR,nd =
(
Z − Cpx,nd

)2( k1,ndCa,nd − k1r,ndCr,ndCh,nd − k2,ndCr,nd + k2r,ndCs,ndCh,nd
)

(5)  

rS,nd =
(
Z − Cpx,nd

)2( k2,ndCr,nd − k2r,ndCs,ndCh,nd
)
− k3,nd

Cs,nd
(
Z − Cpx,nd

)

Ch,nd
and

(6)  

rPX,nd = k3,nd
Cs,nd

(
Z − Cpx,nd

)

Ch,nd
(7)  

rH2 ,nd =
(
Z − Cpx,nd

)2( k1,ndCa,nd − k1r,ndCr,ndCh,nd + k2,ndCr,nd − k2r,ndCs,ndCh,nd
)

+ k3,nd
Cs,nd

(
Z − Cpx,nd

)

Ch,nd
and

(8) 

The model also includes convection and dispersion of the species in 
the gas phase as it is typically done for packed bed reactors [59,70–73]. 
The mass balances for species are given in Eqn (9)–(13) . In these 
equations, Da,nd, Dr,nd, Ds,nd, and Dh,nd are the dispersion coefficients for 
species A(g), R(g), S(g), and H2(g) in m2/s; νndν is the velocity in m/s; and t 
and x represent the time and location in the reactor. 

∂Ca,nd

∂t
− Da,nd

∂2Ca,nd

∂x2 + νnd
∂Ca,nd

∂x
= rA,nd (9)  

∂Cr,nd

∂t
− Dr,nd

∂2Cr,nd

∂x2 + νnd
∂Cr,nd

∂x
= rR,nd (10)  

∂Cs,nd

∂t
− Ds,nd

∂2Cs,nd

∂x2 + νnd
∂Cs,nd

∂x
= rS,nd (11)  

∂Cpx,nd

∂t
= rPX,nd (12)  

∂Ch,nd

∂t
− Dh,nd

∂2Ch,nd

∂x2 + νnd
∂Ch,nd

∂x
= rH2 ,nd (13)  

2.2. Formation of simulator equations for dissociative dehydrogenation 

Table 3 shows the mechanism (elementary steps) for the dissociative 
dehydrogenation, following the general Langmuir-Hinshelwood model. 
The species AX, RX, SX, and HX represent reactive intermediates 
participating in the overall dehydrogenation process. The compound HX 
corresponds to the dissociative version of H2(g) chemisorbed on the 
catalyst surface. 

Eqns. (14)–(18) are the derived rate expressions for each of the steps 
using the standard Langmuir-Hinshelwood kinetic model. For the 
gaseous compounds A(g), R(g), S(g), and H2(g), the rates are in mol/m3∙s 
and the concentrations (Ca,d, Cr,d, Cs,d, and Ch,d) in mol/m3; for the 
condensed compound PX, the rate is in mol/m2∙s and the concentration 
Cpx,d in mol/m2. The rate coefficients k1,d, k2,d and k3,d are in units of m4/ 
mol2∙s, while k1r,d and k2r,d are in m5.5/mol2.5∙s, and k3r,d in m2.5/ 
mol1.5∙s. The parameter ad represents the ratio of catalytic surface area 
to reactor volume and its unit is m-1. 

rA,d =
(
Z − Cpx,d

)2( k1r,dCr,dCh,d
1/2 − k1,dCa,d

)
(14)  

rR,d =
(
Z − Cpx,d

)2( k1,dCa,d − k1r,dCr,dCh,d
1/2 − k2,dCr,d + k2r,dCs,dCh,d

1/2)

(15)  

Table 2 
Reaction mechanism of the non-dissociative dehydrogenation.  

Reaction Mechanism 

A(g)⇄R(g) + H2(g) A(g) + X(s)⇄AX 
AX+ X(s)⇄RX+ H2X (RCS)
R(g) + X(s)⇄RX 
H2(g) + X(s)⇄H2X  

R(g)⇄S(g) + H2(g) R(g) + X(s)⇄RX 
H2(g) + X(s)⇄H2X 
RX(s) + X(s)⇄SX+ H2X (RCS)
S(g) + X(s)⇄SX  

S(g) + X(s)⇄PX(s) + H2(g) S(g)⇄Pg(g) + H2(g)

Pg(g) + X(s) → PX(s) (RCS)   

Table 3 
Reaction mechanism of the dissociative dehydrogenation.  

Reaction Mechanism 

A(g)⇄R(g) +
1
2
H2(g)

A(g) + X(s)⇄AX 
AX+ X(s)⇄RX+ HX (RCS)
R(g) + X(s)⇄RX 
H2(g) + 2X(s)⇄2HX  

R(g)⇄S(g) +
1
2
H2(g)

R(g) + X(s)⇄RX 
H2(g) + 2X(s)⇄2HX 
RX+ X(s)⇄SX + HX |(RCS)
S(g) + X(s)⇄SX  

S(g) + X(s)⇄PX+
1
2
H2(g)

H2(g) + 2X(s)⇄2HX 
S(g) + X(s)⇄SX 
SX+ X(s)⇄PX+ HX (RCS)
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rS,d =
(
Z − Cpx,d

)2( k2,dCr,d − k2r,dCs,dCh,d
1/2 − k3,dCs,d

)

+ k3r,dCpx,dCh,d
1/2( Z − Cpx,d

)
(16)  

rP,d =
(
Z − Cpx,d

) k3,dCs,d
(
Z − Cpx,d

)
− k3r,dCpx,dCh,d

1/2

ad
(17)  

rH,d=

(
Z − Cpx,d

)

2

2
(
k1,dCa,d − k1r,dCr,dCh,d

1/2+k2,dCr,d − k2r,dCs,dCh,d
1/2+k3,dCs,d

)

−
k3r,dCpx,dCh,d

1/2

2
(
Z − Cpx,d

)

(18) 

Eqns. (19)–(23) give the mass balance for each species; these equa-
tions consider convection and dispersion processes in the reactor. The 
parameters Da,d, Dr,d, Ds,d, and Dh,d are the dispersion coefficients for 
species A(g), R(g), S(g) and H2(g) in m2/s; and νd is the velocity in m/s. 

∂Ca,d

∂t
− Da,d

∂2Ca,d

∂x2 + νd
∂Ca,d

∂x
= rA,d (19)  

∂Cr,d

∂t
− Dr,d

∂2Cr,d

∂x2 + νd
∂Cr,d

∂x
= rR,d (20)  

∂Cs,d

∂t
− Ds,d

∂2Cs,d

∂x2 + νd
∂Cs,d

∂x
= rS,d (21)  

∂Cpx,d

∂t
= rPX,d (22)  

∂Ch,d

∂t
− Dh,d

∂2Ch,d

∂x2 + νd
∂Ch,d

∂x
= rH2 ,d (23) 

When varying the profiles of catalyst distribution, as in Fig. 1b, the 
total amount of catalyst in the reactor is kept the same as that of uniform 
catalyst distribution. This constraint establishes a relationship between 
e1 and e2. From the expressions listed below, Eqn. (24) provides the 
amount of catalyst that should be used for steps with sizes of 0.5L and 
0.5L; Eqn. (25) for a distribution with an initial portion of 0.25L and a 
remaining section of 0.75L; and Eqn. (26) for steps of 0.75L in the first 
part of the reactor and 0.25L in the second. In studying the effect of 
packing gap in the reactor, a section of the bed corresponding to the size 
of the gap is void of catalyst and catalytic reactions, but this does not 
change the expressions given by Eqns. (24)–(26). 

e2 = 2 − e1 (24)  

e2 = (4 − e1)/3 (25)  

e2 = 4 − 3e1 (26) 

The amount of catalyst on each step was adjusted by changing the 
factor e1 from 0.2 to 1.8 for the case with steps of 0.5L (0.2 increments); 
0.4 to 3.4 for the case with a first step of 0.25L (0.6 increments); and 0.2 
to 1.2 for the case with a first step of 0.75L (0.2 increments). Eqns. (24)– 
(26) calculate the values of e2 according to the case being studied. The 
gap sizes tested were 0.2 m, 0.3 m, and 0.4 m. 

Eqns. (27)–(29) describe the initial and the boundary conditions for 
the mass balances. In these equations, LT is the length of the reactor in m; 
Ci is the concentration of species i; Ci,in is the initial concentration of 
species i at t = 0; and Ci,o is the inlet concentration of species i in the 
reactor feed, all of them in mol/m3 or mol/m2. 

Ci = Ci,in at t = 0 (27)  

Ci = Ci,o at x = 0 (28)  

dCi

dx
= 0 at x = LT (29) 

The model equations were solved using a standard finite element 

numerical method. Table 4 is the list of all the parameters used in this 
study, where d is the diameter of the reactor in m; Di,nd, ki,nd, and kir,nd 
are the dispersion and rate coefficients of the forward and reverse re-
actions in the non-dissociative case; and Di,d, ki,d, and kir,d represent the 
analogous variables in the dissociative dehydrogenation, with the units 
as indicated. The parameter values are estimates for a range of dehy-
drogenation reactions, noting that the simulation is not intended to yield 
a quantitative prediction for a specific catalyst or compounds. In 
analyzing the effect of hydrogen injection at different locations into the 
reactor, the rate of injection was selected to give an increase of 10 mol/ 
m3 in the hydrogen concentration at the point of injection. 

The outputs of the simulator are the values of reactor performance 
indicators. In this study, the most important indicators are the overall 
reactant conversion, the yield or production rate of the desirable prod-
uct, and the remaining activity of the catalyst as the reaction proceeds. 
Eqns. (30)–(34) express the general definitions of these indicators, 
where Ci,out is the concentration of the species at the outlet in mol/m3; υ 
is the velocity of the gas phase in m/s; and CPid is the concentration of 
poisoning material P in mol/m2. The subscript ti in the fraction of cu-
mulative active sites indicates that the integration should be computed 
over the length of the reactor at any time. 

Table 4 
List of parameters used to solve the dehydrogenation cases.  

Case Variable Value 

Non-dissociative and 10 m− 1 

C
i,o 

C
a,o
= 20 mol/m3 

Cr,o = 0 mol/m3 

Cs,o = 0 mol/m3 

Ch,o = 0 mol/m3 

Cp,o = 0 mol/m2 

Ci,in Ca,in = 20 mol/m3 

Cr,in = 0 mol/m3 

Cs,in = 0 mol/m3Ch,in = 0 mol/m3 

Cp,in = 0 mol/m2 

Di,nd Da,nd = 1 × 10− 7 m2/s 
Dr,nd = 1 × 10− 7 m2/s 
Ds,nd = 1 × 10− 7 m2/s 
Dh,nd = 1 × 10− 7 m2/s 

ki,nd k1,nd = 0.5 m4/mol2⋅s 
k2,nd = 2 × 10− 3 m4/mol2⋅s 
k3,nd = 5 × 10− 3 s− 1 

kir,nd k1r,nd = 2 × 10− 4 m7/mol3⋅s 
k2r,nd = 5 × 10− 5 m7/mol3⋅s 

L 2 m 
νnd 0.01 m/s 
Zmax 0.1 mol/m2 

d 0.3 m 
Dissociative ad 10 m− 1 

Ci,o Ca,o = 20 mol/m3 

Cr,o = 0 mol/m3 

Cs,o = 0 mol/m3 

Ch,o = 0 mol/m3 

Cp,o = 0 mol/m2 

Ci,in Ca,in = 20 mol/m3 

Cr,in = 0 mol/m3 

Cs,in = 0 mol/m3 

Ch,in = 0 mol/m3 

Cp,in = 0 mol/m2 

Di,d Da,d = 1 × 10− 7 m2/s 
Dr,d = 1 × 10− 7 m2/s 
Ds,d = 1 × 10− 7 m2/s 
Dh,d = 1 × 10− 7 m2/s 

ki,d k1,d = 0.25 m4/mol2⋅s 
k2,d = 2 × 10− 3 m4/mol2⋅s 
k3,d = 2.5 × 10− 3 s− 1 

kir,d k1r,d = 2 × 10− 5 m7/mol3⋅s 
k2r,d = 5 × 10− 6 m7/mol3⋅s 
k3r,d = 1.5 × 10− 5 s− 1 

L 2 m 
vd 0.01 m/s 
Zmax 0.1 mol/m2 

d 0.3 m  

V. Martínez and F. Shadman                                                                                                                                                                                                                 



Chemical Engineering Journal Advances 10 (2022) 100254

7

Net rate of production of i = π d2

4
υ
(
Ci,out − Ci,o

)
(30)  

Net rate of consumption of i = π d2

4
υ
(
Ci,o − Ci,out

)
(31)  

Cumulative conversion =

∫ t

0
π d2

4
υ
(
Ci,o − Ci,out

)
dt (32)  

Selectivity of R =

∫ t
0 π d2

4 υCi,outdt

υπ
(

d
2

)2

Ci,ot
(33)  

Fraction of cumulative active sites =
∫ L

0 (Z − CPid)ti dx
ZmaxL

(34)  

3. Discussion of results 

3.1. Effect of catalyst distribution 

Previous studies have indicated that in a series reaction where some 
steps are catalytic and some non-catalytic, an overall improvement in 
the production of desired intermediate compounds can be achieved by 
using a non-uniform distribution of catalyst in the reactor [45].  Spe-
cifically, simulation results of these aforementioned studies indicate that 
having more catalyst in the zone where the concentration of the feed 
compound is high and less in the zone where the concentration of the 
intermediate is also high improves the net production of the desirable 
compound [45]. In this work, the simulator was used to explore if the 
same trend exists for dehydrogenation where all steps are catalytic. 

The potential benefits of non-uniform distribution for a completely 
catalytic dehydrogenation are shown by inspecting the profiles of the 
species R(g), S(g), and A(g) in the dissociative case (Fig. 2). In Fig. 2a, the 

concentration of the undesired species S(g) increases and goes through 
maximum values in areas where the concentration of R(g) is high 
(Fig. 2b), and the concentration of A(g) is low (Fig. 2c). Considering the 
degradation of R(g) into S(g), placing most of the catalyst close to the 
reactor inlet would benefit the formation of the desired intermediate 
R(g). This type of catalyst loading would also enhance the subsequent 
formation of the undesirable compound S(g) and the deactivation of 
catalyst. Therefore, for the dissociative dehydrogenation with all steps 
catalytic, the preferred non-uniform option is one with most of the 
catalyst in the upstream section of the reactor. This same trend was 
observed for the non-dissociative case. 

The simulator was used to find the effect of catalyst distributions by 
varying the parameters n, e1, and e2 in the parametric study. Results on 
the production rate of R(g) (Fig. 3a) and selectivity (Fig. 3b) show that 
the application of non-uniform distributions improved selectivity and 
yield of desirable product. However, results on the catalyst activity 
profile (Fig. 3c) suggest that not all non-uniform loadings improved the 
catalyst life. This is a clear indication that finding the optimum catalyst 
distribution is not a trivial “one-size-fits-all” and that, due to complex 
interaction of operational parameters, the only way to select and design 
the proper distribution is by using the simulator and its parametric 
sweep capability. 

To illustrate this application of the simulator, further search was 
done to find distributions that benefit both selectivity and catalyst life. A 
parametric study was performed with various distributions, using 
several values of e1 and e2 (Eqns. (24)–(26)) as well as multiple step sizes 
and configurations. From this evaluation, a preferred non-uniform dis-
tribution for the dissociative dehydrogenation case was found, as shown 
in Fig. 4. For the non-dissociative case, the same non-uniform distribu-
tion with n=0.75 and e1=0.6, shown in the Supplementary Material 
section of this paper (SM), was identified as the preferred option. These 
results, taken together, confirm the advantage of replacing the tradi-
tional uniform distribution by a novel non-uniform distribution that 

Fig. 2. Concentration profiles of S(g) (a), R(g) (b), and A(g) (c) versus reactor length (x) generated by the uniform distribution at 100 h (solid line), 500 h (dotted line), 
and 1000 h (dashed line) in the dissociative case. 

V. Martínez and F. Shadman                                                                                                                                                                                                                 



Chemical Engineering Journal Advances 10 (2022) 100254

8

Fig. 3. Production rate of R(g) (a), selectivity (b), and fraction of cumulative active sites (c) over time generated by the uniform distribution (dashed line) and the 
non-uniform (NU) distributions with n=0.75, e1=0.2 (dotted line), and n=0.5, e1=0.2 (solid line). Data correspond to the dissociative case. 

Fig. 4. Production rate of R(g) (a), fraction of cumulative active sites (b), and selectivity (c) over time generated by the uniform distribution (dotted line) and the 
preferred non-uniform (NU) distribution with n=0.75, e1=0.6 (solid line). Data correspond to the dissociative case. 
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would enhance both reactor yield and selectivity as well as catalyst life. 

3.2. Effect of catalyst-free gaps 

The presence of a catalyst-free zone between the catalytic sections 
previously illustrated in Fig. 1c produced no changes on results for 
dissociative case of Fig. 4. The same behavior was found in the non- 
dissociative case. The absence of effect can be explained by two rea-
sons: (i) small dispersion in the zone where the gap is present, and (ii) 
absence of catalyst leading to no reactions taking place in that portion of 
the reactor. If these two conditions coexist, there will be no change in 
any of the control parameters used to describe the process. If there is, 
however, significant dispersion, and catalyst is present, introducing the 
gap will have an impact in either the production rate of R(g), selectivity, 
or fraction of cumulative active sites. Simulation results clearly show 
that there is not much reaction taking place in the gap region because 
the reactions are catalytic and there is no catalyst present in the gap 
zone. Furthermore, the heat transfer effect in the gap is expected to be 
very small and thus negligible since there is no packed bed to facilitate 
gas-solid heat exchange. 

3.3. Effect of catalyst deactivation 

To analyze the merits of non-uniform catalyst distribution on catalyst 
life retention, the simulator was used with and without the deactivation 
steps (k3,nd=0 for non-dissociative dehydrogenation, and k3,d=k3r,d=0 
for the dissociative case). Fig. 5 shows this evaluation in terms of the 
percentage improvement on the production of R(g), considering the 
difference between the best non-uniform distribution (n=0.75 and 
e1=0.6) and the traditional uniform distribution in both the dissociative 
and non-dissociative dehydrogenation cases. As seen in Fig. 5a, there is 
an important effect on the time scale of deactivation for the dissociative 
dehydrogenation. When deactivation is not present, the process reaches 
steady state very early after the reactions start and maintains a constant 
improvement of about 32% throughout the evaluation time. On the 
other hand, when deactivation takes place, a decrease in the percentage 
of improvement is observed in the period of 0–200 h, and the trend 
gradually increases until reaching a constant value of 19%. 

This behavior is due to the fact that deactivation occurs at a much 
slower rate than the general dehydrogenation. Nevertheless, results also 
show that the non-uniform distribution enhances the overall perfor-
mance of the process even if the reaction mechanism does not include a 
deactivation step. The same effect on time scale of the process was 
observed for the non-dissociative dehydrogenation (Fig. 5b). 

3.4. Effect of supplemental hydrogen injection 

As shown in Tables 2 and 3, hydrogen is involved in all stages of 
reactions in both the non-dissociative and the dissociative cases. The 
benefit from injection of H2(g) is complex because the increase in the 
concentration of hydrogen has two opposing effects on the reactor 
performance. On the one hand, it lowers the formation and deposition of 
deactivating compounds on the catalyst surface. On the other hand, 
hydrogen lowers the net rate of dehydrogenation and thus the formation 
of the desirable compound. The simulator was useful in the search for 
the catalyst distribution and the proper location of hydrogen injection in 
order to separate these two opposing effects: maximize the benefits of 
hydrogen in inhibiting catalyst deactivation, which has detrimental ef-
fect on reactor yield. 

Fig. 6 shows the effect of hydrogen on production rate of R(g) and the 
fraction of remaining catalyst activity for dissociative dehydrogenation 
and the comparison of options for H2(g)-injection location: at x=0 
(Figs. 6a–6b), x=0.5L (Figs. 6c-6d), and x=0.75L (Figs. 6e-6f). In all 
cases, the H2(g) feed resulted in an increase of approximately 10 mol/m3 

in the concentration of H2(g) at the point of injection. As expected, 
comparison of Figs. 4a-4b with Figs. 6a-6b shows that introducing a 
small amount of H2(g) to the reactor increased the production rate of R(g) 
and catalyst lifetime. Figs. 6c-6f confirm that the position of the H2(g) 
feed does play an important role in the performance of the process, with 
a predominant effect on the fraction of cumulative active sites. Among 
the positions tested, the one at x=0.75L generated the greatest 
improvement compared to the traditional uniform distribution. Simi-
larly, introducing H2(g) at x=0.75L significantly reduced catalyst deac-
tivation (Fig. 6f). This position was also identified as optimal in the case 
of the non-dissociative dehydrogenation (see SM). 

4. Summary and conclusions 

The development of methods for identifying and minimizing the 
processes that lower the reactor yield and cause catalyst deactivation 
remains a major challenge in the design and operation of catalytic 
dehydrogenation reactors. The hypothesis that motivated this study has 
been that there could be potential merits in replacing the conventional 
uniform distribution of catalyst by novel non-uniform distributions in 
dehydrogenation reactors. The mentioned performance issues are 
characteristic of large-scale reactors and not fundamental reaction 
properties that can be explored in small-scale setups. Moreover, the 
objectives of this work require a wide parametric sweep of a large 
number of interacting kinetics and mass transport variables. This kind of 
needed wide-range trend study for dehydrogenation reactors has not 
been performed in the past because it is not easy or practical in industrial 
settings and is definitely beyond the capabilities of small-scale research 

Fig. 5. % Improvement in the production rate of R(g) versus time for dehydrogenation with deactivation (solid line) and without deactivation (dotted line) in the 
dissociative (a) and non-dissociative (b) dehydrogenation cases. Comparisons have been made between the preferred non-uniform distribution with n=0.75, e1=0.6 
and the uniform distribution. No hydrogen was introduced to the reactor. 
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setups. Therefore, the strategy in this work has been the development 
and application of a comprehensive process simulator to validate the 
main hypothesis, investigate the causes of the process issues mentioned 
above, and search for methods to mitigate them. 

The process simulator developed is applicable to both dissociative 
and non-dissociative dehydrogenation cases and covers a wide range of 
dehydrogenation mechanisms. The simulator uses a general Langmuir- 
Hinshelwood kinetics to all reactions, various transport mechanisms, 
and catalyst deactivation due to degradation of the desirable products. 
To explore potential merits of replacing conventional uniform catalyst 
loadings with novel non-uniform distributions, the simulator is applied 
to various catalyst distributions. Results confirm the validity of the hy-
pothesis about the merits of non-uniform catalyst loading and show that 
the process can be improved in terms of yield, selectivity, and catalyst 
lifetime in the reactor. The results demonstrate that merits of non- 
uniform distributions remain even when deactivation is not present or 

is not significant. A wide-range parametric analysis has shown that there 
is an optimal loading that maximizes these performance indicators. 
However, the optimized conditions depend on specifics of the dehy-
drogenation process, type of catalyst used, and reactor properties. 
Therefore, the optimization requires and can be performed by using the 
process simulator developed in this work. 

The simulator has also been used to investigate the merits of incor-
porating a gap between the catalyst-packed sections of the reactor. This 
is sometimes practiced in industry; nevertheless, its assumed effects and 
merits have not been systematically studied or established. Results here 
manifest no noticeable effect or advantage in introducing these gaps in 
the reactor packing. Likewise, the simulator is used to investigate the 
effects of introducing hydrogen in dehydrogenation reactors. Results 
show a noticeable improvement in performance. Nonetheless, contrary 
to the practice sometimes used in industry, the location of hydrogen 
introduction should not be the reactor inlet. The optimum location 

Fig. 6. Production rate of R(g) and fraction of cumulative active sites generated by the uniform distribution (dotted line) and the preferred non-uniform (NU) 
distribution with n=0.75, e1=0.6 (solid line), considering an increase of approximately 10 mol/m3 in the H2(g) concentration at x=0 (a-b), x=0.5 L (c-d), and x=0.75L 
(e-f). Data correspond to the dissociative case. 
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within the reactor bed depends on specifics of reaction and reactor 
system and needs to be determined by applying the simulator. 

The plan for future work on the research level is to add to the 
simulator the capability to include temperature variation for some 
dehydrogenation cases and reactors where the process cannot be stabi-
lized for working close to isothermal conditions and heat transfer effects 
become a large factor. Apart from this plan, the priority for future work 
is to seek alliances with an industrial partner to use the simulator for 
modifying an existing operation or designing a new large-scale dehy-
drogenation reactor. As pointed out, this approach is the most mean-
ingful experimental method to validate the results presented here and to 
promote the application of the simulator developed in this study. 
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